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Abstract 

Single-Step Conversion of Crude Oil to Petrochemicals using a Multi-Zone 

Reactor: Reactor Design and Catalysts Assessments Title of  

Mohammed A. Alabdullah 

 

One hundred million barrels of oil are produced every day.  Economic and population 

growth stirred a significant increase in the demand of oil over the last century. Today circa 

75% of the crude oil barrel is dedicated to the manufacture of transportation fuels, while 

less than a 15 % is used for the production of chemicals. However, the demand for oil 

derived fuels is expected to first peak and then decrease. This is mostly due to 

environmental concerns related to CO2 emissions, the rapid development of green energy 

technology and improvements in efficiency. On the other hand, the demand for 

petrochemicals is still forecasted to continue growing in the foreseeable future. By 2040, 

the barrel split is indeed expected to reach a  34% for the production of petrochemicals. 

To fill the chemical demand gap, we need to maximize the production of light olefins and 

aromatics, preferably by developing direct conversion routes leading to chemicals yields 

in the order of 60-65 %. By converting crude oil directly to chemicals, several energy-

intensive refinery processes may be optimized and/or avoided, positively impacting the 

environment by reducing emissions. Equally important, this technology will be highly 

efficient for the production of highly valued chemicals, which will lead to cost-saving and, 

at the same time, double the profitability. 
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This PhD Thesis describes a catalytic reactor concept consisting of a multi-zone fluidized 

bed (MZFB) able to perform several refining steps in one single reactor vessel along with 

a new catalyst formulation. The new configuration allows for in situ catalyst stripping and 

regeneration, while the incorporation of silicon carbide in the formulated catalyst confers 

it with improved physical, mechanical, and heat transport properties. As a result, this 

reactor has shown stable conversion of untreated Arabian Light crude to light olefins with 

yields per pass over 35 wt.% with a minimum production of dry gas on spray-dried catalysts 

containing 1:1 mixtures of ZSM-5 and FAU zeolites (alongside binder, clay, and Silicon 

carbide). Coke deposition and catalyst deactivation can be correlated to the nature and 

content of each zeolite component. 
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Chapter 1 Introduction 

 1.1 Background  

Light olefins (in the C2 - C4 range) and aromatics (mainly benzene, toluene, and xylenes) 

are the main building blocks for the petrochemical industries. The most important of which 

are ethylene and propylene, with an annual production of approximately 150 and 80 million 

tons, respectively 1. The demand for petrochemical products will continue to increase 

remarkably in the coming years (with an average annual growth rate (AAGR) of 3.5% and 

4.2% for ethylene and propylene, respectively), even though the production of these 

products will pose a variety of sustainability challenges along with CO2 reduction 

emissions constraint 2, 3. 

Most of these building blocks (C=
2 - C

=
4 and BTXs) for the chemical industry are produced 

mainly via Steam Cracking (SC) and as byproducts of Fluid Catalytic Cracking (FCC). 

Although both SC and FCC are the leading suppliers of light olefins, recent market analysis 

reveals that propylene demand is significantly growing, where the current supply (since 

2011) cannot fill the chemical demand 4. To bridge their demand gap, several institutes and 

industrial research centers have put their efforts into developing different on-purpose 

technologies such as propane dehydrogenation (PDH), olefin metathesis (MTS) 5, 

methanol-to-olefins (MTO) 6, oxidative coupling of methane (OCM), or Fischer-Tropsch 

Synthesis (FT), 1, 5 to a commercial-stage alongside with an essential expansion of the 

hydrocracking and steam cracking capacity worldwide 7, 8. 

The development of refinery strategies for the direct conversion of crude oil to 

petrochemicals would account for the continuously increasing demand for these building 
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blocks and lead to independence from refinery streams, reduction of capital, and energy 

costs 9. Furthermore, future demand for fuels and gasoline is expected to drop (result in 

slower growth in the use of oil-derived fuels) after 2030. However, an increase by ca. 4 

Mb/d per year, achieving 34% of the total oil market to petrochemical industries, is 

expected in 2040, in contrast to the current demand of 15% 10. In such a situation, refining 

companies are endeavoring to be an integrated refining enterprise able to yield to chemicals 

by a factor of four of the current 8-15% average yield. 

Since the 1960s, Direct Oil to Chemical (OTC) processes were proposed mainly based on 

thermal cracking. However, the main challenge of the thermal cracking process are the 

high operational costs associated with high temperature and relatively low efficiency. 

Hence, this shifted the attention towards the more promising steam cracking of naphtha. A 

high rate of fouling and coking are the main drawbacks of using steam cracking for the 

direct conversion of crude oil 9. 

Since 2014, the topic of crude oil to chemicals is being brought back into light. Several 

OTC processes reported in the literature, mainly based on a new version of SCs and FCCs 

and other hydroprocessing technologies 11. ExxonMobil is the first to operate the OTC 

process in the modern refinery, via steam cracker of treated light crude oil result it 76 % 

conversion of naphtha and a maximum 50% yield to chemicals 12.  Several refining in 

China and Middle East and companies are following the topic and working in developing 

OTC technologies, including but not limited to hydrocracking processes to maximize the 

production of paraxylene and steam cracking in combination with high-severity FCC 12-15. 
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Direct Oil to Chemical (OTC) processes are expected to become much more profitable and 

sustainable, considering an average fuel price at ~$600/ton and petrochemicals at 

~$1200/ton. Also, the direct conversion of crude oil to chemicals will positively impact the 

environment; several energy-intensive refinery processes will be optimized or even 

eliminated while generating fewer emissions. 

 1.2 Motivation 

It is believed that the petrochemical sector will become an essential source of oil demand 

by the end of the current decade. Indeed, moving from the fuel market and focusing on 

petrochemical production are expected to double the profitability. From a sustainability 

point of view, crude oil is the ideal feedstock for thousands of goods we use in our daily 

lives. 

The traditional OTCs (combining technologically mature technologies) and on-purpose 

technology OTCs (direct conversion of crude oil to petrochemicals in a single step) are 

expected to reshape the oil industry. Several oil companies reoriented their research, 

focusing on developing OTC technologies (SCs, and hydrocracking-based technology); 

ExxonMobil, Hengli Petrochemical, Zhejiang Petroleum, Hengyi Industries, and 

Shenghong already started converting crude oil to petrochemicals 12, 13.  Some of the 

innovative near to midterm technology tracks under its portfolio, including Thermal Crude 

to Chemicals (TC2C™) and Catalytic Crude to Chemicals (CC2C™) technologies 14, 15. 

The target, to develop innovative catalytic processes capable of maximizing the conversion 

of crude oil barrels to light olefins and aromatics; in a single step, the main objective of, 

for instance, the “one-step crude to chemicals (1-stepC2CTM)” process. In the same line, 
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we have recently reported using multi-zone fluidized bed reactors for the direct conversion 

of Arabian light crude to chemicals 16. 

Aiming for high olefin yields, OTC processes (a combination of new multifunctional 

catalysts and new reactor concepts) are a promising route compare to the existing and 

modified technologies. It should result in the development of new processes exceeding an 

80 % wt. yield to chemicals from crude oil in an economical, environmental, and 

sustainable approach 12. 

 1.3 Objectives  

The primary objective of this work is to demonstrate a novel reactor concept for the OTC 

process able to convert crude oil directly to chemicals with a yield higher than 40 wt.% of 

light olefins (in the C2 - C4 range) and aromatics (mainly benzene, toluene, and xylenes) in 

a single step.  

The development of a new reactor concept (MZFBR) 

The proposed reactor consists of different zones where the catalyst particles experience a 

series of events, including evaporation and condensation or reactant and products, diverse 

chemical reactions reactions, deactivation, stripping, and regeneration in the same fluidized 

bed vessel. The reactor concept is based on the so-called two-zone fluidized bed reactor 

(TZFBR), first reported in 1979 for the oxidative coupling of toluene,17 and later by several 

authors in the dehydrogenation of light paraffins 18-20. These zones created by feeding 

streams with different compositions allow the formation of different chemical and physical 

environments. According to Menendez, conventional reactors (Fixed Bed Reactors (FBR)) 
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have limitations compared to TZFBR 21. Indeed, it was possible to reject the catalyst 

deactivation and maintain stable operation in the TZFBR, while the activity unceasingly 

declined in a conventional reactor. Furthermore, the TZFBR could provide higher 

selectivity to the desired product at a certain degree of conversion than the fixed bed reactor 

21. A different application of the TZFBR was reported in the literature, revealing the 

significant advantage of TZFBR over the conventional one, especially for high 

hydrocarbon (+ C3) reactions. 

In situ regeneration using MZFBR and coke analysis 

Coke formation is one of the challenging issues that occur during catalytic cracking 

reactions. However, coke is also necessary to provide sufficient energy to run the highly 

endothermic cracking reaction. In the proposed multi-zone fluidized bed reactor (MZFBR), 

regeneration/stripping allows for in situ coke removal and for an optimization of energy 

transfer. A great deal of effort in this thesis is dedicated to better understanding in situ 

regeneration and specially stripping.  

Catalyst assessment for the direct conversion of crude oil to chemicals 

Aiming for high olefin yields, alongside with reactor design, the development of new 

multifunctional catalysts is equally important. The importance of catalytic cracking over 

thermal cracking was already highlighted in the previous studies on the cracking several 

Arabian crudes under simulated FCC conditions using fixed-bed micro activity tests 

(MAT) 22, 23. In the presence of a catalyst and at reaction temperatures of 600 °C, the 

propylene to ethylene ratio is almost three times higher than under similar conditions in the 

absence of a catalyst 23. Although the effect of FCC additives like ZSM-5 to improve 
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gasoline production is well-known 24-34, very little is known about composition-

performance relationships for the direct cracking of crude oil, also part of this PhD thesis 

25. 

Typical catalytic cracking reaction catalysts contain several components: (i) zeolite/s, (ii) 

matrix, and (iii) binder, which are essential constituting parts of the catalyst body 9, 35, 36. 

Each of these components will be evaluated at a specific ratio and concentration to reach 

the optimum compositions. Among these components, the matrix, in addition to having a 

filler role (density gain), also may contain additional catalytically active sites, talc, kaolin, 

bentonite, attapulgite, and sepiolite are potential clays to be studied and optimized for the 

olefin and aromatic productions. 

One of the zeolite components is Faujasite zeolites (FAU), which are commonly used in 

FCC processes to maximize (liquefied petroleum gas) LPG, olefins, and gasoline by 

primary cracking of heavy paraffins through its characteristic providing much of the 

catalytic activity in a conventional catalyst formulation 9, 37-39. The other zeolite component 

is ZSM-5, which can inhibit transition states of bimolecular reactions, leading to higher 

selectivity to light olefins, more precisely, to propylene 9, 36, 40, 41. 

Catalyst stability and deactivation 

In addition to catalyst formulation, hydrothermal degradation, coke deposition and the 

presence of impurities in the feedstock such as metals, sulfur and nitrogen containing 

species affect catalyst lifetime, activity and selectivity were investigated. The presence of 

steam may lead to catalyst structural change and irreversible deactivation thorugh 

processes such as hydrothermal dealumination 42. Furthermore, the presence of metal 
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impurities, i.e., nickel, vanadium, nitrogen and sulfur in the crude oil lead to catalyst 

poisoning, thus decreasing catalytic activity and promoting coke formation 43-45. Upon 

deposition of nickel and vanadium on the catalyst particle, the interaction between the 

metal and catalyst will lead to a change in the main reaction pathway and enhance 

dehydrogenation reactions, thus disturbing  catalyst selectivity 46, 47.  In general, literature 

reported the catalyst deactivation through two-step cyclic deactivation (CD) 48, 49 and 

Mitchell impregnation-steam deactivation (MI) 50  which used to mimic the conditions 

faced by the catalyst during operation.  

An innovative protocol is needed, in order to get a picture of the actual deactivation rates 

during the direct cracking of untreated crude oil, by using long term catalyst reaction – 

regeneration cycles and studied catalyst evolution under these conditions.  

CO2 reforming of light alkanes 

In addition to the main topic of this project, an additional study on the CO2 (dry) reforming 

of alkanes, the reaction between CO2 and paraffins to form synthesis gas (a mixture of CO 

and H2), a reaction known the pioneering work of Fischer and Tropsch in1928, 51 has been 

performed. Over the last few decades, the interest in this family of reactions has increased 

because it may allow the recycling of substantial amounts of CO2 
52 through further 

processing the resulting syngas via Fischer-Tropsch synthesis 53, 54. 

Aiming to deliver a H2/CO ratio of one, which is highly attractive for the oxo process. In 

many metal nanoparticle catalyzed processes, reforming is a structure-sensitive reaction, 

meaning that catalytic activity (turnover rates) and selectivity (coking) strongly depend on 

metal nanoparticle size 55, 56.  Therefore, exploring the influence of Rh particle size and 
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support on propane and methane reforming as Rh is known to be one of the most active 

and coke-tolerant catalysts for dry reforming 57-62. The three different solids support: 

CeZrO2, ZrO2, and CeO2 are well known to disperse the metal particles and provide 

stability at high temperatures and offer oxygen storage capacity and reducibility (CeO2, 

CeZrOx), which contribute to mitigating (or enhancing) coke formation.63-66 It was also 

proposed that support activate CO2 to assist CO2 reforming via the so-called bifunctional 

mechanism. 

 1.4 Dissertation outline 

Chapter 1 presents an overview of the study background and states the research objectives. 

Chapter 2 A viewpoint of the Refinery of the Future: Catalyst and Process Challenges. 

Chapter 3 One-Step Conversion of Crude Oil to Light Olefins using a Multi-Zone Reactor. 

Chapter 4 Composition-performance relationships in catalysts formulation for the direct 

conversion of crude oil to chemicals. 

Chapter 5 Reversible and irreversible catalyst deactivation during the direct cracking of 

crude oil. 

Chapter 6 Rhodium Nanoparticle Size Effects on the CO2 Reforming of Methane and 

Propane. 

Chapter 7 Concluding and Recommendations. 
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2.1 Introduction 

During the last century, economic and population growth have stirred a significant increase 

in oil demand, with a current consumption of 100 Mb/d and an additional demand growth 

of ca. 1 Mb/d per year expected for the next decade.1 This is mostly due to (i) the gradual 

access to automotive and aviation transportation in less developed regions and (ii) the 

expansion of the chemical sector. At the same time, efficiency improvements, very 

important advances in clean energy generation and strong environmental concerns along 

with stricter policy, are expected to result in a far slower growth in the use of oil derived 

fuels in the second half of the decade and in a likely decrease in demand after 2030.  
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Figure 0.1. Forecasted increment in the demand for different liquid oil fractions (modified 

from 2) 

In sharp contrast, the demand for petrochemicals is not expected to stop growing in the 

foreseeable future.  In the next two decades, oil demand for petrochemicals is expected to 

increase by ca. 4 Mb/d per year, achieving 34% of the total oil market in 2040, in contrast 

to the current 15% 1. Considering that demand for transportation fuels has shaped the 

current petroleum refining industry 3, this change in patterns (see Figure. 1 for liquid 

fractions derived from oil) has stirred intense research and development activities into oil 

conversion processes that maximize lighter products at the expense of fuels. Light olefins 

(in the C2-C4 range) and aromatics (mostly Benzene, Toluene and Xylenes, BTXs), the 

most valuable building blocks for the chemical industry, are produced mostly via Steam 

Cracking and as byproducts of Fluid Catalytic Cracking (FCC) 2.  To fill their demand gap, 

different on-purpose technologies such as propane dehydrogenation (PDH), olefin 

metathesis (MTS) 4, methanol-to-olefins (MTO) 5, oxidative coupling of methane (OCM) 

or Fischer-Tropsch Synthesis (FT), 4, 6 have gained a great deal of attention, with a large 

number of industrial plants based on these technologies being commissioned over the last 
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decade along with an important expansion of the hydrocracking and steam cracking 

capacity worldwide 7, 8. While technologies based on non-oil feedstocks (i.e., methanol or 

syngas derived from coal and paraffins from shale gas) are attractive alternatives to 

classical refining, (i) stricter environmental constraints related to the use of coal, (ii) an 

expected decline in shale gas production by 2030 and (iii) a lower demand for oil-derived 

fuels, they all point to crude, and specially naphtha 8 as the primary source for building 

blocks in the decades to come and call for the development of much more flexible refining 

processes. In this scenario, refining companies are striving to increase by a factor of 4 the 

current 8-15% average yield to chemicals in well integrated complexes. 

2.2 Process Challenges 

In this Viewpoint (this is neither a review nor a research article), we analyze the main 

consequences of this shift over the way refineries will operate in the future. We focus on 

the most important challenges from the process and catalyst development points of view 

and highlight research opportunities and undergoing efforts. Figure. 2 depicts our vision 

on the Refinery of the Future, where CO2 neutrality, including greening of the footprint, 

maximal production of chemicals, zero waste generation, and renewable energy integration 

should, in our opinion, play a key role.   
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Figure 0.2. Artistic impression of the Refinery of the Future, where oil refining (bottom 

left quadrant) is fully integrated with a petrochemical facility (top left quadrant). 

Renewable energy (top right quadrant) integration within the refining process results in 

nearly a CO2 neutral operation.   

 

We believe, in the future, refineries will be built around Oil to Chemicals (OTC) processes, 

in contrast to the current state of the art where oil is first fractionated and the resulting 

streams treated separately to manufacture an extensive portfolio of products. The first 

challenge at hand for OTC technologies is the nature of crude itself: the presence of heavy 

hydrocarbons leads to very rapid coke formation, not only in the conversion processes but 

especially in process lines and support equipment. The main strategies to avoid these issues 

consist of different pre-treatment units designed to avoid downstream fouling. These 

include the use of molten salts (Li2CO3, Na2CO3 and K2CO3 mixture) to reduce carbon and 

tar deposition 9, of hydrotreating and/or integrated solvent deasphalting units 10-15 and 
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partial vaporization of the feed 16-22. Once the crude has been conditioned, two main OTC 

approaches are being considered: (i) a steam cracking centered process 14, 22, 23 and (ii) fluid 

catalytic cracking centered processes (see Figure 3). 

 

Figure 0.3. Two mainstream refining approaches to maximize the production of chemicals: 

steam cracking centered process (A) and fluid catalytic cracking centered process (B). 

 

Although steam crackers have been traditionally used to process light hydrocarbons, 

operation under harsher conditions allows the processing of much heavier feedstocks. 

Table 1 summarizes recent examples where yields of ethylene and propene of up to 23 

wt% and 13 wt% can be achieved by directly feeding full range pretreated crudes 15, 16, 22, 

24, 25. Although very attractive, to maximize yields to chemicals, recent patents suggest the 

individual processing of the heaviest and lightest components: the lightest fraction of crude 

is directly steam cracked while the heaviest part is first hydrotreated and then cracked in a 

steam cracking unit. The resulting residue is hydrocracked and recycled to the steam 

cracker (see Figure 3A) 14, 23, 26, 27. Byproducts from the separation zone (pyrolysis fuel oil) 

and hydrogen are recycled after separation. Following this integrated approach, about 60% 
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crude oil conversion to light olefins has been reported, with 29 wt% and 20 wt% yield of 

ethylene and propylene, respectively 14 26 . The main limitations of this approach are the 

low propylene to ethylene ratio and the very high energy consumption (and, therefore 

significant CO2 emissions). Therefore, integration of renewable energy in such a scheme 

would result in a much more sustainable process. Recycling/treatment of limited resources 

(water, hydrogen) and integration of more intelligent control systems should be also 

considered to reduce both environmental impact and operating costs 28.           

Table 0.1. Steam cracking yields obtained using several heavy feedstocks 

Feedstock Conditions 
Yield 

C2H4 

Yield 

C3H6 

Yield 

BTEX 

VGO 15 Tfurnace= 775°C 

Steam/Oil (w/w)= 

0.75 

17.8 wt% 12.6 wt% 3.6 wt% 

Pretreated VGO15  29.2 wt% 19.5 wt% 3.9 wt% 

Alaskan crude 16 
Tfurnace = 829°C 19.3 wt% 12.2 wt% - 

Tfurnace = 843°C 20.4 wt% 12.1 wt% - 

Arabian light 22 
Steam/Oil (w/w) = 

1.2 
18 wt% 13.8 wt% 5.5 wt% 

Agbami crude (clean crude) 22 Steam/Oil (w/w) = 1 23.5 wt% 12.9 wt% 8.4 wt% 

Hydrowax 24 Tfurnace = 820 °C 28.0 wt% 13.8 wt% - 

 

In contrast to non-catalytic routes, the use of catalytic crackers (the best know unit being 

the Fluid Catalytic Cracking (FCC)) allows for a better control over product selectivities. 

Many FCC systems able to process Vacuum Gas Oil (VGO) and/or oil residues for the 

production of light olefins have been developed and commercialized, as summarized in 

excellent reviews by Bogle 29 and Corma et al. 30. Most of these technologies rely on high 

severity operations using single or dual riser reactors with optional naphtha recycling 31-59. 

Injection of recycled naphtha is preferred at the end of the riser or in a second reactor to 
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minimize dry gas and coke yields 60, 61. Downer type FCC units have been proposed to 

shorten residence time, reducing back-mixing and therefore maximizing yield to light 

olefins 62-67. The use of downer technology is preferred in high severity units because of 

the higher temperature and catalyst to oil ratio, both calling for shorter residence times. 

The major concerns in the design of down-flow FCC reactors are associated to the solid-

gas mixing at the inlet distributor, the uniformity of solid flow inside reactor tubes and the 

outlet configuration for solid-gas separation, issues that have been addressed by several 

groups 67-71. In general, a downer reactor whichs meet good solid-gas contact, proper heat 

transfer and fast separation at the outlet will outperform in gasoline and light olefins yield 

to a conventional FCC configuration working at high-severity operation and similar 

conversion levels, reducing both dry gas and coke formation. Additional iterations of the 

downer concept, including dual downers 72, the reprocessing of partially regenerated 

catalysts 73-75, reactors with different reaction zones such as countercurrent flow 76, 

moving-bed 77, 78 and small secondary reactors have been proposed 79. Details about these 

systems can be found in Table S1. Alternatively, fixed bed based processes such as the 

Olefin Interconversion unit by ExxonMobil, the Olefin Cracking Process by Total/UOP, 

the Propylur process by Lurgi, the Omega process from Asahi Kasei Chemicals Co. and 

the Olefin Catalytic Cracking process from Sinopec 80-84 have also been developed over the 

last few years to boost the production of chemicals.  

In view of the limitations of single technological solutions, economic analyses suggest that 

the best configuration consists of the combination of FCC steam crackers for byproduct 

upgrade (see Figure 3B) 83. In this line, to the best of our knowledge, Sinopec reported the 

highest combined yield to chemicals starting from a VGO feedstock: BTX (25 wt%) and 
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light olefin (55 wt%) yields by combining a high severity FCC riser and a hydrocracker 

unit 85-88. 

2.3 Catalyst Development 

For the outlined integrated refinery approaches discussed above, the required processing 

of much heavier feedstocks has brought a number of challenges for catalyst development. 

In 2018, the global demand for refining catalysts was 831 kt/year and is expected to grow 

by 1.1% through 2040. The global market is estimated to be at $2.9 billion, with the biggest 

market share (35%) being for FCC catalysts 89.  Fundamental requirements of FCC 

catalysts are (i) thermal and hydrothermal stability 90,  (ii) good fluidization properties 91, 

(iii) metal poisoning tolerance 92, (iv) accessibility, and (v) attrition resistance 93. These 

requirements become even more important for high severity units.  
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Figure 0.4. View along and dimensions of the biggest channels of different zeolites applied 

in catalytic cracking: ITQ-33 (A), ITQ-21 (B), USY (C), and ZSM-5 (D). 

 

Although a wide range of zeolites has been investigated, Ultra Stable Faujasite Y (USY) 

remains the backbone of industrial FCC catalysis. New Y-zeolites with a higher large-to-

small mesopore (> 6) ratio than the conventional USY (= 1) have been shown to improve 

the rates of heavy oil cracking, heavy oil bottoms conversion, and gasoline conversion at 

short contact times 94. The use of hierarchical zeolites in oil refining has been a topic of 

interest for several decades. In general, their use allows for a rapid release of primarily 

cracked molecules, avoiding over-cracking and therefore, (in the absence of ZSM-5) 

displaying moderate selectivities towards low olefins. An additional issue that hierarchical 

zeolites may find in maximizing chemicals production is related to the harsher cracking 

conditions applied (vide supra). The development of new zeotypes such as ITQ-21 and 

ITQ-33 that, by design, offer extra accessibility without compromising stability is therefore 

highly desired (see Figure 4).  ITQ-21 enables diffusion of large molecules and has shown 

better reactivity properties towards VGO conversion than USY 95. The combination of 

ZSM-5 and ITQ-33 leads to circa 21 wt.% yield to light olefins in VGO cracking at 500 °C 

96.  

Together with USY, ZSM-5 is the second most widely used zeolite in catalytic cracking 

applications. Initially added in smaller amounts as gasoline booster, the use of ZSM-5 also 

increases propylene production (1-5 wt.%). While conventional FCC processes yield 4-6 

wt.% of propylene, oil to chemicals technologies are expected to increase this number up 

to 20 wt.% 97. A key aspect to improve light olefin yield (in addition to the already 
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mentioned higher temperatures) is the modification of the parent zeolite to minimize 

hydrogen transfer reactions (and consequently aromatization and coke formation) 98. 

Phosphorus stabilization has been shown to result not only in lower hydrogen transfer 

ability but also in improved attrition resistance and hydrothermal stability 99, 100. In addition 

to P, incorporation of Fe2O3 and/or B2O3 lead to higher isobutene 101, 102 and LPG 103 yields, 

and to a lower coke production104. 

An additional issue to overcome is the presence of metal impurities in the feed. The 

utilization of nickel and vanadium traps105 (antimony and redox couples such as Fe(II/III)) 

and passivators such as boron oxide and titanates become necessary106-108. In spite of 

significant progress in improving FCC catalyst stability, the lifetime of the catalyst is still 

low. Typical fresh adding rate is around 1–5% per day in a commercial unit, and FCC 

plants can consume about 0.35 kg of catalyst per kg of VGO fed (or about 0.4 kg/kg for 

resid, or 0.15 kg/kg for heavy atmospheric gas oil)104.  

Hydrocracking is still necessary to improve the H:C ratio and to remove impurities such as 

S 109. Recent advances in hydrocracking catalysis110 have focused on optimization of 

textural properties and balance of acidity. Catalysts combining amorphous silica-alumina 

(ASA) with optimized textural properties demonstrated better hydrogen efficiency and 

higher product yield compared to conventional ASA and alumina-based catalysts 111. 

Alternative formulations, including low acidity −zeolite and noble metals (Pt/Pd), were 

developed for second-stage hydrocracking catalysts for the production of middle distillate 

from heavy VGO 112. In case of direct treatment of heavy oils, most reported catalysts are 

based on bi-metallic systems, with the combination of Mo and Fe exhibiting the highest 
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catalytic activity 113, 114. The challenge becomes more important for feedstocks with high 

N (> 300 ppm) and S ( > 0.1 wt.%) content. In this case, in addition to the development of 

specific catalysts, improvements at the reactor level have been shown to be as important as 

the catalyst itself, with layered catalytic beds combining hydrotreating and hydrocracking 

are the preferred approach. 115 

In addition to the above, low quality oils may require several pretreatments before being 

used in the refinery, highlighting visbreaking, coking and thermal cracking, which are 

focused on the increase of API gravity 116. Recently, kaolinite has been explored to upgrade 

extra-heavy crude oil by reducing its viscosity, density, and both resids and metal content 

at mild thermal cracking conditions (i.e. 530 °C), with a slight coke formation. 117 

Moreover, methane activated by a zinc and silver cation-modified HZSM-5 zeolite has 

shown to increase distillate fraction by reducing resids from a viscous crude bitumen during 

its catalytic thermal cracking at low temperature 118. 

2.4 Crude to Chemical processes 

Although very promising, the approaches mentioned above still rely on multi-step 

processes and highly energy demanding separation and pre-treatment units. Consequently, 

the one step conversion of crude oil is also being considered by most refining companies. 

One step conversion would mean far lower capital costs and a much more flexible economy 

of scale. Already since the early 1960s, several technological solutions have been proposed 

30, 119, most of them based on steam cracking reactions using fluidizable particles (coke, 

sand, zeolites) as heat carriers (see Table S2) 9, 120-135. Yields to light olefins in the order 

of 35 wt% can be achieved with these processes when operating at high temperatures, short 
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residence times and crude to steam ratios around 1. From the 1980s to 2000s, research and 

development of such technologies were discontinued119, 120, 136. However, with the 

beginning of the new century and the changes in demand described above, the interest in 

new technological solutions for the direct conversion of crude oil has increased 

exponentially. Recent examples in the patent literature include Exxon’s steam vapor short 

contact conversion units comprising a heat transfer bed (including zeolites) operating at 

high reaction temperature (760-790°C) and low partial pressure of hydrocarbons 137-139. 

Oxygen can also be introduced in the reactor (fixed, fluidized or moving bed) to burn coke 

and generate additional heat. A quenching zone is claimed to minimize coke formation and 

cracking reactions, then valuable products are extracted using suitable separation units 139. 

In the same line, we have recently reported the use of multi-zone fluidized bed reactors for 

the direct conversion of Arabian light crude to chemicals 140. In parallel, Saudi Aramco has 

long embarked on an ambitious multi-track research program for the conversion of crude 

oil to chemicals. Some of the innovative near to mid-term technology tracks under its 

portfolio including Thermal Crude to Chemicals (TC2CTM) technology and Catalytic 

Crude to Chemicals (CC2CTM) technology have been significantly advanced in close 

collaboration with strategic engineering and technology partners (McDermot, CLG, 

TehcnipFMC, Axens) and are currently at or near commercial readiness. These 

technologies innovatively address the technical challenges posed by the impurities in the 

crude oil and the wide-boiling fractions by different combinations of pretreatment, 

separation and catalytic cracking to achieve chemicals conversion yields of 60-80% per 

barrel of crude processed. 
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It goes without saying that, in this approach, the development of multifunctional catalysts 

able to maximize conversion of streams with a wide boiling point distribution while 

removing impurities will be a must. In this sense, one can think of integration of different 

functionalities within an FCC like matrix . We strongly believe that the sustainability of 

oil refining will strongly require exemplifying emission standards. In this sense, SOx, NOx 

and CO2 removal will be necessary. The high content of S and N in coke (along with C) 

results in important emissions from the regenerators 141-143. To date, refiners have adopted 

two main approaches for SOx/NOx removal that consist of the direct addition of 

DeSOx/DeNOx components (i.e. MgO, Al2O3, MgCO3, MgAl2O4 spinels, CaO, CaCO3) 

to FCC catalysts or as a separate additive 144-147.  Regarding the direct incorporation of 

sulfur-reduction components into FCC catalysts, Zn- and RE-exchanged zeolites seem to 

withstand sulfur poisoning 148. For NOx reduction, the use of metal oxide additives such 

as ceria and copper has been shown to successfully decrease emissions 149, 150. Going 

forward into one step processes, all these functionalities should operate on a concerted 

manner. 

When it comes to reduction of CO2 emissions, in addition to improving energy efficiency 

via process intensification (i.e. reduction in the amount of separation units, currently 

responsible for more than half of the direct emissions), we believe refiners have a great 

opportunity to integrate renewable energy not only to carry out most basic refining 

operations, but also to generate H2 for hydrotreatment, hydrocracking and isomerization 

units. Indeed, because of the relatively low C to H ratio and the high sulfur content of crude 

oil, more than 14 trillion ft3 of hydrogen are required to run refining processes between 

2010 and 2030 151-153. Hydrogen supply in refineries can be collected from internal sources, 
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as catalytic reforming, or external sources as steam reforming and partial oxidation of 

methane in hydrogen production units (HPU), which results in large CO2 emissions. An 

alternative consists in the use of solid oxide fuel cells (SOFCs), using natural gas as 

feedstock, which combined with a Carbon Capture and Storage (CCS) system could reduce 

carbon footprint 154. Moreover, hydrogen-rich outlet stream from hydrotreating and 

hydrocracking units can be reutilized after purification thus reducing both capital and 

environmental costs 155, 156. In a lorg-term, if renewable H2 was produced via H2O 

electrolysis, the environmental benefits would be outstanding. Recent advances in solar 

and wind energy harvesting along with improved electrolyzer technology may soon 

facilitate this integration.   

2.5 Outlook 

Over the next few decades, the energy and chemicals markets will face a very important 

re-shaping. Chemicals represent one of the fastest growing crude oil demand sectors.  The 

use of oil in the petrochemicals sector is likely to become a key source of oil demand after 

the 2020s. In this scenario, the role of oil as a feedstock rather than a fuel will be greatly 

emphasized. From an economic and practical point of view, liquid hydrocarbons are the 

ideal feedstock for the production of carbon-based goods, from polymers to new 

lightweight materials to pharmaceuticals, solvents, and thousands of products that have 

become part of our daily live. Indeed, considering an average price of fuel at ~$600/ton 

and petrochemicals at ~$1200/ton, refineries focusing in the production of petrochemicals 

are expected to become much more profitable and sustainable. 
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By converting crude oil directly to chemicals, several energy intensive refinery processes 

can be optimized or even eliminated while generating fewer emissions.  Direct crude to 

chemicals process could create cost savings and increase operational efficiencies for highly 

valued chemical productions and the approaches could a valuable opportunity for future 

growth and long-term value creation to petrochemical industry. The first-generation OTC 

processes are already being commissioned at the time of writing this Viewpoint, mostly 

located in China and the Middle East 157. Since 2014, ExxonMobil are operating a 

pretreated light crude oil steam cracker in Singapore with a reported 76 % conversion of 

naphta (and a maximum 50% yield to chemicals)  that is being used as playground for the 

further development of the technology in Asia 158. In China, Hengli Petrochemical, 

Zhejiang Petroleum, Hengyi Industries and Shenghong started new crude oil upgrade 

plants based on hydrocracking processes to maximize the production of paraxylene 158, 159. 

In the Middle East, Saudi Arabia plans to triple its petrochemical production capacity by 

2030 160, with the first plant, projected to process 400,000 barrels per day of Arabian Light 

crude via steam cracking in combination with high-severity FCC, expected to become 

operational by 2025. In addition, Saudi Aramco, in partnership with Axens, TechnipFMC, 

McDermott and Chevron Lummus Global are in the way to commercial Thermal Crude to 

Chemicals (TC2C™) and Catalytic Crude to Chemicals (CC2C™) technologies 161, 162. 

Going forward, the objective should be to develop innovative catalytic processes capable 

of upgrading and directly converting any crude type (sour, sweet, light, heavy) to chemicals 

in a single step, the main objective of, for instance the “one-step crude to chemicals (1-

stepC2CTM)” process proposed by Aramco. In the view of the authors, this objective will 

be achieved through breakthroughs in three intertwined areas: 
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• Maximization of chemicals production with integrated carbon capture and 

utilization leading to reduce emissions along with the use of renewable energy in 

the process. 

• Process intensification by miniaturization of physical footprint where applicable 

and overall maximum reduction in the number of unit operations, thereby 

significantly reducing energy and capital intensity. Integration of new intelligent 

process control systems will also support this way by implementing rapidly 

corrective and preventive actions in line with market demands. 

• Discovery of scalable multifunctional catalysts able to upgrade (removal of 

impurities) and crack crude to light olefins and aromatics in one single reaction 

vessel.  

2.6 Conclusion 

Indeed, the success of this Refinery of the Future will rest on the development of 

economically efficient processes based on minimum steps processes. The combination of 

new multifunctional catalysts, new reactor concepts, process intensification and smart 

integration of renewable energy should result in the development of new processes 

surpassing a 80 % wt. yield to chemicals from crude oil on an economical and 

environmentally responsible manner.  
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With demand for gasoline and diesel expected to decline in the near future, crude-to-

chemicals technologies have the potential to become the most important processes in the 

petrochemical industry. This trend has triggered intense research to maximize the 

production of light olefins and aromatics at the expense of fuels, which calls for disruptive 

processes able to transform crude to chemicals in a efficient and environmentally friendly 
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way. Here we propose a catalytic reactor concept consisting of a multi-zone fluidized bed 

(MZFB) able to perform several refining steps in one single reactor vessel. This 

configuration allows for in situ catalyst stripping and regeneration, while the incorporation 

of silicon carbide confers it with improved physical, mechanical and heat transport 

properties. As a result, this reactor-catalyst combination has shown stable conversion of 

untreated Arabian Light crude to light olefins with yields per pass over a 30 wt.% with a 

minimum production of dry gas. 

3.1 Introduction 

Fluid catalytic cracking (FCC) is the primary conversion process in most petroleum 

refineries 1. The FCC technology consists of a pipe coil reactor (usually a riser), where the 

cracking reaction takes place, and a regenerator where the catalyst is continuously 

regenerated by combustion. Since the first commercial unit in 1942 2, FCC processes have 

produced most of the consumed gasoline in the world. However, the alarming CO2 

concentrations in the atmosphere, a profound change in the energy landscape and the 

development of electric, fuel cell-based and hybrid automobiles forecast a mid-term 

plateau and a long-term decrease in the demand for transportation fuels 3. On the other 

hand, the demand for traditionally oil-manufactured base chemicals is expected to keep 

rising in the foreseeable future 4, 5. The mismatch between current oil refining schemes and 

future demand for oil-based products is stirring intense research into the development of 

technologies that maximize the production of chemicals over that of fuels, giving rise to 

multi-billion investments in different oil-to-chemicals (OTC) projects. At present, the main 

approach in OTC is to combine technologically mature technologies (i.e. high severity FCC 
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units and naphtha crackers) to maximize the production of ethylene, propylene, and 

aromatics. Although economically attractive, this approach still requires the use of oil 

pretreatment processes (i.e. hydrotreating), energy-intensive distillation units for the 

separation of the different fractions of which oil is composed and of the primary products 

of FCC, and the use of other highly energy-intensive (and highly polluting) units such as 

steam crackers 6-8. Ideally, the development of on-purpose technologies that would allow, 

in one or a few steps, the direct conversion of untreated crude oil to chemicals, is expected 

to be as disruptive for the oil industry as the development of FCC was one century ago. 

The challenge at hand is not trivial: what we know as oil consists of a mixture of thousands 

of components with boiling points that vary between 25 and 700 °C along with the presence 

of contaminants such as S and N heterocycles and metals. From the process design point 

of view, it would strike as suicidal to think of a single process unit that may, in one step, 

be able to co-process such a complex mixture of reactants. This is indeed the reason why, 

in traditional refineries, oil is thoroughly pretreated and separated prior to any conversion 

unit. 

Current riser reactors can convert large quantities of feedstock in few seconds. Zeolite-

based FCC catalysts allow short contact times with an optimal yield, selectivity and coke 

resistance, but continuous regeneration is required. In an FCC unit, the catalyst and a 

portion of the feedstock are burned in a second vessel to produce the necessary heat for 

cracking 9. Despite the vast number of proposals to improve their capacity for chemicals 

production 10-13, this configuration presents a drawback since the catalyst shows a different 

catalytic behavior along the riser due to coking (deactivation) and temperature gradients. 
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On the other hand, there is very little control over residence time (RT) and therefore not 

much flexibility in terms of feedstock, the reason why heavy oils are still preferred by most 

refineries. 

To date, alternative technologies to the well known FCC units for the conversion of heavy 

oil fractions have been proposed. In 1965, BASF developed an uncatalyzed process 

consisting of a single fluidized bed filled with coke particles, intermediate feeding and 

bottom regeneration with air. In such a way, the necessary heat to carry out the highly 

endothermic cracking is provided by burning coke in the same reactor vessel. However, 

the high temperatures needed to maintain operation and the absence of catalyst leads to a 

typical thermal cracking product distribution, with ethylene and dry gas as main products 

5, 14, 15. More recently, in 2010, Sinopec patented a steam-cracker riser reactor with two 

reaction zones at different temperatures reporting a yield of light olefins and aromatics 

around 55 and 25 wt.%, respectively from a VGO (vacuum gas oil) feedstock 16. In 2014, 

ExxonMobil launched in Jurong (Singapore) a steam cracking technology that allows the 

direct conversion of pre-treated light crude oil into valuable products, targeting 40-50% 

yield to chemicals and reporting 1 million tons per year of ethylene production. In this case, 

crude is evaporated in a flash separator in such a way that only vaporized hydrocarbons are 

processed thus avoiding coke fouling issues 6, 17.  

Here, we present an alternative one step catalytic approach consisting of a multi-zone 

reactor along with a new catalyst formulation.  In the multi-zone reactor, catalyst particles 

undergo cycles of deactivation, stripping, and regeneration in separate zones of the same 

fluidized bed vessel. Multi-feeding points for crude oil and regenerative streams generate 
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different reaction zones in the reactor vessel that can be fine-tuned to achieve different 

environments and residence times with continuous operation of the catalyst 18, resulting in 

the stable conversion of crude oil to light olefins for several hours under highly demanding 

reaction conditions. 

3.2 Results 

3.2.1 Description and performance of the MZFB reactor 

The reactor concept described above is based on the so-called two-zone fluidized bed 

reactor, first reported in 1979 by Hupp et al. for the oxidative coupling of toluene 19, and 

later by several authors in the dehydrogenation of light alkanes 20-22. In the MZFB reactor 

here presented (Fig. 1a), crude oil is evaporated and fed through a gas distributor located 

on the top of the reaction zone. The catalyst is fluidized from the bottom with an up-flow 

regenerative mixture. In steady fluidized conditions, catalyst particles are subjected to 

reaction-stripping-regeneration cycles in few seconds; however this rate can be adjusted 

by varying the flows fed to each reactor zone 23.  
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Evaporation/
condensation
zone

Reaction zone

Regeneration/
stripping zone

Crude Oil/
water 

Regenerative stream

Products

Figure 0.1: Catalytic performance of the MZFB reactor. a, Representation of an 

MZFB reactor. b, Comparison of catalytic performance in terms of the total gas yield 

between MZFB and FB modes. TOS, time on stream. c,d, Effect in catalytic cracking 

of AL crude oil over the equilibrium commercial FCC catalyst E-cat in MZFB mode 

with temperature (c) and RT (d). Temperature values in c are average values during the 

first hour on stream using 30 g E-Cat; RT values is d are average values during the first 

hour on stream at 510 °C. Error bars indicate the standard deviation (2σ) of duplicate 

experiments. 
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Hence, this configuration is composed of a vaporization zone where the crude/water 

emulsion is vaporized (200-500 °C); two feeding points, one situated at the beginning of 

the reaction zone, where the vaporized mixture is fed, and another one at the bottom of the 

catalyst bed for the regenerative stream (O2:N2); a reaction zone for the cracking of 

hydrocarbons (510-700 °C) situated on the top of the catalyst bed; a regeneration/stripping 

zone covering 80-85% of the catalyst bed at 750 °C; and a condensation zone to recycle 

the unreacted heavier hydrocarbons towards the reaction zone. As mentioned above, crude 

oil consists of a mixture of thousands of components with boiling points that range between 

25 and 700 °C (see simulated distillation curve of the AL crude used for this study in 

Supplementary Fig. 1) 24. We, therefore, speculated that the use of a multi-zone bed where 

temperature can be controlled at different lengths of the reactor would help adjust residence 

times for the individual components of oil based on their boiling points. In this regard, the 

species backmixing (with reference to the generated gaseous products) is a pitfall of the 

principles on which fluidized bed reactor operates. The constantly changing balance of 

drag versus centrifugal forces on the solids, which thereby interact with the flowing gases, 

results in a residence time of products dominated by a tailing behaviour (i.e. high species 

backmixing) and therefore suppresses the desired products 5, 25. 

Residence time distribution (RTD) analysis based on computational fluid dynamics (CFD; 

see Supplementary Table 4 and Supplementary Fig. 7) reveals a similar performance of the 

single/multiphase flows in an MZFB reactor to that of a plug flow reactor. By definition, 

an ideal plug flow reactor displays zero species back-mixing in the axial direction, meaning 

there is no transfer between the immediate axial packets of fluid. Therefore, the CFD 

simulated RTD performance of MFZB reactor in this work is testimonial to the fact that 
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there is very little or no species back-mixing for this reactor configuration as opposed to a 

typical fluidized bed reactor. 

To evaluate the potential application of this reactor concept, a series of AL catalytic 

cracking tests were performed over an equilibrium commercial FCC catalyst (E-Cat). Table 

1 summarizes the most important reaction parameters and experimental results. 

Table  0.1. Catalytic cracking of Arabian Light indicators over commercial E-Cat using a 

liquid feed flow of 0.5 mL·min-1 of oil:water [50:50, vol/vol] and an up-flow stream of 400 

mL·min-1 of N2, at different temperatures, residence times and reaction modes. 

Temperature 

/ °C 

Residence 

timea / ms 

Reaction 

mode 

C
3

=
/

C
2

=
 

C
2

=
/

C
2
 

C
3

=
/

C
3
 

C
4
=/

C
4
 

Total gas 

yield / wt.% 

olefins / 

Alkanes  
HTCb 

510  153 FB 
11.

2 
2.8 10.5 2.3 11.5 3.4 0.43 

510  130 MZFB 3.7 4.2 2.9 1.1 24.0 1.5 0.92 

510  180 MZFB 3.3 4.2 2.8 0.6 38.6 1.1 1.78 

510  153 MZFB 3.4 4.9 3.4 0.7 28.5 1.4 1.44 

570  146 MZFB 2.7 4.1 3.9 1.3 32.4 1.9 0.75 

700  130 MZFB 1.0 3.2 12.5 34.6 39.2 2.1 0.03 
aBased on CFD simulations (for details see Supplementary methods). bHTC, hydrogen-transfer coefficient 

(HTC=(nC4 + iC4)/C4
=, where ‘n’ and ‘i’ denote linear and branched alkanes, respectively, and superscript ‘=’ 

denotes olefins). 

Fig. 1b shows a comparison in catalytic performance between experiments performed at 

510 °C in a MZFB with in situ stripping (occurring in the bottom zone of the reactor) and 

similar experiments performed in a classical fixed bed (FB) configuration. As it can be 

observed, the MZFB leads to a 30 wt.% yield to C1-C4 hydrocarbons accompanied by a 

slow deactivation of the catalyst, whereas experiments performed under similar conditions 

in FB result in yields or circa a 12 wt.% and a more pronounced catalyst deactivation. 

Considering that in both cases residence times are similar, the best performance of the 
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MZFB reactor could be explained as a consequence of the recirculation of middle distillates 

on the condensation zone of the reactor, thus increasing the conversion of the heavier 

fractions of the feedstock and stripping of bigger hydrocarbons (which act as coke 

precursors) adsorbed on the catalyst surface in the regeneration zone of the MZFB, which 

partially prevents coke formation (Fig. 2a). 

Interestingly, catalyst deactivation is much less pronounced when working in MZFB mode 

after 3 hours on stream, as shown in Fig. 1b. While 20% of activity loss is observed for the 

MZFB, half of the activity is lost in FB mode after a similar reaction time. In line with this, 

the lower olefin/alkane ratios obtained in the MZFB can also be explained as a consequence 

of catalyst stripping, which maintains a higher activity, hence favoring both cracking and 

hydrogen transfer reactions of intermediate products like aromatics and olefins 5, 26. 

Complementary AL catalytic-cracking experiments on a micro-fixed bed reactor and 

subsequent thermogravimetry-temperature-programmed oxidation (DTG-TPO) studies of 

the spent catalysts (see Supplementary Fig. 2) demonstrate that in the initial stages of the 

reaction (0-60 min) coke builds up in the catalyst following a linear trend (Supplementary 

Fig. 2a), and increasing in about 10 mgcoke·gcat
-1 every 15 minutes. This justifies the 

progressive activity loss observed in Fig. 1b. 

The influence of temperature and residence time on reactor performance was studied in the 

510 to 700 °C range (Fig. 1c and 1d). At 700 °C the contribution of thermal cracking is 

more pronounced, fostering the production of dry gas (C2 and lighters) as well as coke (see 

TGA analysis on Fig. 2c). C4 alkane yield dramatically decreases at high temperature, 

probably due to enhanced cracking reactions leading to lighter products and also to a low 
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degree of hydrogen-transfer reactions which can be evaluated by the hydrogen transfer 

coefficient (HTC=(nC4 + iC4)/C4=) 27, 28 which decreases quickly with temperature. At 

milder reaction conditions (510-570 °C), a slight temperature increase results in a higher 

olefin/alkane ratio and hence higher ethylene and propylene yields, with a C3
=/C2

= > 2.5 

which decays below 1 at 700 °C, when thermal cracking becomes dominant. The overall 

heavier nature of the products as well as the decreasing relevance of hydrogen transfer 

reactions upon increasing temperature, lead not only to enhanced total (hard) coke 

deposition but also to a coke with a higher structural order, heavier and more condensed in 

nature, as deducted from the DTG-TPOs in Supplementary Fig. 2b, where the maximum 

rate of coke combustion slightly shifts towards higher temperatures. 

On the other hand, longer residence times give way to a linear increase of C2
= and C3

= (Fig. 

1d). Indeed, propylene yield increases from 5.5% to 10.7% when increasing the residence 

time from 130 to 180 ms. These results are associated with the HTC that also follows the 

same trends (HTC = 0.9, 1.4 and 1.8 at RT=130, 153 and 180 ms, respectively) and indicate 

a higher bimolecular hydrogen-transfer rate.   

3.2.2 Unraveling the nature of coke species 

As mentioned earlier, operation in MZFB and FB modes results in essential differences in 

catalytic cracking performance, especially in terms of stability, as illustrated in Fig. 1b, 

which is known to be associated with catalyst deactivation due to coke formation. Analysis 

of the spent catalyst enables us to quantify and to identify the type of coke and may provide 

information about the deactivation process. For this purpose, it is convenient to distinguish 

between coke precursors, generally lighter in nature adsorbed on the catalyst, which can be 



87 
 

quantitatively estimated by TGA as the hydrocarbon species desorbed in inert atmosphere 

during a heating treatment of the spent catalyst in the range of 200-800 °C; and hard coke, 

remnant deposits of highly unsaturated species removed by combustion at 800 °C (see 

Supplementary Fig. 3) 29. In FCC like processes, the presence of both, thermal (hard) coke 

associated to the Conradson carbon residue (CCR) of the feedstock and adsorbed species 

(coke precursors) are expected 30. As shown in Fig. 2a, the MZFB reactor produces a lower 

amount of precursors and hard coke than FB mode which could be explained as a result of 

the stripping effect over the catalyst that allows adsorbed heavier hydrocarbons to be later 

cracked, then avoiding high-molecular-weight components to condense into polynuclear 

aromatic coke 31, 32.  
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To shed light on this effect, and specifically about structural information of trapped-

organics as well as the nature of coke species responsible for catalyst deactivation, 

advanced magic angle spinning (MAS) solid-state NMR (ssNMR) spectroscopy was 

performed on the spent catalyst (Fig. 3 and Supplementary Fig. 4). For this purpose, two 

samples were selected: spent E-Cat after the catalytic cracking of AL at 510 °C on a fixed 

bed (FB_510) and a multi-zone fluidized bed (MZFB_510) (Methods section-MAS 

ssNMR). In the 1D 1H→13C cross-polarization (CP) spectra (Fig. 3a), primarily two 

features were detected: 10-35 ppm saturated (like aliphatics), and 115-140 ppm unsaturated 

(like olefinics/aromatics) hydrocarbon groups 33. In general, all spectra appeared to be 

broad in nature, which could be attributed primarily to the utilization of naturally abundant 

crude oil as the reactant. Since we have relied upon 1H→13C CP transfer only to increase 

the sensitivity of the residual coke species, it also primarily highlights the 

rigid/immobilized zeolite-trapped organics (i.e., so-called hard coke) 34. Although 1H→13C 

CP transfer is not very reliable to provide a detailed insight into the hydrogen-deficient 

organics, it also has its own advantages. Since the hard-coke materials were typically 

envisioned as highly unsaturated and hydrogen deficient, it would give a lower sensitive 

response in the corresponding 1H→13C CP spectrum. Hence, it is feasible to correlate the 

sensitivity/intensity of 1H→13C CP NMR spectrum with the thermo-gravimetric coke 

analysis, as the 1H→13C CP intensity should be inversely proportional to the hard coke 

content. 
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In Fig. 3a, an identical spectral profile was observed in both operation modes (FB vs. 

MZFB) in terms of the nature of trapped organics. However, a lot less response for the 

aromatic species was recorded on the post-reacted fixed-bed sample. This is well in line 

with thermo-gravimetric coke analysis, which suggested the presence of less coke on the 

MZFB_510 sample (8.8% coke on FB_510 sample vs. 4.2% coke on MZFB_510 sample), 

 

Figure 0.3: Identification of the post-reacted zeolite trapped species. a, 1D 1H-13C 

CP MAS ssNMR spectra of identified post-reacted, hybrid-zeolite-trapped molecular 

scaffolds materials to illustrate the effect of reactor and water, respectively. FB_510 

(blue), MZFB_510 (red), FB_570 (green) and FB_570_w/o water (violet). b, 1D 2H 

NMR spectra of identified post-reacted, hybrid-zeolite-trapped molecular scaffolds 

materials after co-feeding experiment with D2O instead of water on FB_570 (green) to 

investigate the effect of water during the reaction. MAS at 13 kHz. *, spinning side 

bands. 
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and hence, delivered a better 1H→13C CP response due to its relatively more hydrogen-rich 

nature. However, we observed a different feature on the effect of water (Fig. 3a: FB_570 

vs. FB_570_w/o water). Whereas almost similar intensities was displayed for aromatic 

species from both samples, no noticeable aliphatic moieties were detected in the absence 

of water (for FB_570-without water). Again, the thermo-gravimetric coke analysis 

corroborates this observation (5.8% coke on FB_570 vs. 3.7% coke on FB_570_w/o water) 

besides showing a higher extent of coke precursors in the absence of steam (Fig. 2b). 

Guozhen et al. 35 noted a similar effect in acid-catalyzed methanol conversion to light 

olefins over SAPO-34. It could essentially mean that the presence of water not only 

promotes hydrogen-transfer reactions on the acid sites of the zeolite but also slows catalyst 

deactivation due to water steam stripping of coke precursors, hence prolonging the lifetime 

of the catalyst 36. Coke quantification through DTG-TPO analyses of spent samples in a 

micro-fixed bed reactor (Supplementary Fig. 2a) showed that after 30 min of reaction, co-

feeding of water could prevent coke deposition by 25% (18.0 mgcoke gcat
-1 vs 23.8 mgcoke 

gcat
-1 with and without water, respectively). In this line, Corma et al.37 have related the 

presence of water with the suppression of bimolecular reactions (responsible for coke 

formation) during the catalytic cracking of VGO which is attributed to better dispersion 

and contact between the feedstock and the catalyst. To illuminate the effect of water in the 

present case, one control experiment was performed, where deuterium oxide (D2O) was 

co-fed instead of water. The corresponding 2H NMR spectrum (Fig. 3b) shows two primary 

peaks at around 2.0 and 7.8 ppm, i.e., originated from aliphatic and aromatic moieties, 

respectively. Interestingly, the contribution from the aliphatic part is much higher than that 
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of the aromatic, which indeed suggests that water is promoting hydrogen transfer reactions 

on the zeolitic Brønsted acid sites to inhibit the deactivation of the catalyst. 

Next, 2D 1H-13C CP-HETCOR (HETCOR: HETeronuclear CORrelation spectroscopy) 

was performed for 1H-13C correlations on all four post-reacted materials to illuminate the 

nature of zeolite-trapped organics in more detail (see Supplementary Fig. 4). In general, 

2D correlation spectra were consistent with their corresponding 1D counterparts. In 

addition, Supplementary Fig. 4 elegantly demonstrates a few interesting features on the 

nature of residual coke species. For instance, the correlations between ~7.7 ppm (1H)/~128 

ppm (13C) and ~7 ppm (1H)/~120 ppm (13C) were clearly visible on all 2D correlation 

spectra, which could be assigned to the aromatic and aliphatic counterpart of the 

unsaturated coke species, respectively 33. Simultaneously, at elevated temperatures (both 

in the presence (green) and in the absence of water (violet)) an additional correlation, ~8 

ppm (1H)/~134 ppm (13C), was detected as well due to the polyaromatic part of coke 

species. Hence, 2D 1H-13C CP-HETCOR measurements clearly (but qualitatively) 

distinguish among four different classes of hybrid-zeolite-trapped organic/coke species on 

the post-reacted materials: aliphatic, olefinic, aromatic, and poly-aromatics. 

Overall, the in-depth ssNMR characterization confirms that co-feeding of water results in 

a slower formation of coke due to the adsorption of more aliphatic than aromatics species. 

In the same line, the absence of stripping in the case of FB results in more unsaturated coke 

species (more harmful) accompanied by a higher total amount of both hard coke and coke 

precursors. It is worth to mention that while FB experiments are time-limited as a 

consequence of catalyst bed plugging, the fluidized mode permitted much longer 
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experiments. Finally, an increase of the reaction temperature resulted in the formation of 

polyaromatic coke species (ssNMR) which correlates well with the higher accumulation of 

hard coke over the catalyst as quantified by thermo-gravimetric analysis. 

3.2.3 Tailored catalyst formulation for MZFB processes 

Several challenges are associated with the new reactor system for the catalytic cracking of 

crude oil. Among other aspects, the catalyst formulation needs to be adapted for continuous 

operation in the static fluidized bed. One of the main drawbacks of this approach is catalyst 

loss due to the vigorous fluidization to which the bed is subjected, thus requiring denser 

catalyst particles to avoid undesired fragmentation. An upgrade on the catalyst formulation, 

typically comprising low-density components (i.e. zeolite and clay), by adding dense and 

inert additive such of silicon carbide, could not only increase the density of the catalyst but 

also act as a heat carrier. Besides, the low thermal expansion of silicon carbide reduces the 

formation of undesirable fine particles as a result of lower catalyst attrition. Surprisingly, 

to the best of our knowledge, SiC has never been proposed as an additive during catalyst 

formulation for FCC or analogous processes. 

Therefore, we explored our homemade catalyst formulation (further denoted as ACM-101) 

containing 20 wt.% ZSM-5 (SAR 23), 20 wt.% zeolite HY (SAR 30), 20 wt.% kaolin clay, 

20 wt.% aluminum chlorhydrate (as a binder) and 20 wt.% of nanometer-sized (ca. 800 

nm) silicon carbide (detailed in Supporting Information), optimized for light olefins 

production in the catalytic cracking of Arabian Light crude. For more details on the 

experimental setup and spraying procedure, the reader is referred to our recent publication 

on the topic 38. The catalytic performance of the equilibrated ACM-101 catalyst (Fig. 4a) 



93 
 

reveals higher activity compared to the commercial E-cat at analogous conditions (570 °C, 

see Fig. 1c-blue), showing a total gas yield above 40 wt.% with a light olefins fraction of 

ca. 30 wt.%. Moreover, the olefin/alkane ratio of 2.7 (see Table 2) exceeds in almost two 

units the value obtained with the commercial catalyst. The higher C3/C4 ratio achieved on 

ACM-101 formulation is a consequence of an optimal combination of ultrastable zeolite Y 

and ZSM-5, as evidenced from the higher olefinicity ratios (C3
=/C3 and C4

=/C4) at similar 

gas yields 39-42. However, the high yield to gaseous products is only maintained during the 

first stage of the reaction after which the catalytic activity starts to decrease dramatically. 

Indeed, the higher activity of the catalyst leads to a faster coke deposition. 

Since coke preferably deposits on Brønsted acid sites, on which the cracking reaction 

proceeds following a bimolecular reaction mechanism 43, the hydrogen transfer reaction 

rate wanes quickly and serves as an indicator of catalyst deactivation. The hydrogen 

transfer rate of ACM-101 expressed in terms of HTC declines from 0.79 to 0.36 after 150 

minutes at 570 °C. To address this obstacle beyond the stripping effect of nitrogen and 

water described above, we show below that the addition of a regenerative mixture of N2 

and O2 [0.6:0.4 vol:vol] to the regeneration/stripping zone of the reactor allows for in situ 

coke removal. 

Prior to performing experiments under oxidizing conditions, safe operating regimes were 

established to avoid auto-ignition of the fuel/oxidizer mixture.  Detailed chemical kinetic 

modelling simulations were performed for the most reactive alkane-like fraction of AL 

crude, as described in the Supporting Information, to determine its auto-ignition limits.  

The reactive mixture comprises fuel (AL crude), water, N2, and O2.  While fuel/O2 mixtures 
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are prone to auto-ignition within a few milliseconds of contact time at 450-650 °C, the 

addition of water serves as a quenching agent. Furthermore, simulations demonstrate that 

the AL crude:O2 mixture fraction, as in Fig. 4, is beyond the rich ignition limit.  Even in 

the absence of water vapor, the mixture would not auto-ignite because there is too much 

AL crude present to ignite a hot flame. However, if the O2 concentration is increased or the 

total AL crude concentration is decreased, then the mixture may enter an auto-ignition 

regime (see Supplementary Methods section).  Therefore, safe startup of the reactor should 

involve first introducing AL crude followed by O2; and safe shutdown should turn off the 

O2 flow first to avoid entering auto-ignition regimes. 

Table 0.2. Catalytic cracking of Arabian Light indicators over ACM-101 catalyst in 

presence and absence of O2. 
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HTCa 

570  N2 2.73 3.32 5.38 2.96 25.8 2.74 0.36 

570  
40% O2 : 

60% N2 

2.94 5.65 6.58 1.85 32.4 3.00 0.54 

aHTC: hydrogen transfer coefficient (HTC=(nC4 + iC4)/C4=). 

 

The catalytic behavior under these oxidizing reaction conditions is shown in Fig. 4b. A 

stable catalyst performance with gas yield values wobbling around 30 wt.% and circa 25 

wt.% of light olefins can be reached. Remarkably, the presence of oxygen on the stream 

does not substantially perturb the distribution of products (see Fig. 4c), however it increases 

olefin/alkane ratio from 2.73 to 3.00 at the same time that hydrogen transfer coefficient 

(HTC) remains stable during the whole process at 0.52±0.03 (see Table 2). Indeed, GC 

analysis demonstrates that O2 is consumed before reaching the reaction zone. Furthermore, 
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the analysis by TGA of coked ACM-101 catalyst (Fig. 4d) shows great differences when 

the material has been exposed to the oxidative stream, exhibiting a three times lower 

amount of coke, including coke precursors, and especially hard coke deposits, that decrease 

from 3.7 to 1.0 wt.% in the presence of oxygen. 

 

Figure 0.4 Catalytic performance of ACM-101 in the cracking of Arabian Light. a,b 

TOS activity at 570 °C using an up-flow stream of N2 (a) and N2/O2 mixture (0.6:0.4) (b). 

c, Product distribution. Average values after 2 h of reaction. d, TGA of coke for the spent 

catalyst. Error bars indicate the standard deviation (2σ) of duplicate experiments. 
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The SIMDIS results of the liquid fraction collected during these experiments is shown in 

Fig. 5a and highlights the substantial lighter nature of the liquid products obtained from 

the reaction feeding the regenerative N2:O2 mixture. Up to 80% of the liquid has a boiling 

point below 250 °C, while this fraction remains below 50% in the case of the liquid from 

the reaction feeding only N2. In line with the aforementioned, FT-ICR analysis (Fig. 5b) of 

the liquid reactions products showed molecular weight distributions with decreasing 

average mass/charge (m/z) ratios of ca. 450, 390, and 300 for the Arabian Light crude, and 

the liquid products feeding only N2 and the N2:O2 mixture, respectively. The data in Table 

3, as obtained from complementary GC-MS measurements, show that alkanes were the 

mainly cracked chemical group in the Arabian Light, leading to the formation of 

predominant amounts of total aromatics (A1+A2, 55.6-59.5 wt.%) in the liquid products, 

with smaller amounts of alkanes. Specifically, due to the higher cracking activity 

maintained by the catalyst regenerated with the oxidative stream, a higher amount of total 

alkanes (41.8 wt.%) was quantified in its derived liquid products in contrast to the O2-free 

approach (39.0 wt.%). It is noteworthy that the GC chromatograms of both liquid products 

are analogue (see Supplementary Fig. 11). It should also be noted that, in the GC-detectable 

fraction, A2 aromatics consist solely of naphthtalene. 
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Table 0.3. Chemical composition of the Arabian Light crude and the liquid products after 

the catalytic cracking reaction in presence and absence of O2. 

 

 AL  MZFB, N
2
 MZFB, N

2
 + O

2
 

n-Alkanes / % 40.4 27.1 24.0 

i-Alkanes / % 23.8 11.9 17.8 

Naphthenes / % 7.4 0.4 1.0 

Aromatics A1 / % 11.4 48.8 48.2 

Aromatics A2 / % - 10.7 7.4 

Others / % 17.0 1.1 1.6 

 

 3.3 Conclusion 

In summary, our results demonstrate that the direct transformation of crude oil to chemicals 

in a one step process is possible when the right catalyst and reactor configuration are 

selected. In situ catalyst stripping, regeneration and the addition of the appropriate amount 

of steam in a Multizone Fluidized Bed Reactor allow for the transformation of Arabian 

Figure 0.5 Analysis of liquid products. Simulated distillation curve (SIMDIS) (a) 

and FTICR-MS spectra (b) of the Arabian Light crude oil feedstock and collected 

liquid fraction after catalytic cracking of AL in presence and absence of O2. 
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Light crude to valuable olefins in yields much higher than what most state of the art refining 

processes are able to deliver. Further optimization in catalyst formulation demonstrates that 

a large room for improvement in terms of performace is still possible. The addition of 

silicon carbide during spray drying is shown to improve not only heat transport, but also to 

decrease the potential for catalyst fragmentation further improving stability. Moreover, the 

addition of a regenerative stream rich in oxygen improved the stability of the reaction in 

long term by preventing the accumulation of harsh coke over the catalyst at the same time 

that it provides extra-heat to the highly endothermic cracking process. 

Alltogether, our results demonstrate that the search for alternative reactor engineering 

concepts, when accompanied by complementary catalyst development, offers great 

opportunities for process intensification and will be instrumental in the modernisation of 

the oil industry. 

3.4 Method 

Feedstock characterization: Arabian Light crude oil (AL) from a domestic oil field was 

used in all catalytic experiments. The main properties are summarized in Table 4. Its 

density was measured using an Anton Paar DMATM 35 equipment at 15 °C. Chemical 

analysis by CHN and ICP-OES (S, Ni, V) was carried out using a Flash 2000 Elemental 

Analyzer (Thermo Fisher) and Agilent 5100, respectively. Simulated distillation (SIMDIS) 

of the feedstock was carried out by using the ASTM D2887 protocol to measure the boiling 

range distribution of crude oil. GC-MS analysis was performed in an Agilent 7890A 

apparatus with split flame ionization detector (FID) and a mass spectrometer detector 

(5975C MS, Agilent Technologies). 
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Catalysts: An equilibrium FCC catalyst (E-Cat) received from a domestic refinery and 

thermally pre-treated under air at 800 °C for 10 h. Our formulated catalyst, further denoted 

as ACM-101, was composed of kaolin clay (Sigma-Aldrich), Al2Cl(OH)5 binder 

(Spectrum), ZSM-5 with SiO2:Al2O3 molar ratio (SAR) of 23 and FAU zeolite with SAR 

30 (Zeolyst), SiC powder with size 800 nm (US Research Nanomaterials), admixed at 

20:20:20:20:20 wt.% proportion, respectively. Prior to the shaping, the composite slurry 

was homogenized applying ball milling pretreatment at 350 rpm for 30 min. Fluidizable 

fraction of the catalyst comprising 38 – 100 mm spherical particles was produced spray-

drying (Lab-scale mini Spray Dryer Buchi B-290) the formulation slurry at optimized 

conditions: nozzle diameter = 2.0 mm, Tinlet = 220 °C, Toutlet = 130 °C, air and feed flow of 

35 m3·h−1 and 15 mL·min−1, respectively. Finally, the catalyst was calcined at 700 °C for 

7 hours (5 °C·min−1) in air. 

Catalytic Cracking tests: The catalytic cracking of AL over E-Cat and ACM-101 was 

conducted in a multi-zone fluidized bed (MZFB) reactor, as that in Fig. 1a, heated by a 

tubular oven. An AL/water emulsion was feed by using two different Gilson HPLC 307 

Pumps and mixing inside an ultrasonic bath at 40 °C. Gas carrier flow (N2/He) was 

controlled by mass flow controllers (Bronkhorst). Reaction products were passed through 

a system of three condensers in series maintained at 70, 25 and 10 °C, respectively, where 

the liquid fraction was collected for further analysis. 

Meanwhile, gas products were analyzed online by gas chromatography conducted on a 

Trace 1310 gas chromatograph (Thermo Scientific) with a MolSieve analytical column and 

thermal conductivity detector for the analysis of He (internal standard) and H2, and an 
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Alumina Plot column and FID for the separation analysis of C2-C5 hydrocarbons. GC-MS 

analysis was performed in an Agilent 7890A apparatus with split flame ionization detector 

(FID) and a mass spectrometer detector (5975C MS, Agilent Technologies). FT-ICR MS 

measurements with atmospheric photo ionization (APPI) source were conducted in a 

Bruker SolariX XR 9.4 Tesla instrument, and the spectrum were further treated by the 

Bruker DataAnalysis V4.5 software. The chemical formula assignment was performed by 

Composer software (Sierra Analytics). Fixed bed (FB) experiments were carried out by 

using the same MZFB reactor but in a top-bottom configuration adapted for that purpose. 

Mass balances, in all cases found to be higher than 85%, were estimated from the 

combination of gas products yield (GC), recovered mass of liquid oil products and solid 

residues over the catalyst determined by thermogravimetric analysis. All calculations are 

described in the ESI. 

Temperature programmed oxidation (TPO) and Thermo-gravimetric analysis (TGA): Coke 

analysis of the spent catalysts was carried out by using a TGA/DSC1 STAR-e system 

apparatus (Mettler Toledo). Prior to TPO experiments, the catalyst was subjected to 

stripping under N2 stream (50 mL·min-1) up to the reaction temperature using a heating 

ramp of 10 °C·min-1. After that, the sample was cooled down and stabilized at 100 °C. For 

the coke combustion step, the temperature was increased up to 800 °C using a heating ramp 

of  5 °C·min-1 under an airflow of 50 mL·min-1 and kept at 800 °C  for 20 minutes so ensure 

the total coke combustion. 

For TGA analysis, the spent catalyst was heated from 40 to 800 °C, using a heating ramp 

of 10 °C·min-1, under a nitrogen flow of 25 mL·min-1, to remove all so-called coke 
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precursors. After half an hour at 800 °C in this inert atmosphere, and maintaining the same 

temperature, the catalyst was submitted to an air flow of 25 mL·min-1, burning in this way 

the remaining hard coke. Details about coke amount estimation are included in the ESI. 

Solid-state Nuclear magnetic resonance (ssNMR) measurements: the magic angle spinning 

(MAS) ssNMR spectroscopic experiments were performed on Bruker AVANCE III 

spectrometers operating at 400 MHz frequency for 1H using a conventional double-

resonance 4 mm CPMAS probe (CP: Cross-polarization). NMR chemical shifts are 

reported with respect to the external references adamantane. For 1D 1H-13C CP 

experiments, the following sequence was used: 90° pulse on the proton (pulse length 2.4 

s), then a CP step with the contact time of typically 2 ms, and finally the acquisition of the 

13C NMR signal under high-power proton decoupling. The delay between the scans was 

set to 4 s to allow the complete relaxation of the 1H nuclei.  The number of scans (NS) was 

as follows (Fig. 3: FB_510 (blue, NS=6k) and MZFB_510 (red, NS=14k) and (b) FB_570 

(green, NS=15k) and FB_570_w/o water (violet, NS=6k). Fig. 3 is represented in a 

normalized manner keeping into account of respect number of scans. An exponential 

apodization function corresponding to a line broadening of 80 Hz was applied prior to 

Fourier transformation. The 2D 1H-13C heteronuclear correlation (HETCOR) solid state 

NMR spectroscopy experiments were performed according to the following scheme: 90° 

proton pulse, t1 evolution period, CP to 13C, and detection of the 13C magnetization under 

TPPM (i.e., a two-pulse phase modulation) decoupling. For the CP step, a ramped radio 

frequency (RF) field centered at 75 kHz was applied to the protons, while the 13C channel 

RF field was matched to obtain an optimal signal. Using a short contact time (0.2 ms) for 

the CP step, the polarization transfer in the dipolar correlation experiment was verified to 
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be selective for the first coordination sphere to lead to correlations only between pairs of 

attached 1H-13C spins (C-H directly bonded). The total NS value was circa 2,500 and the 

size of free induction decay (time domain) was 2,048(F2)/24(F1), respectively. Both 1H 

and 13C chemical shifts were externally referenced to adamantane. In all cases, other 

relevant acquisition parameters were described in figure captions. All NMR spectra were 

processed and analyzed by Bruker TopSpin 3.6.0. 

Powder X-ray diffraction (PXRD): diffraction patterns for ACM-101 were recorded on 

Bruker D8 Advance operated at 30 kV and 30 mA using monochromatic Cu-Kα radiation 

(λ = 1.5418 Å), a scan speed of 0.5 s per step, and a step size of 0.2° in the 2θ range of 

5−90°. The crystalline phases were identified using PDF-4+ (2019) crystal database.  

Nitrogen physisorption measurements: N2 adsorption/desorption isotherms of fresh/spent 

catalysts were obtained using a Micromeritics ASAP 2040 instrument at 77 K. Prior to the 

measurements, the samples were outgassed at 300 °C for 8 h under a dry N2 flow. Specific 

surface areas were estimated according to the BET method in the relative pressure range 

of 0.05-0.25. Total pore volume was estimated from a single point adsorption measurement 

at P/P0 = 0.94, for pore sizes below 35 nm, disregarding macropores. Micropore volume 

was estimated from the T-plot approximation. 

Scanning electron microscopy (SEM): The catalysts were evaluated by SEM technique 

using a scanning electron FEI TENEO VS microscope. Micrographs were obtained with 

the electron energy of 2 kV and 5 mm working distance. 

Residence Time Distribution in a Multi-zone Fluidized Bed reactor via CFD Simulations: 

To evaluate the gas-phase residence time distribution (RTD) in a Multi-zone Fluidized Bed 
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(MFZB) reactor, use is made of non-reactive CFD simulations over a 2D domain of the 

reactor. The computational domain follows the same principles as that of the experimental 

reactor with the regeneration stream inlet being at the bottom of the reactor and liquid inlet 

located on the top left hand side of the reactor geometry. The single, common outlet of the 

reactor is located on the top right side. The choice for the 2D computational domain, as is 

common for many intricate reactor designs operating with complex chemical kinetics, 

comes from the point of view of reducing the complexity of the actual design; thereby 

speeding up the desired simulations without affecting the accuracy of the results obtained. 

A mesh with ca. 18000 cells is chosen for the further calculations based on the mesh 

independency study performed on multiple meshes of this reactor geometry. More details 

about RTD studies are included in the Supplementary Methods section. 
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Maximizing the production of petrochemicals from crude oil at the expense of fuels is 

among the most important targets for refiners. In this conversion, catalyst composition and 

formulation play a key role. Here we present a thorough study of the effect of formulated 

FCC catalyst composition on the one-step cracking of Arabian light crude oil. Our results 

demonstrate that over a 35 wt.% yield to light olefins can be achieved on spray-dried 

catalysts containing 1:1 mixtures of ZSM-5 and FAU zeolites (alongside binder and clay). 

Coke deposition and catalyst deactivation can be correlated to the nature and content of 

each zeolite component. 

4.1 Introduction 

Light olefins (C2-C4) play a crucial role in the petrochemical industry. They are essential 

building blocks for the production of a wide variety of commodities, from surface coatings, 
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fibers, solvents, and adhesives to plastics, and resins. In contrast to other oil-derived 

products, the demand for these chemicals will continue to increase in the decades to come.1 

Light olefins can be produced from a variety of feedstocks, and through different 

technologies, however, steam crackers account for circa 60% of the overall production of 

propylene.2-5 Nevertheless, the recent investment trend towards ethane based steam 

crackers, highly selective to ethylene, could result in a decrease in the production of 

propylene and benzene.6, 7 Typical propylene yields in steam crackers from heavy feed 

(crude oil, VGO) are around 14 wt.% while only 2 wt.% are recorded for ethane units.8-11 

One emerging strategy to overcome the large demand for these building blocks is the 

development of refinery strategies for the direct conversion of crude oil to petrochemicals. 

Self-reliance from refinery streams and reduction of capital and energy costs are some 

benefits of this approach.12 In addition, as future demand for fuels and gasoline is expected 

to drop, maximizing chemical production from oil holds a great promise for the 

sustainability of refineries.13, 14 

Several crude oil to chemicals (COTC) processes have been reported in the literature, 

mainly based on modern steam crackers, fluidized catalytic crackers (FCC), and 

hydroprocessing technologies, as recently reviewed by Bogle,15 and Corma et al.12 

Commercial units have been recently commissioned or are under construction in China and 

the Middle East.13 Since 2014, ExxonMobil is operating a pretreated light crude oil steam 

cracker in Singapore.16 Saudi Arabia is also developing its own COTC portfolio.17 For 

instance, Saudi Aramco is involved in several joint development processes with Axens, 

TechnipFMC, McDermott, and Chevron Lummus Global to commercialize its Thermal 
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Crude to Chemicals (TC2C™) and Catalytic Crude to Chemicals (CC2C™) 

technologies.18, 19 

Targeting high propylene yield, COTC catalytic routes will be preferred compared to 

thermal cracking processes. Various studies already highlighted this point by comparing 

the thermal cracking of several Arabian crudes to simulated FCC conditions using fixed-

bed microactivity tests (MAT).20, 21 In the presence of a catalyst and at reaction 

temperatures of 600 °C, the propylene to ethylene ratio is almost three times higher than 

under similar conditions in the absence of a catalyst.21 The use of ZSM-5, recycling of 

liquid fractions, as well as lowering partial pressure, are commonly used strategies in FCC 

units to maximize propylene yield, also when crude oils are fed.20-26 However, still, a lot 

of work is needed to optimize catalyst composition further.27 

Although the effect of FCC additives like ZSM-5 to improve gasoline production is well-

known,27-37 very little is known about composition-performance relationships for the direct 

cracking of crude oil, the main focus of this article. Here we present a thorough study of 

the effect of formulated FCC catalyst composition on the one-step cracking of Arabian 

light crude oil. 

4.2 Results and Discussion 

4.2.1 Formulation of catalysts with different clays: impact on catalytic performance 

Typical cracking catalysts (CC) contain a number of components: (i) zeolite/s, (ii) matrix, 

and (iii) binder, which are essential constituting parts of the catalyst body.2, 12, 38, 39 Among 

them, the matrix component, in addition to having a filler role (density gain), also contains 

additional catalytically active sites. To evaluate the catalytic performance of formulations 

containing different commercially available clays (Figure. 1), we selected talc 
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(Mg3Si4O10(OH)2), kaolin (Al2Si2O5(OH)4), bentonite ((Na/Ca)x(Al/Mg)2(Si4O10)(OH)2), 

attapulgite ((Mg2Al2)Si8O20(OH)2·4H2O) and sepiolite (Mg4Si6O15(OH)2·xH2O).40-43 

Noteworthy, the clays under study represent two distinct groups classified according to 

their structural arrangement and textural characteristics – layered (lamellar) and porous 

(zeolitic type, fibrous). 

The catalyst embodiments were prepared by spray-drying (SD) slurries comprising ZSM-

5(SAR 23), Al2(OH)5Cl binder and different clays in a 20 wt.% : 20 wt.% : 60 wt.% ratio. 

We use the notation TLC (for talc), KAO/SD-2 (kaolin), BNT (bentonite), ATT 

(attapulgite), and SPL (sepiolite) according to the clay used. 
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Figure 0.1 SEM micrographs revealing textural characteristics of a) talc, b) kaolin, c) 

bentonite, d) attapulgite and e) sepiolite clays along with their structural features and 

chemical composition (dark gray polyhedra represent Mg-environment, light gray – Si, 

orange – Al, red and blue spheres indicate exchangeable Na+/Ca2+ cations and water, 

respectively) represented at the right side. 
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The shaping parameters, as well as specific technicalities related to these composite 

systems, can be found in our previous work.44 As specified before, the packing arrangement 

within the SD embodiments is greatly influenced by the wettability and swelling properties 

of the clay matrix (Figure. S.4). For instance, the use of KAO yields homogenous spherical, 

full-body composite particles (Figure. 2) with smooth surfaces (Figure. S.1, S.2). 

 

Figure 0.2  Optical and SEM images of KAO material resulted from the spray drying of 

the corresponding formulation. 

PXRD analysis (Figure. 3), reveals the characteristic diffraction lines attributed to ZSM-5 

and the corresponding clays. Notably, the aluminum binder does not show any crystalline 

feature after being calcined at 700 °C, whereas ZSM-5 preserves its structure. 

As expected, the textural properties of each composite correlate with the nature of the clay 

used (Table S.2). Thus, the ATT and SPL formulations, whose matrices hold their own 

microporosity, result in the highest SBET and total pore volume (Vtotal) compared to those 

embodiments containing lamellar clays. TLC catalysts consisting of hydrophobic talc clay, 

show the lowest surface area in the shaped composite. In the case of lamellar bentonite and 

kaolin, SBET and Vtotal have similar values (104 m2∙g-1, 0.1 cm3∙g-1, respectively). 
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Figure 0.3  Powder X-ray diffraction patterns of formulated catalysts (calcined at 700°C) 

with different clay matrices and ZSM-5 (SAR 23) compared to expected for MFI zeolite 

structure. Symbols indicate the characteristic diffraction lines attributed to talc (#), quartz 

(ø, *), sepiolite (+), bentonite (^) and attapulgite (:). 

 

The catalytic performance of the different catalysts is given in Figure. 4a and Table 1, along 

with Tables S.3 and S.4. In line with our previous results on the application of similar 

composites in the methanol to olefins process (MTO),44 catalytic activity, expressed as 

yield to olefins, decreases in the order kaolin > attapulgite > sepiolite > bentonite > talc, 

with propylene (primarily formed in ZSM-5) being the dominant product. 

It should be noted that hydrogen transfer coefficient (HTC; (nC4 + iC4)/C4
=), which 

accounts for the catalyst activity toward bimolecular hydrogen transfer reactions, is more 

pronounced for KAO (HTC=0.6, see Table 1) since it exhibits the highest cracking activity 

toward light hydrocarbons, three times higher compared to the others. In fact, the higher 

coke formation found in the SPL and ATT (Figure. 4b) can explain the lowest HTC of 0.3, 

since the bimolecular hydrogen transfer mechanism requires the presence of free paired 
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acid sites, less available in these more deactivated samples. As we reported earlier,44 The 

kaolin formulated composite exposes a higher amount of strong Brøndsted acid sites (BAS) 

compared to formulations incorporating other clays (TLC, BNT, ATT, SPL). Indeed, the 

presence of movable cations (Ca2+/Na+
) in the other fillers, especially in the case of BNT 

and TLC, leads to the partial deactivation of the zeolite component in the catalyst.9, 40-43 

Analysis of the obtained liquid fractions (Figure. S.5) goes in line with the obtained yields 

in the liquid phase, with hardly acidic catalysts not being able to crack mid-distillates 

(Table S.5) For better catalyst deactivation understanding, it is useful to differentiate 

between (i) coke precursors, generally lighter in nature and highly hydrogenated, and (ii) 

hard coke, remnant deposits of highly unsaturated species removed by combustion at 800 

°C.45 Coke analyses (Figure. 4b) performed on used catalysts further indicate higher 

amounts of coke in SPL and ATT formulations of ca. 4.5 % h-1, dominated by hard coke, 

while the most active KAO shows the lowest coke formation (2.3 % h-1) mostly consisting 

of lighter coke precursors. 

 

Figure 0.4  a) Comparison of light olefins (C2-C4) product yield for catalysts formulated 

with different clays at TOS = 15 min and b) coke quantification by TGA of the spent 
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catalysts. Reaction conditions: T= 570 °C, liquid feed flow of 0.5 mL·min-1 of AL oil: 

water (50:50, vol/vol), and a stream of 400 mL·min-1 of N2. 

Table 0.1. Catalytic cracking of AL over different clays at TOS = 15 min using a liquid 

feed flow of 0.5 mL·min-1 of oil: water (50:50, vol/vol) and a stream of 400 mL·min-1 of 

N2 at 570 °C. 

 

Catalyst 
C

1
-C

4

[a]
/ wt.% 

C
3

=
/C

2

=
 C2

=/C2 C3
=/C3 C4

=/C4 O/P
[b]

 HTC
[c]

 

KAO 33.3 2.1 7.8 4.0 1.8 3.3 0.6 

SPL 11.9 6.9 2.8 12.4 3.0 4.3 0.3 

ATT 12.2 7.6 2.2 14.0 3.9 4.6 0.3 

TLC 8.8 3.7 3.2 10.1 2.8 3.8 0.4 

BNT 5.6 5.7 1.6 8.4 1.9 2.5 0.5 

[a] C1-C4: total gas yield. [b] O/P: olefin to paraffin ratio. [c] HTC: hydrogen transfer coefficient (HTC=(nC4 + iC4)/C4
=). 

4.2.2 On the role and optimal loading of ZSM-5 

ZSM-5 (see Figure. 5c) can inhibit transition states of bimolecular reactions, leading to 

higher selectivity to light olefins, more precisely, to propylene.12, 38, 46, 47 To evaluate the 

effect of ZSM-5 loading in the cracking performance, a set of formulations containing 10, 

20, and 30 wt.% of ZSM-5 was prepared (Table S.6). The corresponding textural and 

structural data (N2 adsorption/desorption isotherms, XRD) are summarized in Tables S.7 

and Figure. S.8. As expected, a gradual increase of SBET and Vtotal is observed (Table S.7) 

upon increasing zeolite loading.  

The highest olefin yield (25.5 wt. % with Ypropylene = 13.7 wt.%) was recorded with the 

sample containing a 20 wt.% of ZSM-5 (Figure. 5a). Similar results were reported by 

Adewuyi et al.,29 highlighting optimal ZSM-5 additive amount to maximize light olefins 
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yield in FCC units. Such an observation was explained by the dilution effect of the base Y 

cracking zeolite with ZSM-5, whereas higher ZSM-5 loading can decrease overall 

conversion ability because of a much faster deactivation. However, similar olefin to 

paraffin ratio (O/P) and HTC are recorded for all samples, indicating that both parameters 

are not directly governed by the zeolite content (Table 2). On the other hand, the C2
=/C2   

ratio increases with the concentration of ZSM-5, while the lowest C3
=/C2

= ratio is recorded 

for a 20 wt.% of ZSM-5 content. 

As discussed above, Arabian Light crude consists of a mixture of thousands of components 

with boiling points that range between 25 and 700 °C. AL can be classified into different 

cuts based on components’ volatility: gases (C1-C4), naphtha (C5-221 °C) (35 wt.%), 

(middle distillate) light cycle oil (LCO) (221-350 °C) (26 wt.%), and heavy cycle oil 

(HCO) (350+ °C) (39 wt.%). Nevertheless, catalytic cracking of AL over catalysts with 

different ZSM-5 loading shows a reduction in the final boiling point to 620 °C, though no 

further improvement in naphtha and LCO fractions; only in the gas products as shown in 

Figure. S.10. Furthermore, the presence of steam has a dual role in the cracking reaction: 

(i) promoting hydrogen transfer reactions over the zeolite acid sites and (ii) suppressing 

coke formation due to the stripping of coke precursors.48, 49 In addition, steam further tunes 

catalyst acidity, as demonstrated in other acid catalyzed reactions.50, 51 

As illustrated in Figure. 5b, the total amount of coke increases linearly with ZSM-5 loading, 

especially in terms of coke precursors (1.4, 1.7, and 2.2 wt.%∙h-1, respectively). 
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Figure 0.5  a) Comparison of light olefins (C2-C4) product yield for catalysts formulated 

with different loading of ZSM-5 (10, 20 and 30 wt.%, SAR 23) at TOS = 15 min and b) 

coke quantification by TGA of the spent catalysts. Reaction conditions: T= 570 °C, liquid 

feed flow of 0.5 mL·min-1 of AL oil: water (50:50, vol/vol), and a stream of 400 mL·min-

1 of N2. c) Sigmoidal arrangement of 10MR channels in ZSM-5 structure and b) view of 

10MR gate with 5.1× 5.5 Å2 aperture. 
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Table 0.2. Catalytic cracking of Arabian Light over different loading of ZSM-5 catalyst at 

TOS = 15 min, using a liquid feed flow of 0.5 mL·min-1 of oil: water [50:50, vol/vol] and 

a stream of 400 mL·min-1 of N2 at 570 °C. 

Catalyst 
C

1
-C

4

[a]
/ wt.% 

C
3

=
/C

2

=
 C2

=/C2 C3
=/C3 C4

=/C4 O/P
[b]

 HTC
[c]

 

SD-1 16.3 4.3 6.5 6.7 2.5 4.1 0.4 

SD-2 33.3 2.1 7.8 4.0 1.8 3.3 0.6 

SD-3 21.6 2.7 8.9 5.7 2.1 4.0 0.5 

[a] C1-C4: total gas yield. [b] O/P: olefin to paraffin ratio. [c] HTC: hydrogen transfer coefficient (HTC=(nC4 + iC4)/C4
=). 

4.2.3 ZSM-5 acidity vs. cracking activity 

It is well known that total zeolite acidity results in dramatic changes in production patterns. 

Here, we studied the influence of three different SAR (23, 80, and 280) (Table S.11). As 

expected, the acidity of the zeolite hardly influences the textural properties of the shaped 

catalysts (Figure. S.11 and Table S.12). However, it does have a very important effect in 

cracking performance (Figure.6) : by reducing the SAR from 280 to 23, a substantial 

increase in light olefins yield (from 9 to 25.5 wt.%, respectively) can be observed along 

with a decrease in the C3
=/C2

= ratio from 11.2 to 4.0 as shown in Table 3. The SD-2 sample 

reported that the lowest O/P ratio, around 4, and its HTC of 0.6 was nearly doubled 

compared to SD-3 and SD-4 samples. This higher HTC could explain the high paraffin 

yields compared to the higher SAR zeolites, as hydrogen transfer reactions rely on high 

concentrations of acid sites. In addition, hydrogen transfer promotes the bimolecular 

mechanism through the formation of carbenium-like species and light olefins by β–scission 

cracking.47 
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Regarding liquid product analysis, a decrease in the final boiling point from 700 to 620-

660 °C is observed, with catalysts formulated with high SAR of ZSM-5 being less effective 

at cracking middle distillates.  

 

Figure 0.6  Comparison of light olefins (C2-C4) product yield for catalysts formulated with 

different SAR 23, 80, and 280 of ZSM-5 (20 wt.%) at TOS = 15 min, and b) coke 

quantification by TGA of the spent catalysts. Reaction conditions: T= 570 °C, liquid feed 

flow of 0.5 mL·min-1 of AL oil: water (50:50, vol/vol), and a stream of 400 mL·min-1 of 

N2. 

These results confirm that light olefin production requires a large concentration of acidic 

sites in the ZSM-5 component and the presence of larger pore zeolites to facilitate the 

cracking of mid-distillates. In this line, we selected ZSM-5 SAR 23 for the subsequent 

catalyst optimizations. 
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Table 0.3. Catalytic cracking of Arabian Light over different SAR of ZSM-5 zeolite 

catalyst at TOS = 15 min, using a liquid feed flow of 0.5 mL·min-1 of oil: water (50:50, 

vol/vol) and a stream of 400 mL·min-1 of N2 at 570 °C. 

Catalyst 

C
1
-C

4

[a]
/ 

wt.% C
3

=
/C

2

=
 C2

=/C2 C3
=/C3 C4

=/C4 O/P
[b]

 HTC
[c]

 

SD-2 33.3 2.1 7.8 4.0 1.8 3.3 0.6 

SD-4 15.8 4.1 6.2 12.9 3.8 6.0 0.3 

SD-5 11.4 5.2 2.8 11.2 3.0 4.1 0.3 

[a] C1-C4: total gas yield. [b] O/P: olefin to paraffin ratio. [c] HTC: hydrogen transfer coefficient (HTC=(nC4 + iC4)/C4
=). 

4.2.4 Effect of FAU introduction 

Faujasite zeolites (FAU) are commonly used in FCC processes to maximize (liquefied 

petroleum gas) LPG, olefins, and gasoline by primary cracking of heavy paraffins through 

its characteristic 12MR pore system (see Figure. 8d), providing much of the catalytic 

activity in a conventional catalyst formulation.12, 43, 52, 53 An FAU zeolite with SAR 30 was 

selected after benchmarking with a similar but less acidic composition (SAR 80). 

According to the N2 adsorption/desorption results, the SBET and Vtotal of the catalysts 

increase gradually with FAU loading, as anticipated (Table S.22). PXRD analysis (Figure 

7), reveals the characteristic diffraction lines attributed to ZSM-5 and the FAU at different 

loadings of FAU (SAR 30) zeolite. 

NH3-TPD was performed in order to study the effect of composite formulation on the 

overall acidic strength of the catalysts. As shown in Figure. S.19, ZSM-5 (SAR 23) and 

FAU (SAR 30) zeolites are the main component of the composite providing most of the 

acid sites and determining the overall shape of the TPD curves. For pristine ZSM-5, two 

desorption peaks around 234 and 392 °C are observed, meanwhile, a wide shoulder 
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centered at 348 °C for FAU is detected (Figure. S.19). Upon addition of FAU from 0 to 30 

wt.% in the formulation, the overall concentration of acid sites in mmol·g-1 increases from 

158 to 211 µmolNH3·gsample
-1 (Table S.23. At the same time, the concentration of NH3 

represented in µmol·m-2 shows a gradual decrease due to increased surface area by 

admixing of FAU with a high surface area. 

 

Figure 0.7  Powder X-ray diffraction patterns of formulated catalysts (calcined at 700°C) 

with ZSM-5 (SAR 23) and different loadings of FAU (SAR 30) zeolite compared to 

expected for MFI and FAU zeolite structures. 

As shown in Figure. 8a, an increase from 10 to 20 and 30 wt.% in FAU zeolite content 

leads to a clear improvement in the yield of light olefins from 20 to 31 and 37%, 

respectively. Moreover, (Table 4) the olefin to paraffin ratio (O/P) in the light products 

(C1-C4) follows a similar trend with an increase from 4.4 to 5.7 while the HTC drops from 

0.5 to 0.3 (Table 4). Therefore, it could be concluded that the higher activity achieved by 

the incorporation of FAU zeolite is mainly due to higher activity in unimolecular hydrogen 

transfer reactions.12 In view of the above, although C3
=/C3 and C4

=/C4 shown an expected 
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increase, both C3
=/C2

= and C2
=/C2 decrease, which could be a result of the higher 

FAU/ZSM-5 mass ratio in the formulation, since ZSM-5 particularly improves the 

selectivity toward propylene.52 On the other hand, similar to the TGA information shown 

in Figure. 8b, an increase of total zeolite content in catalyst formulation entails higher coke 

accumulation, mainly coke precursors. 

Interestingly, the production of middle distillate and naphtha products is substantially 

increased with FAU zeolite content, as shown by SIMDIS analysis in Figure. 8c, which 

indicates a higher concentration of lighter products. Also, the FBP for Arabian Light crude 

found at 700 °C decreases until ca. 607, 606, and 580 °C with a 10, 20, and 30 wt.% of 

FAU, respectively. On the other hand, the increased amount of FAU gives rise to a higher 

accumulation of non-converted naphtha products (>250 °C), reaching 60% with the higher 

FAU content. In this case, more severe temperature conditions are needed to convert this 

fraction in light olefins further, which necessarily increases dry gas and coke formation. 

Table 0.4. Catalytic cracking of Arabian Light over different loading of FAU zeolites 

catalyst at TOS = 15 min, using a liquid feed flow of 0.5 mL·min-1 of oil: water (50:50, 

vol/vol) and a stream of 400 mL·min-1 of N2 at 570 °C. 

Catalyst 

C
1
-C

4

[a]
/ 

wt.% C
3

=
/C

2

=
 C2

=/C2 C3
=/C3 C4

=/C4 O/P
[b]

 HTC
[c]

 

SD-6 24.8 4.4 10.8 8.3 2.2 4.4 0.5 

SD-10 36.2 4.0 8.4 10.7 3.2 5.4 0.3 

SD-11 42.8 3.7 8.1 10.9 3.8 5.7 0.3 

[a] C1-C4: total gas yield. [b] O/P: olefin to paraffin ratio. [c] HTC: hydrogen transfer coefficient (HTC=(nC4 + iC4)/C4
=). 
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Figure 0.8 a) Comparison of light olefins (C2-C4) product yield for catalysts formulated 

with fixed 20 wt.% of ZSM-5 SAR 23 by varying loading of FAU (10, 20 and 30 wt.%, 

SAR 30) at TOS = 15 min, and b) coke quantification by TGA of the spent catalysts. 

Reaction conditions: T= 570 °C, liquid feed flow of 0.5 mL·min-1 of AL oil: water (50:50, 

vol/vol), and a stream of 400 mL·min-1 of N2. c) Distillation curves (SIMDIS) for liquid 

fraction collected after catalytic cracking of AL over catalysts SD-6, 10, and 11 compared 

to simulated curve for the parent AL. d) Cubic arrangement of 12MR channels in FAU 

structure. 
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Finally, it is worth to mention that the shape and mechanical properties of the catalyst 

formulation are quite dependent on the total zeolite content. According to our results, the 

required textural and mechanical properties of the catalyst in an FCC or analogous process 

(as shape or attrition resistance) start not being adequate above 40 wt.% of total zeolite 

loading.  A similar observation was noted in several patents 54-57 related with shaped 

zeolite-based catalysts, where it is emphasized that the increase of catalyst's zeolite content 

results in the use of less binder and matrix, and as a result, softer or more attrition prone 

particles can be created. 

Figure. 9 schematically represents the catalytic role of corresponding zeolites and the clay 

function in FCC catalysts for the catalytic cracking of crude oil into light olefins. Clay, as 

a matrix, mainly provides the platform for zeolites binding and makes this technology 

commercially adoptable. 

Crude oil is mostly cracked on the FAU zeolite up to mid-sized hydrocarbons. Changing 

the SAR of the FAU component from 30 to 80 did not result in a significant difference in 

olefins yield. Cracked products from the FAU zeolite are the primary reactants for the 

shape-selective ZSM-5, where the narrow pores of MFI enhance cracking to lower olefins. 

Our results demonstrate that it is important to keep a good balance between main base 

cracking FAU and lower olefins, boosting the ZSM-5 additive. Considering conversion, 

olefins yields, and coke formation, 1:1 wt.% of FAU:ZSM-5 ratios seem to be the most 

suitable combination. 
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Figure 0.9 Schematic representation of catalytic roles of zeolite components and the clay 

function in FCC catalysts for the catalytic cracking of crude oil into light olefins and BTX. 

4.3 Conclusion 

Formulation of shaped bodies for the direct cracking of crude oil is not a straight forward 

task: every component has to be optimized in order to maximize productivity, selectivity, 

and catalytic stability. The structure of the clay matrix plays an important role in catalytic 

activity, in case of the clays studied in this work, kaolin showed hardly any influence over 

zeolite acidity, while the other clays may poison acid sites and therefore reduce catalytic 

activity. When it comes to the zeolite component(s), total acidity plays a much more 

significant role in ZSM-5 than in the case of FAU, while an excellent ratio between the 

two zeolite components is crucial to maximizing catalytic performance. 
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4.4 Experimental Section 

4.4.1 Materials 

Arabian light crude oil (AL) was provided by Saudi Aramco and used in all catalytic 

experiments without any pre-treatment. The American Petroleum Institute (API) gravity 

was measured using an Anton Paar DMA 35 instrument following the American Society 

for Testing and Materials (ASTM) method D7777.  

For catalytic experiments, AL was selected as it is the most abundant crude oil in the 

Kingdom of Saudi Arabia, and it accounts for two-thirds of the total Saudi Arabia oil 

capacity.58 Therefore, it is an ideal candidate for COTC projects in Saudi Arabia. The main 

properties of AL used for cracking experiments are summarized in Table 5. Similar to 

literature, its API is around 36° with a sulfur content of around 1.7 wt.% (sour crude) and 

trace levels of metals, around 6 and 14 ppm for nickel and vanadium, respectively.59, 60  

Table 0.5. Physio-chemical properties of AL crude oil. 

Density at 15 oC 

(kg·m-3) 

Gravity 

 (oAPI) 

CHN (wt. %) ICP-OES 

C H N S Ni V 

846 35.8 79.3 10.7 0.1 1.7 wt. % 6 ppm 14 ppm 

 

Kaolin, sepiolite, and bentonite clays were purchased from Sigma-Aldrich. G&W Mineral 

Resources kindly provided talc clay (MicroTalc ST20 sample), and Active Minerals 

International, LCC supplied attapulgite clay (Min-U-Gel 400). Aluminum chlorohydrate 

(Al2(OH)5Cl) was purchased from Spectrum. ZSM-5 (MFI) zeolite with SiO2: Al2O3 molar 

ratios (SAR) of 23 (CBV 2314), 80 (CBV 8014), 280 (CBV 28014) and zeolite Y (FAU) 
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with SAR of 30 (CBV 720), 80 (CBV 901) were purchased from Zeolyst. All zeolites were 

supplied either in H+- or NH4
+ exchanged form. 

4.4.2 Catalyst shaping via spray drying  

The catalyst formulations were prepared in the form of slurries (solid content 20-50 wt.% 

based on solids), admixing clay, zeolite components, and Al2(OH)5Cl binder (40 wt.% in 

H2O) in deionized water matching desired proportions. Right before being spray dried, a 

composite slurry was homogenized applying a ball milling pre-treatment at 350 rpm for 30 

min with 2 mm ZrO2 grinding media (20 wt.% relative to the total mass of the slurry) as 

detailed in our previous work.44 Afterward, the composite slurry was filtered to remove 

grinding beads and large agglomerates to prevent clogging of the spraying nozzle. The 

shaping of the catalyst was performed on a laboratory scale spray drying system (Lab-scale 

mini Spray Dryer Buchi B-290) applying the following process settings: nozzle diameter 

d = 2.0 mm, Tinlet = 220 °C, Toutlet = 130 °C, an airflow of 35 m3·h−1 and feeding slurry with 

15 mL·min−1 rate. The resulting dry powder was subsequently sieved using calibrated 

screens with 35 µm and 100 µm apertures to retrieve a fraction composed of spherical 

particles with diameter lying in 35-100 µm range. Finally, the catalysts were calcined at 

700 °C for 7 hours (5 °C·min−1). Table 6 shows a summary of the different catalysts 

formulated and corresponding sample codes. 
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Table 0.6. Composition of catalyst formulations with corresponding codes and layout of 

the study. 

Code Clay matrix / wt. % Zeolites, wt. % Binder, wt. % 

ZSM-5 (SAR) [a] FAU (SAR) [a] 

TLC TLC / 60 

20 (SAR 23) – 20 

KAO KAO / 60 

BNT BNT / 60 

ATT ATT / 60 

SPL SPL / 60 

SD-1 KAO / 70 10 (SAR 23) 

– 20 SD-2 KAO / 60 20 (SAR 23) 

SD-3 KAO / 50 30 (SAR 23) 

SD-4 KAO / 60 20 (SAR 80) 
– 20 

SD-5  20 (SAR 280) 

SD-6 KAO / 50 20 (SAR 23) 10 (SAR 30) 
20 

SD-7  20 (SAR 23) 10 (SAR 80) 

SD-10 KAO / 45 20 (SAR 23) 20 (SAR 30) 15 

SD-11 KAO / 37.5  30 (SAR 30) 12.5 

[a] SAR = SiO2/Al2O3 molar ratio. TLC, KAO, BNT, ATT, and SPL state from talc, kaolin, bentonite, attapulgite, and 

sepiolite, respectively. 

4.4.3 Characterization methods  

Powder X-ray diffraction (PXRD) patterns were acquired on a Bruker D8 Advance 

operated at 40 kV and 40 mA using Cu Kα (λ = 1.5418 Å) radiation typically applying a 

scan speed of 0.5 s per step, and a step size of 0.1° acquisition from 5 to 90° 2θ range. The 

crystalline phases present in the samples were confirmed with help of PDF-4+(2019) 

crystal database. 

Nitrogen (N2) adsorption experiments were carried out at 77 K using a Micromeritics 

ASAP 2040 instruments. Before the measurement, the composite sample was degassed at 
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350 °C for 8 hours under reduced pressure. From the obtained isotherms, the specific 

surface area was calculated using the BET equation (SBET), and the external surface (Sext) 

and micropore volume (Vmicro) were calculated by the t-plot method. 

Temperature-programmed NH3 desorption (NH3-TPD) was measured by AMI-200ip 

Catalyst Characterization System (Altamira). Approximately 50 mg of the catalyst was first 

heated under argon flow at 100 °C for 30 min and, then at 550 °C for 90 min to remove 

volatile components. Further, the sample was saturated with NH3 (1.5 vol.%) at 120 °C for 

60 min followed by purging with He flow at 150 °C to remove weakly adsorbed NH3 

molecules. Finally, the desorption of chemisorbed NH3 was monitored by a thermal 

conductivity detector (TCD) while the temperature was ramping from 150 °C to 650 °C 

with a heating rate of 5 °C·min-1. The values for acid site density were calculated by 

dividing the total acidity by the total BET surface area. 

For thermogravimetric analysis (TGA), the spent catalysts were heated from 40 to 800 °C, 

using a heating ramp of 10 °C·min-1, under a nitrogen flow of 25 mL·min-1, to remove all 

so-called "coke precursors" including minor water adsorption. After half an hour at 800 °C 

in this inert atmosphere, and maintaining the same temperature, the catalyst was submitted 

to the airflow of 25 mL·min-1, burning in this way the remaining "hard coke". 

Scanning electron microscopy (SEM) was performed on an FEI TENEO VS microscope 

operated with 2 kV acceleration voltage and imaging acquisition at 5 mm working distance 

using secondary electron scattering mode. 

Optical light microscopy was used to evaluate a homogeneity and a physical appearance 

of the shaped composite particles. Corresponding confocal, transmittance, and light 
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polarized images were acquired on Leica DM750 equipped with HI Plan EPI 5/10/20/50× 

objectives and a rotating diascopic polarizer. 

C, H, and N elemental analyses were performed in a Flash 2000 Elemental Analyser 

CHNS/O (Thermofisher). 

Inductively Coupled Plasma-Optical Emission Spectrometry (ICP-OES) was performed 

using a 5100 ICP-OES instruments (Agilent) under Argon (Ar) atmosphere and an SPS 4 

Autosampler (Agilent). This technique was used for both natural clays and AL 

measurements. Digestion was done at 240 °C and 35 bar using UltraWAVE apparatus 

(Milestone) using a solution of acids prepared in the following volume ratio 6:2:1 of 

hydrochloric (HCl), nitric (HNO3), and hydrofluoric acid (HF) for clay samples. In the case 

of AL, HNO3 was used. Before digestion of the samples, a cleaning vessel step was 

performed using only nitric acid. A new calibration curve (four plots) was built for each 

set, and all samples were duplicated except the buffer sample. Moreover, Laboratory 

Reagent Blank (LRB), Laboratory Fortified Blank (LFB), Quality Control Sample (QCS), 

and Continuing Calibration Verification (CCV) samples were recorded to validate the 

results as recommended in several standards methods.61, 62 

4.4.4 Catalytic tests 

AL catalytic cracking experiments were conducted in a down flow fixed bed (FB) reactor, 

heated by a tubular oven. An AL/water emulsion was feed by using two different Gilson 

HPLC 307 Pumps and mixing inside an ultrasonic bath at 40 °C. Gas carrier flow N2, and 

internal standard He were controlled by several mass flow controllers (Bronkhorst). The 

reaction products passed through a series of condensers and water demisters at room 
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temperature (25 °C), to collect liquid fractions for further analysis. The total amount of 

catalyst (5 g) tested in the reaction at 570 °C was constant to achieve comparable catalyst-

to-oil ratios (CTO). 

Gaseous products were analysed using an on-line Trace 1310 Gas Chromatography (GC 

from Thermo Scientific) with a MolSieve analytical column and TCD for the analysis of 

He (internal standard) and Hydrogen (H2) and an Alumina Plot column and Flame 

Ionization Detector (FID) to monitor C2-C5 hydrocarbons. Boiling point distribution of AL 

and liquid products were recorded using simulated distillation (SIMDIS) on an Agilent 

7890A with an FID and following the ASTM method D7500.63 
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The increasing demand for base chemicals i.e., ethylene and propylene along with the 

expected peak in gasoline and fuels demand, is stirring intense research into refineries to 

be built around processes that maximize the production of chemicals (Oil to Chemicals, 

OTC, processes). One of the main challenges at hand for OTC technologies is the 

formulation of appropriate catalysts able to withstand continuous operation at industrial 

scale. Hydrothermal degradation, coke deposition and the presence of impurities in the 

feedstock such as metals, sulfur and nitrogen containing species affect catalyst lifetime, 

activity and selectivity. In this work, we evaluate long term catalyst stabilities along with 

the main causes of reversible and irreversible catalyst deactivation. Our results demonstrate 

that formulation prevents, to a large extent, the degradation of the zeolitic components of 
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the catalyst. Metal deposition, on the other hand, results in a slight decrease in activity 

along with interesting changes in selectivity patterns. The main reasons behind these 

changes are discussed in detailed with the help of extensive characterization. 

5.1 Introduction 

For more than one century, crude oil has been used as feedstock to produce fuels 1. 

However, with the growth in environmental concerns, the development of more efficient 

combustion engines, and the growing markets of alternative engines (fully electric, hybrid, 

or H2 powered), there is a common agreement that the fuel market is, in the long run, going 

to decrease in size. In contrast, the chemicals market still has room to grow. According to 

BP's 2018 Energy Outlook, the share of the average oil barrel dedicated to transportation 

fuel will peak at 58% and begin to decline in 2025. Oil consumed by industry, buildings, 

and power will also slump. However, the consumption of chemicals is expected to grow, 

from 16% of oil demand in 2020 to 34 % by 2040 2. 

Refineries will then be built around processes that maximize the production of chemicals 

(Oil to Chemicals, OTC, processes), in contrast to the current state of the art where oil is 

first fractionated, and resulting streams are treated separately to manufacture an extensive 

portfolio of products. Several OTC processes have been reported in the literature, mainly 

based on modern steam crackers, fluidized catalytic crackers (FCC), and hydroprocessing 

technologies, as recently reviewed by Gascon et al. 2, Bogle 3, and Corma et al. 4. 

Commercial units have been recently commissioned or are under construction in China and 

the Middle East.5 Since 2014, ExxonMobil is operating a pretreated light crude oil steam 

cracker in Singapore 6. Saudi Arabia is also developing its own OTC portfolio 7, 8.  For 
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instance, Saudi Aramco is involved in several joint development processes with Axens, 

TechnipFMC, McDermott, and Chevron Lummus Global to commercialize its Thermal 

Crude to Chemicals (TC2C™) and Catalytic Crude to Chemicals (CC2C™) technologies 

9, 10. 

One of the main challenges at hand for OTC technologies is the catalyst formulation. 

Typical cracking catalysts contain a number of components: (i) zeolite/s, (ii) clay, and (iii) 

binder, which are essential constituting parts of the catalyst body 4, 11-13. The matrix is used 

to improve several features such as activity, density, and attrition resistance of the particle 

14. Generally, cracking is initiated on the acid sites of FCC particles, and therefore the 

acidity of the FCC components influences the overall cracking activity of the catalyst. 

Hence, zeolites have been used in FCC catalyst particles since the 1960s due to their 

suitable acidic properties 15-17. Although a wide range of zeolites has been investigated, 

Ultra Stable Faujasite Y (USY) remains the backbone of industrial FCC catalysis. Y 

zeolites are responsible for maximizing (liquefied petroleum gas) LPG (liquefied 

petroleum gas), olefins, and gasoline by primary cracking of heavy paraffins through its 

characteristic 12MR pore system, providing much of the catalytic activity in a conventional 

catalyst formulation 4, 18-20; where ZSM-5 can inhibit transition states of bimolecular 

reactions, leading to higher selectivity to light olefins, more precisely, to propylene 4, 12, 21, 

22.  

Together with USY, ZSM-5 is the second most widely used zeolite in catalytic cracking 

applications 23. As we reported earlier, crude oil is mostly cracked on the FAU zeolite up 

to mid-sized hydrocarbons. Cracked products from the FAU zeolite are the primary 
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reactants for the shape-selective ZSM-5, where the narrow pores of MFI enhance cracking 

to lower olefins. Our results demonstrate that maintaining a good balance between main 

base cracking FAU and lower olefins boosts the ZSM-5 additive. Considering conversion, 

olefins yields, and coke formation, 1:1 wt.% of FAU: ZSM-5 ratios seem to be the most 

suitable combination 24.  

A very important issue for OTC technologies is the development and formulation of  

catalysts able to handle crude oil at industrial scale. This involves cyclic operation between 

reaction and regeneration for several hours at high temperatures (500 -800 °C) in the 

presence of steam; where the catalyst particles may be subjected to structural change and 

irreversible deactivation thorugh processes such as hydrothermal dealumination 25. An 

additional concern is the presence of metal impurities, i.e., nickel, vanadium, nitrogen and 

sulfur in the crude oil, which lead to catalyst poisoning, thus decreasing catalytic activity 

and promoting coke formation 2, 26, 27. Upon deposition of nickel and vanadium on the 

catalyst particle, the interaction between the metal and catalyst will lead to a change in the 

main reaction pathway and enhance dehydrogenation reactions, thus disturbing  catalyst 

selectivity 28, 29.  The nature of the zeolites used in the formulation is also expected to play 

a major role, for instance, ZSM-5 is more tolerant than FAU to metal poisoning by 

vanadium 30, 31.  

A large body of literature deals with FCC catalyst deactivation. In most of these works,  

two-step cyclic deactivation (CD) 32, 33 and Mitchell impregnation-steam deactivation (MI) 

34  are used to mimic the conditions faced by the catalyst during operation. Here, instead 

of following the classical protocols, in order to get a picture of the actual deactivation rates 
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during the direct cracking of untreated crude oil, we performed long term catalyst reaction 

– regeneration cycles and studied catalyst evolution under these conditions. In depth 

characterization of catalysts at different stages of their lifetime reveals the main 

deactivation pathways and mechanism of metal deposition and zeolite dealumination. 

5.2 Experimental Section 

5.2.1 Materials 

Arabian light crude oil (AL) was provided by Saudi Aramco and used in all catalytic 

experiments without any pre-treatment. The American Petroleum Institute (API) gravity 

was measured using an Anton Paar DMA 35 instrument following the American Society 

for Testing and Materials (ASTM) method D7777. 

Table 0.1 Physico-chemical properties of Arabian Light crude oil 

Density at 15 °C / 

kg·m-3 

Gravity / 
°API 

CHN / wt.% ICP-OES / ppm 

C H N S Ni V 

846 35.8 79.3 10.7 0.1 17330 6 14 

 

Kaolin was purchased from Sigma-Aldrich. Aluminum chlorohydrate (Al2(OH)5Cl) was 

purchased from Spectrum. SiC (~ 800 nm) was supplied by US Research Nanomaterials.  

The ZSM-5 (MFI) zeolite with SiO2: Al2O3 molar ratios (SAR) of 23 (CBV 2314) and the 

Y zeolite (FAU) with a SAR of 30 (CBV 720) were purchased from Zeolyst. All zeolites 

were supplied either in H+- or NH4
+ exchanged form. 
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5.2.2 Catalyst preparation and shaping 

The catalyst formulation (ACM-101) was prepared by admixing clay, Al2(OH)5Cl binder 

precursor (40 wt.% in H2O), 800 nm SiC, Y and MFI zeolites in deionized water at 

20:20:20:20:20 wt.% proportion, respectively. Prior to spray drying, the composite slurry 

was homogenized applying a ball milling at 350 rpm for 30 min with 2 mm ZrO2 grinding 

media (20 wt.% relatives to the total mass of the slurry) as detailed in our previous work.35 

Next, the composite slurry was filtered to remove grinding beads and large agglomerates 

to prevent clogging of the spraying nozzle. The shaping of the catalyst was performed on 

a laboratory scale spray drying system (Lab-scale Spray Dryer Buchi B-290) applying the 

following process settings: nozzle diameter ID = 2.0 mm, Tinlet = 220 °C, Toutlet = 130 °C, 

an airflow of 35 m3·h−1 and feeding slurry with 15 mL·min−1 rate. The dry product was 

sieved using calibrated screens with 35 µm and 100 µm apertures to recover a fluidizable 

fraction composed of spherical particles with diameters lying in the 35-100 µm range. 

Finally, the catalysts were calcined at 810 °C for 7 h increasing temperature at a 5 °C·min−1 

rate. 

5.2.3 Characterization methods 

Powder X-ray diffraction (PXRD) patterns were acquired on a Bruker D8 Advance 

operated at 40 kV and 40 an acquisition step size of 0.1° within the 5- 90° 2θ range. 

Nitrogen (N2) adsorption experiments were carried out at 77 K using Micromeritics ASAP 

2040 instruments. Before analysis, the composite sample was degassed at 350 °C for 8 h 

under vacuum conditions. From the obtained isotherms, the specific surface area was 
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calculated using the BET equation (SBET), and the external surface (Sext) and micropore 

volume (Vmicro) were calculated by the t-plot method 

Temperature-programmed NH3 desorption (NH3-TPD) was measured in an AMI-200ip 

Catalyst Characterization System (Altamira). Approximately 50 mg of the catalyst was first 

stripped under Ar at 100 °C for 30 min and, then at 550 °C for 90 min to remove volatile 

components. Then, the sample was saturated with NH3 (1.5 vol.% in He) at 120 °C for 60 

min followed by purging with He flow at 150 °C to remove physisorbed NH3. Finally, the 

desorption of chemisorbed NH3 was monitored by a thermal conductivity detector (TCD) 

applying a ramp from 150 °C to 650 °C at a  5 °C·min-1 rate. The values for acid site density 

were calculated by dividing the total acidity by the total BET surface area. 

Pyridine IR (py-IR) measurements, Transmission FTIR spectroscopy was performed with 

pyridine being used as a probe molecule in a Nicolet 6700 spectrometer using an MCT/B 

detector. The sample pellet was prepared using approximately 60 mg of material without 

any dilution with KBr. After moisture removal under vacuum at 375 °C for 24 h, pyridine 

vapor was introduced at its vapor pressure under ambient conditions. After saturation, 

excess pyridine was removed by evacuation at 150 °C for 1 h. Spectra were recorded in the 

1000–4000 cm−1 range at a resolution of 4 cm−1 and co‐addition of 64 scans. The amount 

of Brønsted (BAS) and Lewis (LAS) acid sites were obtained from the bands at 1545 and 

1456 cm−1 respectively using extinction coefficients of 1.67 and 2.22 36 assuming that one 

molecule of pyridine is adsorbed on one acid site then the following expressions were used 

to quantify the BAS and the LAS: 

𝐶𝐵𝐴𝑆 = 1.88 × 𝐼𝐴(𝐵) ×  𝑅2/𝑊   (1) 
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𝐶𝐿𝐴𝑆 = 1.42 × 𝐼𝐴(𝐿)  × 𝑅2/𝑊  (2) 

where IA (B or L) is the integrated absorbance of BAS or LAS band (cm−1), R is the radius 

of catalyst disk (cm), and W is the mass of catalyst (mg). 

 For thermogravimetric analysis (TGA), the spent catalysts were heated from 40 to 800 °C, 

using a heating ramp of 10 °C·min-1, under a nitrogen flow of 25 mL·min-1, to remove all 

so-called "coke precursors" including minor water adsorption. After half an hour at 800 °C 

in this inert atmosphere and maintaining the same temperature, the catalyst was submitted 

to the airflow of 25 mL·min-1, burning in this way the remaining "hard coke."  

Temperature programmed oxidation (TPO) coke analysis of the spent catalysts was carried 

out using a TGA/DSC1 STAR-e system apparatus (Mettler Toledo). Prior to TPO 

experiments, the catalyst was subjected to stripping under N2 stream (50 mL·min-1) up to 

the reaction temperature using a heating ramp of 10 °C·min-1. After that, the sample was 

cooled down and stabilized at 100 °C. For the coke combustion step, the temperature was 

increased up to 800 °C using a heating ramp of 5 °C·min-1 under an airflow of 50 mL·min-

1 and kept at 800 °C for 20 minutes so ensure the total coke combustion.  

CHN elemental analyses were performed in a Flash 2000 Elemental Analyser CHNS/O by 

Thermofisher, using ca. 4 mg of sample per analysis and acetanilide as calibrating 

compound.  

Inductively Coupled Plasma-Optical Emission Spectrometry (ICP-OES) was performed 

using a 5100 ICP-OES instrument (Agilent) under Ar atmosphere and provided with a SPS 

4 Autosampler (Agilent). This technique was used for both natural clays and AL analysis. 
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Digestion was done at 240 °C and 35 bar using UltraWAVE apparatus (Milestone) using 

an acid mixture of hydrochloric (HCl), nitric (HNO3), and hydrofluoric acid (HF) mixed at 

a 6:2:1 volume ratio for clay samples. In the case of AL, solely HNO3 was used. Before 

digestion of the samples, a vessel cleaning step was performed using only nitric acid. A 

new calibration curve (four plots) was built for each set, and all samples were duplicated 

except the buffer sample. Moreover, Laboratory Reagent Blank (LRB), Laboratory 

Fortified Blank (LFB), Quality Control Sample (QCS), and Continuing Calibration 

Verification (CCV) samples were recorded to validate the results as recommended in 

several standards methods 37, 38. 

Solid-state Nuclear Magnetic Resonance (ssNMR) experiments were performed on a 14.1 

T Bruker Advance III spectrometer, operating at a Al Larmor frequencies of 156.37 MHz. 

The spectra were acquired using a 3.2 mm probe with 170 kHz π/2 pulse and a recovery 

delay of 0.3 s. The spectra were accumulated from 4096 scans. Typically, the sample was 

spun using dry nitrogen at a magic angle spinning (MAS) rate of 20 kHz. The ratio between 

tetra-, penta- and octahedral Al species was approximately estimated by integration of the 

spectra as per the corresponding regions, i.e., 80 – 40, 40 – 20, 20 – -20 ppm for AlIV, AlV 

and AlVI, respectively. 

Raman Spectroscopy, Raman experiments were conducted using a confocal Raman 

microscope WITec Apyron equipped with a 473 nm laser and power of 1.0 mW. The 20X 

objective (Carl Zeiss) was applied in all acquisitions to collect the Raman spectra with an 

integration time of 20 sec and accumulation number of 5. Raman spectra from different 

locations were collected for each sample. 
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5.2.4 Steaming and Metal deposition  

Prior to metals deposition, the calcined catalyst were treated under hydrothermal conditions  

with approx. 90% of steam at 810 °C for 5 h. 

The Reaction/regeneration cycles were performed in a multi-zone fluidized bed reactor 

(MZFBR) 8. Two batches of 12 and 18 g of hydrothermally treated ACM-101 catalyst were 

continuously fluidized in the reactor vessel.  The reaction was conducted for 4 h at 570 °C 

in the reaction zone, while the regeneration operated isothermally at 800 °C with a 

continuous airflow for 4 h. The used Arabian Light contains mainly Ni and V and was  fed 

at rate of 30 ml h-1. The reaction/regeneration cycles were preformed at different crude oil 

to catalyst ratios (CTO) to achieve the desired metal contents.       

5.2.5 Catalytic tests 

Catalytic Cracking tests: The catalytic cracking of AL over the formulated catalysts was 

conducted in a multi-zone fluidized bed reactor, heated by a tubular oven. An AL/water 

emulsion was feed by using two different Gilson HPLC 307 Pumps and mixing inside an 

ultrasonic bath at 40 °C. Gas carrier flow (N2/He) was controlled by mass flow controllers 

(Bronkhorst). Reaction products were passed through a system of three condensers in series 

maintained at room temperature, where the liquid fraction was collected for further 

analysis. The amount of catalyst tested in the cracking reaction at 570 °C was fixed to 

achieve comparable catalyst-to-oil ratios (CTO). 

Gaseous products were analyzed online by gas chromatography conducted on a Trace 1310 

gas chromatograph (Thermo Scientific) with a MolSieve analytical column and thermal 

conductivity detector for the analysis of He (internal standard) and H2, and an Alumina 
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Plot column and FID for the separation analysis of C2-C5 hydrocarbons. The boiling point 

distribution of AL and the liquid products were obtained using simulated distillation 

(SIMDIS) on an Agilent 7890A with an FID and following the ASTM method D7500 39.  

GC-MS analysis of liquid products was performed in an Agilent 7890A apparatus with 

split flame ionization detector (FID) and a mass spectrometer detector (5975C MS, Agilent 

Technologies). All calculations are described in the supporting information. 

5.3 Results and Discussion  

5.3.1 Catalyst bulk characterization 

ACM-101 catalyst formulation, prepared by spray-drying, contains 20 wt.% of ZSM-5/23, 

20 wt.% of FAU/30, 20 wt.% of kaolin clay, 20 wt.% of aluminum chlorhydrate (as a binder 

precursor) and 20 wt.% of nanometer-sized (~ 800 nm) silicon carbide. All shaping 

parameters and preparation steps related to this composite system can be found in our 

previous works.8, 24, 35 The fresh ACM-101 catalyst was subjected to several stages of 

treatment, starting with calcination at 810 °C for 7 h, followed by hydrothermal treatment 

with approx. 90% of steam at 810 °C for 5 h, simulating the harshest conditions that can 

be found during regeneration.40, 41 Metal deposition on the catalysts was implemented 

through multiple reaction/regeneration cycles with Arabian light crude oil using a multi-

zone fluidized bed reactor (MZFBR).8 The amount of metals and sulfur deposited on the 

catalysts after different reaction cycles ( ACM-101-M200 representing 0.45 kg of AL over 

18g of catalyst and ACM-101-M400, obtained after feeding 1kg of AL over 12g of catalyst) 

can be found  in Table 2.   
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Table 0.2.  ICP analysis of the formulated catalysts after multiple reaction/regeneration 

cycles. 

Catalyst V (ppm) Ni(ppm) S (ppm) Crude oil/Catalyst 

ACM-101-M-200 232 78 250 25 

ACM-101-M-400 406 157 430 83 

 

To elucidate the effect of calcination, steaming and metal deposition on crystallinity and 

the potential amorphization of the zeolitic components of the catalyst, PXRD analyses were 

performed on the fresh, calcined, steamed and metal deposited samples (Table 3, Figure 

S2). The PXRD analysis of all catalysts (Figure S2) reveals the characteristic diffraction 

lines attributed to ZSM-5/23 and FAU/30, even for samples exposed to hydrothermal 

treatment and multiple reaction/regeneration cycles. According to the analyses of peak 

broadening (based on FWHM values), gradual amorphization of both zeolite components 

occurs as response to the treatment conditions. It is worth noting that the amorphization 

degree of FAU and MFI zeolites fluctuates almost at the same level and becomes greater 

as the composite undergoes calcination, steaming, and as the accumulation of nickel, 

vanadium and sulfur advances (Table 3).  

Table 0.3. Crystallographic data and results of PXRD analyses for the ACM-101 after 

different treatment conditions and metal deposition steps 

Formulated catalyst 

FWHM / ° 2 a) Amorphization / % b)  Unit cell size (UCS) 

FAU MFI FAU MFI 
FAU MFI 

a / Å V / Å3 

ACM-101-C-800 0.161 0.168 ̶ ̶ 24.238(5) 5214(3) 

ACM-101-S-800 0.166 0.180 3.1 7.1 24.144(6) 5203(3) 
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ACM-101-M-200 0.188 0.193 16.8 14.9 24.083(5) 5207(4) 

ACM-101-M-400 0.197 0.205 22.4 22.0 24.063(4) 5209(5) 

a) FWHM based on the most intense peak: for FAU – [111] reflection at 6.29° 2, for MFI – [101] reflection at 8.04° 

2 b) Calculation based on the peak broadening expressed in FWHM with the reference to FWHM of calcined sample. 

The loss of crystallinity in the zeolite components has been associated with the progressive 

migration of AlO4 on tetrahedral sites out of the structure to extraframework positions.42, 

43 A highly informative tool that allows a comparative evaluation of dealumination degree 

of the zeolite is the unit cell size, whose changes can be followed by PXRD after every 

treatment stage. Since the Al-O bond is longer (~ 1.74 Å) than Si-O (~ 1.63 Å), as the unit 

cell size (UCS) decreases, the aluminum sites migrate out from the framework positions, 

weakening framework population of the acid sites. The UCS descriptor for FAU serves the 

unit cell constant - a - because of the cubic settings of the framework whereas the UCS for 

MFI is expressed by unit cell volume (due to orthorhombic settings).44 Thus, it can be 

observed from Table 3 that both FAU and MFI UCS decrease gradually after calcination 

and steaming, suggesting a progressive depletion of framework aluminum under these 

conditions. In turn, the different levels of cumulative Ni, V and S poisoning further 

diminishes the FAU UCS, while the MFI framework undergoes expansion. The MFI UCS 

enlargement might be associated with either realumination or Ni/V-trapping in the channels 

of the zeolite. Thus, in a following step, the textural properties of the catalysts were 

analyzed by N2 physisorption and the results were summarized in Table 4. The 

hydrothermal treatment results in a 22% and 9% decrease in SBET and Vtotal, respectively, 

as showed by comparison with the fresh calcined catalyst. 
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Table 0.4. Textural properties derived from N2 adsorption at 77K of the formulated 

catalysts. 

Catalysts SBET, m2·g-1 Sext, m2·g-1 Vtotal, cm3·g-1 Vmicro, cm3·g-1 Vmeso, cm3·g-1 

ACM-101-C-800 228 74 0.16 0.06 0.10 

ACM-101-S-800 178 62 0.14 0.05 0.10 

ACM-101-M-200 186 60 0.15 0.05 0.10 

ACM-101-M-400 157 39 0.12 0.05 0.07 

 

Low metal deposition, i.e., 230 ppm V and 78 ppm Ni on the catalyst particles, preserved 

the textural properties, where the SBET and Vtotal were almost unaltered when compared to 

the steamed catalyst. The ACM-101-M400 catalyst, with the highest level of deposited 

metals, shows a noticeable decrease in SBET (12%) and Vtotal (14%) compared with the 

steamed sample. A loss in mesopore volume is mainly observed in the vanadium 

contamination region from 200 to 400 ppm. Decrease in surface properties can be 

explained by partial destruction of the catalyst during the multiple repeated 

reaction/regeneration cycles which is confirmed by PXRD (vide supra). 26, 30, 31  

5.3.2 Catalyst acidity 

In good agreement with the literature,45 hydrothermal treatment and metal contamination 

involve a noticeable decrease of the overall concentration of acid sites by 38 and 59% with 

respect to the fresh calcined catalyst, as illustrated after analysis of ammonia TPD (Table 

5 and Figure 1 (a, d)).  
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Table 0.5. Acidity analysis of formulated catalyst, and catalyst components 

Samples T peaka / °C Total aciditya / mmol·g-1 CBAS
b CLAS

b 

ACM-101-C-800 210.5 0.118 

n.a. ACM-101 –S-800 222.7 0.073 

ACM-101-M-400 214.1 0.054 

FAU/30@810 284.0 0.243 86.4 123.5 

FAU/30 @810 steamed 223.9 0.029 
7.2 

(x12) 
45.4(x2.7) 

ZSM-5/23 @810 218.0 0.296 59.2 401.1 

ZSM-5/23 @810 steamed 216.6 0.088 28.9(x2) 83.9 (X4.7) 

Kaolin@810 219.5 0.013 2.3 14.7 

Kaolin@810 steamed 224.0 0.010 n/a 

Al2Cl(OH)5 binder @ 810 221.2 0.097 n/a 

a) Concentration of acid sites (AS) derived from NH3-TPD; b) Concentration of Brønsted (BAS) and Lewis 

(LAS) acid sites derived from pyridine IR spectroscopy 
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Figure 0.1. NH3-TPD profiles of formulated catalyst (a), pristine ZSM-5, FAU zeolites, 

Kaolin and Al2Cl(OH)5 binder (b), Pyridine IR profiles of formulated catalyst (c) total 
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acidity estimation of formulated catalyst and catalyst components (d), and solid-state NMR 

spectra of FAU and ZSM-5 zeolites at different stage of treatment (e) and (f). 

 

In order to understand how the catalyst changes acidity during the steaming and the 

potential benefits of catalyst formulation over stability, we submitted pristine  ZSM-5/23, 

FAU/30 and kaolin to steaming conditions similar to those applied to the shaped catalyst. 

The individual TPD profiles for the six samples are shown in Figure 1(b), while the 

quantified amount of acid sites per sample is summarized in Table 5. Kaolin clay has 

almost negligible amount of acid sites. The fresh calcined FAU/30 and ZSM-5/23 sample 

have a total acid site concentration of 0.243 and 0.296 mmol·g-1, respectively. After harsh 

hydrothermal steaming at 810 °C, the acidity was drastically decreased to a 12% and 30% 

of the initial value for FAU/30@810 and ZSM-5/23@810 respectively, according to NH3 

TPD. Pyridine IR analysis further demonstrates that the amount of BAS and LAS decreases 

considerably (Table 5).  In case of ZSM-5/23, BAS concentration decreased by factor of 2 

and LAS by ~5, indicating that ZSM-5/23 is more stable.  

Some interesting conclusions can be drawn upon comparing ACM-101and the individual 

zeolite components: while for the calcined samples total acidity of ACM-1 equals that of 

its zeolitic components after correcting for the 20% loading of each zeolite (0.118 mmol·g-

1 vs 0.108 mmol·g-1), steaming seems to have a much bigger effect on the pristine zeolites 

than on the formulated catalyst (0.073 mmol·g-1 measured on the formulated catalyst vs 

0.023 mmol·g-1 corresponding to the combination of acidities of the two zeolites after 

steaming). This comparison highlights the benefits of formulation, since the presence of 

kaolin seems to be key in preventing dealumination. 
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The same zeolite samples were analyzed by PXRD (Table 6, Figure S3). In this case, FAU 

shows a slight increase in crystallinity upon calcination and a drop by 4.2% after steaming. 

In contrast, MFI loses some crystallinity upon calcination and hardly any changes are 

observed upon steam treatment. It has to be noted that these results are also slightly 

different than those found for the formulated catalyst, where a bigger loss of overall 

crystallinity was found (vide supra). 

Table 0.6. Crystallographic data and results of PXRD analyses for FAU and MFI zeolites 

after different treatment conditions 

Components FWHM / o 2 a) Amorphization / % b) Unit cell size (UCS) c) 

H-FAU/30 fresh 
0.124 ̶ 24.278(1) Å 

FAU/30@810 
0.119 - 4.0* 24.245(1) Å 

FAU/30@810 steamed 
0.124 0* / 4.2** 24.225(1) Å 

NH4-ZSM-5/23 fresh 
0.147 ̶ 5170(2) Å3 

ZSM-5/23@810 
0.155 5.4* 5131(2) Å3 

ZSM-5/23@810 steamed 
0.156 6.1* / 0.6** 5201(2) Å3 

a) FWHM based on the most intense peak: for FAU – [111] reflection at 6.29° 2, for MFI – [101] reflection at 8.04° 

2 b) Calculation based on the peak broadening expressed in FWHM with the reference to: *fresh sample, **calcined 

sample. c) Unit cell size (UCS) merit for FAU component is a-unit cell constant (Å), for MFI – unit cell volume (Å3) 

Finally, we analyzed the zeolite samples by 27Al ssNMR spectroscopy in order to gain a 

better understanding on zeolite dealumination. Chemical shifts between -20–20 ppm, 20–

40 ppm and 40–80 ppm are assigned to octahedral (AlVI), penta-coordinated (AlV)and 

tetrahedral aluminum (AlIV) coordination environments. The untreated FAU/30 and ZSM-

5/23 samples in Figure 1 (e,f) mainly consist tetrahedral aluminum in zeolite framework 

with the small peak AlVI for the former mentioned. Calcination at 810 °C induces the 

generation of extra framework AlVI and AlV for ZSM-5/23, whereas formation of AlV is not 

pronounced for FAU/30 and AlVI amount is only becoming slightly higher. The 
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hydrothermal treatment at 810 °C results in almost same AlIV: AlV: AlVI  ratio between for 

both zeolites, where the amount of framework AlIV is notably decreasing. 

Taking into account drastic changes in acidity and structural transformation in zeolites after 

calcination and hydrothermal treatment, textural properties could undergo significant 

modification and induce diffusion problems. Based on N2 physisorption of calcined and 

steamed FAU/30 summarized in Table 7, the hydrothermal treatment results in 6.3% and 

9.5% increase in SBET and Vtotal, respectively, regarding the thermally treated catalyst. In 

case of ZSM-5/23, surface area decreased by 21% and Vtotal did not change, however slight 

rearrangement in micro- and mesopores happened. Amorphous kaolin clay after calcination 

possesses both low SBET and Vtotal. 

Table 0.7. Textural properties  

Samples SBET (m2·g-1) Sext(m2·g-1) Vtotal (cm3·g-1) Vmicro (cm3·g-1) Vmeso (cm3·g-1) 

FAU/30@810 667 250 0.42 0.17 0.25 

FAU/30@810 

steamed 
709 256 0.46 0.18 0.28 

ZSM-5/23@810 422 121 0.24 0.12 0.12 

ZSM-5/23@810 

steamed 
335 143 0.24 0.08 0.16 

Kaolin@810 21 21 0.05 - 0.05 

 

Altogether, these results demonstrate that dealumination almost exclusively affects acidic 

properties (the most important for catalysis), while hardly affecting textural and structural 

properties. On the other hand, for the shaped catalyst, a bigger effect is observed on textural 

and structural properties while acidity is better preserved. This can be explained by the 

migration of kaolin towards the zeolite components, resulting in a partial blocking of the 

pores along with realumination. 
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5.3.3 Catalytic activity vs. steaming and metal deposition  

To evaluate the effect of metal deposition and steaming on the activity of the formulated 

catalyst catalysts, a series of AL catalytic cracking tests were performed using a multi-zone 

fluidized bed reactor 8. Table 8 and Figure 2 summarize the most important experimental 

results.  

After calcination, ACM-101 leads to around 38 wt.% total gas yield (C1-C4 hydrocarbons) 

with a light olefins (C2= -C4=) fraction of ca. 27 wt.%. Steaming of the catalyst and metal 

deposition lead to a slight (but not dramatic) loss of activity and to very interesting changes 

in selectivity patterns: steaming results in a slight decrease of the  C2= -C4= yield, and into 

a much more pronounced decrease in the formation of paraffins. This can be explained by 

the low degree of hydrogen-transfer reactions following a bimolecular reaction mechanism, 

which can be evaluated by the hydrogen transfer coefficient (HTC=(nC4 + iC4)/C4=), 

which decreases with zeolite acid site density 46-48 and probably to the better 

accessibility of the zeolites upon steaming,  which decreases space confinement 

effects and therefore affects cracking activity 26, 30.  

Table 0.8. Catalytic cracking of AL over ACM-101 using a liquid feed flow of 0.1 ml 

min−1 of oil: water (50:50,v/v) and an up-flow stream of 100 ml min−1 N2, 570 °C. 

Catalyst 
C1-C4

[a]/ 

wt.% 

C2=-C4=
[b]/ 

wt.% 
C3

=/C2
= C2

=/C2 C3
=/C3 C4

=/C4 O/P[c] HTC[d] 

ACM-101-C-800 35.8 25.5 3.1 3.2 4.9 1.6 2.5 0.61 

ACM-101-S-800 29.9 23.9 5.2 2.8 9.4 3.9 3.9 0.26 

ACM-101-M-200 26.1 21.2 5.4 2.6 11.4 4.7 4.3 0.21 

ACM-101-M-400 26.5 21.5 5.5 2.5 10.5 5.0 4.2 0.20 

[a] C1-C4: average total gas yield. [b] C2=-C4=: average total gas yield. [c] O/P: olefin to paraffin ratio. [d] 

HTC: hydrogen transfer coefficient (HTC=(nC4 + iC4)/C4
=). 
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The gradual deposition of metals further affects catalytic performance, although very small 

differences in activity are found, even for catalysts with over 400 ppm of V and 150 ppm 

of Ni. Remarkably, even in the presence of metals, the olefin/paraffin ratios are higher and 

lower HTC values are found. Indeed, GC analysis demonstrates that H2 yield is increased 

with the concentration of metal deposited on the ACM-101 catalyst. A similar observation 

was noted elsewhere 30. This effect can be attributed to the dehydrogenation activity with 

the amount of vanadium and nickel accumulated on the ACM-101 catalyst.  

  

Figure 0.2. Catalytic performance of Arabian Light over ACM-101 catalysts, stability, and 

average gas yields of the first hour. 
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The simulated distillation (SIMDIS) results of the liquid fraction collected during these 

experiments are shown in Figure 3. Up to 55 % of the liquid has a boiling point below 250 

°C, much lower than that of the original crude oil. FT-ICR MS analyses showed molecular 

weight distributions with decreasing average mass/charge (m/z) ratios of ca. 450, 320, and 

325 for the AL crude and the liquid products of ACM-101-S-800 and ACM-101-M-200, 

respectively. The liquid fraction after catalysis contains a much higher proportion of 

unsaturated polyaromatic hydrocarbons (Carbon # = 20-40, DBE = 10-25) and N and S 

species than Arabian light (Carbon # = 20-40, DBE = 5-12). 

 

 

Figure 0.3 Distillation curves (SIMDIS) (left), and DHA for liquid fraction collected after 

catalytic cracking of AL (right). 

 

Next, the liquid product was further analyzed via GC-MS. Paraffins were the mainly 

cracked chemical group in the Arabian Light, leading to the formation of significant 
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BTXs production with increasing metal concentration, as illustrated in Figure 3 and Table 

9, is attributed to the dehydrogenation properties of V and Ni30. 

Table 0.9. Chemical composition of the Arabian Light crude and the liquid products after 

the catalytic cracking reaction. 

Catalyst n-Paraffins / % iso-Paraffins / % Naphthenes / % Aromatics / % 
Arabian Light  47.6 28.1 17.6 6.8 

ACM-101-C-800 19.6 12.5 13.6 54.3 
ACM-101-S-800 22.8 16.8 15.3 45.1 
ACM-101-M-200 25.0 18.2 16.1 40.8 
ACM-101-M-400 23.7 15.5 17.8 43.0 

 

 5.3.4 On the nature of coke species  

Analysis of the spent catalyst enables us to quantify and identify the nature of the 

deposited coke and provides information about the deactivation process. Differential 

thermogravimetry-temperature-programmed  oxidation (DTG-TPO) profiles are 

shown in Figure 4b, for the spent catalysts after 120 minutes of catalytic cracking of 

AL at 570 °C. The TPO profiles reveal a relatively homogeneous types of coke with 

a single combustion peak observed in the 400-650 oC temperature range, and which 

reaches it maximum combustion rate at ca. 530 oC ; as reported in the literature, this 

peak coincides with highly condensed and aromatic coke 8, 49. These aromatics originated 

in the micropores of the catalyst, but it is taking place outside during cyclation, 

aromatization, and condensation reactions that are catalyzed by the catalyst acid sites 50.  
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Figure 0.4. Analysis of coke TGA and TPO of spent ACM-101 catalysts  

 

Furthermore, it is useful to explore the difference between coke precursors, lighter 

in nature adsorbed and with a higher H content, and hard coke, remnant deposits of 

highly unsaturated species. Thermogravitmetric analysis (TGA) can quantitatively 
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heating treatment of the spent catalyst in the range of 200-800 °C (coke precursors); 

and hard coke which removed by combustion at 700-800 °C (Figure S1) 51. In FCC-

like processes, the presence of both thermal (hard) coke associated with the 

Conradson carbon residue (CCR) of the feedstock and adsorbed species (coke 

precursors) is expected 52. 
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aromatic structures poorly structured or disordered aromatic structures, 1500 

cm−1, D3 band assigned to structural defects of aromatic domains with poor 

organization, and 1600 cm−1, G band assigned to more developed or structured 

aromatic clusters. In agreement with the TG analysis as shown in Figure 4, G band 

appears in quite higher intensity compared to D bands which associated with 

structured aromatic clusters, indicating a higher content of hard coke species.  

 

Figure 0.5. Raman spectroscopy of spent ACM-101-C-800  

 

5.4 Conclusions  

Catalyst formulation will be key to the industrial deployment of OTC technologies. In this 

work, we have demonstrated that exposure of zeolite components to conditions similar to 

those found during catalyst regeneration may lead to an almost complete loss of acidity 

(and therefore activity). In contrast, catalyst formulation using Al reach matrixes such as 

kaolin prevents, to a large extent, zeolite dealumination. Interestingly, changes in zeolite 

acidity during hydrothermal treatment result in enhanced overall selectivity to the main 
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olefins of interest (ethylene and propylene), while the formation of dry gas and saturated 

gaseous products is decreased.  Metal deposition during oil cracking has a similar effect in 

terms of selectivity and, in the range studied, does not seem to have a dramatic effect on 

catalyst activity while slightly improving selectivity thanks to the addition of a 

dehydrogenation function.  

With these results in hand, we estimate that catalyst lifetime in OTC processes should not 

be different from that found in more classical cracking processes such as FCC: on one 

hand, the formulated catalysts seem to be able to handle similar metal concentrations in 

their porosity, on the other hand, neither the presence of sulfur, nor the presence of N 

containing species seem to pose an issue. In the same line, catalyst regeneration, 

considering the amount and nature of coke found the catalysts, is not different from that 

normally handled in FCC regenerators. Last but not least, if the process of choice involves 

fluidized bed technologies instead of transport reactors, catalyst attrition should be far less 

of an issue. Overall, our results further confirm the promise of OTC processes for the 

efficient production of olefins and aromatics and may bring the industrialization of such 

processes one step forward. 
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The CO2 (dry) reforming of hydrocarbons offers an opportunity to convert greenhouse 

gases into synthesis gas, which can further transform to various valued products. Here we 

explore the influence of Rh particle size and support on the reforming of propane and 

methane. To that end, Rh nanoparticles with controlled sizes varying from 1.6-8.0 nm were 

synthesized following a polyol reduction method and then dispersed on three different 

solids: CeZrO2, ZrO2, and CeO2. Catalytic turnover rates along with advanced 

characterization of fresh and spent catalysts reveal a linear correlation of turnover rates 

with Rh particle size for both methane and propane reforming. The nature and rate of coke 

deposition are highly dependent on the support used and its interaction with the metallic 

phase. 

6.1 Introduction 

The CO2 (dry) reforming of alkanes, the reaction between CO2 and paraffins to form 

synthesis gas (a mixture of CO and H2), is known since 1928 for the pioneering work of 
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Fischer and Tropsch.1 Over the last few decades, the interest in this family of reactions has 

increased because it may allow the recycling of very large amounts of CO2 
2 through further 

processing the resulting syngas via Fischer-Tropsch synthesis.3, 4 CO2 reforming reactions 

are highly endothermic and therefore require relatively high reaction temperatures to 

achieve high conversion of the reactants 5-7. Under these conditions, the following series 

of reactions may occur: 

Hydrocarbon dry reforming 

CnH2n+2 + nCO2  2nCO + (1+n) H2                   (1) 

Methane dry reforming (CH4), n=1    

CH4 + CO2  2CO + 2H2   (∆H°298K = 248 kJ mol−1)                    (2) 

Propane dry reforming (C3H8), n=3    

C3H8 + 3CO2  6CO + 4H2   (∆H°298K = 621.3 kJ mol−1)                 (3) 

Water Gas Shift (WGS)    

H2O + CO  CO2 + H2    (∆H°298K = -41.1 kJ mol−1)                 (4) 

CH4 decomposition  

CH4  2H2 +  C(s)      (∆H°298K = 75 kJ mol−1)                (5) 

Boudouard reaction  

2CO  CO2 + C(s)       (∆H°298K = -172 kJ mol−1)             (6) 

 

Methane dry reforming is especially attractive because, in the absence of coke formation, 

this reaction delivers an H2/CO ratio of one, which is highly attractive for oxo process.  
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As it is the case for many metal nanoparticle catalyzed processes, reforming is claimed to 

be a structure sensitive reaction, meaning that catalytic activity (turnover rates) and 

selectivity (coking) strongly depend on metal nanoparticle size.8, 9 This is because 

nanoparticle morphology varies with its size: a fraction of step or edge sites is more 

prevalent with smaller nanoparticles, whereas a fraction of flat or terrace sites is more 

dominant in larger nanoparticles.10 Associated with metal sintering, the size control of 

metal nanoparticles is the key to establish highly active and coke-resistant catalyst, which 

requires detailed fundamental investigation to exclusively address the size effects. 

Here we explore the influence of Rh particle size and support on the reforming of propane 

and methane. Rh is known to be one of the most active and coke-tolerant catalysts for dry 

reforming.11-16 Rh nanoparticles with narrow-size distribution were exclusively 

synthesized to produce in the 1.6-8.0 nm range following a polyol reduction method prior 

to immobilization on the support materials. These size-controlled nanoparticles were 

supported on three different solids: CeZrO2, ZrO2, and CeO2. Supports are well known not 

only to disperse the metal particles and provide stability at high temperatures but also to 

offer oxygen storage capacity and reducibility (CeO2, CeZrOx), which contribute to 

mitigating (or enhancing) coke formation.17-20 It was also proposed that support acts to 

activate CO2 to assist CO2 reforming via so-called bifunctional mechanism. In this study, 

temperature programmed reduction (TPR), CO-diffuse reflectance infrared Fourier 

transformed spectroscopy (DRIFTS), and transmission electron microscope (TEM) were 

used to characterize the reducibility of the supported Rh particles, surface metal/oxide 

interactions, and particle size distribution and dispersion. Raman spectroscopy, as well as 

temperature programmed oxidation (TPO) have been used to identify the structure of 
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deposited coke. Our results demonstrate that nanoparticle size plays a major role in 

defining catalyst productivity, stability, and coke formation rates. 

6.2 Results and Discussion 

6.2.1 Catalyst synthesis and characterization 

Rh nanoparticles were synthesized in ethylene glycol using PVP as an organic stabilizer.21, 

22 The average particle size changed between 1.6 to 8.0 nm upon changing the pH, as shown 

in Figure S1d and in line with the previous reports.21 Along with a change in particle size  
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Figure 0.1 HR-TEM images of reduced catalysts and corresponding histogram frequency, 

a. Rh/CeZrO2 (~ 1.6 nm), and b. Rh/CeZrO2 (~ 4.7 nm). 
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between 1.6 and 8.0 nm, a change in shape/morphology could also be observed (Figure 

S1c), from spherical for the smallest particles to cuboctahedron, octahedron, and finally, 

tetrahedron morphologies as particle size increased. 

In addition to the size, the shape of the nanoparticle is also important. 23 The BET surface 

areas of the calcined supports, CeZrO2, ZrO2, and CeO2, were 31, 10, and 22 m2 g−1, 

respectively, in good agreement with the literature 24, 25. XRF (Figure S1) was measured 

on all supports to confirm the absence of impurities that may affect catalytic performance.  

The Rh nanoparticles were immobilized on the three different supports with loadings 

varying between 0.06 to 0.25 wt. % (Table 1). High-resolution TEM of the reduced 

catalysts reveals a good particle dispersion and the original nanoparticle size was 

preserved, but the unique morphology of pristine nanoparticle (Figure S1) was lost, 

resulting in hemispherical shape on the supports (Figure 1).  

The reducibility of the calcined (CeZrO2, ZrO2, and CeO2) supports is very sensitive to the 

thermal treatment of the catalysts and the reduction procedure 26, 27. The H2-TPR profiles 

for various samples illustrated in Figure 2 reveal variations among the reduction behaviors 

of the three different supported catalysts. The broad reduction peaks in the temperature 

range of 400–650 °C were assigned to the surface/bulk reduction of ceria-zirconia, which 

is a characteristic feature of CeO2 containing samples 28. The peaks appearing after 600 °C 

are attributed to the surface/bulk reduction of ceria, and finally, the bulk of ceria was 

reduced at the temperature range between 650–900 °C 29. Upon the deposition of Rh 

nanoparticles a new reduction peak at around 100 °C is attributed to the reduction of Rh 

oxides, whereas the reduction peaks of the bared supports (CeZrO2 and ZrO2 at the 
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temperature around 400 °C, and CeO2 at the temperature around 800 °C) shift to a lower 

reduction temperatures as result of an improved reducibility 30, 31 derived from the close 

contact between Rh and the support 30.   

 

Figure 0.2 H2-TPR profile of calcined (CeZrO2, ZrO2, and CeO2) support and for the 4.7 

nm Rh supported catalysts. 

DRIFT spectra of CO adsorbed at 250 °C are compared for Rh nanoparticles of 1.78, 2.8, 

and 8 nm over CeZrO2, ZrO2 and CeO2 supports in the region of 1840-2095 cm−1 in Figure 

3a. The bands at 2094 and 2061 and 2015 cm-1 correspond to the end-on adsorption of CO 

on coordinatively unsaturated sites (cus, partially oxidized Rh sites) having different local 
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environments (edges and corners, respectively). As expected, the relative amount of edge 

sites (band at 2094 cm-1) increases upon increasing particle size.32-34  

 

Figure 0.3  DRIFTS spectra of adsorbed CO at 35 °C over Rh/CeZrO2 (top), Rh/ZrO2 

catalysts (middle), and Rh/CeO2 catalysts (bottom). 
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Additional infrared bands were observed over the 2.5 and 8 nm Rh/ZrO2 catalyst at 1840 

and 1927 cm-1, which are associated with bridge-bonded CO [CO(b)] 34. The infrared peaks 

related to bridge-bonded CO start to appear at lower coverages than those at 2027 and 2095 

cm−1 and shift to higher wavenumbers as coverage increases. The fact that bridge CO 

adsorption is only visible for ZrO2 supported samples indicates the presence of much 

stronger metal-support interactions. In the same line, CO DRIFT profiles at varying 

temperatures (Figure 4S) show a different degree of interaction upon changing support, 

indicating a stronger interaction for the ZrO2 based catalysts. 

CeZrO2, ZrO2 and CeO2, are commonly used supports for Rh. Rhodium can interact with 

ceria and zirconia results in the formation of Rh-O-Ce and Rh-O-Zr surface species, 

especially under oxidizing conditions 35, 36. These strong interactions do not only prevent 

sintering of the active metal but also affect its intrinsic catalytic activity 37-39. Therefore, 

turnover frequencies calculated on the basis of available surface Rh atoms should be 

interpreted with care. 

6.2.2 Propane dry reforming 

Figure 4 compares turnover frequency (TOF) of a wide range of Rh nanoparticle sizes on 

different supports. Reactivity as a function of particle size can be classified into three 

different groups: (i) structure insensitive reactions, (ii) π-bond structure sensitivity when 

TOF increases with particle size, and (iii) σ-bond structure sensitivity when smaller 

particles are more active than larger ones 8, 10. 

In general, reforming reactions are structure sensitive.40 This is also the case for Rh:  where 

the TOF increases upon increasing particle size from 1.8 to 8.0 nm. Catalyst TOFs are 

almost linearly related to the Rh nanoparticle size, independently of the support used. 
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However, the surface atom reaction rate decreased with Rh dispersion. Although these 

results are not totally in agreement with some literature data 40, according to Weckhuysen 

et al., an increase in TOFs with increasing particle size is considered to be a reasonable 

observation 10. Reforming reactions involve the cleavage of both σ-bonds and π-bonds. 

These take place on edge and terrace sites; therefore, a combination of both is necesary, 

with CH4 activation taking place at edge and CO2 activation at terrace sites. 8, 10, 41. 

 

Figure 0.4 Propane dry reforming surface-specific activities (TOF) as a function of Rh 

particle sizes, and as a function of Rh dispersion (575 °C, 10 kPa C3H8, 30 kPa CO2, 

balanced with Ar, < 10 % conversions).  

 

The zirconia supported catalysts show relatively lower TOFs. These surface activities 

could be a result of low surface area compared to the other supports, along with a lower 

concentration of oxygen vacancies in bare zirconia 42, 43 and to the stronger metal- support 

interactions discussed above. On the other hand, the ceria-supported catalyst could enhance 

the catalytic performance due to the ability of cerium to alternate between Ce3+ and Ce4+. 

A dual mechanism appears to arise on ceria-containing catalysts through coupling a surface 
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redox process (surface oxygen exchange) and a reverse-spillover of bulk oxygen species 

42. Then, the reducible CeO2 support could be accountable for promoting the O*-assisted 

activation (OA) pathway (CH4* + O* → CH3* + OH*) for alkane activation over the 

Rh/CeO2 
44. 

6.2.3 Methane dry reforming 

In the case of methane dry reforming, the obtained results show a substantial difference in 

activities over different supports and particle sizes. As illustrated in Figure 5, the 

Rh/CeZrO2 and Rh/CeO2 catalysts display a nearly linear correlation between TOF and 

nanoparticle size. In contrast, in the case of Rh/ZrO2, no clear trend can be extracted.  

In case of methane reforming, we found that the support plays a bigger role. ZrO2-

supported catalysts seem to be structure insensitive. CO DRIFTS (vide supra) showed the 

occurrence of CO bridge adsorption on the surface of ZrO2 supported catalysts with Rh 

particle sizes over 2.4 nm. This strong CO affinity may be responsible for the decreased 

surface activity of these catalysts.  In addition, ZrO2 promotes the formation of oxygen 

vacancies on the catalyst surface that lead to the presence of a larger number of 

uncoordinated metal atoms 45, 46. CeO2, on the other hand, is known for its high oxygen 

storage capacity, which may facilitate the gasification/oxidation of coke. The synergy 

between ZrO2- and CeO2 in the mixed oxide results in an enhancement in catalytic activity, 

as shown in Figure 5. We attribute this to a better dispersion of Rh on the binary oxide 

derived from a higher surface area along with the higher oxygen storage capacity of Ce 

containing supports. 47. 
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Figure 0.5 Methane dry reforming surface-specific activities (TOF) as a function of Rh 

particle sizes, and as a function of Rh dispersion (575 °C, 10 kPa CH4, 10 kPa CO2, 

balanced with Ar, < 10 % conversions).  

 

The dry reforming of propane is highly endothermic (∆H°298K = 621.3 kJ/mol) and more 

complex: on one hand, the cleavage of a C-H bond in C3H8 is easier than in CH4. Herein, 

we found that CO2 reforming of propane over Rh catalysts is highly structure sensitive and 

considerably depended on the Rh nanoparticle size, in good agreement with the literature48. 

However, the structure sensitivity in methane dry reforming is less pronounced than for 

propane. This may be the consequence of  C-C bond dissociation being the rate-limiting 

step in the case of propane reforming in contrast to C-H dissociation for methane 49.  

In fact, the activation of CO2 under dry reforming conditions is known to not being the 

rate-limiting step. Indeed, in all cases reported here, CO2 conversion is higher than that of 

CH4. Furthermore, it has been reported that the turnover rate of CH4 is proportional to CH4 

pressure but not to CO2, CO or H2 concentration 40. 
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Last but not least, even though metallic Rh0 has been identified as the most active site in 

reforming reactions, 28 the presence of surface oxygen vacancies in the selected supports 

further enhances catalytic activity by facilitating CO2 dissociation 28, 44.  

6.2.4 On the nature of coke species  

Carbon formation/deposition during reforming reactions constitutes a significant challenge 

50. Side processes such as (i) methane/propane decomposition, and (ii) Boudouard reaction 

mainly contribute to the formation of carbon deposits.  Noble metals, i.e., Rh, are known 

for low carbon deposition rates under reforming reactions, and the carbon formed differs 

in nature from that found with, i.e., Ni based catalysts 49, 51. 

Temperature-programmed oxidation profiles are shown in Figure 6, for the spent catalysts 

after 420 minutes of propane/methane dry reforming at 575 °C (Figure S7). The TPO 

profiles reveal that carbon deposition was strongly dependent on the nature of the supports. 

In general, TPO profiles show three peaks, one at around 100 °C ascribed to reactive 

superficial carbide species 52, 53, a significant peak at  300 °C, and a smaller peak at 500 

°C, which can be attributed to coke precursors or strongly adsorbed hydrocarbons and 

disordered carbon species, i.e.,  amorphous carbon, respectively 53, 54. There is no peak in 

the high-temperature region, i.e., 600 °C, which is attributed to carbon whiskers 54. 

The carbon deposits during dry reforming of propane/methane over ZrO2-supported 

catalysts leading to a low-intensity peak at low temperatures region, i.e., 100 °C, compared 

to the CeO2-supported catalysts, which contain mainly reactive superficial carbide species. 

This behavior could be a result of the enhancement of oxygen vacancy and mobility, 

leading to removal of carbon species on the ZrO2 surface through lattice oxygen 50, 51.  
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Figure 0.6 Temperature programmed oxidation profiles for spent catalysts after dry 

reforming of propane (left) and dry reforming of methane (right). 
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Furthermore, selected spent catalysts (2.8 nm Rh-supported catalysts) after 420 min of 

propane dry reforming at 575 °C were analyzed by Raman spectroscopy. The Raman 

spectra reveal that carbon deposition has characteristic D and/or G bands of carbon (at 

1250−1350 cm-1 and 1500−1700 cm-1, respectively), as shown in Figure S5. In agreement 

with the TPO profiles, D band appears in all the supported catalysts associated with 

disordered carbon species, i.e., amorphous carbon; with only the ZrO2-supported catalyst 

showing the presence of graphitic carbon 55, 56. 

The carbon deposition by Rh surface (μmolC/molRh surface) during propane/methane dry 

reforming displays a clear nanoparticle size-dependency. As illustrated in Figure 7, it 

shows a linear correlation between the carbon deposition by Rh surface and nanoparticle 

size. During propane dry reforming reaction, this particle size dependence is more 

substantial than methane dry reforming, whereas a slight maximum particle size 

dependence was observed over CeZrO2-supported catalysts. This behavior confirms, in 

spite of the very small amounts of coke formed in almost every case, the structure 

sensitivity of carbon deposition with Rh nanoparticles size 10, 57. 

Figure S6 shows the carbon deposition by Rh loading (μmolC/molRh total) during 

propane/methane dry reforming as a function of Rh particle sizes. The normalized carbon 

deposition displays a flat linear correlation with the Rh nanoparticle size, but during 

propane dry reforming  ZrO2-supported catalysts, carbon depositions slightly decrease as 

the particles increases. In the case of methane dry reforming, CeZrO2-supported catalysts 

carbon depositions slightly increase as the particles increases.  
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Figure 0.7 Carbon formation under propane (left) and methane (right) dry reforming 

normalized by surface Rh. 

6.3 Conclusion 

The present study demonstrates the structure sensitivity of reforming reactions carried out 

over Rh nanoparticles and the non-negligible influence of support redox properties on 

catalytic performance. A clear linear correlation between surface activity and nanoparticle 

size could be observed for both propane and methane dry reforming over Rh supported 

catalysts (except for those supported on ZrO2 during dry reforming). Reforming reactions 

involve cleavage of σ-bonds (from the paraffin and CO2) and π-bonds (from CO2). Even 

though σ-bond activation takes place on edge sites and this would suggest a higher activity 

for smaller nanoparticles, the activation of CO2 requires the presence of step edges and 

terraces, only present in bigger nanoparticles. In the same line, supports with a high density 

of mobile lattice oxygen species such as CeO2 further promote CO2 activation, contributing 

to a higher overall activity. Last but not least, the nature of the support (specially its redox 

properties) further contributes to defining the nature of coke species and may affect the 

activity of the metal active phase. 
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6.4 Experimental Section 

6.4.1 Materials 

All chemicals were purchased from Sigma-Aldrich and used as received unless otherwise 

stated. 

6.4.2 Synthesis of Rhodium Nanoparticles 

Rh nanoparticles (NPs) were synthesized by the polyol reduction method and prepared by 

refluxing an ethylene glycol (EG) solution of Na3RhCl6 and Polyvinylpyrrolidone polymer 

(PVP) under a nitrogen atmosphere 21. To achieve different particle size distributions, the 

pH of the synthesis mixture was adjusted in the range of 0.5 to 12.5. The pH of the solution 

with Rh precursor mixed with a PVP-EG solution was 1.5. NaOH was added to achieve 

higher pH. For more details, 0.33 g of Na3RhCl6 (0.85 mmol) was added to a 250 mL three-

necked flask containing a PVP solution dissolved in EG (2.5 g in 150 mL). A required 

amount (1 M) of sodium hydroxide (NaOH) aq. was added into the flask to increase the 

pH of the solution when desired to control the Rh particle size. After stirring for several 

minutes, the solution was refluxed at 160 °C for three hours under an N2 atmosphere. The 

change of the solution color from dark red into black indicates the completion of the 

reduction. The solution was washed in acetone, then redispersed in ethanol (250 mL). The 

ethanol solution of the Rh NPs was used for the deposition process (vide infra). 

 

6.4.3 Deposition of Rh NPs on supports 

Supports are well known not only to disperse the metal particles and provide stability at 

high temperatures but also to offer oxygen storage capacity (CeO2, CeZrO2)  and 

reducibility (CeO2 and ZrO2), which contribute to mitigating (or enhancing) coke 
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formation 17-20. Prior to immobilization of metal particles, three different supports, CeZrO2, 

ZrO2, and CeO2, were calcined at 850 °C for 20 h (temperature ramp 5 °C min-1). A (0.2 

wt. %) ethanol solution containing the desired amount of Rh NPs was impregnated in 2.00 

g of the calcined support suspended in 100 mL of H2O. The solution was stirred overnight 

for 16 h, then centrifuged and washed with excess water. The obtained samples (see Table. 

1) were calcined in a muffle furnace under static air at 600 °C for 5 h using a ramp rate of 

10 °C min-1. 

Table0.1. Composition of the synthesized Rh-based catalysts over CeZrO2, ZrO2, and 

CeO2 supports. 

Rh/CeZrO2 Rh/ZrO2 Rh/CeO2 

Size (nm) Rh wt.% Size (nm) Rh wt.% Size (nm) Rh wt.% 

1.6 0.23 1.6 0.12 1.6 0.06 

1.8 0.25 1.8 0.22 1.8 0.25 

2.8 0.24 2.8 0.22 2.8 0.25 

4.7 0.14 4.7 0.15 4.7 0.22 

8.0 0.12 8.0 0.11 8.0 0.18 

 

6.4.4 Characterization methods 

Powder X-ray diffraction (PXRD) patterns were acquired on a Bruker D8 Advance 

operated at 40 kV and 40 mA using Cu Kα (λ = 1.5418 Å) radiation typically applying a 

scan speed of 0.5 s per step, and a step size of 0.1° acquisition from 5 to 90° 2θ range. 

Nitrogen (N2) adsorption experiments were carried out at 77 K using Micromeritics ASAP 

2420 instruments. Before the measurement, the composite sample was degassed at 350 °C 

for 8 h under reduced pressure. From the obtained isotherms, the specific surface area was 

calculated using the BET equation (SBET), and the external surface (Sext) and micropore 

volume (Vmicro) were calculated by the t-plot method. 
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Inductively Coupled Plasma-Optical Emission Spectrometry (ICP-OES) was performed to 

measure the exact metal content using a 5100 ICP-OES instruments (Agilent) under Argon 

(Ar) atmosphere and an SPS 4 Autosampler (Agilent). Digestion was done at 240 °C and 

35 bar on an UltraWAVE apparatus (Milestone) using a mixture of acids prepared in the 

following volume ratio 6:2:1 of hydrochloric (HCl), nitric (HNO3), and hydrofluoric acid 

(HF) for all samples. A new calibration curve (four plots) was built for each set, and all 

samples were duplicated except the buffer sample. Moreover, Laboratory Reagent Blank 

(LRB), Laboratory Fortified Blank (LFB), Quality Control Sample (QCS), and Continuing 

Calibration Verification (CCV) samples were recorded to validate the results as 

recommended in several standards methods 58, 59.  

Transmission electron microscopy (TEM) and scanning transmission electron microscopy 

(STEM) was performed on A TITAN ST (for STEM) and a TITAN CT (FEI Company), 

operated at 300 kV and 120 kV, respectively, were used for imaging. The specimens were 

prepared by dispersing them on the copper grid. TEM and STEM were used to study the 

structure and morphology of the nanoparticles and obtain the Rh particle size distribution. 

X-ray fluorescence (XRF) measurements were obtained in a HORIBA XGT-700. For every 

measurement, different spots were analyzed for each support calcined used in the synthesis 

of the catalysts. 

CO / CO2 DRIFTS measurements were acquired using a Thermo Scientific Nicolet 6700 

FT-IR spectrometer with a mercury cadmium telluride (MCT) detector and a Harrick 

Praying Mantis diffuse reflectance accessory. The optical velocity was set to 0.63, and the 

aperture was set to 64. The samples were placed in a Harrick High-Temperature Reaction 

Chamber with ZnSe windows. The cell was first flushed with argon and then heated at 
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250 °C for one hour to remove moisture, followed by 5% H2 treatment at a flow rate of 

5 mL min−1 before introducing 10% CO or CO2 gas at a flow rate of 5 mL min−1. 

Temperature programmed reduction (TPR) was performed on a modified GC (Shimadzu 

GC-8A). 20 mg of sample was placed in the U-shaped quartz reactor between two layers 

of quartz wool. Following, 50 mL min-1 of He flow was introduced for 15 min. Then, the 

flow was changed to 50 mL min-1 of 10% H2 in Ar. The sample was afterward heated with 

5 °C per minute temperature rate until 800 °C. An analysis of exhaust gases was performed 

on a TCD. 

Temperature programmed oxidation (TPO) was performed using a modified GC 

(Shimadzu GC-8A).  For the coke combustion step, the temperature was increased up to 

800 °C using a heating ramp of  5 °C min-1 under 1% O2/He flow of 50 mL min-1 and kept 

at 800 °C  for 30 minutes so ensure the total coke combustion. TPO analyses were carried 

out by circulating the gases from the reactor outlet to a methanation reactor, where CO and 

CO2 were converted into CH4. Then, CH4 was continuously measured by an FID detector. 

Typically, 10 mg of coked catalysts were loaded into the analysis cell. The equipment was 

calibrated by pulsing CO diluted in Ar.  

Raman spectroscopy was recorded using a LabRAM Aramis microscope (HORIBA). 

Three lasers (473 nm (Cobolt), 633 nm (Melles-Griot), and 785 nm (Sacher Lasertechnik)) 

at an incident power of 2 mW (as measured by a Coherent Lasercheck power meter) were 

used. The spot size of the system was 1 μm2. 

6.4.5 Catalyst tests 

Methane dry reforming (MDR) was carried out using a Microactivity Reference unit (PID 

Eng&Tech) at 575 °C and atmospheric pressure. The catalyst was placed in a tubular quartz 
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reactor with an inner diameter of 6 mm, using 20 mg of catalysts between two layers of 

quartz wool in fixed-bed mode at atmospheric pressure. Gas detection for H2, CO, CO2, 

Ar, and light hydrocarbons was conducted using an Agilent technologies 3000A Micro GC. 

The catalysts were pretreated by flowing 10 % H2 in Ar with 100 mL min-1 flow at 625 °C 

for 90 min with a ramping rate of 10 °C min-1. The catalyst was then treated in 10 % CH4, 

10 % CO2, 80 % Ar with a 100 mL min-1 flow. This flow was maintained for 7 hours to 

evaluate the catalytic performance and stability. 

Propane dry reforming (PDR) was carried out over different catalyst samples using a 

Microactivity Reference unit (PID Eng&Tech) at 575 °C and ambient pressure. The 

catalyst was placed in a tubular quartz reactor with an inner diameter of 6 mm, using 30 

mg of catalysts between two layers of quartz wool in fixed-bed mode at atmospheric 

pressure. Gas detection for H2, CO, CO2, Ar, and light hydrocarbons was conducted using 

an Agilent technologies 3000A Micro GC. The catalysts were pretreated by flowing 10 % 

H2 in Ar with 100 mL min-1 flow at 625 °C for 90 min with a ramping rate of 10 °C min-1. 

The catalyst was then treated in 10 % C3H8, 30 % CO2, 60 % Ar with a 100 mL min-1 flow. 

This flow was maintained for 7 h to evaluate the catalytic performance and stability. 

The turnover frequency (TOF) is defined as the methane/propane consumption rate per the 

number of exposed surface Rh atoms on each catalyst per unit time. In this study, the active 

site is based on each Rh atom on the outer surface of the Rh particles. TOF was calculated 

by normalizing conversion with the loading amount of active metals for each catalyst. The 

TOF calculation of Rh-supported catalysts are summarized as follow:  

• The Rh metal particles diameter (d) were determined using ImageJ 60 software 

using TEM images. 
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• The Rh particles are assumed to be hemispherical 48.  

• Rh TEM-Dispersions 61 (DRh) = moleRh/moleRhsurface  (7) 

• TOF (s-1) = Xmethane/propane · Fmethane/propane / DRh            (8) 
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Chapter 7 Conclusions and Recommendations 

 7.1 Conclusions  

The key goal of this work was to convert crude oil to chemicals in a single step using an 

innovative reactor and functional catalysts. Our results show that this single-step process 

is possible when the suitable catalyst and reactor configuration are carefully chosen. The 

use of a multi-zone fluidized bed reactor alongside in-situ catalyst stripping and 

regeneration allows the conversion of Arabian Light crude to valuable olefins in yields 

much higher than what most state-of-the-art refining processes can deliver. Furthermore, 

our results reveal that catalyst development is necessarily combined with a new reactor 

concept to offer great opportunities for process strengthening in the future oil industry. 

Catalyst shaping is a crucial factor for refining units; therefore, careful formulation of the 

shaped bodies is necessary. Each shaped body component has to be optimized to maximize 

productivity, selectivity, and catalytic stability. The structure of the clay matrix plays an 

essential role in catalytic activity; in the case of the clays studied in this work, kaolin 

showed hardly any influence over zeolite acidity, while the other clays may poison acid 

sites and therefore reduce catalytic activity. When it comes to the zeolite component(s), 

total acidity plays a much more significant role in ZSM-5 than in the case of FAU, while 

an excellent ratio between the two zeolite components is crucial to maximizing catalytic 

performance. 

Catalyst formulation will be key to the industrial deployment of OTC technologies, 

therefore a lot of attention has been paid to this issue. Catalyst formulation using Al reach 

matrixes such as kaolin prevents, to a large extent, zeolite dealumination. Interestingly, 

changes in zeolite acidity during hydrothermal treatment result in enhanced overall 
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selectivity to the main olefins of interest (ethylene and propylene), while the formation of 

dry gas and saturated gaseous products is decreased.  Metal deposition during oil cracking 

has a similar effect in terms of selectivity and, in the range studied, does not seem to have 

a dramatic effect on catalyst activity while slightly improving selectivity thanks to the 

addition of a dehydrogenation function. Overall, our results further confirm the promise of 

OTC processes for the efficient production of olefins and aromatics and may bring the 

industrialization of such processes one-step forward. 

Last but not least, if the process of choice involves fluidized bed technologies instead of 

transport reactors, catalyst attrition should be far less of an issue. Overall, our results further 

confirm the promise of OTC processes for the efficient production of olefins and aromatics 

and may bring the industrialization of such processes one step forward. 

Furthermore, our results in dry reforming of methane and propane demonstrate the 

structure sensitivity of reforming reactions carried out over Rh nanoparticles and the non-

negligible influence of support redox properties on catalytic performance. A clear linear 

correlation between surface activity and nanoparticle size could be observed for both 

propane and methane dry reforming over Rh supported catalysts (except for those 

supported on ZrO2 during dry reforming). Reforming reactions involve the cleavage of σ-

bonds (from the paraffin and CO2) and π-bonds (from CO2). Even though σ-bond activation 

takes place on edge sites, and this would suggest a higher activity for smaller nanoparticles, 

the activation of CO2 requires the presence of step edges and terraces, only present in bigger 

nanoparticles. Similarly, supports with a high density of mobile lattice oxygen species such 

as CeO2 further promote CO2 activation, contributing to a higher overall activity. Last but 
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not least, the nature of the support (especially its redox properties) further contributes to 

defining the nature of coke species and may affect the activity of the active metal phase. 

7.2 Recommendation  

The development of on purpose and more traditional OTC technologies is expected to 

reshape the oil industry, with new technological solutions like the one discussed in this 

thesis showing great promise.  

By converting crude oil directly to chemicals, several energy intensive refinery processes 

can be optimized or even eliminated while generating fewer emissions.  This direct crude 

to chemicals process could result in very important cost savings and increase operational 

efficiencies for the production of highly valued chemicals. 

Further optimization in the multi-zone fludized bed reactor (MZFBR) design for 

performance improvements are still possible. The addition of a regenerative stream rich in 

oxygen improved the stability of the reaction in the long term by preventing the 

accumulation of hard coke over the catalyst while providing extra heat to the highly 

endothermic cracking process. Still, further opportunities to use different regenerative such 

as steam, air, and CO2 are a point of interest.  

Coke formation could explain the loss in the activity/stability, as clearly observed in the 

previous chapters. Along with the stripping effect of nitrogen, the addition of a regenerative 

mixture of N2 and O2 or steam to the regeneration/stripping zone of the reactor will 

facilitate the in situ coke removal. Moving towards steam as a regenerative stream is a 

point of interest to be investigated, the mode of feeding an oxidative feed will be studied, 

i.e., pulses, continuous, high to low concentration, or vise versa.  
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At this point, the obtained results are very promising, however, work at larger scales is 

necessary to better understand potential bottlenecks intrinsically associated with operation 

of fluidized beds and with such endothermic processes. It is indeed of the utmost 

importance to understand potential selectivity patterns changes with scale and, even more, 

the energy balance of the whole process.   

Although our catalyst formulations show the ability to maximize the yield to light olefins 

and middle distillate and naphtha products, further optimization in catalyst formulation 

demonstrates that a large room for performance improvement is still possible. The addition 

of silicon carbide during spray drying is shown to improve heat transport and decrease the 

potential for catalyst fragmentation, further improving stability. Other additives should be 

explored in order to stabilize further the zeolite component i.e. rare earth metals and 

phosphorus.  

 

Also, our findings confirm that the shape and mechanical properties of the catalyst 

formulation are quite dependent on the total zeolite content. For instance, the required 

textural and mechanical properties of the catalyst in an FCC or analogous process (as shape 

or attrition resistance) are not adequate above a 40 wt.% of total zeolite loading.  Therefore, 

a point of interest is to study the mechanical properties and shift the limit up to include 

more zeolites in the formulation. 

Furthermore, our results demonstrate that maintaining a good balance between FAU and 

ZSM-5 is very important. Considering conversion, olefins yields, and coke formation, 1:1 

wt.% of FAU: ZSM-5 ratios seem to be the most suitable combination. However, this 

would suggest studying different zeolites other than FAU and ZSM-5. 
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Hydrothermal degradation, coke deposition and the presence of impurities in the feedstock 

such as metals, sulfur and nitrogen containing species affect catalyst lifetime, activity and 

selectivity. Our results demonstrate that hydrothermal treatment and metal deposition 

result in enhanced overall selectivity to the main olefins of interest (ethylene and 

propylene), in the range studied, does not seem to have a dramatic effect on catalyst activity 

while slightly improving selectivity thanks to the addition of a dehydrogenation function. 

However, our study was limited to relatively low metal concentrations and should be 

continued to confirm that a similar trend is followed.  
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APPENDICES 

Appendix A. Supporting Information: A Viewpoint on the Refinery of the 

Future: Catalyst and Process Challenges 

A.1 Cracking processes summary 

Table A.S.1 Fluidized Catalytic Cracking processes for propylene production (modified 

from 1, 2) 

Process name  

 Developer 

C3= 

Yield 

%wt 

Process description Status 

Single riser Technology 

Indmax 

Indian Oil Co. 3, 4 
17 - 25 

- Upgrades heavy cuts 

- Riser reactor temperature from 560° to 

600°C 

- Catalyst-to-oil ratio from 12 to 20 

- Lower hydrocarbon partial pressure 

compared to conventional FCC operations 

Commercial 

Selective Component 

Cracking Lummus 5, 6 
24 

- High Severity operation (T°C & Cat/Oil 

ratio) 

- Lower hydrocarbon partial pressure 

compared to conventional FCC operations 

- Recycling light fraction to same riser at 

high severity is condition 

- MicroJet Feed Injectors, Short Contact 

Time Riser, Reaction Termination 

Device/Direct Coupled Cyclones 

Technologies 

- Option dual rise when large amount of 

light fraction needs to be re-cracked 

Commercial 
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Petro FCC / RxCat / 

RxPro 

UOP 7-11 

25 

- Single riser with 2 reaction zones 

operating at high severity mode 

- Rxcat technology: mixing spent and 

fresh/regenerated catalyst. The spent 

catalyst returns to the bottom of heavy oil 

riser 

- RxPro technology: C4 - C7 alkenes 

recycling in a second riser 

Commercial 

Deep Catalytic 

Cracking Sinopec 12, 13 
14 – 23 

- DCC I & II operating at high severity 

operation (T°C & Cat/Oil ratio)  

- DCC I: combination of riser & fluidized 

dense bed (top section) 

Commercial 

Catalytic Pyrolysis 

Process 

Sinopec 12, 14  

16 - 25 

- Extension of DCC given higher ethylene 

(Specific zeolite catalyst) 

- Higher severity conditions than Resid 

FCC  

Commercial 

Dual riser Technology 

Moxofin  

ExxonMobil 15-18 
20 

- Recycling light naphtha, C4 LPG, coker 

naphtha in second riser 
Commercial 

Milos  

Shell 19-21 
10 – 17 

- Recycling gasoline in second internal 

riser technology 

- Close coupled reactor cyclones with 

coke catcher, High-efficiency stripper and 

Catalyst circulation enhancement 

Technologies  

- Low dry gas production 

Commercial 

Petroriser/R2R  

Axens 22-24 
12 

- Recycling light cut naphtha in second 

riser at high severity mode 

- R2R technology: two stage regenerator 

to deal with heavy feedstock (metals, 

Sulfur) 

Commercial 

Dual riser 
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Two Stage Residue 

FCC TMP Petrochina 
25-28 

20 

- TSR: Recycling naphtha in second riser, 

reducing also olefins of FCC gasoline  

- TMP: Additional two reaction zones for 

C4 and light naphtha recycling at the 

bottom of both risers  

Commercial 

Subsidiary Riser FCC 

China University of 

Petroleum 27, 29  

- 

- Recycling naphtha in 2nd riser – 

injection at the base 

- Subsidiary reactor uses a lower reaction 

temperature and cat/oil ratio 

Commercial 

NEXCC  

Neste Oy 30, 31 
16 

- Reactor (multi-ports) and regenerator 

operating at fast fluidized flow regime 

and having direct coupled cyclones 

- High T°C & cat/oil ratio, short residence 

time 

Pilot plant 

Flexible dual-riser 

fluid catalytic 

cracking  

SINOPEC 32 

- 

- Second riser use for gasoline cracking 

- Involve external catalyst cooler in 

regenerator unit 

Commercial 

Downer Technology 

Milli-Second Catalytic 

Cracker UOP 33, 34 
- 

- Feed is sprayed into a downwards flow 

of catalyst 

- High T°C & cat/oil ratio, short residence 

time 

- It advantages grow when resid feeds are 

being processed 

Commercial 

Petrobras 35, 36 9 
- High T°C & cat/oil ratio, short residence 

time 
Pilot plant 

High Severity FCC  

Aramco 37, 38 
18 -25 

- Recycling in second down reactor 

- High T°C & cat/oil ratio, short residence 

time 

Commercial 

evaluation 

FCC technology using naphtha feedstock 
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Superflex 

Arco 12, 39 
48 

- Modified FCC riser for production of 

propylene from C4 to C8 streams 

- Low hydrocarbon partial pressure and 

residence time, High temperature 

- Catalyst very robust 

Commercial 

Advanced Catalytic 

Olefins 

SK Energy 40 

27 

- Dual riser: one for naphtha feed and 

another for recycled feed, C3/C2 around 

0.8 – 1.2 

- KBR Technology: Orthoflow converter, 

closed cyclones, third stage separator 

- Robust catalyst based on ZSM-5 

modified with P-La due to high T°C 

(700°C) 

Commercial 

Propylene Catalytic 

Cracking ExxonMobil 
12, 41-43 

30 - 40 

- Naphtha FCC riser 

- Butylenes and unconverted C5+ can be 

recycled 

Commercial 
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Table A.S.2 Direct Crude Oil Cracking Processes for light olefins production (modified 

from 1, 44) 

Process name  

 Developer 

C2= & 

C3= 

Yields 

%wt 

Process description 
Status (crude 

oil) 

Fluidized bed technology  

Sand Cracker 

Lurgi Co. 
23 & 13 

Iraq crude oil 

Vaporization crude at 350-400°C injected 

into fluidized hot sand (with regenerator 

loop) 

T°C reactor 700 – 840°C ; reaction time 0.3 

– 0.5s 

Mechanical issue with circulating sand 

Pilot plant  

Fluidized Bed 

Process 

BASF 45, 46  

23 & 13 

Kuwait, Aramco, Minas, Bahia, Hassi 

Messaoud, San Joaquin and Libyan crude oil 

T°C reactor 700 – 840°C ; Short residence 

time < 1s ; Crude to steam ratio is 1: 1 

Fluidization by upward current of steam and 

oxygen of fine grains of petroleum 

continuously formed during cracking 

reaction  

Several issues were recorded: autothermic 

procedure, grain size distribution, and 

undesired oxidation products (SO2, NOx, 

acids, O2) but solved thanks to 

design/operating conditions optimization 

and addition of catalytic reagents 

5 years of 

industrial plant 

without 

shutdowns  

Fluidized Flow 

Process 

BASF 45, 47 

25 & 11 

Minas and Libyan crude oil 

Extension of fluidized bed process with 

additional regenerator to burn excess coke 

Pilot plant  
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Examples using sillimanite for fluidizing bed 

UBE Process 

UBE 48, 49 
28 & 11 

Minas crude oil 

Fluidization by upward current of steam and 

oxygen of inorganic oxides (mullite, silica, 

alumina, etc.) for continuous removal of 

coke from the particles 

Residence time 0.2 - 0.3s ; Crude to steam 

ratio is 1: 0.1-0.5  

3 zones reactor: upper quenching chamber 

for cracked gases, central cracking chamber 

(700-900°C) & lower recovered liquid 

cracking chamber (1050-1400°C) 

Cyclone and distillation column for 

separation  

5 years of pilot 

plant  

Demonstration 

plant  

KK Process 

Kunugi & Kunii 

- JAIST 50  

32 & 13 

Duri, Seria, Minas, Kuwait and Khafji crude 

oil 

Vaporization of crude at 400°C using 

designed special nozzle  

Fluid bed of particles (sand, coke, refractory 

material) circulating between reactor (500-

700°C) and regenerator vessel (900-1050°C) 

Crude to steam ratio is 1: 1, Residence time 

0.2 - 0.3s   

Residue oil is used to generate low calorie 

gas 

Same process using K, Ni, Co, Mo on silica-

alumina for production of methane 51 

Pilot plant  

Fluidized bed technology  

Thermal 

Regenerative 

Cracking 

Process 

- 

Developed for vacuum tar cracking but crude 

oil can be handled 

Hydrodesulphurization step is claimed 

before processing feedstock in a dense  phase 

fluidized bed reactor   

Bench-scale  
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Gulf & Stone 

Webster 52-55 

 

Inert material (micron size) or mixture acting 

as the solid heat carrier, heated at 870-980°C 

and can be non-catalytic alumina, coke and 

deactivated catalyst 

Solid loop similar to FCC riser with 

regenerator, transfer lines but designed 

downer type to reach lower residence time 

Steam to crude ratio is 0.2-0.4, residence 

time 0.05 – 2s 

Additional technologies 

Advanced 

Cracking 

Reactor 

Kuresha 

Chemical - UOP 
56-59 

25 & 14   

Seria, Arabian Light, Khafji crude oil 

Preheating of crude oil injected (fine 

droplets) into a high velocity stream of 

superheated steam (1500-2000°C) produced 

by combustion of H2 – CH4 mixtures with 

oxygen 

High T°C reaction (900-1500°C), short 

residence time (0.001 – 0.1s), low partial 

pressure 

Small 

commercial plant  

Partial 

Combustion 

cracking  

Dow Company 
60 

27 & 8 

Domestic crude oil (API 30°) 

Special adiabatic reactor which follows a 

partial combustion zone with the injection of 

superheated steam (heat carrier) into the 

combustion gases 

Steam is heated by partial combustion of 

recycling quenching oil 

Pilot plant  

Cracking Oil by 

Steam and 

Molten Salts – 

COSMOS  

Mitsui 61 

26 & 12 

Arabian Light, Minas and Taching crude oil 

Uses molten salts (Li2C03, Na2C03, and 

K2C03 mixture system) as heat carrier and 

catalyst to prevent coke formation injected in 

steam heated at 750°C 

Conventional tubular reactor 

Steam to crude ratio is 0.5-2 

Bench-scale  
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Appendix B. Supporting Information: One-Step Conversion of Crude 

Oil to Light Olefins using a Multi-Zone Reactor 

B.1 Supplementary Methods 

B.1.1 Spent samples characterization 
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Supplementary Figure B.1: Analysis of liquid feedstock. Simulated distillation curve 

(SIMDIS) of the Arabian Light crude oil feedstock. 
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Supplementary Figure B.2: Coke evolution on the spent catalyst. DTG-TPO profiles 

and total coke contents of deactivated catalysts used in the catalytic cracking of Arabian 

Light (AL) in a micro-fixed bed reactor at different reaction times in the 15-60 minutes 

range at 570 °C (a) and at different temperatures in 30 minutes of reaction, feeding a 50/50 

vol.% mixture of AL/water (b). 
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Supplementary Figure 0.3: Coke quantification method by thermo-gravimetric 

analysis. TGA of spent E-Cat in MZFB mode after catalytic cracking. 
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B.1.2 ACM-101 Characterization 

- Bulk density determination 

The bulk density of ACM-101 catalyst was determined to be 0.71 g/cm3 volumetric  

measurement protocol and calculated according to Supplementary Equation 1: 

𝜌 = 𝑚/𝑉                                                                   (1) 

where 𝜌 = density (g/cm3), 𝑚 = mass (g), 𝑉= volume (cm3)  

- Attrition index 

 Supplementary Figure B.4: Identification of the post-reacted zeolite trapped species. 

2D MAS 1H-13C cross-polarization HETCOR solid-state NMR correlations identified post-

reacted hybrid-zeolite trapped molecular scaffolds materials. 



230 
 

An attrition resistance test commonly applies to evaluate the strength of fluidizable catalyst 

bodies and the standardized protocol for an attrition index (AI) determination has 

established by ASTM International (American Society for Testing and Materials) 1. 

Hence, the evaluation of the attrition index (AI) for out homemade catalyst ACM-101, 

which comprises particles with size ranging from 38 to 150 µm, was carried out in a 

fluidized bed reactor filled with the catalyst at room temperature for 8 hours applying a gas 

flow (N2 + Air) of 1400 mL/min to simulate industrial conditions in terms of mechanical 

abrasion 2. Attrition loss was measured in terms of AI, which is a unitless value numerically 

equal to the percent attrition loss and can be determined applying the following 

Supplementary Equation 2: 

𝐴𝐼 (%) =
𝑚𝑓−𝑚𝑜

𝑚𝑠
× 100                                                   (2) 

where 𝑚𝑜 = mass of the empty fines collection assembly at the start of the test (g), 𝑚𝑠 = 

mass of the sample charged to apparatus (g), 𝑚𝑓= mass of the fines collection assembly at 

8 h (g). For ACM-101 calcined at 700 °C material, we obtained the AI value of 1.8 wt.% 

that falls into the industrially required range. 
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Supplementary Figure 0.5: Scanning electron micrographs of ACM-101 catalyst. 

Scanning electron micrographs of ACM-101 catalyst: (a) fresh and calcined at 700 °C and 

after (b) first, (c) second and (d) third reaction-regeneration cycle (Reaction conditions: 

570 °C, 0.25:0.25 [AL:water] mL·min-1, 100 mL·min-1 of N2 (SATP). Regeneration 

conditions: 700 °C, 400 mL·min-1 of air (SATP)). 

Additionally, SEM evaluation (Supplementary Fig. 5) of ACM-101 were performed before 

and after several reaction and regeneration (700 °C, 400 mL·min of air flow) runs. As can 

be observed, fresh catalyst features dense sphere morphology with a smooth surface that 

endows to diminish the abrasion contribution to catalyst loss. However, after several cycles 

in the catalytic cracking of Arabian crude oil, it can be observed that some of the particles 

are slightly deteriorating yet overall the catalyst remains firm after three catalytic cycles. 
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Supplementary Figure 0.6 : Powder X-ray diffraction patterns. Comparison of Powder 

X-ray diffraction patterns of catalyst fresh ACM-101, after different MZFB reaction and 

regenerations cycles. 

PXRD data of ACM-101 material at different stages shown in Supplementary Fig. 6 and 

reveal diffraction lines typically attributed to ZSM-5, FAU zeolites and SiC structures. As 

can be observed, the structure of the catalyst remains intact regardless of being submitted 

to several reaction-regeneration cycles. 
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Supplementary Table B.1 Textural properties obtained from N2 uptake measurements 

carried out at 77 K of ACM-101 catalyst calcined at 700 °C and submitted to the catalytic 

cracking of Arabian Light at 570 °C.  

Catalyst SBET /m2·g-1 Sext /m2·g-1  Vtotal /cm3·g-1 Vmicro /cm3 ·g-1 Vmeso /cm3·g-1 

ACM-101 286 147 0.22 0.06 0.16 

Spent [N2] ACM-101 205 93 0.16 0.05 0.11 

Spent [N2+O2] ACM-101 247 90 0.18 0.06 0.12 

 

B.1.3 Calculations for catalytic performance and coke analysis 

- Catalytic cracking of AL performance: 

Total flow rate: =  
𝐹𝐻𝑒

%𝑉𝐻𝑒
 × 100 𝑚𝑙 ∙ 𝑚𝑖𝑛−1                                             (3) 

Flow rate of internal standard He: 𝐹𝐻𝑒 𝑚𝑙 ∙ 𝑚𝑖𝑛−1 

Percentage of gas volume: %𝑉𝑥 

Flow of each component 𝐹𝑥  =  
𝑇𝑜𝑡𝑎𝑙 𝑓𝑙𝑜𝑤 × %𝑉𝑥

100
 × 100 𝑚𝑙 ∙ 𝑚𝑖𝑛−1          (4) 

Mass flow of each component 𝑀𝑥  =  
𝐹𝑥 × 𝑀𝑊𝑥

𝑅 ×𝑇
 𝑔 ∙ 𝑚𝑖𝑛−1                         (5) 

                                                              molecular weight of each component = 𝑀𝑊x 𝑔 ∙

𝑚𝑜𝑙−1 

              R is the gas constant and T is temperature in Kelvin 

 𝑦𝑖𝑒𝑙𝑑 𝑤𝑡. % =  
𝑀𝑥

𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤 𝑜𝑓 𝐴𝐿 (𝑔.𝑚𝑖𝑛−1) 
 × 100 
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- Thermo-gravimetric analysis (TGA): 

Hard coke and coke precursors are defined as following equation related to Supplementary 

Fig. 3   

coke precursors (wt.%)   =  
𝑚0− 𝑚𝑒

𝑚𝑧
× 100              (6) 

hard coke (wt.%)  =  
𝑚𝑒− 𝑚𝑧

𝑚𝑧
× 100              (7) 

 Supplementary Table B.2 Sulfur balances for some catalytic cracking experiments in a 

MZFB reactor. 

Catalyst Conditions 

Percentage of Sulfur in products + spent catalyst 

referred to the feed 

Gas / %  Liquid (ICP) / % 
Catalyst 

(ICP) / % 

E-cat T=510 °C, RT=130 ms n.d. 86 4 

E-cat T=510 °C, RT=180 ms n.d. 86 6 

E-cat T=570 °C, RT=153 ms n.d. 92 1.5 

E-cat T=700 °C, RT=130 ms n.d. 88 1.6 

ACM-101 T=570 °C, RT=153 ms [N2:O2] n.d. 77 2 

         

B.1.4 Residence Time Distribution in a Multi-zone Fluidized Bed reactor via CFD 

Simulations 

All the residence time distributions are obtained by injecting the tracer through a virtual 

inlet (y=0.2 m) of the MZFB reactor; solving the passive scalar transport equation on a 

frozen gas velocity field and monitoring the average tracer concentration on the desired 

iso-surfaces. These three surfaces: y=0.2125 m, y=0.225 m and y=0.2375 m correspond to 
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three experimental catalyst bed heights of 0.0125 m, 0.025 m and 0.0375 m respectively. 

Since the gas phase residence time is to be obtained, oxygen is used as the inert tracer 

during the simulations. The stream inlet is used for both the single and multiphase studies, 

while the liquid (vapour) inlet is active only for the multiphase simulations. The key 

simulation settings are listed in Supplementary Table 3. 

Summary of the gas phase residence time for various wall temperatures during single and 

multiphase flows is presented further in Supplementary Table 4.  

Supplementary Fig. 7 further presents the CFD simulated RTD curves for the three wall 

temperatures tested for the new MZFB reactor geometry.  

Notable observation from the CFD-based RTD calculations is that the average residence 

time does not get affected upon switching the flow from single to multiphase operation, for 

any of the conditions tested. Since the liquid phase contribution to the overall flow within 

the reactor is minimal, there is no effect of liquid phase presence on the residence time of 

the gas in the reactor. 

While considering the RTD curves for both the single or multiphase flows in a MZFB 

reactor under all the operating conditions, a performance similar to that of a plug flow 

reactor could be observed. By definition, an ideal plug flow reactor displays zero species 

back-mixing in the axial direction meaning there is no transfer between immediate packets 

of fluid. The narrowness of the RTD for all of the curves for under various wall (or furnace) 

temperatures and bed heights (or catalyst loadings) is testimonial to the fact that there is 

very little or no species back-mixing for this reactor. While comparing with the RTD of a 

typical industrial fluidized bed reactor, a distinct lack of tailing is also observed. 
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Supplementary Table B.3 Summary of numerical settings implemented during the 

MZFB simulations (single and multiphase). 

Parameter Value 

Stream Inlet  

Velocity 0.5 m s-1 

Pressure 150 kPa (g) 

Temperature 200 °C 

Outlet  

Pressure 120 kPa (g) 

Temperature 123 °C 

Turbulence model Shear Stress Transport (SST) 𝑘𝜔 

Wall temperatures 510 °C, 570 °C, 700 °C 

Discretization methods  

PV Scheme Coupled 

Gradient Least-Square based 

Pressure Second-order upwind 

Momentum Second-order upwind 

Turbulent Kinetic Energy Second-order upwind 

Specific Dissipation Rate Second-order upwind 

Energy Second-order upwind 

Time-step 0.01 s 

 

Supplementary Table B.4 Average gas-phase residence time (in seconds) for various 

bed heights and furnace temperatures during single and multiphase flows. 

Furnace temp. Bed height-12.5 mm Bed height-25 mm Bed height-37.5 mm 

510 °C 0.13 0.15 0.18 

570 °C 0.12 0.15 0.17 
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700 °C 0.11 0.13 0.15 

 

 

Supplementary Figure 0.7: Computational fluid dynamic simulated residence time 

distribution curves. CFD Simulated RTD curves in for the wall temperatures set at (a) 

510 °C (b) 570 °C and (c) 700 °C. Other simulation conditions listed in Supplementary 

Table B.3. 

B.1.5 Kinetic simulation of AL/oxygen auto-ignition 

The MZFB reactor operates with a mixture of AL crude and water in the reactant stream 

and nitrogen and oxygen in the regenerative stream. The presence of oxygen in the 

regenerative stream can result in auto-ignition when mixed with AL crude from the reactant 

c

ba
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stream. Such premixed fuel/air auto-ignition is driven by a series of degenerate exothermic 

radical chain branching reactions that lead to thermal runaway 3. The auto-ignition limits 

of a fuel/air mixture depend of the mixture composition, temperature, pressure, residence 

time, and fuel molecular structure. In this work, numerical simulations were performed 

using a detailed chemical kinetic model to determine conditions under which auto-ignition 

could be avoided in the MZFB reactor. Numerical simulations employed a comprehensive 

chemical kinetic model for large hydrocarbon developed by Naik et al.,4 and included as 

part of the Model Fuels Library 2016 in ANSYS Chemkin-Pro software 5. AL crude is a 

complex mixture of thousands of hydrocarbons, and simulating each individual component 

is intractable. Therefore, an appropriate surrogate fuel was selected to represent AL crude 

reacting with oxygen under a worst-case scenario. n-Eicosane was selected as the surrogate 

molecule since its straight chain structure represents the most reactive class of 

hydrocarbons (i.e., normal paraffins) in AL crude. Simulations were performed assuming 

all the AL crude/water is perfectly mixed with the nitrogen/oxygen mixture, which again 

is a worst-case scenario assuming none of the oxygen is first consumed by reactions with 

coke in the catalyst bed.  A homogeneous batch reactor under constant pressure conditions 

was used for simulations, and the gas energy equation was solved to determine the amount 

of temperature rise resulting from fuel oxidation. Pressure was fixed at 1 atm, gas 

composition (mol%) was same as experiments with 4% AL crude, 55% H2O, 25% N2, and 

16% O2, and the temperature varied from 450 to 950° C.  Additional simulations with lesser 

water content were also performed to identify the conditions at which the mixture auto-

ignitites. 
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Supplementary Fig. 8 presents the maximum temperature obtained for each initial 

temperature case under the experimental conditions of 4% AL crude, 55% H2O, 25% N2, 

and 16% O2.  Auto-ignition of fuel/air mixtures is defined as a rapid rise in temperature 

leading to a hot-flame above 1500 °C. In the present simulations, the maximum 

temperature does not exceed 1155 °C under the most extreme condition of an initial reactor 

temperature of 850 °C.  Under typical reactor conditions of 550 °C, the maximum 

attainable temperature is approximately 1000 °C.  The mixture is able to avoid auto-

ignition and temperatures reaching those of a hot flame for two reasons: (1) the fuel/air 

mixture fraction is seven times greater than the stoichiometric requirement for complete 

combustion (i.e., equivalence ratio is 7).  This is beyond the rich limit for ignition; and (2) 

the large amount of water present in the mixture prevents excessive heat release.  Water 

vapor three major effects of the reactivity of the mixtures. (1) a dilution effect to decrease 

the fuel/air concentrations and thereby slow oxidation kinetics, (2) a thermal effect by 

increasing the heat capacity of the gas mixtures and reducing gas temperature, and (3) a 

chemical effect by acting as a third-body reaction collider to quench radical chain 

branching reactions. 

To demonstrate the role of water in avoiding auto-ignition, Supplementary Fig. B.9 

presents the maximum temperature achieved when the water concentration is changed from 

55 mol% down to 5 mol%.  Simulations were conducted at an initial reactor temperature 

of 550 °C and fixed ratio of AL: N2:O2 4:25:16.  Decreasing the water vapor concentration 

results in a maximum temperature increase, however, the temperatures are still well below 

the auto-ignition limit due to the fuel/air mixture being beyond the rich ignition limit. 
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The role of fuel/air equivalence ratio in suppressing auto-ignition is presented in 

Supplementary Fig. 10.  Simulations indicate that ignition will occur (temperature exceeds 

1500 °C) if the AL:O2 mixture fractions ratio is double or lesser than the stoichiometric 

mixture fraction required for complete combustion (i.e., equivalence ratio of 2 or less). 

 

Supplementary Figure 0.8 : Maximum reactor temperature simulation. Simulated 

maximum reactor temperature at various initial temperatures for a mixture of 4% AL crude, 

55% H2O, 25% N2, and 16% O2. 
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Supplementary Figure 0.9: Maximum reactor temperature simulation. Simulated 

maximum reactor temperature at various H2O mole fractions for a fixed ratio of AL:N2:O2 

4:25:16 at 1 atm and 550 °C. 
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Supplementary Figure 0.10 Maximum reactor temperature simulation. Simulated 

maximum reactor temperature for various AL:O2 equivalence ratios with N2:H2O ratio of 

25:55 at 1 atm and 550 °C. 
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B.2 Supplementary Discussion 

B.2.1 other analogous applications of the MZFB reactor  

With the aim to put in perspective the results presented in this paper, we have performed 

an additional experiment for the cracking of AL in the absence of catalyst at 700 °C using 

the MZFB reactor (See Supplementary Fig. 12), roughly mimicking the conditions of the 

steam cracking for petrochemicals production in refineries from lighter feedstocks (as 

naphtha, LPG or even upgraded extra light oil). As it can be observed in Supplementary 

Fig. 12a, performing steam cracking at 700 °C leads to 2.5 times higher amounts of 

methane produced and lower C3
=/C2

= ratios at similar gas yields as MZFB at 570 °C, which 

directly translates in a product with a much lower value. In addition, liquid products of 

steam cracking at 700 °C are heavier in nature, with a FBP of 685 °C (determined by 

SIMDIS analysis, see Supplementary Fig. 12). FTICR-MS (Supplementary Fig. 13) further 

demonstrates that this fraction contains a much higher proportion of unsaturated 

polyaromatic hydrocarbons (Carbon # = 20-40, DBE = 10-25) and N and S species than 

for experiments performed in the MZFB reactor at 130 °C lower temperature (Carbon # = 

20-40, DBE = 5-12). All together, these results demonstrate that MFZB operation offers 

very important advantages over steam cracking, specially when considering the high 

endothermicity of the reaction. 

Second, the potential of both the MZFB reactor and the ACM-101 formulation has been 

explored in the catalytic cracking of an VGO feedstock whose properties are described in 

the Supplementary Table 5. As shown in Supplementary Fig. 14a, using this easier 

feedstock in the absence of steam, we were able to achieve stable operation for several 

hours (> 5 hours) with light olefin yields per pass in the neighborhood of 33% (17% of 
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propylene, see Supplementary Fig. 14b) with a drastic transformation of the feedstock to 

lighter compounds as determined by SIMDIS analysis of liquid products (See 

Supplementary Fig. 14c). Despite the large accumulation of hard coke (See TGA analysis 

in Supplementary Fig. 14d), which can be adscribed to the absence of the steam effect, the 

catalyst shows a long life in this harsh reaction conditions. 

 

Supplementary Figure 0.12: Catalytic performance of steam versus catalytic cracking 

of Arabian Light. Steam versus catalytic cracking (over ACM-101 at 570 °C) of Arabian 

Light using the MZFB reactor: gas product distribution (a) and liquid analysis by SIMDIS 

(b). Operation conditions for Steam Cracking of Arabian Light crude: AL:water emulsion 

(50/50 vol.%) flow rate of 0.5 mL·min-1, Treaction zone =700 °C (570 °C as reference). Error 

bars indicate the standard deviation (2σ) of duplicate experiments. 

 

 

ba



246 
 

 

Supplementary Figure 0.13: Analysis of liquid products of steam versus catalytic 

cracking of Arabian Light. (Left) Isoabundance plots for the FTICR-MS analysis of the 

hydrocarbon liquid species of the Arabian Light crude oil (a), and those produced on the 

catalytic cracking over ACM-101 with N2 stream (b), N2+O2 stream (c) and steam cracking 

at 700 oC (d). (Right) Heteroatom Class Distribution for the liquid species.  

Supplementary Table B.5 Physico-chemical properties of Vacuum Gas Oil feedstock.  

Density at 15 
o
C 

/ kg·m
-3

 

Gravity 

/ 
o
API 

          CHN / wt. %   ICP-OES / ppm 

C H N S Ni V 

884 28.6 86.2 13.1 0.1 235 n.d. n.d. 
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Supplementary Figure 0.14: Catalytic performance of ACM-101 in the cracking of 

vacuum gas oil. Catalytic performance of ACM-101 in the catalytic cracking of VGO at 570 °C 

using an up-flow stream of nitrogen. Time-on-stream activity (a) and average product 

distribution during the first hour of reaction (b), SIMDIS curve of the liquid hydrocarbon 

products (c) and coke analysis of the spent catalyst by TGA (d). Operation conditions: VGO 

flow rate of 0.1 mL·min-1 (no steam), Treaction zone =570 °C, Tstripping zone =570 °C.  
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Supplementary Table B.6 Cracking processes for light olefins production from crude 

oil, VGO or naphtha feedstocks (modified from 6, 7) 

Process Name 

/ Developer   

Feedstock Dry gas yields 

wt. % 

Olefin yields wt. %  Process specifications  status  

          

MZFBR / 

KAUST-

Aramco  

Arabian Light 

crude oil 

Dry gas: 3 Ethylene: 6 

Propylene: 15 

Butylene: 7 

Reaction Temperature 

(°C): 570 

Residence Time (s): 

0.15 

Bench Scale  

High Severity 

FCC / Aramco 
8, 9 

Vacuum gas 

oil (VGO) 

Dry gas: 7 Ethylene: 4 

Propylene: 21 

Butylene: 17 

Reaction Temperature 

(°C): 600 

Residence Time (s): < 

0.5 

Commercial  

Deep 

Catalytic 

Cracking / 

Sinopec 10, 11 

Vacuum gas 

oil (VGO) 

Dry gas: 11.9 Ethylene: 6 

Propylene: 21 

Butylene: 14 

Reaction Temperature 

(°C): 530-575 

Contact Time (s): 0.1-1 

Commercial 

Moxofin / 

ExxonMobil 
12-15 

Vacuum gas 

oil (VGO) and 

recycling light 

naphtha 

Dry gas: 7.6 Ethylene: 4 

Propylene: 18 

Butylene:13 

Reaction Temperature 

(°C): 510-600 

Residence Time (s): 1-

10 

Commercial 

Petro FCC / 

UOP 16-20 

Vacuum gas 

oil (VGO) 

Dry gas: 3 Ethylene: 6 

Propylene: 22 

Butylene:14 

Reaction Temperature 

(°C): 510-620 

Contact Time (s): < 2 

Commercial 

Propylene 

Catalytic 

Cracking / 

ExxonMobil 
10, 21-23 

Naphtha  Dry gas: N/A Ethylene: 2-7 

Propylene: 6-17 

Butylene: N/A 

Reaction Temperature 

(°C): 510-630 

Residence Time (s): 1-

10 

Commercial 

Superflex 

Arco 10, 24 

Naphtha  Dry gas: 13 Ethylene: 20 

Propylene: 40 

Butylene:1 

Reaction Temperature 

(°C): 600-650 

Residence Time (s): 

0.05-0.1  

Commercial 
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Sand Cracker 

/ Lurgi Co. 

Iraq crude oil Dry gas: 14 Ethylene: 23 

Propylene:13 

Butylene: N/A 

Reaction Temperature 

(°C): 700-840 

Residence Time (s): 

0.3-0.5 

Comment:  

Mechanical issue with 

circulating sand 

Pilot Plant  

Fluidized Bed 

Process / 

BASF 25, 26 

Kuwait, 

Minas, Bahia, 

and Libyan 

crude oil 

 

Dry gas: N/A Ethylene: 20-25 

Propylene: 10-13 

Butylene: 5-6 

Reaction Temperature 

(°C): 725-760 

Residence Time (s): < 

1 

5 years, 

Industrial 

Plant  

 Fluidized 

Flow Process 

/ BASF 25, 27 

Minas and 

Libyan crude 

oil 

Dry gas: N/A  Ethylene: 25 

Propylene: 11 

Butylene: 5 

Reaction Temperature 

(°C): 760 

Residence Time (s): 

N/A 

Pilot Plant  

UBE Process / 

UBE 28, 29 

 Minas crude 

oil 

Dry gas: N/A  Ethylene: 28 

Propylene: 11 

Butylene: 8 

Reaction Temperature 

(°C): 850 

Residence Time (s): 

0.2-0.3  

Pilot Plant / 

Demonstrati

on Plant 

 KK Process / 

Kunugi & 

Kunii – JAIST 
30 

Kuwait crude 

oil 

Dry gas: 17 Ethylene: 20-27 

Propylene: 6-15 

Butylene: 5-11 

Reaction Temperature 

(°C): 750-850 

Residence Time (s): 

0.5 

Pilot Plant 

Advanced 

Cracking 

Reactor / 

Kuresha 

Chemical – 

UOP 31-34 

Seria, Arabian 

Light, Khafji 

crude oil 

Dry gas: N/A Ethylene: 25 

Propylene: 14 

Butylene: N/A 

Reaction Temperature 

(°C): 900-1500 

Residence Time (s): ≤ 

0.1 

Industrial 

Plant  

 Cracking Oil 

by Steam and 

Molten Salts 

– COSMOS / 

Mitsui 35 

 Arabian 

Light, Minas 

and Taching 

crude oil 

Dry gas: N/A Ethylene: 26 

Propylene: 12 

Butylene: N/A 

Reaction Temperature 

(°C): 750 

Residence Time (s): 

0.5-2 

Bench Scale  
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Appendix C Supporting Information: Composition-performance 

relationships in catalysts formulation for the direct conversion of crude oil to 

chemicals 

C.1 Calculations 

C.1.2 Catalytic cracking of AL performance: 

Total flow rate: =  
𝐹𝐻𝑒

%𝑉𝐻𝑒
 × 100 𝑚𝑙 ∙ 𝑚𝑖𝑛−1                                                  (eq. 1) 

Flow rate of internal standard He: 𝐹𝐻𝑒 𝑚𝑙 ∙ 𝑚𝑖𝑛−1 

Percentage of gas volume: %𝑉𝑥 

Flow of each component 𝐹𝑥  =  
𝑇𝑜𝑡𝑎𝑙 𝑓𝑙𝑜𝑤 × %𝑉𝑥

100
 × 100 𝑚𝑙 ∙ 𝑚𝑖𝑛−1         (eq.2) 

Mass flow of each component 𝑀𝑥  =  
𝐹𝑥 × 𝑀𝑊𝑥

𝑅 ×𝑇
 𝑔 ∙ 𝑚𝑖𝑛−1                        (eq. 3) 

               Molecular weight of each component = 𝑀𝑊x 𝑔 ∙ 𝑚𝑜𝑙−1 

              R is the gas constant and T is temperature in Kelvin 

 𝑦𝑖𝑒𝑙𝑑 𝑤𝑡. % =  
𝑀𝑥

𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤 𝑜𝑓 𝐴𝐿 (𝑔.𝑚𝑖𝑛−1) 
 × 100           (eq. 4) 
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C.2 Formulation of catalysts with different clays: impact on catalytic performance  

 

Figure 015  (a-b) Confocal optic microscopy images of SD-2 formulated catalyst (60 wt.% 

kaolin, 20 wt.% ZSM-5(SAR 23) and 20 wt.% Al2(OH)5Cl binder) from sieved fraction 

35-100 µm visualized at two different scales. (c-d) Scanning electron microscopy images 

of formulated catalysts SD-2 before sieving represented at two different magnifications. 
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Figure 0.216 Scanning electron microscopy images of formulated catalysts SD-2 (60 wt.% 

kaolin, 20 wt.% ZSM-5(SAR 23) and 20 wt.% Al2(OH)5Cl binder) before sieving shows 

different morphological aspects of the shaped catalyst particles: (a) round shape, (b) 

smooth surface and (c) fullness of the inner structure. 

 

Table C.S.1. Codes and composition summary for the catalysts formulated with ZSM-5 

zeolite (SAR* 23) and different clay matrices. 

Catalyst code Clay matrix / wt.% 
Zeolite  

Binder, wt.% 
ZSM-5, wt.% (SAR*) 

KAO (or SD-2)         Kaolin / 60 

20 (SAR 23) 20 

SPL      Sepiolite / 60 

ATT  Attapulgite / 60 

TLC             Talc / 60 

BNT     Bentonite / 60 

*SAR = SiO2/Al2O3 molar ratio 
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Table C.S.2. Textural properties derived from N2 uptake measurements at 77K of catalysts 

formulated with ZSM-5 zeolite (SAR* 23) and different clay matrices before / after 

catalytic cracking process. 

Catalyst SBET, m2/g Sext , m2/g Vtotal , cm3/g Vmicro , cm3/g Vmeso , cm3/g 

SD-2 101 / 79 42 / 25 0.08 / 0.05 0.02 / 0.02 0.06 / 0.03 

SPL 143 / 82 80 / 48 0.16 / 0.12 0.03 / 0.02 0.14 / 0.10 

ATT 131 / 123 69 / 56 0.18 / 0.13 0.03 / 0.03 0.15/ 0.10 

TLC 77 / 62 22 / 16 0.05 / 0.04 0.02 / 0.02 0.03 / 0.02 

BNT 106 / 71 102 / 32 0.11 / 0.12 0.00 / 0.01 0.11 / 0.11 

* Formulated samples were previously calcined at 700°C for 7 h applying 5°C·min-1 heating ramp.  
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Figure 0.S.3 Catalytic performance of the catalysts formulated with ZSM-5 (SAR 23) and 

different clay matrixes. Reaction conditions: T = 570°C, 0.5 mL·min-1 liquid feed flow of 

50%:50% oil:water (vol.%/vol.%) mixture. 
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Table C.S.3. Product distribution yields (wt.%) at 15 min time-on-stream (TOS) over the 

catalysts formulated with ZSM-5 (SAR 23) and different clay matrixes. Reaction 

conditions: T = 570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water (vol.%/vol.%) 

mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-C4 

(alkane) 

C2
=-

C4
= 

KAO 0.13 0.63 0.82 6.45 3.43 13.73 0.99 1.95 5.27 7.82 25.45 

SPL 0.04 0.36 0.28 0.76 0.43 5.30 0.19 1.02 3.61 2.27 9.67 

ATT 0.14 0.46 0.33 0.72 0.39 5.46 0.18 0.81 3.82 2.17 10.00 

TLC 0.07 0.37 0.33 1.04 0.38 3.84 0.12 0.64 2.12 1.83 6.99 

BNT 0.03 0.30 0.24 0.37 0.25 2.11 0.09 0.71 1.54 1.58 4.02 

            

 

Table C.S.4. Product distribution yields (wt.%) at 100 min time-on-stream (TOS) over the 

catalysts formulated with ZSM-5 (SAR 23) and different clay matrixes. Reaction 

conditions: T = 570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water (vol.%/vol.%) 

mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-C4 

(alkane) 

C2
=-

C4
= 

KAO 0.09 0.57 0.58 2.73 0.95 8.91 0.19 1.27 3.52 3.56 15.16 

SPL 0.04 0.42 0.31 0.55 0.41 3.37 0.14 1.00 2.32 2.29 6.23 

ATT 0.12 0.50 0.33 0.48 0.37 3.09 0.12 0.85 1.76 2.18 5.33 

TLC 0.05 0.33 0.23 0.44 0.31 2.04 0.10 0.75 1.03 1.72 3.51 

BNT 0.05 0.48 0.36 0.77 0.31 3.15 0.09 0.72 2.02 1.96 5.94 
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Figure 0.S.17  SEM micrographs of embodiments prepared via spray drying of composite 

slurries incorporating ZSM-5, binder and a) talc, b) kaolin, c) bentonite, d) attapulgite and 

e) sepiolite. Dotted inserts represent corresponding enlarged zones of the shaped particles.    
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Figure 0.S.5 Distillation curves (SIMDIS) for liquid fraction collected after catalytic 

cracking of Arabian Light (AL) over catalysts comprising ZSM-5 (SAR 23) and different 

clay matrices compared to simulated curve for the parent AL.  

Table 0.S.5 Liquid product yields (wt.%) over the catalysts formulated with ZSM-5 (SAR 

23) and different clay matrixes. Reaction conditions: T = 570°C, 0.5 mL·min-1 liquid feed 

flow of 50%:50% oil:water (vol.%/vol.%) mixture. 

Catalyst Naphtha Light cycle oil  Heavy cycle oil 

KAO 12.03 21.24 37.52 

SPL 15.66 29.08 29.83 

ATT 17.15 31.63 27.44 

TLC 12.14 29.49 45.10 

BNT 13.76 26.76 35.94 
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Hard coke and coke precursors are defined as the following equations 5 and 6: 

𝑐𝑜𝑘𝑒 𝑝𝑟𝑒𝑐𝑢𝑟𝑠𝑜𝑟𝑠 (𝑤𝑡. %)    =  
𝑚0− 𝑚𝑒

𝑚𝑧
× 100   (eq. 5)  

ℎ𝑎𝑟𝑑 𝑐𝑜𝑘𝑒 (𝑤𝑡. %) =  
𝑚𝑒− 𝑚𝑧

𝑚𝑧
× 100  (eq. 6) 

 

Figure 0.S.6 Example of TGA of the spent catalyst after catalytic cracking of Arabian Light 

(with mx = mass of sample at a certain point of the curve).  
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C.3 On the role and optimal loading of ZSM-5 

 

Figure 0.S.7 Scanning electron microscopy (SEM) images of commercial ZSM-5 (SAR 

23, CBV 2314 from Zeolyst) at different magnifications. 

 

Table S.C.6. Composition and corresponding codes of formulated catalysts with different 

loading of ZSM-5 zeolite (SAR* 23). 

Catalyst code Kaolin, wt.% 
Zeolite 

Binder, wt.% 
ZSM-5, wt.% (SAR*) 

SD-1 70 10 (SAR 23) 

20 SD-2 60 20 (SAR 23) 

SD-3 50 30 (SAR 23) 

*SAR = SiO2/Al2O3 molar ratio  
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Table C.S.7. Textural properties derived from N2 uptake measurements at 77K of 

fresh/spent catalysts comprising different loading of ZSM-5 (SAR 23) zeolite.  

Catalyst SBET , m2/g Sext , m2/g Vtotal , cm3/g Vmicro , cm3/g Vmeso , cm3/g 

SD-1 79 / 52 32 / 21 0.06 / 0.04 0.02 / 0.01 0.05 / 0.03 

SD-2 101 / 79 42 / 25 0.08 / 0.05 0.02 / 0.02 0.06 / 0.03 

SD-3 148 / 119 44 / 34 0.10 / 0.07 0.04 / 0.03 0.06 / 0.04 

* Formulated samples were previously calcined at 700 °C for 7 h applying 5 °C·min-1 heating ramp.  

 

 

Figure 0.S.8  Powder X-ray diffraction patterns of formulated catalysts (calcined at 700°C) 

with different loading of ZSM-5 (SAR 23) zeolite and compared to an experimentally 

expected for ZSM-5 structure. 
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Figure 0.S.9  Catalytic performance of the catalysts with different loading of ZSM-5 (SAR 

23). Reaction conditions: T = 570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water 

(vol.%/vol.%) mixture. 
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Table 0.S.8. Product distribution yields (wt.%) at 15 min time-on-stream (TOS) over the 

catalysts with different loading of ZSM-5 (SAR 23). Reaction conditions: T = 570°C, 0.5 

mL·min-1 liquid feed flow of 50%:50% oil:water (vol.%/vol.%) mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-C4 

(alkane) 

C2
=-

C4
= 

SD-1 0.05 0.27 1.75 1.13 7.55 0.36 1.18 3.78 0.27 3.19 13.08 

SD-2 0.13 0.82 6.45 3.43 13.73 0.99 1.95 5.27 0.82 7.82 25.45 

SD-3 0.09 0.41 3.64 1.75 9.91 0.56 1.24 3.73 0.41 4.28 17.28 

 

 

Table 0.S.9 Product distribution yields (wt.%) at 100 min time-on-stream (TOS) over the 

catalysts formulated with different ZSM-5 (SAR 23) loading. Reaction conditions: T = 

570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water (vol.%/vol.%) mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-C4 

(alkane) 

C2
=-

C4
= 

SD-1 0.05 0.33 1.41 0.73 6.17 0.16 1.03 3.04 0.33 2.56 10.62 

SD-2 0.09 0.58 2.73 0.95 8.91 0.19 1.27 3.52 0.58 3.56 15.16 

SD-3 0.09 0.56 2.89 0.97 9.12 0.16 1.00 3.39 0.56 3.17 15.41 
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Figure 0.S.10 Distillation curves (SIMDIS) for liquid fraction collected after catalytic 

cracking of Arabian Light (AL) over catalysts comprising different ZSM-5 (SAR 23) 

loadings compared to simulated curve for the parent AL .  

 

Table 0.S.10 Liquid product distribution yields (wt.%) over the catalysts formulated with 

different ZSM-5 (SAR 23) loading. Reaction conditions: T = 570°C, 0.5 mL·min-1 liquid 

feed flow of 50%:50% oil:water (vol.%/vol.%) mixture. 

Catalyst Naphtha Light cycle oil  Heavy cycle oil 

SD-1 14.68 23.65 43.22 

SD-2 12.03 21.24 37.52 

SD-3 12.31 23.86 40.79 
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C.4 ZSM-5 acidity vs. cracking activity 

Table C.S.11. Codes and composition summary for the catalysts formulated with kaolin 

clay and ZSM-5 zeolite having varied SiO2:Al2O3 molar ratio (SAR).  

Catalyst code Kaolin, wt.% 
Zeolite 

Binder, wt.% 
ZSM-5, SAR* (wt.% loading) 

SD-2 

60 

23 (20) 

20 SD-4 80 (20) 

SD-5 280 (20) 

*SAR = SiO2/Al2O3 molar ratio 

 

 

Figure 0.S.11 Powder X-ray diffraction patterns of formulated catalysts (calcined at 

700°C) with ZSM-5 zeolite having different SiO2:Al2O3 molar ratio (SAR) compared to 

expected for MFI zeolite structure. 
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Table C.S.12. Textural properties derived from N2 uptake measurements at 77K of 

catalysts formulated with kaolin clay and ZSM-5 zeolite having varied SiO2:Al2O3 molar 

ratio (SAR) before / after catalytic cracking process. 

Catalyst SBET, m2/g Sext , m2/g Vtotal , cm3/g Vmicro , cm3/g Vmeso , cm3/g 

SD-2 101 / 79 42 / 25 0.08 / 0.05 0.02 / 0.02 0.06 / 0.03 

SD-4 135 / 109 59 / 37 0.1 / 0.1 0.03 / 0.03 0.07 / 0.04 

SD-5 132 / 107 57 / 38 0.09 / 0.09 0.03 / 0.03 0.06 / 0.05 

* Formulated samples were previously calcined at 700 °C for 7 h applying 5 °C·min-1 heating ramp.  

 

Table C.S.13. Product distribution yields (wt.%) at 15 min time-on-stream (TOS) over the 

catalysts formulated with ZSM-5 zeolite having a varied SiO2:Al2O3 molar ratio (SAR). 

Reaction conditions: T = 570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water 

(vol.%/vol.%) mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-C4 

(alkane) 

C2
=-

C4
= 

SD-2 0.13 0.63 0.82 6.45 3.43 13.73 0.99 1.95 5.27 7.82 25.45 

SD-4 0.09 0.34 0.31 1.91 0.60 7.74 0.20 0.80 3.85 2.25 13.50 

SD-5 0.06 0.42 0.35 0.98 0.46 5.12 0.12 0.90 3.08 2.24 9.18 
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Figure 0.12 Catalytic performance of the catalysts formulated with ZSM-5 zeolite having 

a varied SiO2:Al2O3 molar ratio (SAR). Reaction conditions: T = 570°C, 0.5 mL·min-1 

liquid feed flow of 50%:50% oil:water (vol.%/vol.%) mixture. 
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Table Table C.S.14. Product distribution yields (wt.%) at 100 min time-on-stream (TOS) 

over the catalysts formulated with ZSM-5 zeolite having varied SiO2:Al2O3 molar ratio 

(SAR). Reaction conditions: T = 570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% 

oil:water (vol.%/vol.%) mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-

C4
(alkane) 

C2
=-

C4
= 

SD-2 0.09 0.57 0.58 2.73 0.95 8.91 0.19 1.27 3.52 3.56 15.16 

SD-4 0.08 0.52 0.40 1.37 0.46 5.67 0.10 0.90 2.93 2.38 9.98 

SD-5 0.06 0.47 0.38 0.97 0.43 4.25 0.10 0.89 2.46 2.26 7.67 

 

 

Figure 0.13 Distillation curves (SIMDIS) for liquid fraction collected after catalytic 

cracking of Arabian Light (AL) over catalysts comprising ZSM-5 zeolite with different 

SiO2:Al2O3 molar ratios (SAR).  
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Table C.S.15. Liquid product distribution yields (wt.%) over the catalysts formulated with 

ZSM-5 zeolite having a varied SiO2:Al2O3 molar ratio (SAR). Reaction conditions: T = 

570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water (vol.%/vol.%) mixture. 

Catalyst Naphtha Light cycle oil Heavy cycle oil 

SD-2 12.03 21.24 37.52 

SD-4 17.44 27.41 38.21 

SD-5 14.10 30.68 38.14 

 

C.5 Effect of FAU introduction  

Table C.S.16. Codes and composition summary for the catalysts formulated with kaolin 

clay and mixture of ZSM-5 and FAU zeolites both having varied SiO2:Al2O3 molar ratios 

(SAR). 

Catalyst Kaolin, wt.% 

Zeolites, wt.% 

Binder, wt.% 
ZSM-5 (SAR*) FAU (SAR*) 

SD-6 

50 

20 (SAR 23) 10  (SAR 30) 

20 

SD-7 20 (SAR 23) 10 (SAR 80) 

SD-8 20 (SAR 52) nano 10 (SAR 30) 

SD-9 20 (SAR 52) nano 10 (SAR 80) 

nano Commercially available ZSM-5 nanopowder supplied by ACS Material (for details see specification of 

MSZ5N131 sample code). *SAR = SiO2/Al2O3 molar ratio 
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Figure 0.14 Scanning electron microscopy (SEM) images of commercial FAU (SAR 30, 

CBV 720 from Zeolyst) at different magnifications. 

 

Figure 0.15 Scanning electron microscopy (SEM) images of commercial FAU (SAR 80, 

CBV 901 from Zeolyst) at different magnifications. 
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Figure 0.16 Powder X-ray diffraction patterns of formulated catalysts (calcined at 700°C) 

with ZSM-5 and FAU zeolites both having varied SiO2:Al2O3 molar ratios (SAR) 

compared to expected for MFI and FAU zeolite structures. 

 

Table C.S.17. Textural properties derived from N2 uptake measurements at 77K of 

formulated catalysts comprising kaolin clay and mixture of ZSM-5 and FAU zeolites both 

having varied SiO2:Al2O3 molar ratios (SAR). 

Catalyst SBET, m2/g Sext , m2/g Vtotal , cm3/g Vmicro , cm3/g Vmeso , cm3/g 

SD-6 183 / 134 69 / 55 0.014 / 0.14 0.05 / 0.03 0.09 / 0.11 

SD-7 178 / 125 64 / 46 0.13 / 0.13 0.05 / 0.03 0.09 / 0.10 

SD-8 203 / 132 72 / 50 0.13 / 0.15 0.05 / 0.03 0.08 / 0.12 

SD-9 186 / 132 69 / 44 0.14 / 0.16 0.05 / 0.03 0.09 / 0.13 

* Formulated samples were previously calcined at 700 °C for 7 h applying 5 °C·min-1 heating ramp.  
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Figure 0.17 Catalytic performance of the catalysts formulated with ZSM-5 and FAU 

zeolites both having varied SiO2:Al2O3 molar ratios (SAR). Reaction conditions: T = 

570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water (vol.%/vol.%) mixture. 
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Table C.S.18. Product distribution yields (wt.%) at 15 min time-on-stream (TOS) over the 

catalysts formulated with ZSM-5 and FAU zeolites both having varied SiO2:Al2O3 molar 

ratios (SAR). Reaction conditions: T = 570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% 

oil:water (vol.%/vol.%) mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-C4 

(alkane) 

C2
=-

C4
= 

SD-6 0.04 0.26 0.24 2.61 1.40 11.55 1.31 1.39 5.99 4.60 20.15 

SD-7 0.09 0.45 0.46 3.71 1.22 11.39 0.37 1.23 4.69 3.73 19.79 

SD-8 0.05 0.56 0.33 0.75 0.47 7.45 1.03 0.92 6.44 3.31 14.64 

SD-9 0.07 0.43 0.32 1.09 0.43 7.49 0.19 0.86 4.97 2.23 13.55 

 

Table C.S.19. Product distribution yields (wt.%) at 100 min time-on-stream (TOS) over 

the catalysts formulated with ZSM-5 and FAU zeolites both having varied SiO2:Al2O3 

molar ratios (SAR). Reaction conditions: T = 570 °C, 0.5 mL·min-1 liquid feed flow of 

50%:50% oil:water (vol.%/vol.%) mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-C4 

(alkane) 

C2
=-

C4
= 

SD-6 0.10 0.67 0.45 2.81 0.78 11.52 0.32 1.10 5.73 3.32 20.06 

SD-7 0.10 0.55 0.46 2.85 0.71 9.95 0.16 0.93 4.23 2.81 17.03 

SD-8 0.08 0.63 0.34 0.65 0.37 5.76 0.29 0.80 5.30 2.43 11.72 

SD-9 0.09 0.55 0.35 1.08 0.37 6.31 0.12 0.80 4.09 2.19 11.48 
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Figure 0.18 Distillation curves (SIMDIS) for liquid fraction collected after catalytic 

cracking of Arabian Light (AL) over catalysts comprising a mixture of ZSM-5 and FAU 

both zeolites having varied SiO2:Al2O3 molar ratios (SAR) compared to simulated curve 

for the parent AL. 

 

Table C.S.20. Liquid product distribution yields (wt.%) over the catalysts formulated with 

ZSM-5 and FAU zeolites both having varied SiO2:Al2O3 molar ratios (SAR). Reaction 

conditions: T = 570 °C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water (vol.%/vol.%) 

mixture. 

Catalyst Naphtha Light cycle oil  Heavy cycle oil 

SD-6 20.53 29.73 20.53 

SD-7 18.18 31.26 23.26 

SD-8 29.29 35.63 14.25 

SD-9 22.66 35.16 20.32 
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Table C.S.21. Codes and composition summary for the catalysts formulated with ZSM-5 

(SAR 23) and with different loadings of FAU zeolite (SAR 30). 

Catalyst Kaolin, wt.% 
Zeolites, wt.% 

Binder, wt.% 
ZSM-5 (SAR*) FAU (SAR*) 

SD-6 50 20 (SAR 23) 10 (SAR 30) 20 

SD-10 45 20 (SAR 23) 20 (SAR 30) 15 

SD-11 37.5 20 (SAR 23) 30 (SAR 30) 12.5 

*SAR = SiO2/Al2O3 molar ratio 

 

Table C.S.22.  Textural properties derived from N2 uptake measurements at 77K of 

formulated catalysts formulated with ZSM-5 (SAR 23) and different loadings of FAU 

zeolite (SAR 30).  

Catalyst SBET, m2/g Sext , m2/g Vtotal , cm3/g Vmicro , cm3/g Vmeso , cm3/g 

SD-6 183 69 0.13 0.05 0.09 

SD-10 289 125 0.20 0.07 0.13 

SD-11 370 147 0.24 0.09 0.15 

* Formulated samples were previously calcined at 700 °C for 7 h applying 5 °C·min-1 heating ramp.  
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Figure 0.19 NH3-TPD profiles of pristine ZSM-5 (SAR 23), FAU (SAR 30) zeolites after 

calcination at 550 °C for 5 h and fresh calcined formulated composites SD-2, SD-6, SD-

10 and SD-11.  

Table C.S.23.  Quantitative results obtained from NH3-TPD for pristine ZSM-5 (SAR 23), 

FAU (SAR 30) zeolites after calcination at 550 °C for 5 h and fresh calcined formulated 

composites SD-2, SD-6, SD-10 and SD-11. 

 

 

Catalyst 
ZSM-5 

(SAR*) wt.% 

FAU (SAR*) 

wt.% 

NH3 capacity 

(µmolNH3·gsample
-1) 

SBET (m2·gsample
-

1) 

CNH3 

(µmol·m-2) 

SD-2 20 (SAR 23) - 158 101 1.6 

SD-6 20 (SAR 23) 10 (SAR 30) 186 183 1.0 

SD-10 20 (SAR 23) 20 (SAR 30) 196 289 0.7 

SD-11 20 (SAR 23) 30 (SAR 30) 211 370 0.6 

ZSM-5 

 

559 408 1.4 

FAU 365 781 0.5 

* Zeolites were previously calcined at 550 °C for 5 h 
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Figure 0.20 Catalytic performance of the catalysts formulated with ZSM-5 (SAR 23) and 

different loadings of FAU zeolite (SAR 30). Reaction conditions: T = 570°C, 0.5 mL·min-

1 liquid feed flow of 50%:50% oil:water (vol.%/vol.%) mixture. 
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Table C.S.24. Product distribution yields (wt.%) at 15 min time-on-stream (TOS) over the 

catalysts formulated with ZSM-5 (SAR 23) and different loadings of FAU zeolite (SAR 

30). Reaction conditions: T = 570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water 

(vol.%/vol.%) mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-C4 

(alkane) 

C2
=-

C4
= 

SD-6 0.04 0.26 0.24 2.61 1.40 11.55 1.31 1.39 5.99 4.60 20.15 

SD-10 0.08 0.82 0.52 4.35 1.63 17.43 1.78 0.92 8.71 5.66 30.49 

SD-11 0.12 1.21 0.72 5.81 1.95 21.25 1.54 0.94 9.43 6.36 36.49 

 

Table C.S.25. Product distribution yields (wt.%) at 100 min time-on-stream (TOS) over 

the catalysts formulated with ZSM-5 (SAR 23) and different loadings of FAU zeolite (SAR 

30). Reaction conditions: T = 570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water 

(vol.%/vol.%) mixture. 

Catalyst H2 CH4 C2H6 C2H4 C3H8 C3H6 iC4H10 nC4H10 C4H8 
C1-C4 

(alkane) 

C2
=-

C4
= 

SD-6 0.10 0.67 0.45 2.81 0.78 11.52 0.32 1.10 5.73 3.32 20.06 

SD-10 0.08 0.79 0.45 3.20 0.78 14.34 0.40 0.46 7.53 2.88 25.07 

SD-11 0.12 1.18 0.64 4.33 1.32 17.63 0.74 0.66 8.78 4.54 30.75 
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Figure 0.21 Distillation curves (SIMDIS) for liquid fraction collected after catalytic 

cracking of Arabian Light (AL) over catalysts comprising ZSM-5 (SAR 23) and different 

loadings of FAU (SAR 30) zeolites compared to simulated curve for the parent AL. 

 

Table C.S.26.  Liquid product distribution yields (wt.%) over the catalysts formulated with 

ZSM-5 (SAR 23) and different loadings of FAU zeolite (SAR 30). Reaction conditions: T 

= 570°C, 0.5 mL·min-1 liquid feed flow of 50%:50% oil:water (vol.%/vol.%) mixture. 

Catalyst Naphtha Light cycle oil  Heavy cycle oil 

SD-6 20.53 29.73 20.53 

SD-10 17.73 24.23 17.14 

SD-11 19.79 17.95 8.29 
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Appendix D Supporting Information: Reversible and irreversible catalyst 

deactivation during the direct cracking of crude oil 

Calculations for catalytic performance and coke analysis: 

 

D1. Catalytic cracking of AL performance: 

 

Total flow rate: =  
𝐹𝐻𝑒

%𝑉𝐻𝑒
 × 100 𝑚𝑙 ∙ 𝑚𝑖𝑛−1                                             (S1) 

Flow rate of internal standard He: 𝐹𝐻𝑒 𝑚𝑙 ∙ 𝑚𝑖𝑛−1 

Percentage of gas volume: %𝑉𝑥 

 

Flow of each component 𝐹𝑥  =  
𝑇𝑜𝑡𝑎𝑙 𝑓𝑙𝑜𝑤 × %𝑉𝑥

100
 × 100 𝑚𝑙 ∙ 𝑚𝑖𝑛−1          (S2) 

 

Mass flow of each component 𝑀𝑥  =  
𝐹𝑥 × 𝑀𝑊𝑥

𝑅 ×𝑇
 𝑔 ∙ 𝑚𝑖𝑛−1                         (S3) 

Molecular weight of each component = 𝑀𝑊x 𝑔 ∙ 𝑚𝑜𝑙−1 

R is the gas constant and T is temperature in Kelvin 

 

 𝑦𝑖𝑒𝑙𝑑 𝑤𝑡. % =  
𝑀𝑥

𝑚𝑎𝑠𝑠 𝑓𝑙𝑜𝑤 𝑜𝑓 𝐴𝐿 (𝑔.𝑚𝑖𝑛−1) 
 × 100    (S4) 

 

D2. Thermo-gravimetric analysis (TGA): 

 

Hard coke and coke precursors are defined as following equation related to Figure S1   
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Coke precursors (wt.%)   =  
𝑚0− 𝑚𝑒

𝑚𝑧
× 100                 (S5) 

Hard coke (wt.%)  =  
𝑚𝑒− 𝑚𝑧

𝑚𝑧
× 100               (S6)               

 

 

Figure. D.S1: Coke quantification method by thermo-gravimetric analysis. TGA of spent 

catalysts in MZFBR after catalytic cracking. 
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Figure D.S2. X-ray diffraction patterns of ACM-101 catalyst after calcination (a), 

steaming (b) and metal deposition steps, ACM-101-M-200 (c) and ACM-101-M-400 (d). 

Above on the graph expected reflection positions for FAU and MFI zeolite topologies. * 

marks diffractions attributed to cubic SiC.  
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Figure D.S.3. X-ray diffraction patterns of FAU/30 (a) and ZSM-5/23 (b) zeolites fresh, 

after calcination and steaming. 
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Appendix E Supporting Information: Rhodium Nanoparticle Size Effects in 

the CO2 Reforming of Methane and Propane 

E.1 Rh nanoparticles characterization 

 

 

Figure E.S.1. From top to bottom and from left to right: a. TEM images of Rh 

nanoparticles; b. corresponding histogram frequency; c. a representation of the different 

types of NP morphologies obtained at varying pH; d. relationship between particle size and 

pH.   
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E.2 Spent catalysts characterization  

 

Figure E.S.2 XRF measurement of the CeZrO2, ZrO2, and CeO2 supports. 

 

Figure E.S.3 XRD patterns of the CeZrO2, ZrO2, and CeO2 supported catalysts. 

 

Figure E.S.4 DRIFTS spectra of adsorbed CO at 35, and 250 °C over 2.8 nm Rh/CeZrO2, 

Rh/ZrO2, and Rh/CeO2 catalysts. 
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Figure E.S.5 Raman spectra of the 2.8 nm Rh spent catalysts after propane dry reforming.  

E.3 Catalytic performance analysis  

 

Figure E.S.6 Carbon formation under propane (left) and methane (right) dry reforming 

normalized by Rh loading. 
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Figure E.S.7 Propane dry reforming at reaction Temp. = 575 C, GHSV = 1.0 x105 

cm3/gcath C3H8/CO2/Ar = 10/30/60 (kPa) (top), Methane dry reforming at reaction Temp. 

= 575 C, GHSV = 1.0 x105 cm3/gcat h CH4/CO2/Ar = 10/10/80 (kPa) (bottom). 
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Table E.S.1.   C3H8 and CO2 conversion at TOS=1h of propane dry reforming at reaction 

Temp. = 575 C, GHSV = 1.0 x105 cm3/gcat h C3H8/CO2/Ar = 10/30/60 (kPa) 

Sample C3H8 conversion % CO2 conversion % 

Rh/CeZrO2 (1.78 nm) 18.47 27.53 

Rh/CeZrO2 (2.80 nm) 20.44 23.82 

Rh/CeZrO2 (4.70 nm) 10.01 11.71 

Rh/CeZrO2 (8.0 nm) 16.6 19.88 

Sample C3H8 conversion % CO2 conversion % 

Rh/ZrO2 (1.78 nm) 15.07 15.86 

Rh/ZrO2 (2.80 nm) 7.08 8.94 

Rh/ZrO2 (4.70 nm) 5.45 5.97 

Rh/ZrO2 (8.0 nm) 6.67 8.28 

Sample C3H8  conversion % CO2 conversion % 

Rh/CeO2 (1.78 nm) 27.12 31.61 

Rh/CeO2 (2.80 nm) 23.92 27.99 

Rh/CeO2 (4.70 nm) 15.50 19.94 

Rh/CeO2 (8.0 nm) 12.31 13.98 
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Table E.S.2. CH4 and CO2 conversion at TOS=1h of methane dry reforming at reaction 

Temp. = 575 C, GHSV = 1.0 x105 cm3/gcat h CH4/CO2/Ar = 10/10/80 (kPa) 

Sample CH4 conversion % CO2 conversion % 

Rh/CeZrO2 (1.78 nm) 20.97 32.95 

Rh/CeZrO2 (2.80 nm) 21.13 32.05 

Rh/CeZrO2 (4.70 nm) 15.16 24.34 

Rh/CeZrO2 (8.0 nm) 12.11 22.92 

Sample CH4 conversion % CO2 conversion % 

Rh/ZrO2 (1.78 nm) 15.69 25.73 

Rh/ZrO2 (2.80 nm) 12.06 19.06 

Rh/ZrO2 (4.70 nm) 5.15 18.73 

Rh/ZrO2 (8.0 nm) 0.50 4.65 

Sample CH4 conversion % CO2 conversion % 

Rh/CeO2 (1.78 nm) 12.14 23.46 

Rh/CeO2 (2.80 nm) 16.00 24.52 

Rh/CeO2 (4.70 nm) 17.66 24.90 

Rh/CeO2 (8.0 nm) 17.05 20.40 

 

 

 

 

 

 


