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ABSTRACT 

Sustainability Evaluation of Hybrid Desalination Systems:  

Multi Effect Distillation – Adsorption (MED-AD) and Forward Osmosis – Membrane 

Distillation (FO-MD) 

SON, Hyuk Soo 

 

Water is life for all living organisms on earth, and all human beings need water for every 

socio-economic activity in their daily lives. However, constant challenges are faced in 

securing quality water resources due to environmental pollution, a growing demand, and 

climate changes. To overcome imminent worldwide challenges on water resources, 

desalination of seawater and saline wastewater became inevitable, and significant efforts 

have been deployed by the desalination research community to advance the technology. 

However, there is still a gap to take it to a higher sustainability and compatibility compared 

to conventional water treatment technologies. Among all efforts, the hybridization of two 

or more processes stands among the promising solutions for sustainable desalination, 

which synergizes benefits of multiple technologies. To evaluate the sustainability of hybrid 

desalination technologies, two different systems, namely; (i) multi-effect distillation – 

adsorption (MED-AD) and (ii) forward osmosis – membrane distillation (FO-MD), are 

investigated in this study. The method developed for the analysis of primary energy 

consumption in complex desalination systems is used to evaluate the performance of the 

MED-AD pilot facility at King Abdullah University of Science and Technology (KAUST). 

Results of the MED-AD pilot operation showed an improvement in water production with 

a higher energy efficiency under the same operating conditions (near the ambient 
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temperature with the solar thermal system). For the FO-MD hybrid system, an investigation 

is carried out on a novel in-house integrated module and a comparative analysis with the 

conventional module is provided. An isolation barrier carefully placed in the novel design 

enhanced the hybrid performance by reducing both concentration and temperature 

polarization. In addition, the FO-MD hybrid process is evaluated for brine reclamation 

application in a SWRO-MD-FO system. The sustainability of the proposed system and the 

potential of a flexible sustainable operation are presented with the experimental study with 

real seawater and brine from the full-scale desalination plant. 
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CHAPTER 1 

 

INTRODUCTION 

 

1.1. Water scarcity and desalination 

Water is a vital resource in all aspects of human activities, but the depletion of water 

resources is accelerating with global climate changes and regional issues. The ensemble 

projection of climate models and socio-economic scenarios based on a business-as-usual 

scenario using SSP2 and RCP8.5 shows extensive water stress, as depicted is Fig. 1.1. 

Among all 167 countries, a total of 33 including those of Arabian Gulf Peninsula are 

expected to face extremely high water stress by 2040 [1]. Following United Nations (UN) 

projections, the gap between demands and supplies of water resources will remain broad 

despite all deployed efforts [2]. The desalination technology has been proven as a reliable 

and effective solution to water scarcity. It has been the topic of intensive research and 

development in recent years, which helped improving technologies and achieving 

industrial-scale production of freshwater from seawater.  

The number of desalination plants reached 15,906 in 2018 according to Global Water 

Intelligence (GWI) [3]. The total desalination capacity was 95.37 million m3/day, about 

half of which (48%) is produced in Middle East and North Africa (MENA). The key 

countries in the region are Saudi Arabia (15.5%), the United Arab Emirates (10.1%) and 

Kuwait (3.7%). The desalination capacity shares of East Asia and Pacific-North America 

regions were 18.4% and 11.9%, respectively, with China (7.5%) and the USA (11.2%) 
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being the major producers of desalinated water. In the case of Gulf Cooperation Council 

(GCC) countries, water is consumed 65% more than the world’s average annually (about 

820 m3 to 500 m3 per capita). The water scarcity problem is compounded further with the 

dwindling supply of groundwater in many parts of GCC, and the water table of aquifers 

has dropped rapidly in recent years reaching below 200m depth [4, 5]. The constraints 

mentioned above leave desalination as the only viable option to supply potable water to 

sustain economic growth in GCC countries. However, the technological feat of desalting 

tens of million cubic meters of seawater daily into potable water has come at a substantial 

environmental and economic cost to the region, where water, energy, and environment are 

closely linked. 

 

 

Figure 1.1. Country-Level Water Stress by 2040 [1]. 
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Table 1.1. Number, capacity and global share of operational desalination plants by region 

in 2018 [3] 

 
Number of 

desalination plants 

Desalination 

capacity 

 (-) (million m3/day) (%) 

Global Total 15,906 95.37 100 

Middle East and North Africa 4,826 45.32 47.5 

East Asia and Pacific 3,505 17.52 18.4 

North America 2,341 11.34 11.9 

Western Europe 2,337 8.75 9.2 

Latin America and Caribbean 1,373 5.46 5.7 

Southern Asia 655 2.94 3.1 

Eastern Europe and Central Asia 566 2.26 2.4 

Sub-Saharan Africa 303 1.78 1.9 

 

In a country like the Kingdom of Saudi Arabia (KSA) which faces chronical water scarcity 

due to its limited water resources, seawater desalination became a dominant water source 

covering national demands. As a matter of fact, most of available freshwater resource in 

KSA is groundwater. The total groundwater in shallow aquifers was 557 billion m3 in 1962, 

one of the world’s largest reserves. However, it took only three decades to dry it up by 

imprudent agriculture development, to leave only 84 billion m3 in 2010 [4]. The statistics 

of 2010 estimate the renewable portion of groundwater to only 3.9 billion m3. Therefore, 

the Saudi government reduced wheat production in 2008 and imported it completely from 

2016 to save the water source. Minimizing the groundwater usage for agriculture is one of 

the water management policies of the Saudi government. In 1970, the KSA government 

started to implement seawater desalination to fulfill the domestic water demand, and it 

turned into the primary water resource for domestic use along with groundwater. The 
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dependency on desalination has grown due to groundwater usage restrictions, and its 

supply has been doubled from 2010 to 2014. According to the population increase and 

subsequent domestic water demand, seawater desalination is already taken a critical 

position in the national water management plan of KSA [6, 7]. All practical desalination 

methods available hitherto utilize intensive energy, consuming 3.5 to 7 kWhelec/m3 

(electrical energy consumption per water production) of water. As a result, the emission of 

CO2 from desalination in the KSA is estimated at 150 million tons per annum. Increasing 

energy demand from water desalination has a direct effect on the environment as they are 

inextricably linked to the problems of global warming and climate change [5, 8-10].   

 

 

Figure 1.2. Share of operational desalination facilities by (a) technology and (b) feed 

water type [3]. 

 

The technology of separating salts from water to produce potable water is called 

desalination. Brackish water desalination treats water with total dissolved solids (TDS) 
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ranging between 3,000 – 10,000 mg/L. Water with over 10,000 mg/L TDS is considered 

saline, and the average TDS of typical seawater is about 35,000 mg/L. In 2018, seawater 

desalination accounted for 61% of total desalination, and 21% of feed water source was 

brackish water as shown in Fig. 1.2a [3]. The mature commercial technologies of seawater 

desalination are multi-stage flash (MSF), multi-effect distillation (MED), and reverse 

osmosis (RO). The thermal technologies, MSF and MED, were implemented first in the 

desalination industry, and were expanded especially in the Middle East. When thermal 

process is preferred, MED is likely to take over the MSF due mainly to its lower overall 

cost and higher efficiency. However, the worldwide desalination capacity of RO systems 

has dramatically increased in recent decades with the improvement of membrane 

performance and energy recovery systems. The percentage of operational desalination 

facilities using RO in 2018 was 69%, which is 4% increased from 2015, and in the 

meantime, the share of MSF was reduced from 21% to 18% (Fig. 1.2b) [3]. 

MED is based on evaporation and condensation principles at reduced pressure, which is 

similar to MSF. In the MED system, feed-water flows through multiple evaporators, and 

vapor out from each effect induces the evaporation of water in the following one. The main 

advantage of MED lies in its high reliability with a resistance to challenging feed and a 

high quality of product water. However, a massive energy requirement during the 

evaporation shifted attention towards RO technology. RO is a separation process that uses 

specific permeable membranes, where a high pressure saline feed-water is pushed through 

the membrane to produce freshwater. The technology usually requires intensive pre-

treatments to remove substances that would reduce membranes performance, including 

conventional pre-treatment processes, such as disinfection, acidification, coagulation, 
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flocculation, and cartridge filtration. Sensitivity to feed quality, the use of chemicals, and 

operational complexity are still considered challenges in RO technology. Recently, 

employing ultrafiltration (UF), and low-pressure membrane processes for the pre-treatment 

has been studied to overcome the challenges of conventional processes [11, 12]. The 

general schematic diagrams of MED and RO with conventional pre-treatment are shown 

in Fig. 1.3 [11-14].  

 

 

Figure 1.3. Schematic diagrams of (a) multi effect distillation, and (b) reverse osmosis 

seawater desalination processes [13, 14]. 
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In addition to the conventional desalination technologies, emerging technologies are under 

development to tackle current limitations and solve problems of global water scarcity. 

Various technologies are under research, such as membrane distillation (MD), forward 

osmosis (FO), and adsorption desalination (AD). Details of these technologies are 

exhaustively reported in the literature, and a brief description of each technology is covered 

in the subsequent chapters [15].  

 

1.2. Sustainability of desalination technology 

Despite the global significant growth of seawater desalination capacity, there are still 

concerns regarding its sustainability. While the environmental, economic, and social 

aspects require a thorough assessment, the main challenge of seawater desalination 

technologies lies in the reduction of its energy consumption, which in turn is directly linked 

to the economic and environmental sustainability of the technology [16]. Indeed, the large 

energy intensity required by the process has a significant impact on the total operation cost, 

which makes the economic sustainability vulnerable, while the emission of greenhouse 

gases worsens the environmental impact. 

For desalination technology, the thermodynamic limit of desalting seawater defines its least 

energy requirement, which is usually expressed with temperature and salt concentration. 

The minimum work required to separate salt from water can be expressed by applying the 

first and second laws of thermodynamics to the feed volume, viz. 

( ) ( ) ( )  ;   (1  )sep sw p b
W Q m H m H m H st law+ +  =  +   (Eq. 1.1) 
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where sep
W , Q , m , H, S, T0 to represent the work required for separation, the heat 

transferred across the boundaries of the system, the mass flow, the specific enthalpy, the 

specific entropy, and the ambient temperature, respectively, while subscripts sw, b, and p, 

represent  seawater, brine, and  product respectively [8, 17]. 

The combination of the two equations enables the estimation of the required minimum 

work expressed in terms of the Gibbs energy (G), the entropy generation (
gen

S ), the 

recovery (r), and the conversion factor (CF). 

 

( ) ( ) ( ) 0sep genpermeate brine seawter
W m G m G m G T S=  +  −  +   (Eq. 1.3) 
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This theoretical limitation expressed by the minimum work for desalination provides the 

least energy consumption for seawater desalination as presented in Fig. 1.4. The minimum 

amount of the energy demand for desalting seawater is derived and calculated as 0.810 

kWh/m3 (@ 35 g/kg, 30 °C and 0% recovery), which is in agreement with the literature [8]. 

 

 

Figure 1.4. The minimum work required for desalting water as a function of water 

recovery for different water salinities. 

 

Nevertheless, the actual energy consumptions in full-scale processes exhibit broad gaps 

with the theoretical values calculated for desalination. Recent technical and engineering 

developments enabled lowering the energy consumption down to about 3 kWhelec/m3 

(electrical energy consumption per water production) for RO, and about 2 kWhelec/m3 & 

about 60 kWhther/m3 (thermal energy consumption per water production) for MED [18], 

while RO and MED (and MSF) consumes electrical and thermal energy, respectively. 

Despite all efforts deployed by the industrial and academic research communities, the 
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energy consumption of seawater desalination remains higher than that of conventional 

water treatment technologies [19, 20]. 

 

Figure 1.5. Water supply potential and energy consumption [21]. 

 

Metzger et al. [21] evaluated the potential options of using different water sources in the 

World Resources Institute report, and compared the energy requirement on different 

technologies of water supplies as shown in Fig. 1.5. Reclaiming water from the treated 

wastewater to meet the drinking water standard is rated as the most energy-efficient option 

other than the local water resources (surface water, water transportation in short distance, 

and groundwater). However, the case study reported inevitable demands for alternative 

water resources, namely seawater desalination, to meet the future needs. The economic 

aspects associated with energy consumption and environmental impacts represent a 

bottleneck that hinders a wider application of desalination technologies. Therefore, in-
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depth understanding of its energy use is necessary to find appropriate sustainable solutions 

[21]. 

For the sustainability evaluation of seawater desalination, the amount of energy consumed 

to produce potable water is analyzed. As mentioned earlier, RO technology consumes only 

electrical energy while thermal processes (e.g., MSF and MED), generally require both 

electrical and thermal energy. Thus, electricity consumption per unit of produced water, 

denoted kWhelec/m3, is used as a unit to express energy consumption in RO process. On the 

other hand, the concept of Gained Output Ratio (GOR) and Performance Ratio (PR) are 

introduced for thermal technologies to evaluate the energy consumption and process 

performance, respectively, using the ratio between the distillate (product) and the steam 

mass flows. These ratios are closely related to the main parameters of the thermal process, 

including the number of stages (MSF) or effects (MED), the top-brine-temperature (TBT), 

the heat recovery processes, and the thermal efficiencies. 

As heat is the type of energy needed for thermal desalination, the amount of steam per 

distillate is used to assess the energy utilized in the process, while in RO systems, only 

electrical energy consumption is considered. Individual parameters can be used to compare 

different processes within the same category of technology. However, these parameters 

have limitations if the comparative analysis is to be carried out between RO and thermal 

technologies since various energy sources are used. The consumed thermal energy per unit 

distillate for the thermal desalination processes is often expressed in kWhther/m3. 

Unfortunately, it is misleading to compare or sum up kWhelec/m3 and kWhther/m3 with 

identical weights because the form of energy is different. 
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Figure 1.6. Diagram of energy conversion in a) Single-purpose thermal power plant, b) 

Electric chiller, and c) Cogeneration plant. 

* average power plant in KSA [22], ** typical average value, *** cogeneration plant in Kuwait [23] 

 

In general, although different energy sources and efficiencies are used in a process, only 

the consumption of derived energies (i.e., electrical and thermal energy) is considered 

rather than primary energy (i.e., fossil fuel). However, all derived energies are sourced 

from the primary energy, and there are substantial variations in the energy conversion 

efficiency of power plants. The limitation in expressing energy performances only with the 

derived energy is presented in Fig. 1.6 with three different types of thermal processes. A 

typical efficiency varies from 35% for thermal power plants to 52% for advanced combined 

cycle gas turbine (CCGT) plants. The average value in KSA was evaluated to 42% in 2016 

[22, 24]. It demonstrates that different amount of primary energy is consumed to produce 

the same amount of derived energy. Moreover, the adequacy of energy units becomes a 

concern as derived energies use only units of J/s or Watt, which does not address the quality 

or the grade of energy. For example, the electrically-driven chillers used for cooling have 

a coefficient of performance (COP) up to seven, which represents seven units (kW) of 

useful cooling output while the electricity input is only one unit (kW). This seems to violate 
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energy conservation. However, it is only because the electricity input is of a higher grade 

than the thermal cooling energy.  

Acknowledging the primary energy allocation can bring a precise analysis of the energy 

consumed in desalination, and allow overcoming the current limitations in defining 

desalination performance. Exergetic analysis of systems is often performed along with the 

energetic analysis to assess energy savings, efficiency, and environmental sustainability. 

The exergy of a system is known as the maximum useful work capability. The exergetic 

analysis is based on the second law of thermodynamics, while the energetic analysis uses 

the first law. As the second law pertains to entropy and irreversibility of natural systems, 

the exergy can demonstrate the quality of the energy because it includes the energy’s state 

according to the reference environment [25-27]. Thus, the exergetic and energetic analysis 

is followed to investigate the primary energy allocation in desalination technologies. 

 

 

Figure 1.7. Schematic diagram for a single block of a combine cycle power plant example 

[23]. 
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The exergetic and energetic analysis of the reference process is performed to compare two 

analytic approaches and to demonstrate the proposed definition of PR for seawater 

desalination. The reference is the cogeneration plant with the combined cycle power plant 

(CCPP) and the seawater desalination process. The CCPP model has been adapted from 

the plant located in Kuwait (commissioned in 2012), which has 2,000 MW of net power 

output. The schematic of the process is shown in Fig. 1.7 [23]. From the actual values in 

the model plant, the following analysis is conducted. 

 

 

Figure 1.8. The primary energy proportion in individual processes by energetic and 

exergetic approaches 

 

The CCPP has three blocks consisting of two industrial gas turbines, heat recovery steam 

generators, and steam turbines. An amount of 450 MW of electricity is generated from the 
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gas turbine and 230 MW from the steam turbine in a single block of the CCPP. The 

energetic and exergetic analysis are conducted using information from individual streams. 

The exergetic approach shows that 63.8% of the primary energy is consumed to generate 

450 MW of electricity in the gas turbine through the Brayton cycle, and 18.6% is consumed 

in the steam turbine to generate 230 MW of electricity. On the other hand, in the energetic 

approach, the primary consumption of the gas turbine and the steam turbine is calculated 

as 35.2% and 17.9%, respectively. The proportions of primary energy consumed in each 

process are shown in Fig. 1.8 using both energetic and exergetic approaches. For both 

approaches, total fuel inputs are equally noted as total primary energy input to represent 

the identical energy potential in fuel, while both energetic and exergetic values of fuel is 

equal [23]. 

 

 

Figure 1.9. The proportion of the primary energy for useful energy outputs 

 

The energetic analysis shows that 8.5% of the primary energy is utilized to produce the 

bleed steam for seawater desalination. However, by the exergetic approach which reports 
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the quality of energy, only 2.3% of the primary energy is consumed. The energy of the 

bleed steam from the single block is 110 MW, while this energy is not equivalent to 110 

MW of electricity per differences in quality. The proportion of 8.5% from the energetic 

analysis considers 100 MW of the thermal energy identical to the electrical energy. The 

comparative analysis, emphasizes the importance of introducing the exergy to account for 

the different forms of energy uses. By allocating the energy and exergy consumed in the 

heat recovery steam generator (HRSG) to the steam turbine and the bleed steam, the 

proportion of the primary energy for each useful energy outputs can be calculated (see Fig. 

1.9). A percentage of 96% of the primary energy is consumed to generate 680 MW of 

electricity both from the gas and steam turbines, and only 4% is used to bleed the steam for 

supplying a heat source to the desalination process. This exergetic method to analyze the 

energy consumption will be applied in this study to evaluate sustainability of selected 

desalination technologies. 

 

1.3. Hybrid desalination system 

The sustainability of desalination technology is still questionable because of its 

environmental impact, which is mainly caused by the massive greenhouse gas emission 

followed by the intensive energy consumption described in the previous sections. Various 

approaches are applied to overcome the current challenges in desalination, and the purpose 

of this study is to propose sustainable solutions. Once innovative desalination technologies 

are taken to the industrial level, developments are generally continued to enhance their 

overall performance including energy efficiencies, and  pretreatments/membrane cleaning 

procedures [28]. 
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Among existing solutions, hybrid desalination technologies are receiving attention to 

tackle the current challenges in sustainable desalination. As shown in Fig. 1.10, the impact 

and technology readiness level (TRL) are high for the hybridization technologies. It is 

because hybridization can maximize system performances by synergizing advantages and 

minimizing drawbacks of multiple desalination processes. Moreover, hybrid technologies 

widen applications of proven technologies in an industrial level. Therefore, the 

implementation of various hybrid desalination technologies are reported, and the promising 

possibilities are demonstrated in the literature [28-33].  

 

 

Figure 1.10. Greenhouse gases reduction versus technology readiness level for 

desalination technologies [28] 

 

As one of hybrid technologies, MSF-RO has been applied in the world’s largest 

desalination plant in Ras Al-Khair, Saudi Arabia, where a total of 1,036,000 m3/day of 

desalinated water are produced from both RO (309,000 m3/day) and MSF (727,000 m3/day). 
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Also, the Fujairah II desalination plant is the largest MED-RO hybrid process delivering 

591,000 m3/day of water. The key advantage of MSF-RO and MED-RO is that it blends 

on-site the water produced in different qualities from various technologies. It allows the 

RO process to use a single pass only, to meet boron removal standards, and to extend the 

membrane lifetime [28], in addition to the use of common intake system and other 

infrastructures. Other hybrid desalination technologies (e.g., FO-RO, MED-MD, MED-

AD, and FO-MD), not yet industrialized, are widely reported [34-37] as reflected by the 

increasing number of publications of Fig. 1.11. The number of publication (articles, 

reviews, and conference proceedings) under the keyword, “hybrid desalination”, has been 

analyzed using the Web of Science. Related publications consistently increased since 2005 

from 13 to 326. 

 

 

Figure 1.11. Number of publications on hybrid desalination from 2005 to 2020 
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1.4. Objectives 

The motivation of this study is to contribute to a better understanding of the hybridization 

of desalination technologies, to enhance sustainability with the most practical approaches. 

To evaluate the sustainability of hybrid desalination technology, two pairs of systems are 

introduced in this study, namely (i) multi-effect distillation – adsorption cycle (MED-AD), 

and (ii) forward osmosis – membrane distillation (FO-MD). The MED-AD hybrid system 

is the integration of two thermal processes which are presently implemented for different 

applications. On the other hand, the FO and MD processes are both emerging membrane 

technologies under intensive studies and on-going prototyping. Given the different nature 

of these processes, different impacts and synergies are expected. Therefore, the objectives 

of this study can be summarized as: 

• Investigate the exergy flows of the primary energy to assess sustainability of the 

desalination processes. Both energetic and exergetic analysis of power generation 

processes will present the adequate energy consumption of hybrid systems. 

• Study the thermodynamic synergy in the MED-AD hybrid system in the pilot 

facility at KAUST, KSA with the rooftop solar thermal energy system. With the 

pilot operation, the practical impact of the hybridization can be demonstrated, and 

developing the thermodynamic framework can provide the comprehensive 

understanding of the MED-AD hybrid system. 

• Improved performance and efficiency are expected with the novel FO-MD 

integrated module design. The enhanced energy (both thermal and osmotic) 

utilization will be observed to study the osmotic and thermal isolation impacts 
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brought by an innovative barrier separating the FO draw solution and the MD feed 

chambers. 

• The feasibility of the SWRO-MD-FO hybrid system is studied and evaluated to 

apply FO-MD system in brine reclamation. The operating parameters are proposed 

for the hybrid system. Furthermore, lab-scale operations for both MD and FO 

processes are conducted with a real SWRO brine sample to investigate possible 

applications. 

 

1.5. Dissertation structure 

The thesis is presented in five Chapters, in which three of them (Chapters 2-4) are a 

collection of six peer reviewed journal articles and four international conference 

proceedings. Chapter 1 gives a general background of the study, and introduces the 

motivation and objectives prior to entering into the main research work. Each Section 

includes detailed introduction, methodology, results, discussion, and conclusion. Chapter 

2 investigates the sustainability of MED-MD hybrid system by exploring the primary 

energy consumption in general and hybrid desalination systems followed by a case study 

of KAUST MED-AD pilot operations. Chapter 3 evaluates FO-MD hybrid system with the 

development of a novel FO-MD integrated module. A detailed experimental analysis is 

carried out of which results are compared to conventional FO-MD module. Chapter 4 

introduces SWRO-MD-FO hybrid system for circular brine reclamation as an application 

of FO-MD hybrid processes. It discusses a potential practical implementation by using the 

SWRO brine from KAUST commercial plant. Finally, in Chapter 5, conclusions are drawn 

with recommendations for future work.   
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CHAPTER 2 

 

THERMODYNAMIC HYBRIDIZATION OF MULTI-EFFECT DISTILLATION 

& ADSORPTION CYCLE AND PERFORMANCE ANALYSIS OF 

DESALINATION TECHNOLOGIES 

 

2.1. Introduction 

The performance evaluation of desalination technologies by the exergy analysis and the 

experimental study on multi-effects distillation & adsorption cycle (MED-AD) hybrid 

system are presented in this chapter. The individual sections are articles originally 

published in peer-reviewed scientific journals without the journal formatting. The 

followings are the published references. The articles with the respective journal format can 

be found in the Appendix. 

The followings are the published references. 

 

K.C. Ng, M.W. Shahzad, H.S. Son, O.A. Hamed, An exergy approach to efficiency 

evaluation of desalination, Applied Physics Letters, 110 (2017) 184101 

M.W. Shahzad, M. Burhan, H.S. Son, S.J. Oh, K.C. Ng, Desalination processes 

evaluation at common platform: A universal performance ratio (UPR) method, 

Applied Thermal Engineering, 134 (2018) 62-67 
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H.S. Son, M.W. Shahzad, N. Ghaffour, K.C. Ng, Pilot studies on synergetic impacts of 

energy utilization in hybrid desalination system: Multi-effect distillation and 

adsorption cycle (MED-AD), Desalination, 477 (2020) 114266 

 

2.2. Publication # 1 “An exergy approach to efficiency evaluation of desalination” 

 

2.2.1. Abstract 

This paper presents an evaluation process efficiency based on the consumption of primary 

energy for all types of practical desalination methods available hitherto. The conventional 

performance ratio has, thus far, been defined with respect to the consumption of derived 

energy, such as the electricity or steam, which are susceptible to the conversion losses of 

power plants and boilers that burned the input primary fuels. As derived energies are 

usually expressed by the units, either kWh or Joules, these units cannot differentiate the 

grade of energy supplied to the processes accurately. In this paper, the specific energy 

consumption is revisited for the efficacy of all large-scale desalination plants. In today’s 

combined production of electricity and desalinated water, accomplished with advanced 

cogeneration concept, the input exergy of fuels is utilized optimally and efficiently in a 

temperature cascaded manner. By discerning the exergy destruction successively in the 

turbines and desalination processes, the relative contribution of primary energy to the 

processes can be accurately apportioned to the input primary energy. Although efficiency 

is not a law of thermodynamics, however, a common platform for expressing the figures 

of merit explicit to the efficacy of desalination processes can be developed meaningfully 
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that has the thermodynamic rigor up to the ideal or thermodynamic limit of seawater 

desalination for all scientists and engineers to aspire to. 

 

2.2.2. Introduction 

Water, energy, and environment are inextricably linked when desalting the seawater. As 

more potable water is produced, more energy is consumed and concomitantly more CO2 

gases are emitted. In the water-stressed countries of the world, the availability of these 

resources at affordable prices strengthened the growth rate of their economy. Water is 

pervasive to all energy production sectors, such as fossil fuel processing, power generation, 

and irrigation of feedstock crops for biofuels. The practical processes of seawater 

desalination available hitherto, namely, the seawater membrane-based reverse osmosis 

(SWRO), thermally driven multi-stage flashing (MSF), and the multi-effect distillation 

(MED) methods [38-43], are known to be energy intensive when compared to the ideal or 

thermodynamic limit (TL) of desalination [44-47]. The TL is an ideal concept of 

desalination with no entropy generation, and depending on the source of seawater, its 

salinity may vary from 3.0% to 4.5% by weight. For the Middle East and North African 

(MENA) countries, the specific energy consumption is calculated to be in the range of 0.7 

to 0.85 kWh/m3, and the TL that has a minimum work of nominal seawater at 25 °C is 

about 0.78 kWhpe/m3 [48-57]. The existing desalination plants efficiency, performance 

ratio (PR), is defined as a ratio of the equivalent evaporative energy of distillate to the 

energy input, as presented in Eq. 2.1. The conventional PR is based on derived energies 

such as electricity and thermal; 
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(Eq. 2.1) 

 

where hfg is the latent heat of evaporation of potable water in kJ/kg, kWhelec/m3 and 

kWhther/m3 are the derived energies, while the constant 3.6 is the unit conversion factor. 

This conventional PR may appear reasonable in industry for comparing the desalination 

processes, but it has inherently two weaknesses: First, the electricity by desalination 

processes is susceptible to the overall power plant efficiency, 35 - 50%. Second, the units 

of derived thermal energy, kWh, are unable to differentiate the quality of energy consumed 

by the cascaded processes. Considering all derived energies, as thermodynamically the 

same in PR calculations, it can be deceptive in comparing assorted desalination methods. 

This misconception is commonly observed in cogeneration plants where two or more 

useful effects are produced simultaneously where different grades of derived energies are 

measured as kWh [58-66]. As today’s desalination plants are aptly designed with the 

concept of cogeneration to judiciously distribute the exergy of input primary fuel between 

the combined cycle gas turbines (CCGTs) and steam turbines and the thermally driven 

multi-effect desalination (MED) processes, it is crucial to distinguish the relative exergy 

destruction incurred by each process. Thus, the measured derived energy of a process can 

then be rightfully apportioned with respect to the input primary energy. 
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Figure 2.1. An example of a single useful-effect output power plant for cooling 

application. It is observed that the same conversion factor of 0.47 can be attained from 

either the enthalpy or exergy methods. 

 

2.2.3. Results and discussion 

The omission of the grade of energy consumed by the desalination processes can be 

attributed historically to the primitive design arrangements of a single-purpose built plant, 

where neither the energy nor exergy analysis makes any difference to the primary energy 

apportionment. For example, the electricity is generated from a simple power plant or the 

steam is produced by a burning fuel directly in a boiler: A one-to-one relationship between 

the input and the useful output negates the need for an accurate exergy approach. Another 

example is a chiller for providing the cooling effect, as shown in Fig. 2.1, where it 

delineates the detailed energy and exergy flows by considering a unit amount of electricity 
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produced from a dedicated power plant [67, 68]. The electricity is then used to operate a 

refrigerant-based chiller of nominal Coefficient of Performance (COP) for useful cooling. 

Both enthalpy and exergy analyses yielded the same overall conversion factor (CF) of 

about 47%. 

 

 

Figure 2.2. An example of a cogeneration plant with a nominal electricity and water 

production of 594MW and 2813 m3/h, respectively, and the processes are operated in a 

temperature-cascade manner. 

 

It is emphasized that when the figure of merit, PR, is applied to desalination processes 

within a cogeneration-type CCGT power plant, the energy consumption should be 

expressed in terms of the primary energy, providing a level platform for the cross 

comparison of assorted desalination methods. To mark the distinction between the 
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conventional PR and the primary energy based PR, the latter is termed universal PR or 

UPR in short. The accurate conversion of derived energy to primary energy consumption 

is the key for having an equitable platform for comparing all desalination methods and the 

fuel cost apportionment. Furthermore, it subsumes all associated conversion losses and the 

exergy destruction, and hence, an exergetic analysis is the most appropriate approach to 

calculate these conversion factors. Besides the UPR, an alternative definition for the 

efficacy of desalination is also given, that is, a ratio of potable water product to the primary 

energy input derived from the desalination process or plant that encompasses all losses 

incurred by all desalinating processes or cycles. 

 

Table 2.1. The thermodynamic states at inlet and outlet streams of the major components 

(denoted by the state points) in the cogeneration plant of Figure 2.2. 
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In today’s optimally designed cogeneration plants that produce two or more useful output, 

the thermodynamic-rigorous exergy approach has to be considered for the differentiation 

of the quality or grade of energy use by the temperature-cascaded processes [69-73]. The 

exergy destruction analysis accurately apportions the amount of primary energy consumed 

by the major components of the plant. This is demonstrated by considering a cogeneration 

of power (594 MW electricity from gas and steam turbines) and desalination (2813 m3/h), 

as shown schematically in Fig. 2.2. The major components are arranged synergistically 

where the gas turbine (GT) generators are operated with high exergy gases, while both the 

steam turbines and the thermally driven desalination processes are powered by the 

recovered exergy from the GT exhaust gases. Table 2.1 outlines the inlet and outlet 

pressures, temperatures, and flow rates, while the respective enthalpy and entropy can be 

readily computed to provide the exergy destruction analyses across all key components. 

The distribution of exergy destruction of combined-cycle gas turbines (CCGTs) is 75% 

and the heat recovery steam generator (HRSG) has the remaining 25%. The latter exergy 

is converted into steam which operates the multi-stages steam turbines (ST), the steam 

condenser, and the multi-effect distillation (MED). 

Approximately 20 ± 1.5% of the available exergy is converted into steam of high pressure 

and temperature, which is then supplied to the steam turbines for further power production 

and the thermally driven MED desalination processes. Only less than 2 ± 0.5% of the 

available exergy is purged to the ambient as exhaust of combustion products. Despite the 

lower grade of the steam from the HRSG, the multi-stage steam turbines seem to be 

efficient in generating 40% of the total electricity production. Only a small fraction of low 

grade steam from the last or low pressure stage of steam turbines is bled-off to operate the 
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MED for seawater desalination. Based on the thermodynamic states of the key components 

of cogeneration design, the exergy destruction calculations accurately apportioned the 

available work of primary energy input to the derived energies, determining the conversion 

factors (φi) between the electricity, thermal energy, etc., and the exergy input. Table 2.2 

summarizes the primary fuel proportion utilization by cogeneration components based on 

exergy and energy analysis. 

 

Table 2.2. Primary fuel proportion utilization by cogeneration components based on 

exergy and enthalpy analysis. 

 

 

Table 2.3. The average conversion factors for derived energy (such as electricity and 

thermal input) to primary energy requirement of MSF and MED processes. 
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Table 2.4. The conversion of derived energy to primary energy using published data 

found in literature [74-85]. 

  Derived energy 
Conversion to primary energy 

(kWhpe/m3) 
   

Types of 

desalination method. 

Electricity 

(kWhelec/m3) 

Thermal 

(kWhther/m3) 

Electricity 

(φ1) 

Thermal (φ1) inclusive of 

weighted condenser losses 

Total primary energy 

(kWhpe/m3) 

Performance 

ratio (UPR) 

% of thermodynamic 

limit (TL) 

SWRO(83) [83] 7.58 0 16.17 0 16.17 39.96 4.83 

SWRO(86a) [83] 6.32 0 13.48 0 13.48 47.93 5.79 

SWRO(86b) [79] 7.93 0 16.92 0 16.92 38.2 4.61 

MED(89) [74] 5 65.93 10.67 1.57 12.24 52.75 6.37 

MSF(89) [80] 4.3 80.76 9.17 4.36 13.53 47.74 5.77 

SWRO(89) [79] 6.11 0 13.03 0 13.03 49.57 5.99 

MED(90) [75] 2.35 104 5.01 2.5 7.5 86.09 10.4 

SWRO(90) [75] 5.8 0 12.37 0 12.37 52.22 6.31 

SWRO(93) [83] 5.4 0 11.52 0 11.52 56.09 6.77 

MED(94) [74] 2.9 68.74 6.17 1.65 7.82 82.46 9.96 

MSF(97) [74] 4.2 80.76 8.94 4.04 12.98 48.51 5.86 

SWRO(97) [83] 5.02 0 10.71 0 10.71 60.34 7.29 

SWRO(98a) [81] 5.85 0 12.48 0 12.48 51.78 6.25 

SWRO(98b) [79] 5.56 0 11.86 0 11.86 54.48 6.58 

SWRO(99) [83] 4.51 0 9.62 0 9.62 67.16 8.11 

SWRO(00) [79] 7.42 0 15.83 0 15.83 40.82 4.93 

MED(01) [76] 2.3 71.67 4.89 1.72 6.61 97.71 11.78 

MSF(01a) [80] 4.2 99.4 8.93 4.97 14.32 45.1 5.45 

MSF(01b) [76] 3.6 80.56 7.66 4.03 12 53.71 6.49 

MSF(01c) [80] 3.5 80.76 7.45 4.04 11.5 54.63 6.6 

SWRO(01a) [76] 4.2 0 8.96 0 8.96 72.12 8.71 

SWRO(01b) [83] 4.43 0 9.45 0 9.45 68.37 8.26 

SWRO(03) [83] 4.3 0 9.17 0 9.17 70.44 8.51 

MED(04) [77] 3.28 76.1 7 1.83 8.83 73.23 8.84 

MSF(04) [77] 3.98 76.1 8.49 3.81 12.3 51.28 6.19 

SWRO(04) [77] 4.9 0 10.45 0 10.45 61.82 7.47 

SWRO(05) [83] 3.97 0 8.47 0 8.47 76.3 9.21 

MED(07) [78] 2.3 75 4.9 1.8 6.7 83.3 11.64 

MSF(07) [78] 3 80 6.38 4 10.38 60.28 7.28 

SWRO(07a) [78] 5 0 10.67 0 10.67 60.58 7.32 

SWRO(07b) [81] 4.5 0 9.6 0 9.6 67.31 8.13 

MED(08) [78] 2 80.6 4.25 1.93 6.2 104.2 12.58 

MSF(08) [78] 3 80.6 6.38 4.03 10.41 60.09 7.26 

SWRO(08) [78] 5.5 0 11.73 0 11.73 55.07 6.65 

SWRO(09) [83] 3.88 0 8.28 0 8.28 78.07 9.43 

SWRO(12) [83] 3.44 0 7.34 0 7.34 88.05 10.63 

MED(16a) [85] 2.5 108 5.32 2.59 7.91 81.53 9.85 

MED(16b) [84] 1.82 63.97 3.87 1.54 5.41 119.26 12.36 

MED(16c) [84] 1.68 56.18 3.57 2113 3.57 131.01 15.82 

MSF(16) [84] 4 56.18 8.51 2.81 11.32 55.86 6.75 

SWRO(16a) [83] 2.96 0 6.31 0 6.31 102.33 12.36 

SWRO(16b) [85] 5 0 10.67 0 10.67 60.58 7.32 

Average  4.38 85.5 … … 10.67 … … 
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With the relative contributions of exergy destruction in cogeneration processes accurately 

determined, the amount of primary energy consumption attributed at an exergy or top brine 

temperature (TBT) level to a process can now be readily computed. Using such a 

methodology, the universal performance ratio (UPR) for any desalination process, as 

presented in Eq. 2.2, can be determined [18], i.e., 
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(Eq. 2.2) 

 

where φ1 and φ2
TBT are the conversion factors needed for converting the derived electricity 

and thermal input at a given top-brine temperature (TBT) to the respective primary energy. 

The hfg is the latent heat of potable water produced, i.e., 2,326 kJ/kg. Most of the literatures 

available is based on the conventional energetic approach for performance evaluation [86-

93]. Over 20 published articles on CCGT power and desalination are analyzed to find 

average conversion factors φ1, φ2
TBT as delineated in Table 2.3. Based on the primary 

energy consumption, the detailed UPR values and the alternative figure of merit, m3/kWhpe, 

are determined for the published data of desalination plants, as shown in Table 2.4. 

Chronologically over the last three decades, the trend of UPR values is increasing steadily 

from a low value of 40 to a high value of 113, as shown in Fig. 2.3. The direct figure of 

merit for desalination, i.e., the m3/kWhpe is also presented on the secondary axis of Fig. 

2.3. It can be seen that the MED (11.1% TL) has slightly better efficiency than SWRO 

(7.45% of TL) and MSF (6.4% of TL) methods. Despite a gradual rising desalination 
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efficiency of all desalination methods over the past 3 decades, the desalination efficiencies 

are merely hovering less than 15% of the TL where the TL has a UPR of 828 or an ideal 

production of 1.282 m3/kWhpe. From these comparisons, all scientists and engineers of the 

desalination community should not rest their laurels as their existing desalination efficiency 

is far from the TL. Much effort to improve desalination efficiency is urgently needed so as 

to approach the goals of future sustainable desalination. Although nature is always harsh 

to mankind, our experiences in the heat engine cycles have demonstrated that it is plausible 

to reach up to 30% of the ideal limit even for future desalination. We opine that the 

opportunity for improving efficiency of desalting processes is good, both in the materials 

development and excellence in thermodynamic synergy for the thermally driven hybrid 

cycles, for example, the MEDAD cycle as shown in Fig. 2.3. 

Recent publications appearing in the literature [16, 23, 94-105] have made great strike 

towards improving the efficacy of practical desalination methods. In one example, the 

hybridization of the conventional MED method with the adsorption desalination (AD) 

cycles has been extensively investigated at the King Abdullah University of Science and 

Technology. The AD cycle [106-111] is attached to the bottom-brine stage of the MED, 

acting as a vapor compressor to lower the bottom-brine temperature of MED. Owing to the 

excellent thermodynamic synergy between these cycles, the water production yield of the 

MED stages is almost double while the thermal heat input to the MED remains unchanged. 

The additional thermal heat input is the regeneration heat required for desorption of the 

adsorbent that facilitated the batch-operation of AD cycles. Our experiments show a 

quantum jump in the figure of merits for efficiency where the universal performances ratio 

(UPR) attained by the MED-AD cycles, or MEDAD in short, has increased from 113 to 
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175, as denoted by the red-colored cross symbol of Fig. 2.3. This demonstrates that a 

“quantum jump” in the UPR of desalination is only possible when there is a methodology 

shift in the desalination technology. Otherwise, the improvement in desalination efficiency 

can merely be of a marginal increase, as evident in the gradual slope improvement, over a 

three decade period, of the mentioned methods of Fig. 2.3. 

 

 

Figure 2.3. A chronological trend in the primary-energy based performance ratio (PR) of 

all desalination plants from 1983 to 2016. Despite a gradual increase in the efficiency, all 

desalination methods available today are far remote from the thermodynamic limit (TL). 

 

By specifying the primary energy consumption in all desalination methods, it presents a 

whole fresh paradigm for efficiency comparison. The exergy destruction analysis for 
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desalination processes is deemed more accurate and fair, as it subsumed the conversion 

losses as well as the exergy destruction needed by the processes in a cogeneration 

configuration. The revised universal performance ratio (UPR) or the alternative m3/kWhpe 

revealed that the existing efficiency of desalination methods is not better than 15% of the 

ideal limit of desalination. The challenge now is to seek a higher efficiency goal for future 

sustainable desalination, typically up to 30% of the thermodynamic limit or an equivalent 

target of 0.3 m3/kWhpe. Such an efficiency target can be achieved through either the 

hybridization between existing desalination processes to achieve excellent thermodynamic 

synergy between them, as demonstrated by the MEDAD processes, or to seek a quantum 

improvement in the realm of high permeable flux of membrane materials. Accumulated 

experiences of hybrid design of desalination processes have confirmed a plausible focus 

direction for achieving sustainable desalination. 
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2.3. Publication # 2 “Desalination processes evaluation at common platform: A 

universal performance ratio (UPR) method” 

 

2.3.1. Abstract 

The inevitable escalation in economic development have serious implications on energy 

and environment nexus. The International Energy Outlook 2016 (IEO2016) predicted that 

the Non Organization for Economic Cooperation and Development (non-OECD) countries 

will lead with 71% rise in energy demand in contrast with only 18% in developed countries 

from 2012 to 2040. In Gulf Cooperation Council (GCC) countries, about 40% of primary 

energy is consumed for cogeneration based power and desalination plants. The 

cogeneration based plants are struggling with unfair primary fuel cost apportionment to 

electricity and desalination. Also, the desalination processes performance evaluated based 

on derived energy, providing misleading selection of processes. There is a need of (i) 

appropriate primary fuel cost appointment method for multi-purposed plants and (ii) 

desalination processes performance evaluation method based on primary energy. As a 

solution, we proposed exergetic analysis for primary fuel percentage apportionment to all 

components in the cycle according to the quality of working fluid utilized. The proposed 

method showed that the gas turbine was under charged by 40%, steam turbine was 

overcharged by 71% and desalination was overcharged by 350% by conventional energetic 

apportionment methods. We also proposed a new and most suitable desalination processes 

performance evaluation method based on primary energy, called universal performance 

ratio (UPR). Since UPR is based on primary energy, it can be used to evaluate any kind of 

desalination processes, thermally driven, pressure driven & humidification-
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dehumidification etc. on common platform. We showed that all desalination processes are 

operating only at 10 - 13% of thermodynamic limit (TL) of UPR. For future sustainability, 

desalination must achieve 25 - 30% of TL and it is only possible either by hybridization of 

different processes or by innovative membrane materials. 

 

2.3.2. Introduction 

The world’s trend in water desalination industry has moved towards the efficient 

cogeneration concept where both power (electricity) and potable water are produced 

simultaneously. Cogeneration exploits the thermodynamic synergy of process integration 

where processes are arranged in the descending needs of exergy potentials. In a combined 

cycle gas turbine (CCGT) and desalination plants, high pressure steam produced in heat 

recovery steam generator (HRSG) by circulating high temperature burnt gases perform two 

important tasks such as: (i) the mechanical work generation by expanding in turbines that 

drives the electric generators for electricity production and, (ii) the extracted steam from 

the low-pressure turbines, utilized in desalination systems such as multi effect desalination 

(MED) and multi stage flash (MSF) to produce fresh water. In such dual purpose plants, 

the differentiation of grade or quality of working fluid utilized by the processes is important 

not only for their performance evaluation but also primary fuel cost apportionment. The 

conventional energy based analysis is unable to distinguish the grade of energy. In 

literature, group of researchers [58-64, 86, 89-91] presented energetic method for 

cogeneration plant analysis but they were unable to accommodate the quality of energy 

utilized by the process. Numerous publication [65, 66, 70, 87, 88, 93, 112] also presented 
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desalination thermodynamic analysis based on energetic analysis neglecting grade of 

energy.  

 

 

Figure 2.4. Primary fuel exergy flow across processes of a cogeneration components. 

 

Many authors applied similar energetic approaches for primary fuel cost apportionment in 

the past ignoring the effect of quality of working fluid in multi-purposed plants. In 1980 s 

some authors [113] presented fuel cost apportionment concept taking into account 
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irreversibility and thermodynamic efficiency for dual purpose plants. It is noticed that, for 

dual purpose plants, two methods were used for fuel cost apportionment in the past such 

as; (i) method based on cost accounting of stream energy also called cost balance method 

and (ii) method based on assigning capital cost and fuel cost directly to products produced 

also called cost allocation method. Saeed [114] proposed fuel cost allocation method based 

on total output (power and water) to total input (fuel) utilizing the heat values of output. 

Al-Sofi et al. [115] presented first law of thermodynamics for dual purpose plant fuel cost 

allocation. They simply used output to steam flow rate factor for primary fuel cost 

distribution. Author also highlighted exergy accounting concept but all calculations were 

performed using energy of input stream to total output produced. Darwish [116] suggested 

four different methods based on fuel saving approach as if both plants operated separately. 

He also highlighted increased boiler capacity methods to match dual purpose plant 

requirement. Wade [117] presented cost distribution method based on energy consumed by 

the processes for five different schemes of power and desalters including MSF and reverse 

osmosis (RO). He used power plant efficiency as a reference for energy distribution. 

Mussati et al. [118] proposed credit method for annual cost distribution in which they 

predetermined the value of one product and subtracted it from total annual cost to find the 

cost of second product. Wang et al. [119] presented seven different cost allocation methods 

including energy of input streams, energy of outputs and exergy of outputs etc. Kamal [120] 

investigated simple energy approach for costing and to estimate the attractive rate of return 

for power and desalination methods. Hosseini et al. [121] explained total revenue required 

approach for economic analysis of dual purpose plants. They utilized exergy to investigate 

the system components efficiency. Hamed et al. [122] presented an energy based cost 
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allocation method for dual purpose plants. They also investigated different parameters 

effect on costing. Lozano et al. [123] and Helal [124] proposed an energetic approach for 

cost allocation of tri-generation (power, desalination and cooling) plant. They simply used 

heat energy distribution among these processes. From above detailed literature review, it 

can be noticed that mostly authors focused on energetic analysis for performance analysis 

and primary fuel cost allocation in dual purpose plants. 

For dual-purpose plants where more than two outputs are produced from one input, 

distinguishing the grade of energy utilized by the processes is very important. Exergy 

analysis can differentiate the quality of working fluid very efficiently. Although there are 

number of publications [48, 49, 92, 112, 125-147] are available on exergy analysis, but 

they only focused on system performance in case of single purpose plants and components 

performance improvement in dual purpose plants. Thus, there is real motivation to evaluate 

the exergy destruction of working fluid (steam) expands across the designed processes of 

a cogeneration plant such as turbines and desalination and to rationalize grade of energy 

utilized for performance evaluation as well as the fuel-cost apportionment for the processes, 

corresponding to the ratio of exergy destruction of the processes to the total available 

exergy of the plant. 

 

2.3.3. Combined cycle gas turbine + desalination system configuration 

For discussion purpose, combined CCGT and desalination plant is presented in this paper. 

The detailed exergy flow of primary fuel across processes is shown in Fig. 2.4. The 

desalination processes are integrated into combined cycle to activate by low exergy steam 

usually extracted from low pressure turbine at low pressures and temperatures. Although 
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the exergy value of bled-steam is low, but its latent energy remains high. The low exergy 

of bled steam renders its suitability for power generation but it is an excellent source for 

MED where its latent energy is used multiple times according to number of effects. In 

MED, the vapor emanating from the previous stage is channeled to the tubes of the 

subsequent stage to reutilize the heat of condensation to evaporate the sprayed seawater. 

The multiple re-use of the latent energy of bled steam is repeated from a top-brine (TBT) 

to a lower-brine (LBT) temperature of 65 °C to 42 °C, respectively. The lower limit of LBT 

is controlled by the ambient temperature which may fluctuate with the local seasons. 

Through these highly efficient condensation-evaporation processes, the distillate is 

produced and collected from every MED stage. 

 

2.3.4. Exergy approach 

For a combined plant having 594 MW electricity and 2,813 m3/h desalination capacity as 

discussed in section 3.2.3, an exergy model is developed to investigate primary fuel 

proportions utilized by the processes. The detailed exergy model is presented in Table 2.5.  

It is calculated that 73.17% of primary fuel exergy is destructed across gas turbine cycle 

and remaining 26.83% is carried over by exhaust gases. This energy is recovered across 

HRSG to produce steam. Approximately 23.11% exergy of produced steam is utilized by 

steam turbines for further power production and only a small fraction, 3 - 4%, of low-grade 

steam from the last stages of low pressure steam turbines is bled-off to operate the MED 

for seawater desalination. Table 2.6 summarized the primary fuel proportions utilization 

by cogeneration components based on exergy and energy analysis. 
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Table 2.5. Detailed exergy model for a combined power and desalination plant. 

 

 

These proportions are based on grade of energy consumed by the processes and can be 

utilized to convert derived energies of desalination processes to primary energy. 

Conventionally, the industrial desalination processes performance also called performance 

ratio (PR) is based on derived energy such as electrical and thermal as presented in Eq. 2.3. 

Since different derived energies are not same in terms of quality (work potential) so 

conventional PR is misleading concept for different desalination technologies comparison. 
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Table 2. 6. Primary fuel proportion utilization by cogeneration components based on 

exergy and enthalpy analysis. 

 

 

We proposed UPR based on primary energy that can provide common platform for 

comparison of all kind of desalination processes. In proposed UPR, as presented in Eq. 2.4, 

the derived energies are multiplied with respective conversion factors to convert into 

primary energies those can be then added to calculate total input to desalination process. 
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where hfg,vapor is equivalent vapor energy, CF1 is the conversion factor for electricity to the 

primary energy, CF2 is the conversion factor for thermal input to the primary energy and 

CF3 for renewable to primary energy. The kilo-watt hour per cubic meter (kWh/m3) is the 

specific energy consumption in terms of electrical, thermal and renewable. The conversion 

factors are calculated on the basis of exergy destruction across the components 

corresponding to primary fuel exergy. On the basis of these conversion factors, the derived 

specific energies are converted to the equivalent primary energy. The UPR values are 

calculated based on primary energy consumption as presented in Table 2.7. 

The calculated UPR numbers can’t provide the real picture unless it compared with 

thermodynamic limit for separation. The thermodynamic limit is calculated based on 

minimum separation work theory. According to minimum separation work theory, the 

minimum energy required for separation at 35,000 ppm concentration is 0.78 kWh/m3 

[148]. The UPR theoretical limit based on minimum separation work theory is 828 as 

presented in Table 2.7. It can be seen that the conventional desalination processes are only 

operating within 10% of TL, highly un-sustainable for future water supplies. It can also be 

noticed that MED performance (UPR=88) is slightly better as compared to RO processes 

(UPR=86) and it is due to low grade steam utilization that has very small proportion in 

primary energy. The MSF processes performance is the lowest because they consume high 

temperature steam and high electricity that makes more share in primary energy. 

Over 40 commercial desalination plants data has been collected from all over the World 

and UPR trend has been presented in Fig. 2.5. Despite more than 3 decades of design 

improvements in the mentioned processes, the efficiency improvement is seen to be gradual. 

The authors believe that a quantum jump in efficiency for desalination can only be derived 
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when there is a fresh paradigm change in the technology break-through in material 

development or the implementation of hybridization of existing thermally-driven methods 

so as to enhance their thermodynamic synergy. 

 

Table 2.7. Primary energy of three conventional desalination processes and universal 

performance ratio. 

 

 

 

Figure 2.5. Chronological trend of universal performance ratio and thermodynamic limit 

of 40 World desalination plants. 
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Figure 2.6. MED + AD hybrid cycle detailed flow schematic. 

 

Recently, desalination hybridization trend have been presented by many researchers. MED 

hybridization with AD cycle [16, 18, 98, 100, 104, 149-155] have made great strike towards 

improving the efficacy of practical desalination methods. The hybridization of the 

conventional MED method with the adsorption (AD) desalination cycles has been 

extensively investigated at the King Abdullah University of Science and Technology. The 

AD cycle is attached to the bottom-brine stage of the MED, acting as a vapor compressor 

to lower the bottom-brine temperature of MED. The detail schematic of hybrid MEDAD 

cycle is presented in Fig. 2.6 where last stage of MED is combined with AD cycle to break 

lower brine temperature. Owing to the excellent thermodynamic synergy between these 

cycles, the water production yield of the MED stages is almost double whilst the thermal 

heat input to the MED remains unchanged. The additional thermal heat input is the 

regeneration heat required for desorption of adsorbent that facilitated the batch-operation 
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of AD cycles. Our experiments show a quantum jump in the efficiency where the universal 

performances ratio (UPR) attained by the MED + AD cycle has increased from 113 to 175 

as shown in Fig. 2.5. This demonstrates that a quantum jump in the desalination efficiency 

is only possible when there is a methodology shift in the desalination technology. 

Otherwise, the improvement in desalination efficiency can depict a marginal increase, as 

evident in the gradual improvement in the efficiency over a three decade period of Fig. 2.5. 

The other noticeable hybridizations presented recently are MSF-MED [139, 156] and RO-

MSF [157-164] are also evolving to improve processes performance by overcoming 

conventional methods limitations. Thermally driven processes hybridization improve 

thermodynamic synergy and thermal system with membrane technologies improve fresh 

water recovery. 

 

2.3.5. Conclusion 

The challenge facing all scientists and engineers is not to squabble over which desalination 

method available hitherto is better but instead, how to achieve a higher performance ratio 

for any desalination method in order to achieve sustainable desalination for the future. As 

the present universal performance ratios for all practical seawater desalination are less than 

15% of the thermodynamic limit for seawater desalination, it is plausible that future 

desalination methods could attain an efficiency level up to 30% of the ideal limit. In this 

paper, we have demonstrated that the goal for sustainable seawater desalination can be 

reached by hybridizing the existing processes and development of the high flux permeable 

membranes such as aquaporins, graphenes, etc. but these developments are still at their 

infancy stages in terms of their potential for commercialization.  
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2.4. Publication # 3 “Pilot studies on synergetic impacts of energy utilization in hybrid 

desalination system: Multi-effect distillation and adsorption cycle (MED-AD)” 

 

2.4.1. Graphical abstract 

 

Figure 2.7.Graphical schematics of conventional MED and MED-AD hybrid systems 

 

2.4.2. Abstract 

The hybridization of desalination processes is one of the most promising technologies to 

overcome the current limitations of desalination technologies while maximizing the 

advantages of individual processes in practice. Multi-effect distillation (MED) and 

adsorption desalination (AD) hybrid desalination process has been investigated in this 

study to maximize the utilization of energy input in desalination. Two different thermal 

desalination technologies have been integrated, and the synergetic impact of utilizing 
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energy enhanced the performance of the hybrid system. The synergetic thermodynamic 

model has been developed in this study and the experimental results from the pilot unit, 

with a nominal production capacity of 10 m3/day, installed at KAUST, KSA have been 

affirmed the proposed model. Both the water production and the universal performance 

ratio (UPR) have been improved 2-5 times in different quality of the heat source (40-60 °C) 

to the MED. Moreover, the MED-AD hybrid process is enabled to scavenge the energy 

from the ambient temperature below 30 °C for the desalination. The utilized energy of both 

thermal and flash evaporation in all operation conditions, and individual effects has been 

inventoried to analyze the thermodynamic synergy of the hybridization. In the sole MED 

operations, the energy input in the first effect is carried over to the following effects, and 

part of it is used for thermal evaporation. However, due to the AD driven flash evaporation, 

the energy used in evaporation of the following effect is shown greater than the previous 

effect. The developed synergetic model of MED-AD hybrid system and its experiment with 

4-effects MED pilot have demonstrated the potential of the hybrid system and its 

application to the industrial processes. 

 

2.4.3. Introduction 

Water is a vital resource, not only for the daily life of human beings but also for all socio-

economic activities. However, it is being depleted due to unsustainable consumption for 

domestic, industrial, and agricultural purposes. Water scarcity in regions with fewer water 

resources, such as the Middle East and Africa is escalating more severely than other regions 

due to their rapid water demand increase. Complications driven by water shortages have 
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been rising globally in different areas and sectors. Moreover, the ensemble projection of 

climate models and socio-economic scenarios shows the global community will face 

extensive water stress by 2040 in 167 countries [1]. Seawater has emerged as a reliable and 

effective solution for this problem, and this has been researched and developed in recent 

years. Current research on seawater desalination has improved technologies and been 

implemented in the industry to produce freshwater from seawater. 

However, the main challenge that limits broader applications of seawater desalination is its 

intensive energy use [165], which is weakening economic and environmental sustainability 

of desalination technologies. As the technologies in the industry have been developed, the 

cost of desalinated water per unit production has been drastically decreased to 0.3-0.5 $/m3 

[18]. Besides the economic aspect, emissions of airborne pollutants and greenhouse gasses 

caused by energy generations in the life cycle, chemical usages, and brine disposals impact 

critically the environmental sustainability of desalination processes [166].  

Energy consumptions of desalination technologies are commonly presented in the form of 

unit energy input per unit of desalinated water production. However, the same unit, 

kilowatt-hour per cubic meter (kWh/m3), is used to quantify the energy applied in different 

types of technologies, such as electricity, high-pressure steam, low-pressure steam, 

chemical potential, solar energy, etc. Hence, the understanding of energy use in seawater 

desalination is often misleading. Therefore, studies are conducted on the system 

performances by evaluating the primary energy (e.g., fossil fuel) consumption which can 

be converted from different derived energies [20, 119, 148, 167]. Analyzing the primary 

energy consumption is also to deliver the fair understating of individual system or process, 

not only to compare different technologies [20, 119, 168].  While different approaches are 



69 

 

developed to allocate derived energies into the primary energy, the exergy analysis is 

known as a method that ensures the evaluation of environmental impacts and 

thermodynamic potentials of systems [53, 169, 170]. Through the developed method in the 

previous literatures [148, 171, 172], the performances of available industrial processes 

(seawater reverse osmosis (SWRO), multi-stage flash (MSF), and multi-effect distillation 

(MED) are shown as around 10% of the thermodynamic limit (TL). The gap between the 

thermodynamic limit and the current development of performances is still broad and 

represents both the potential and the challenge of seawater desalination improvements. 

Various aspects of research are being conducted to overcome the challenges in energy 

consumptions of seawater desalination. Innovative new technologies (e.g., membrane 

distillation (MD), and forward osmosis (FO) are practiced for the industrial applications, 

and membrane material developments are pursued to enhance the performance of the 

seawater reverse osmosis (SWRO) process. Additionally, endeavors to improve existing 

technologies are continued, such as increasing energy efficiencies, advancing 

pretreatments/membrane cleaning, and developing the hybrid desalination processes [28, 

29, 173-175]. 

The multi-effect distillation and adsorption hybrid cycle, MED-AD, is a hybrid system 

between an MED with a thermally driven energy efficient technology. The AD cycle 

utilizes low temperature waste or renewable energy sources to regenerate the saturated 

adsorbents (e.g., silica, and zeolite) where the regeneration temperatures can be as low as 

55 to 60 °C. The innovative MED-AD hybrid system was pioneered by Ng et al. [16, 98, 

100, 176]. In general, the performance of a MED is limited by two limits, namely the Top-

Brine-Temperature (TBT) of less than 65°C to avoid scaling of the outer surfaces of heat 
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transfer tubes of seawater due to the presence of divalent ions such as carbonates, sulfates, 

magnesium, etc., and the Bottom-Brine-Temperature (BBT) of the last MED stage where 

the condenser is cooled by the seawater. The limits of TBT and BBT constrain the design 

of MED system: In a green field design, firstly, the total number of stages can be increased 

due to the larger temperature difference available to the stages undergoing multiple re-use 

of the condensation energy within the inner surfaces and re-evaporating the seawater film 

on the outer surfaces of tubes. Secondly, for a retrofit application of an existing MED-AD 

configuration, the temperature difference (ΔT) can now be increased from a conventional 

ΔT of 3-3.5 K to about 6 to 7 K, and consequently doubling the water production rates 

from the MED. Detailed research on the AD cycles have been studied and made available 

by many researchers [177-181] where their experiment and simulation results highlighted 

that the portable water production and PR of the desalination could be increase up to 2-3 

times by the hybrid concept [98, 100]. 

However, the fundamental framework of the MED-AD hybrid system has yet to be 

affirmed while the improved system performance has been confirmed experimentally in 

the literatures [100, 176, 182]. Moreover, the theoretical studies in the previous literatures 

[98, 183] are prepared to present the overall performance. Namely, the previous models 

are not designed to investigate the introduction of different evaporation driving forces by 

the thermodynamic synergy during the hybridization. Therefore, firstly, the 

thermodynamic framework is developed in this study to explain the synergetic impacts 

observed in the previous studies on the MED-AD hybrid system. The presented 

thermodynamic models are to analyze both (i) the film-boiling evaporative mode by a 

thermally-driven temperature differential across the inner to the outer surfaces of tubes of 
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a conventional MED, and (ii) flash evaporation mode driven by drop in the local saturation 

temperature caused by the continued sorption uptake of vapor emanated from the absorbent 

of AD cycles. Secondly, the MED and MED-AD hybrid experimental operations are 

conducted in the advanced pilot-scale facility at the King Abdullah University of Science 

& Technology (KAUST) in Saudi Arabia. The KAUST pilot has demonstrated the 

feasibility of the hybrid system by (i) the operation with the real Red Seawater, (ii) the 

integration with the solar thermal system, and (iii) the high energy efficient design, which 

is improved from the literatures reported from NUS in three effects with intermediate 

ejectors [16, 100, 176]. The pilot at KAUST has four effects and built-in special feature for 

vapor injection with instrumentations to capture all values for analysis. 

 

2.4.4. Thermodynamic synergy in MED-AD hybrid system 

The basic mechanism of thermally-driven desalination processes is the utilization of the 

latent heat of evaporation in a cascade manner. The energy efficacy of MED is dependent 

on the number of times the latent energy of steam can be re-utilized in the subsequent 

effects or stages where both temperatures and pressures are decreasing. Thus, increasing 

the number of effects (or stages) extends the operation range of the distillation system that 

would enhance the utilization of feed exergy. Despite of the increased capital cost with the 

additional stages, it is reported that the improved unit production generally benefits to the 

total cost of the thermal desalination process by the developed model in the literature [184]. 

The main advantages of a hybrid MED-AD system over the conventional MED are two 

folds: (i) permits additional number of effects to be designed in a green plant and (ii) for a 
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retrofitting configuration, the temperature differentials across the stages are enhanced, as 

shown in the graphical abstract. 

 

Table 2.8. Mathematical model equations for the MED system 

Model Equations Remarks 

Energy input from the heat source 
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The impact of lowering the BBT to below ambient temperature in a MED-AD system is 

the unique thermodynamic synergy where there is an enhanced flash-evaporation of the 

seawater feed, this phenomena is propagated in an “avalanche” manner to the subsequent 

stages. In the conventional MED, however, the BBT remains above the ambient 

temperature as ambient as the condenser is seawater cooled. Consequently, the evaporation 

phenomenon in the MED system is attributed to the falling film-boiling which is driven by 

condensation energy of previous effects. The energy balance correlations in the MED 

system is shown in Table 2.8 from the previous literatures [185-187]. 

The energy balance equations are simplified to present the thermodynamic synergy in this 

study, and the energy balance due to the film-boiling evaporation across effects in n-

number of effects MED can be expressed as 

 (Eq. 2.5) 

where ,t nQ  is energy input for thermally driven falling film-boiling evaporation and   is 

thermal effectiveness. The energy input for thermal evaporation in the 1st effect, ,1tQ , is 

derived solely from the thermal heat energy input by hot water, hwQ , i.e., the heat source 

, 1 ,      ( 1.0)t n t nQ Q + =  
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from the steam generator (SG). Thermal effectiveness,  , accounts for the energy loss in 

each stage. Thus, the total evaporation energy utilized in a conventional MED to produce 

distillate is derived as 

,

1

n
i

total MED hw

i

Q Q
=

=   (Eq. 2.6) 

In the MED-AD hybrid processes, additional flashed evaporation effects are incorporated 

with the film-boiling evaporation. Owing to the suction effects from the adsorbent, there 

exists a degree of superheat as the temperature of feed supply is higher than the evaporation 

temperatures of each chamber, Δ ,e nT . Evaporated vapor from both film-boiling and flash 

are further utilized in the subsequent effects but they are transformed as a heating source 

for thermally driven film-boiling evaporation. The energy balance for an evaporation stage 

can be defined as 

, 1 ,      ( 1.0)f n f nQ Q − =    (Eq. 2.7) 

in which ,f nQ  and   are the fraction of the energy input or effectiveness incurred for flash 

evaporation in the n-th effect. By Eq. 2.5 and 2.7, the total evaporation energy consumed 

to operate a MED-AD hybrid system is given by their sum; 

( ), 1 , ,      ( 1.0,  1.0)t n t n f nQ Q Q  + =  +    (Eq. 2.8) 
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Thus, considering over all n stages of a MED-AD system, the energy model that accounts 

for both thermally and flashed driven processes is given by Eq. 2.10 from deriving the 

summation of Eq. 2.9 with Eq. 2.5-8. Such a theoretical energy balance would have to be 

validated by conducting actual experiments in a pilot plant where the indices   and   are 

regressed at assorted heat source and feed flow rates. Details of the experiments are 

described in the sections to follow. 

 

2.4.5. MED-AD pilot description 

The experiment pilot MED-AD hybrid at KAUST comprises the following key 

components; (i) a four multi-effects distillation (MED) system, each stage having a 

nominal tube surface area of 3.35 to 4.24 m2, (ii) a four beds silica gel-water adsorption 

desalination system that extracts vapor from the last MED stage, lowering the saturation of 

BBT to as low as 10o C, and (iii) a solar thermal collector system of 352 m2 area with 12 

m3 storage capacity. The 4-effects MED coupled AD cycle with 4-beds has a nominal water 

production of 10 m3/day [188], and it is shown in Fig. 2.8. For the hybrid operation, the 
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MED condenser and the AD beds are linked by a pipe with a 35 cm diameter. Solar thermal 

energy is harvested via evacuated tubes collectors and excess solar thermal energy could 

be stored in thermally-stratified water tanks. Only water of the highest temperatures are 

sent to regenerate the adsorbent of AD. Fig. 2.9 shows an operation flow schematic of the 

MED-AD pilot system in KAUST. The operation details are presented in the sections 

below. 

 

Figure 2.8. MED-AD hybrid pilot in KAUST 

 

 

Figure 2.9. MED-AD pilot operation flow schematic 
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2.4.5.1. Seawater feed 

Feed seawater for the MED-AD operations is drawn from the Red Sea which is available 

directly in the pilot facility connected to the intake pipe. A minimal screening is conducted 

during the intake, and no other chemicals (e.g., acid and antiscalant), only physical 

treatment (e.g., cartridge filtration) is applied to the experimental operations. Sample 

analyses of TDS and conductivity have followed the procedures in standard methods for 

the examination of Water [189]. The MED system is designed for parallel feed with nozzles 

and feed water is sprayed onto the horizontal tubes for achieving a falling film-boiling 

evaporation. Pre-heating of feed is conducted at the MED condenser, and part of the 

cooling water is re-circulated back to the feed water tank during the conventional MED 

operation. During the MED-AD hybrid operation, the MED condenser is by-passed. 

 

Table 2.9. Design and operational parameters of MED-AD pilot at KAUST 

MED steam generator (1st effect) 

     Area of heat transfer 3.35 m2 

     Tube outer diameter 15 mm 

     Tube thickness 0.5 mm 

     Single tube length 635 mm 

     Tube matrix detail (tubes in a row x rows) 8 x 14  

     Evaporator volume 650 x 520 x 700 mm 

MED effects 

     Area of heat transfer 4.24 m2 

     Tube outer diameter 19 mm 

     Tube thickness 0.5 mm 
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     Single tube length 635 mm 

     Tube matrix detail (tubes in a row x rows) 8 x 14  

     Evaporator volume 650 x 500 x 700 mm 

Adsorption beds 

     Mass of adsorbent (silica gel) 312 kg 

     Surface area of adsorbent 850 m2/g 

Operation parameters 

     Hot water (heat source) flow rate 5.0 m3/h 

     Hot water temperature range 20-60 °C 

     Feed water flow rate 0.475 m3/h 

     Feed water temperature 33 °C 

 

2.4.5.2. Produced vapor/distillate stream 

The MED evaporators comprising the inner and outer surfaces of tubes are mainly designed 

in accordance to the heat and mass transfer correlations of literatures [96, 185-187]. The 

design and operation parameters are summarized in Table 2.9. The heat transfer area of 

the steam generator (1st effect) and the subsequent effects are 3.35 m2 and 4.24 m2 

respectively, and the total area available for heat and mass transfer is 16 m2. In the 1st 

effect of MED, a steam generator, a primary vapor is produced by the heat source, which 

is hot water heated by a boiler and steam injector in the case of this pilot process. The 

primary vapor produced from the 1st effect is re-utilized as a heat source in the 2nd effect 

across tubes. It evaporates feed water at the outer tube, and the vapor is condensed as the 

distillate at the inner tube. Energy re-utilization to the subsequent effects are repeated with 

evaporation and condensation. In the MED sole operation, the vapor produced in the 4th 

effect is condensed by the MED condenser. The vapor from the last effect is adsorbed on 

to the silica gels in AD beds while the MED-AD hybrid system in operation. The desorbed 
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vapor from the AD beds is condensed in the AD condenser. The total distillate production 

in the system is measured from both the MED and the AD by turbine flow-meters, and 

produced water is collected in the distillate tank. A belt drive type oil rotary vacuum pump 

is installed to remove non-condensable gases to enhance the heat transfer efficiency. 

 

2.4.5.3. Adsorption cycles 

Conventional bead type silica gel is packed in AD beds as an adsorbent. The AD cycles 

are operated in a 2-bed mode where two AD beds adsorb water vapor while another two 

desorb it sequentially. The cycle time of adsorption/desorption and the switching time are 

set to 270 s and 30 s, respectively. The total mass of adsorbents (silica gel) in the four beds 

is 312 kg, and the surface area of silica gel is 850 m2/g. Detail thermo-physical properties 

and adsorption parameters of silica gel can be found in the previous studies [100, 183]. The 

hot water temperature of 68.0 ± 1.0 °C which is from the solar collector is deployed in the 

heat exchangers during desorbing water vapor. However, during an adsorption half cycle, 

the heat of adsorption from vapor uptake is rejected to the ambient environment by the 

cooling water. 

 

2.4.5.4. Solar thermal energy systems 

A 352 m2 solar evacuated-tube collector array (Fig. 2.10) is installed on a building rooftop 

of the pilot facility at KAUST which has an efficiency between 50 to 60% for incidence 

angle not greater than 45° from the Zenith (ground normal). Water is circulated to the heat 
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exchangers of solar circuit, transferring thermal energy of the heat pipes of evacuated tubes 

to the hot water circuit by a detachable dry-joint design. Hot water from the storage tanks 

are heated by the primary water circuits of collectors via a plate-type heat exchanger, 

isolating the secondary hot water circuit from the evacuated-tubes. The energy storage 

tanks are designed for thermally-stratified with a top-to-bottom arrangement over four 

tanks that are placed horizontally, each tank has a 3 m3 capacity and the total storage 

capacity is 12 m3. Excessive solar input (above the thermal storage capacity set at 90 °C) 

during a diurnal period is sent for rejection into the ambient via a radiator circuit, releasing 

the excess thermal energy to prevent over heating of the thermal tanks. 

 

 

Figure 2.10. (a) The pictorial image of rooftop solar facility, and (b) the thermal energy 

storage unit scheme 

 

2.4.6. Results and discussion 

2.4.6.1. Hybridization of MED and AD 



81 

 

The MED and MED-AD hybrid operations within the temperature range of 20-60 °C are 

analyzed and compared. Individual data sets from each experiment in single temperature 

conditions are collected over 6 to 8 hours of continuous operation. The typical (i) 

temperature and (ii) water production profiles of the heat source (60 °C) during the 

hybridization of MED and AD are shown in Fig. 2.11. After the hybridization, the cyclic 

curve form of temperature (and water production) trends is driven by the AD cycles (300 

s) while the operation heat source temperature is maintained constantly (60 °C). The AD 

cycle observed in the temperature and water production profiles is driven by the pair of 

water vapor adsorbing and desorbing with the adsorbent (e.g., silica), and the technology 

has been developed for the extensive application [190-194]. Saha et al. [194] have 

demonstrated the energy efficiency of the AD in the cogeneration system of desalination 

and cooling. In addition, the compact adsorption desalinator is developed with the specific 

water production of 7.7 kgw/kgsg per day and the performance ratio of 0.6 in the recent 

study [191].  

The detail results of experiments and analyses are presented in the following three sections. 

Firstly, water quality of seawater feed is analyzes in all MED-AD and MED operations. 

Secondly, performance results from experiments are investigated by total distillate 

productions, heat energy inputs, and universal performance ratios. Analyses of temperature 

and energy distributions of individual MED evaporators (both sole MED and MED-AD 

hybrid operation) are conducted to investigate the thermodynamic changes in respective 

effects lastly. The proposed model of the hybrid system is validated with the experimental 

results. All operations are conducted with seawater and freshwater to test the impact of 
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salinity. However, the section 4.2.6.3 of the results is presented in only seawater because 

no significant difference seawater and freshwater was found.  

 

Figure 2.11. (a) The temperature profile and (b) distillate productions of MED-AD hybrid 

system at heat temperature 60 °C with the AD cycle in 300 s 

 

2.4.6.2. Water quality analysis in MED-AD and MED operations 

The heat source (hot water) temperatures supplied to the pilot plant ranges from 20 °C to 

60 °C, and the tests are conducted for the MED and MED-AD hybrid systems are supplied 

with both freshwater (236 mg/L of TDS) and seawater (34,718 mg/L of TDS). The water 

quality results of feed seawater and MED-AD/MED distillate are presented in Table 2.10 



83 

 

with the analyses of major ions in the samples. The significant difference of distillate 

quality is not observed in MED and MED-AD operations. 

 

Table 2.10. Water quality analysis of feed and distillate on MED-AD and MED in 

seawater operations 

 
Seawater Feed MED-AD Distillate MED Distillate 

Average Stdev Average Stdev Average Stdev 

Conductivity (uS/cm) 61,264 975 3.422 0.442 3.564 0.340 

TDS (ppm) 34,718 1,088 2.175 1.188 2.342 0.758 

Sodium (ppm) 10,883 608 0.805 0.655 0.838 0.463 

Magnesium (ppm) 1,099.91 55.20 0.096 0.060 0.096 0.028 

Calcium (ppm) 379.51 36.12 0.022 0.007 0.021 0.004 

Potassium (ppm) 434.11 26.67 0.058 0.034 0.052 0.011 

Chloride (ppm) 19,217 422 1.099 0.496 1.217 0.319 

Sulfate (ppm) 2,571.53 70.24 0.095 0.040 0.119 0.041 

Bicarbonate (ppm) 133.92 7.38 <0.01 <0.01 

 

2.4.6.3. Performance of MED-AD and MED system 

The Key performance test results are shown in Fig. 2.12, which depict the operation range 

of the MED-alone system is from 40-60 °C whilst the temperature of cooling water applied 

in the MED condenser is 31-33 °C. The impact of temperature variations, the flow rate of 

feed water is set constant to 0.475 m3/h for all operations, and distillate production data are 

normalized to the total heat transfer area. It shows there is a significant improvement of 

production by hybridized MED-AD. At the same heat source temperatures of 40-60 °C, 

distillate production improved by 3-5 folds of the MED-alone. Greater standard deviations 
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of distillate production in the MED-AD than the sole MED operations are expected due to 

fluctuating states of the AD cycles. However, the experimental results show excellent 

thermodynamic synergy of MED and AD cycles, which can be solely attributed to 

significant flashing of feed caused by higher extraction of vapor by the adsorbent. In the 

conventional MED system, however, water production dropped with reducing heat source 

temperatures. 

 

 

Figure 2.12. (a) Distillate production, (b) energy input, and (c) performance ratio of 

MED-AD and MED in the different heat source temperatures 

 

At nearer to the ambient temperature, the heat source from 35-40 °C tend to have a levelling 

distillate production rate with the MED-AD hybrid operating mode, due probably to the 

transition evaporation mechanism of the hybrid system, as shown in Fig. 2.12a. Despite 

the constant rate of production, the distillate production is observed to be 7-8 fold higher 

than the MED-alone mode, boosted by additional flash evaporation phenomena. This 
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increase in distillate production is predicted by the model described by Eq. 2.10 and they 

agree well with the measured data. The type of energy input to MED and MED-AD systems 

are clearly shown in Fig. 2.12b, namely (i) the direct thermally driven energy input of 

MED from 33 to 60 °C (positive quantity) and (ii) the scavenged energy from the ambient 

seawater feed below the ambient temperature, from 15-33 °C (negative quantity). Fig. 

2.12c depicts the universal performance ratio (UPR) of the MED and MED-AD operation 

for all heat source temperatures. It is observed that the UPR of MED-AD is more robust 

for all heat source temperatures from 15 to 60 °C. It is noted that MED-alone mode could 

not operate below a heat source temperature of 35 °C where the cooling water temperature 

is 30 °C, the ambient temperature, in the condenser. The BBT of the MED-alone operation 

is shown as 34.85 °C at the heat source temperature of 40 °C. The result in this study is 

even less than the BBTs reported in the current literature [195-197], which are in the range 

of 37-46 °C. 

The universal performance ratio (UPR) is applied to evaluate different operating conditions 

in sole MED and MED-AD hybrid systems. The universal performance ratio has been 

introduced by Ng et al. [148, 172] to evaluate desalination technologies directly by primary 

energy (e.g., fossil fuel) consumption, and it can be defined as  
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 (Eq. 2.11) 

where CF is the conversion factor derived from the conversion efficiency to convert 

different derived energies to primary energy. UPRs in experimental operations are 
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analyzed by using the conversion efficiency of electricity and thermal energy as 47% and 

3.4% respectively [172]. 0.68 kW of electrical energy is consumed for all experimental 

conditions with both MED and MED-AD operations, and solar energy is not considered as 

primary energy inputs. The electrical energy is calculated according to heating (5.0 m3/h) 

and cooling (1.2 m3/h, including the feed) water flow rates in 80% of pumping efficiency. 

In a MED-AD hybrid system, UPRs above the ambient temperature of a heat source (40-

60 °C) are shown to be similar around 45. Below 40 °C of heat source temperature, UPRs 

are improved as systems are scavenging the ambient energy. Utilization of ambient energy 

is maximized at 30 °C of heat source temperature. Hence, UPR of 4-effects MED-AD 

hybrid is exceeded 60 with the heat source temperature of 30 °C. In the operation with 

40 °C heat source temperature, the UPR of the MED-AD was enhanced 5 times to the sole 

MED. UPRs of sole MED operations are increased as heat source temperatures rise, which 

is commonly expected. 

 

2.4.6.4. Energy analysis in individual effects of MED-AD and MED system 

The improved performance in hybridization is presented by comparison of the overall 

performance between MED-AD and MED operations at different conditions. However, 

examining data in a respective effect is necessary to investigate the fundamental impact of 

the hybrid system. Hence, MED-AD and MED operation temperatures are measured, and 

the energy utilization in the systems are analyzed, which are shown in Table 2.11. As the 

main impact of MED-AD hybridization is mentioned as the extended range of operation 

temperature, 4th effect temperature (BBT) in MED-AD operation at 20 °C of heat source 
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temperature is lowered down to 9 °C. At this lowest operation condition, the inter-stage 

temperature is measured as 2.6 K which is in the range of conventional operation condition. 

At heat source temperature of 60 °C, in the MED-AD hybrid operation, the inter-stage 

temperature is widened to 10.1 °C as the BBT is stretched to 20 °C while the TBT is 49.4 °C. 

However, in the sole MED operations, the limitation of BBT is shown as 34.8 °C, and the 

inter-stage temperature is only 1.1 K at 40 °C heat source temperature. The results explain 

low system performances in this operating condition. 

 

Table 2.11. MED-AD and MED operation temperature and energy distributions 

MED-AD 

T
em

p
er

at
u

re
 (

°C
) 

HW in 59.9 ± 0.5 55.0 ± 0.2 49.6 ± 0.4 45.0 ± 0.1 40.0 ± 0.1 35.0 ± 0.1 30.0 ± 0.1 25.0 ± 0.1 20.0 ± 0.0 

HW out 54.4 ± 0.1 49.3 ± 0.1 44.9 ± 0.4 40.9 ± 0.2 35.9 ± 0.2 30.9 ± 0.2 26.5 ± 0.2 22.2 ± 0.2 18.0 ± 0.2 

Feed in 33.0 ± 0.1 33.0 ± 0.1 33.0 ± 1.2 32.9 ± 1.3 33.0 ± 1.4 33.0 ± 1.3 32.9 ± 1.3 33.0 ± 1.3 32.9 ± 1.3 

1st Eff 49.4 ± 0.2 44.1 ± 0.1 39.3 ± 0.4 36.6 ± 0.2 32.0 ± 0.3 27.6 ± 0.2 23.8 ± 0.2 20.2 ± 0.2 16.7 ± 0.2 

2nd Eff 44.4 ± 0.3 38.6 ± 0.1 33.9 ± 0.5 30.5 ± 0.3 27.7 ± 0.2 24.5 ± 0.3 21.3 ± 0.4 18.1 ± 0.3 14.6 ± 0.4 

3rd Eff 32.4 ± 0.6 29.6 ± 0.5 26.7 ± 0.7 24.5 ± 0.5 22.9 ± 0.4 21.0 ± 0.5 18.4 ± 0.5 15.4 ± 0.6 12.6 ± 0.5 

4th Eff 19.0 ± 1.9 18.5 ± 1.9 16.2 ± 2.0 14.1 ± 2.1 14.4 ± 2.1 14.4 ± 1.9 12.9 ± 1.9 10.8 ± 1.7 9.0 ± 1.3 

T
o
ta

l 
E

n
er

g
y
 (

k
W

) 

HW input 34.25 33.60 26.85 23.26 23.32 23.22 20.10 15.93 11.59 

T
h
er

m
al

 E
v
ap

o
ra

ti
o
n

 

1st Eff 29.82 31.08 26.13 22.87 23.22 23.14 20.02 15.85 11.55 

2nd Eff 27.83 29.81 26.00 22.78 23.26 23.80 21.21 17.56 13.80 

3rd Eff 27.70 29.57 25.80 22.99 23.73 24.79 22.67 19.51 16.21 

4th Eff 27.59 29.61 26.45 23.96 24.73 26.24 24.54 21.84 18.93 

F
la

sh
 E

v
ap

o
ra

ti
o
n

 1st Eff - - - - 0.18 0.77 1.27 1.79 2.28 

2nd Eff - - - 0.39 0.75 1.17 1.59 2.06 2.45 

3rd Eff 0.17 0.53 0.99 1.27 1.46 1.71 2.06 2.50 2.80 

4th Eff 1.93 2.05 2.61 2.91 2.81 2.81 3.08 3.50 3.70 

MED 

T
em

p

er
at

u
r

e 
(°

C
) 

HW in 60.0 ± 0.1 55.0 ± 0.1 50.0 ± 0.0 45.0 ± 0.0 40.0 ± 0.1 - - - - 
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HW out 56.6 ± 0.1 52.2 ± 0.1 48.0 ± 0.1 43.6 ± 0.0 39.2 ± 0.0 - - - - 

Feed in 33.0 ± 0.1 33.0 ± 0.2 33.0 ± 0.3 33.0 ± 0.1 33.0 ± 0.0 - - - - 

1st Eff 53.7 ± 0.1 49.6 ± 0.0 45.5 ± 0.0 41.9 ± 0.0 38.2 ± 0.0 - - - - 

2nd Eff 50.3 ± 0.1 46.6 ± 0.0 43.2 ± 0.0 40.5 ± 0.0 37.3 ± 0.0 - - - - 

3rd Eff 45.9 ± 0.1 42.8 ± 0.1 40.4 ± 0.0 38.7 ± 0.0 36.2 ± 0.0 - - - - 

4th Eff 43.6 ± 0.1 38.7 ± 0.1 37.2 ± 0.0 36.6 ± 0.0 34.8 ± 0.0 - - - - 

T
o
ta

l 
E

n
er

g
y
 (

k
W

) 

HW input 19.49 16.20 11.26 8.19 4.32 - - - - 

T
h
er

m
al

 E
v
ap

o
ra

ti
o
n

 

1st Eff 16.14 13.68 9.85 6.97 3.84 - - - - 

2nd Eff 13.20 11.52 8.45 5.91 3.44 - - - - 

3rd Eff 10.98 9.95 7.31 5.08 3.14 - - - - 

4th Eff 9.10 9.02 6.54 4.55 2.96 - - - - 

 

From temperature and flow rate data, the energy balance is analyzed to investigate the 

energy utilization of operation systems. Across a considered boundary in a single effect, 

the thermal energy input is utilized to evaporate feed water along with sensible heating and 

heat transfer loss in the conventional MED system. The thermal energy for the 1st effect is 

from the heat source (hot water), and the following effects are using the heat of 

condensation of vapor produced from the previous effect. In the MED-AD hybrid system, 

the energy of feed water is consumed for flash evaporation under pressure drop in an 

evaporation chamber. The amount of flash evaporation can be analyzed by the temperature 

difference between the feed water and the chamber. Therefore, the inventory of total energy 

(including the energy scavenged from the ambient) used in thermal evaporation which is 

driven by the heat of prior effects and flash evaporation is derived as shown in Table 2.11. 

Energy analysis results are verified by comparing the sum of individual evaporation 

energies and measured total distillate production data. Distillate productions in individual 

effects are determined and presented in Fig. 2.13 from the energy analysis results. In the 
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conventional MED system, it shows maximum production in the 1st effect as the heat 

source loses energy across effects. Contrary to the sole MED, distillate production in the 

4th effect is equivalent to or increased from the production of the 1st effect in the MED-

AD hybrid system. 

 

 

Figure 2.13.Distillate productions by individual effects in MED-AD and MED 

 

Furthermore, additional analyses have been made to identify the sources of individual 

evaporation energies. All evaporation phenomena in the sole MED operations are distinctly 

sourced from the heat input [109]. However, the avalanche effect has been observed in the 

MED-AD hybrid system, in which the energy from flash evaporation is utilized as heat 

sources for thermal evaporation in following effects. Sources of evaporation energy at heat 

source temperatures 20, 40, and 60 °C are presented in Fig. 2.14. In the MED-AD hybrid 
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operation at the heat source temperature of 20 °C, 56% of the total evaporation originates 

from flash evaporation which utilized ambient energy. According to the analysis, in the 

MED-AD system, extracting more energy from the same heat source temperature is carried 

out by the stretched range of operating temperature. Therefore, significant production 

improvements are observed in the same operating conditions. The impact of flash 

evaporation in total distillate productions shows that it is significant only in the low-

temperature operations. The model of thermodynamic synergy in an MED-AD, Eq. 2.10, 

is developed to present the thermodynamic advantages of hybridization. In this model, 

additional evaporation energy from flashing is introduced, and the impact of extended 

ranges of operating temperatures is included as a thermal energy input term. Thermal 

energy input to the 1st effect of an MED increases in the same operation conditions (e.g., 

heat source temperature, feed water flow rate, etc.) while the BBT lowers as more energy 

is extracted. From the analyzed evaporation energies in Table 2.11, the individual values 

of thermal and flash effectiveness in different operations can be calculated, which signify 

performance of energy utilization in the systems. The flash effectiveness in the MED-AD 

hybrid system is increased significantly as operation temperature drops by enhanced 

flashing phenomena. Due to higher energy loss in heat transfer and sensible heating at 

higher operation temperature, the thermal effectiveness is reduced as operation temperature 

rises in the experiment. 
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Figure 2.14.Energy used for evaporation in MED-AD and MED 

 

2.4.7. Conclusion 

The synergetic model, for analyzing the energy distributions in consecutive stages of a 

MED-AD hybrid system, has been demonstrated. The model is also verified with 

measurements taken from a lab-scale pilot plant fed at different temperatures. Enhanced 

performance of the hybrid system presents with 3-5 folds increase in the distillate 

production with almost the same energy input at the top-brine stage. The improvements are 

attributed to the extended range of operating temperatures and additional flash evaporation 

accrued from preceding MED stages, demonstrating the excellent thermodynamic synergy 

to even below the ambient temperatures in the last few stages: This is a kudos to hybrid 

integration of heat and mass transfer processes. The symbiotic integration of MED and AD 

cycles shows a great potential for utilizing low-temperature energy sources, such as the 
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solar or geothermal thermal sources, and will pave the way for sustainable seawater 

desalination. 
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CHAPTER 3 

 

NOVEL FORWARD OSMOSIS−MEMBRANE DISTILLATION (FO−MD) 

INTEGRATED MODULE WITH OSMOTIC AND THERMAL ISOLATION 

 

3.1. Introduction 

A novel integrated module coupling forward osmosis & membrane distillation (FO-MD) 

in a hybrid system with the osmotic and thermal isolation barrier is developed. Furthermore, 

the comparative study on both conventional and novel FO-MD modules is presented in this 

chapter. The individual sections are articles originally published and accepted in peer-

reviewed scientific journal. Articles with the journal format can be found in the Appendix.  

The following is the summarized references. 

 

Y. Kim, S. Li, L. Francis, Z. Li, R.V. Linares, A.S. Alsaadi, M. Abu-Ghdaib, H.S. Son, G. 

Amy, N. Ghaffour, Osmotically and Thermally Isolated Forward Osmosis–Membrane 

Distillation (FO–MD) Integrated Module, Environmental Science & Technology, 53 

(2019) 3488-3498 

H.S. Son, Y. Kim, M.S. Nawaz, M.A. Al-Hajji, M. Abu-Ghdaib, S. Soukane, N. Ghaffour, 

Impact of osmotic and thermal isolation barrier on concentration and temperature 

polarization and energy efficiency in a novel FO-MD integrated module, Journal of 

Membrane Science (in press) 
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3.2. Publication # 4 “Osmotically and thermally isolated forward osmosis−membrane 

distillation (FO−MD) integrated module” 

 

3.2.1. Graphical abstract 

 

Figure 3.1. Conceptual design of FO-MD integrated module 

 

3.2.2. Abstract 

In this study, we propose a novel module design to integrate forward osmosis (FO) and 

membrane distillation (MD). The two processes are sealed in one module and operated 

simultaneously, making the system compact and suitable for a wide range of applications. 

To evaluate the system under large-scale module operating conditions, FO and MD 

experiments were performed separately. The effect of draw solution (DS) temperature on 

the FO performance was first assessed in terms of flux, reverse salt flux (RSF), and specific 
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RSF (SRSF). While a higher DS temperature resulted in an increased RSF, a higher FO 

flux was achieved, with a lower SRSF. The influence of DS concentration on the MD 

performance was then investigated in terms of flux and salt rejection. High DS 

concentration had a slightly negative impact on MD water vapor flux, but the MD 

membrane was a complete barrier for DS salts. The FO−MD integrated module was 

simulated based on mass balance equations. Results indicated that initial DS (MD feed) 

flow rate and concentration are the most important factors for stable operation of the 

integrated module. Higher initial DS flow rate and lower initial DS concentration can 

achieve a higher permeate rate of the FO−MD module.  

 

3.2.3. Introduction 

The continuous increase in fresh water demand together with the high energy requirements 

and investment costs of conventional desalination technologies drive the need to diversify 

water resources (e.g., wastewater reuse) in order to secure a more sustainable water supply 

for the future [198]. Emerging membrane-based desalination treatment technologies such 

as forward osmosis (FO) and membrane distillation (MD), which have several advantages 

over conventional desalination processes, are facing several challenges for their scale-up 

[199-201]. Significant progress has been achieved in the development of such emerging 

technologies which consume less electrical energy and may use low-grade thermal energy, 

such as waste heat, low enthalpy geothermal energy, or solar-thermal energy [202], and 

may be substituted for conventional processes or have potential niche applications such as 

water extraction and valuable mineral recovery from desalination brines or treatment or 

hypersaline wastewater [203-205]. Moreover, these non-pressure driven processes 
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potentially require inexpensive polymeric membranes, inexpensive (non-pressurized) 

module materials, and reduced amounts of chemicals for their operation and cleaning 

compared to conventional processes [206]. 

FO is an osmotically driven membrane-based separation process. The driving force in FO 

is an osmotic gradient created by the osmotic pressure of a high concentration stream or 

higher ionic strength solution (draw solution, DS) and a low concentration feed-water 

flowing on both sides of the membrane in a counter or co-current mode [207]. Among a 

variety of possible applications, FO can be used in a direct or indirect desalination mode, 

that is, to directly treat seawater (where a higher-concentration solution is used as DS while 

seawater is FS) or to indirectly desalinate seawater where wastewater or any other 

impaired-quality water source with a lower-salinity functions as feed solution (FS) while 

seawater is DS [205]. However, in either mode, FO is considered as a pretreatment process 

because fresh water recovery is not completed in one-step (i.e., not a stand-alone process). 

After the FO step, the DS needs to be regenerated and separated from the diluted DS, which 

is one of the main drawbacks of FO. DS regeneration is a costly and energy-intensive 

process, especially in direct FO where a high energy process (e.g., thermal) is required 

[208] while in the indirect mode, a low-pressure reverse osmosis (LPRO) system can be 

used to treat the diluted seawater which makes it a more effective and economical process 

[209]. FO membranes can achieve very high rejection of salts, natural organic matter 

(NOM) including biopolymers and humic substances, but they are not a total barrier for all 

contaminants (e.g., FO can achieve 100% rejection of trace metals, up to 99% rejection of 

COD and phosphate, and 60−70% rejection of ammonium and total nitrogen) [210]. 
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On the other hand, MD is a thermally driven membrane-based separation process. The 

driving force for MD is the partial vapor pressure difference created by the temperature 

difference across the membrane to drive the water vapor from the hot stream to the other 

side of the microporous hydrophobic membrane through dry pores so that it condenses on 

the permeate side. MD yields product water with high quality, with 99.99% salt rejection 

achieved for different seawater qualities [211]. Furthermore, MD is less significantly 

affected by very high feed-water salinity than other membrane technologies, proven for 

desalination brines, produced water, and hypersaline waters [109, 208, 212], while 

producing high quality distillate, with a conductivity below 10 μS/cm, without observing 

severe fouling and scaling [109, 213]. Therefore, MD has a great potential to be integrated 

with FO, especially to regenerate the FO DS. In addition, even though MD is considered a 

high thermal energy-consuming process, the utilization of low grade waste heat can enable 

a low energy desalting process [214]. 

Due to the many advantages and the potential applications in hybridizing FO with MD, 

several groups have proposed to combine these processes or integrate FO with other 

technologies (multi-hybrid processes) and tested them for different applications [215, 216]. 

The first proposed generation of the FO−MD hybrid system consists of two separate loops 

with separate FO and MD modules, where the FO DS collected in the DS tank is fed to the 

MD module, as shown in Supporting Information (SI) Figure S1 [208, 217-220]. However, 

such a limited integration of two processes can also lead to high capital cost, potentially 

limiting its commercialization [215]. 

A very interesting and more integrated design combining FO and MD sealed in one module, 

offering additional advantages such as more compact, smaller foot print, and low-cost 
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system, has been proposed in a patent by Cath et al. [221] (Fig. 3.2) and investigated by 

others [222-224]. The integrated module captures the complementary advantages provided 

by FO and MD in a single step. However, this hybrid system has a serious potential problem 

associated with the configuration having the FO DS and the MD FS flowing in the same 

channel simultaneously, that is, the same stream in contact with the MD and FO 

membranes, as shown in Fig. 3.2, resulting in a diminished performance of both processes. 

The temperature of the MD FS can be significantly reduced via the heat transfer to both 

FO FS and MD permeate, which results in a decrease in MD performance; and the high 

inlet temperature of the FO DS can potentially damage the FO membrane. Consequently, 

these processes cannot operate under optimum conditions, as discussed in detail in the next 

section along with the description of the proposed concept and objective of this study. 

 

 

Figure 3.2. Schematic diagram of the FO−MD integrated module patented by Cath et al. 

[221] and investigated by others [222-224]. 
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3.2.4. The proposed osmotically and thermally isolated FO-MD integrated module 

A schematic diagram of the novel FO−MD integrated module proposed in this study is 

presented in Fig. 3.3. As mentioned above, since FO and MD are osmotically and thermally 

driven processes, respectively, their performances are higher when FO DS concentration 

and MD feed temperature are higher, respectively [206, 207]. The newly proposed 

integrated module has two separated flow channels within the same module, separating the 

FO DS and MD feed streams using an isolation barrier inserted inside the module with an 

opening on the top, allowing the MD brine (MD outlet) to flow in the FO DS inlet side, as 

shown in Fig. 3.3. This feature makes the integrated module osmotically and thermally 

isolated, leading to a higher efficiency of both processes. Since MD is a thermally driven 

process, temperature has a significant impact on its performance. However, the loss of heat 

during MD operation has been a challenge for MD scale-up [225]. In the prior FO−MD 

integrated module (Fig. 3.2), since there is no separation between the FO DS and MD feed 

streams, the heat of MD feed can be lost via diffusion to the FO FS, and thus lead to a 

reduction of heat, consequently affecting MD water vapor flux. In the novel conceptual 

design proposed, the MD feed enters the first channel which is in contact with the MD 

membrane only, allowing full benefit of the maximum available temperature. Besides the 

benefit of temperature, the novel module also exhibits a benefit of hydrodynamics: the open 

channel area of the novel osmotically and thermally isolated MD system is two times 

smaller than the hybrid system (shown in Fig. 3.2) without an isolation barrier; 

consequently, considering the same flow rate, the crossflow velocity of both streams can 

be two times higher, leading to higher shear forces and fouling/ scaling mitigation [226]. 
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Afterward, the MD brine (outlet of the first chamber) having lower temperature and higher 

concentration, with values depending on the MD water vapor flux, module length, and 

other operating parameters, enters the second chamber (FO DS side) which is in contact 

with the FO membrane only, enabling the FO process to run under optimum conditions, 

that is, higher salinity (with increase in mass transfer due to higher driving force) and lower 

temperature but high enough to derive the benefit of higher water flux [227, 228], as 

explained above. The FO DS discharge is then recirculated in the MD channel for fresh 

water recovery and/or blended with MD feed/FO DS to increase the overall recovery of the 

system depending on the application used. Similarly, MD could be operated in either a 

closed loop for recovery and reuse of FO DS or an open loop with optional water supply, 

that is, makeup water (not shown in the figure for simplicity). It should be noted that the 

proposed FO−MD integrated module is different from an MD module and an FO module 

connected in series. The absence of the outer connection between FO and MD modules is 

not only beneficial to eliminate the additional pumping and piping but also to eliminate the 

heat loss and pressure drop through pipes, thereby reducing the overall cost and enhancing 

energy efficiency. Furthermore, all of the suggested FO−MD hybrid systems connected in 

series in a separate loop use an intermediate tank, which could be an environment 

conducive to bacterial growth [229]. 

Therefore, the introduced isolation barrier provides a synergistic advantage to not only 

prevent mixing of FO permeate, minimizing dilution and cooling of the MD feed but also 

maintaining the driving forces of both FO and MD processes as maximized, leading to an 

increase in the production capacity and efficiency of the whole system. Another advantage 

is to design the isolation barrier with different geometries to act as a turbulence promoter, 
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for example, zigzag, sinusoidal, twisted helical baffle types, in one or both sides (MD, FO, 

or both as required), to enhance the process performance by decreasing the concentration 

polarization and temperature polarization phenomena [230]. Turbulence inside the module 

can also be created using spacers in any channel of both processes. 

 

 

Figure 3.3. Schematic diagrams of the osmotically and thermally isolated FO−MD 

integrated module patented by Ghaffour et al. [198]. Two concepts of MD brine flowing 

to the FO DS side are possible: (a) internal and (b) external using a water-box typically 

used in MSF condensers. The isolation barrier could be designed to act as a turbulence 

promoter in one or both sides as desired, for example, zigzag, sinusoidal, twisted helical 

baffles, spacers, etc. 

 

Together, the FO and MD membranes act as a double barrier to reject contaminants, 

organics and inorganics from the impaired-quality water (FO feed), and guarantee a high-

quality product water. MD has a constraint in the rejection of volatile compounds and the 

presence of surfactants can accelerate deterioration of MD performance [219, 231]. 
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However, the FO−MD hybrid can compensate for the individual weakness of FO and MD 

membranes and hence enhances the rejection of all contaminants [219, 232]. 

The proposed FO−MD integrated module (Fig. 3.3) is expected to exhibit lower capital 

and operational costs than the two-loop FO−MD hybrid system (SI Figure S1) and the 

typical FO−MD integrated module (Fig. 3.2). The FO−MD integrated module does not 

need additional pumps, pipes, an intermediate tank and other relevant equipment to ensure 

the flow circulation in both modules [221]. In addition, the FO−MD integrated module 

requires one vessel while the two-loop hybrid system requires the installation of the FO 

and MD membranes in separate vessels. The higher performance of the proposed integrated 

module can also reduce the required membrane surface area compared to the typical 

integrated module. 

This study aims to design and optimize a novel osmotically and thermally isolated FO−MD 

integrated module based on experiments and simulation. For this objective, the effect of 

DS temperature and concentration on the FO performance was investigated in terms of 

water flux, reverse salt flux (RSF), and specific RSF (SRSF). In conjunction, the MD 

performance was evaluated in terms of water vapor flux and salt rejection. Operational 

parameters (e.g., FO and MD recovery rates, initial DS flow rate, and initial DS 

concentration) were evaluated via simulation based on mass balance equations in order to 

optimize the design of the FO−MD integrated module. These parameters were selected 

because they are important operational parameters for FO and MD processes [31]. In order 

to evaluate the performance of this concept under large-scale operating conditions (i.e., 

enough variation of concentration and temperature along both FO and MD channels, which 

cannot be obtained using a small scale integrated module) and obtain necessary data for 
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the simulation, FO and MD experiments were conducted separately using lab-scale 

modules in which inlet conditions were varied. 

 

3.2.5. Materials and methods 

3.2.5.1. FO and MD membranes 

A cellulose triacetate (CTA) FO membrane embedded in a woven polyester mesh, provided 

by Hydration Technology Innovations (Scottsdale, AZ), was used in this study. A 

hydrophobic polytetrafluoroethylene (PTFE) membrane with 0.22 μm average pore 

diameter was purchased from Millipore (Germany) and utilized for MD experiments. The 

detailed characteristics of these commercial membranes can be found elsewhere [233, 234]. 

 

3.2.5.2. FO experiments 

All FO experiments were carried out using a lab-scale FO system similar to the one 

described elsewhere [233]. The FO cell had two symmetric channels; 100 mm long, 20 mm 

wide, and 3 mm deep; on both sides of the membrane for each FS and DS. Variable speed 

gear pumps (Cole-Parmer, Vernon Hills, IL) were used to provide crossflows under 

counter-current directions at a cross-flow velocity of 8.5 cm/s. DS temperatures were set 

at 20 °C, 30 °C, 40 °C, and 50 °C with a fixed FS temperature of 20 °C. FO operations 

were carried out using 1 M MgCl2 as DS and DI water as the FS under the AL−FS (i.e., 

active layer facing FS) mode of membrane orientation. Despite a variety of novel draw 

solutes proposed in other studies [235, 236], inorganic draw solutes are still advantageous 
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due to their high water flux and low cost. In this study, MgCl2 was selected as the DS owing 

to its relatively low RSF, low fouling and scaling potential, and its amenability to re-

concentration by MD [237]. Both solutions were recirculated in a closed-loop system, 

resulting in a batch mode process operation. The DS tank was placed on a digital weighing 

scale and weight changes were recorded by a computer in real time at 3 min intervals to 

determine the water flux. At the end of each experiment, the FS and DS solutions were 

sampled and then concentrations of Mg2+ and Cl− ions were analyzed by inductively 

coupled plasma−mass spectrometry (ICP-MS, Agilent Technology 7500 series, Santa 

Clara, CA) and ion chromatography (ICS-1600, DIONEX, Sunnyvale, CA), respectively. 

Equations for the calculation of water flux, RSF, and SRSF are presented in the SI. 

 

3.2.5.3. MD experiments 

The MD experiments were performed with a lab-scale direct contact MD (DCMD) system 

used in our previous study [226]. The MD module had two symmetric channels; 77 mm 

long, 26 mm wide, and 3 mm deep; on both sides of the membrane. Variable speed gear 

pumps (Cole-Parmer) were used to provide cross-flows under countercurrent directions at 

a cross-flow velocity of 8.5 cm/s. Transmembrane temperatures were set at 20 °C, 40 °C, 

and 60 °C with a fixed coolant temperature of 20 °C. MD operations were carried out using 

MgCl2 having different concentrations (35 g/L, 60 g/L, and 140 g/L, equivalent to 0.37 

M/L, 0.62 M/L, and 1.44 M/L, respectively) as feed and DI water at 20 °C was used as 

coolant. Different low concentrations of MgCl2 were selected to investigate the effect of 

FS concentration on MD performance since low concentration is preferred in the MD inlet 

(especially at high range of concentration, see Fig. 3.6) and the solution is further 
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concentrated along the MD feed channel. Both solutions were recirculated in a closed-loop 

system resulting in a batch-mode process operation. The permeate tank was placed on a 

digital balance and weight changes were recorded by a computer in real time at 3 min 

intervals to determine the water vapor flux. A conductivity meter (HACH, Germany), 

connected to a computer, was used to monitor the conductivity in the permeate tank. 

 

 

Figure 3.4. Mass balance of the FO−MD integrated module proposed in this study and 

expected concentration and temperature profiles inside the module. 

 

3.2.5.4. Mass balance simulations 

The novel osmotically and thermally isolated FO−MD integrated module consists of MD 

and FO membranes, an isolation barrier, and flow channels for the FS, DS, and MD 
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permeate. DS flows from the inlet of the MD feed channel to the outlet and proceeds to the 

FO DS flow of the FO−MD module while the FS and the permeate flow are designed to 

occur in a counter-current mode. Thus, the DS before entering into the module and the DS 

at the end of the MD membrane can be considered as MD FS and MD brine, respectively. 

The loss of draw solutes caused by RSF through the FO membrane is replenished by adding 

draw solutes. Simulations are entirely based on an ideal mass balance model in a closed 

FO−MD module by assuming FO and MD membranes as a black box. A steady-state flow 

with net buildup of volume was also assumed, making FO and MD permeates the same as 

the module capacity. A schematic diagram of the mass balance of the hybrid system and 

expected concentration and temperature profiles in both channels is presented in Fig. 3.4. 

Only rejection rates and recovery rates of both FO and MD membranes are used as 

membrane properties for the simulations. In the present study, the flow of feed solutes is 

neglected since FO has a high rejection rate due to the hindrance effect of RSF on the 

transport of feed solutes [238]. A 100% salt rejection by MD is considered, which is 

confirmed from our experimental results. Rejection properties can be assumed to be 

constant even though they may vary slightly in reality. Details of the mass balance 

simulations are presented in the Supporting Information and the simulation conditions are 

summarized in Table S1. Simulation were conducted according to the following algorithm 

(SI Figure S2) using Microsoft Excel software. 

 

3.2.6. Results and discussion 

3.2.6.1. FO performance: effect of DS temperature on water flux and RSF  
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To evaluate the effect of DS temperature on FO performance for the feasibility of the 

FO−MD integrated module, FO experiments were carried out with varying DS 

temperatures (20 °C, 30 °C, 40 °C, and 50 °C) at fixed FS temperature (20 °C) as the latter 

is not influenced by temperature variation of the FO−MD module inner channels. As shown 

in Fig. 3.5a, the FO water flux was enhanced from 8.8 L/m2/h to 13.7 L/m2/h with an 

increase of DS temperature from 20 to 50 °C, consistent with other studies [227, 228, 239]. 

Considering an equation for water flux in FO as shown in Eq. 3.1 [227], the significant 

increase of water flux can be explained by two effects: (i) an increase in osmotic pressure 

and (ii) an increase in diffusivity. High temperature induces an increase in osmotic pressure 

according to the modified van’t Hoff equation, resulting in an increase in the driving force 

of FO. The diffusivity of draw solutes can also be influenced by an increase in DS 

temperature according to the Stokes−Einstein equation; this can reduce the mass transfer 

resistance and thus decrease the internal concentration polarization (ICP), enhancing the 

effective concentration gradient across the active layer of the FO membrane. As a result, 

water flux increased as DS temperature increased. 

( ) ( ), ,
exp exp /

W D b W F b W
J A J K J k =   −  −     (Eq. 3.1) 

/K S D=
 

(Eq. 3.2) 

where πD,b and πF,b are the osmotic pressure of DS and FS, respectively, K is the mass 

transfer resistance of the support layer, S is the structural parameter of the support layer, 

and D is the diffusivity of DS. Fig. 3.5b also shows that RSF increased from 86.9 mg/m2/h 

to 117 mg/m2/h with an increase in DS temperature from 20 to 50 °C. RSF is theoretically 

governed by the DS concentration as well as the membrane structural and solute rejection 
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properties. An increase in DS temperature can raise the diffusivity of draw solutes, thereby 

mitigating the ICP phenomenon and thus enhancing the effective concentration gradient 

across the active layer. Consequently, an increase in DS temperature results in more reverse 

diffusion of draw solutes to the FS side. 

 

 

Figure 3.5. Effect of FO DS temperature on (a) water flux and RSF, and (b) SRSF. 

Experimental conditions for FO experiments: DI water as FS; 1 M MgCl2 as DS; cross-

flow velocity of 8.5 cm/s; and variable DS temperatures (20−50 °C) with fixed feed 

temperature (20 °C). 

 

In order to further examine the relative transport of water and draw solutes under varying 

DS temperatures, SRSF, defined as the ratio of RSF to water flux in SI Equation S3, was 

calculated experimentally using the measured values of water flux and RSF, and results are 

presented in Fig. 3.5b. Although both RSF and water flux increased as shown in Fig. 3.5a, 

SRSF decreased by 14.12% with increasing DS temperature up to 40 °C, where the lowest 

SRSF (8.29 mg/L) was observed, indicating higher pure water extraction compared to the 
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loss of draw solutes. SRSF is influenced by operating temperature based on the theoretical 

equation, as given by SI Equation S3. When varying DS temperature with fixed FS 

temperature, the temperature of the active layer under the AL-FS mode is minimally 

changed, thereby inducing no/low change in the intrinsic properties (i.e., water and salt 

permeabilities) of the active layer [227]. Nevertheless, as this equation is also governed by 

DS temperature [240], SRSF can be decreased with an increase in DS temperature, 

consistent with our results. However, when DS temperature was further increased up to 

50 °C, draw solutes more readily diffused to the FS side than water flux, likely because of 

the increased permeability of the draw solutes at higher temperature, thereby leading to a 

slight increase (2.99%) in SRSF. In addition, a high standard deviation of SRSF at 50 °C 

indicates instability of the FO membrane. Other studies have observed a decrease in solute 

rejection for RO [241] and an increase in RSF in FO at higher temperature [228]. From 

these results, we can conclude that FO should be operated at 40 °C to achieve favorable 

water flux and reasonable RSF as well as high stability. This brine temperature range is 

considered to be reasonably achievable in large-scale MD modules due to heat loss through 

MD membrane even though MD FS has a higher temperature than optimum FO FS (40 °C). 

From these results, it can be inferred that the flow direction can also be an important factor 

for the FO−MD integrated module. If DS with low temperature is fed into the FO channel, 

it should be heated before the MD inlet, which is challenging to achieve inside the FO−MD 

module (a configuration with a water-box could be possible). Moreover, a condition with 

low water flux and high SRSF at low DS temperature requires a larger module size and a 

larger amount of solute for DS replenishment. In order to resolve this issue, DS temperature 

should be high enough to obtain high water flux and low SRSF for FO. Furthermore, DS 



110 

 

temperature should be higher to operate MD, considering heat loss through the FO 

membrane. This can also cause an unstable FO operation by exceeding the recommended 

maximum working temperature of the CTA FO membrane (45 °C) as well as significant 

loss of draw solutes by higher SRSF. This issue can be resolved by simply operating with 

proper flow direction, as presented in Fig. 3.3 and 3.4. High MD feed temperature helps to 

produce high water vapor flux and effectively concentrate DS for better FO operation. 

Along the MD module channel, DS temperature will decrease due to the heat loss and then 

the desired DS temperature (less than 45 °C) will be fed into FO channel. Moreover, high 

MD feed temperature can result in a low specific thermal energy consumption (STEC) due 

to high water vapor flux and high water recovery rate [242]. 

 

3.2.6.2. MD performance: effect of feed temperature and concentration on water 

vapor flux and salt rejection 

To evaluate the MD performance in the FO−MD integrated module, MD experiments were 

carried out by varying feed temperature and concentration. As has been widely reported 

for different applications, Fig. 3.6 shows that when feed temperature increased, water 

vapor flux exponentially increased from 16.6 L/m2/h at a transmembrane temperature 

difference (ΔT) of 20 °C to 102 L/m2/h at ΔT = 60 °C, as per the effect of salt concentration 

on vapor pressure theory (see SI Figure S1) [243]. The increment of water flux (513%) was 

smaller than that of the partial vapor pressure difference (1040%), likely due to temperature 

polarization caused by heat transfer from the feed to the permeate [244]. 
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Figure 3.6. Effect of feed temperature on water vapor flux in MD. Experimental 

conditions for MD: MgCl2 feed solution (i.e., 35 g/L, 60 g/L, and 140 g/L); cross-flow 

velocity = 8.5 cm/s; and variable feed temperature (i.e., 40 °C, 60 °C, and 80 °C) at 

constant coolant temperature (20 °C). 

 

The effect of MD feed concentration on water flux was further investigated with varying 

concentration (i.e., MgCl2 = 0 g/L, 35 g/L, 60 g/L, and 140 g/L) to investigate the interplay 

between FO and MD. Results presented in Fig. 3.6 show that water vapor flux decreased 

when increasing the feed concentration at all ranges of feed temperatures (i.e., ΔT = 20 °C, 

40 °C, and 60 °C); the decrease was more pronounced at higher temperatures, which is 

consistent with other studies [245] because a change in FS concentration can influence 

partial vapor pressure. Results shown in SI Figure S3 reveal that water vapor pressure 

slightly decreased with increasing feed concentration (over the indicated range) since 

higher concentrations decrease vapor pressure, especially at higher temperatures. As a 

result, increasing the feed concentration results in a significant reduction in water vapor 

flux. However, during all experiments, no change of the permeate conductivity was 

observed, indicating a complete rejection (100%) of draw solutes even at higher 
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concentrations. Results of the present study imply that low feed concentration which is 

achieved through dilution of the FO DS in the FO channel would be beneficial for the MD 

performance, thereby enabling a more efficient and compact FO−MD integrated module. 

It should be noted that flow direction can significantly influence sustainability of the MD 

membrane performance. Pore wetting of the MD membrane is governed by the hydraulic 

pressure represented by the liquid entry pressure (LEP) [246]. If the DS flows from FO 

membrane to MD membrane, the inlet pressure of MD is determined by the FO 

performance. However, if the DS flows from the MD membrane to the FO membrane, the 

inlet pressure can be controlled by adjusting DS flow rate, thereby providing better control 

of pore wetting. 

 

3.2.6.3. Simulation of a Closed-Loop FO−MD Integrated Module 

To evaluate the novel FO−MD integrated module, simulations were carried out based on 

mass balance equations varying four different parameters; FO and MD recovery rates, 

initial DS flow rate, and initial DS concentration; as shown in SI Table S1. Initial FS 

concentration and flow rate were 10 mM NaCl and 10 m3/d, respectively. SRSF of the FO 

membrane and salt rejection of the MD membrane were determined as 0.08293 g/L at 40 °C 

and 100%, respectively, based on results presented in the previous section. It was assumed 

that the permeate rate in FO is identical to that in MD for no net change in initial DS flow 

rate, as shown in SI Equation S4. In addition, the ratio of initial DS flow rate to initial FS 

flow rate, representing the DS/FS ratio, was employed to understand the operation of the 
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FO−MD module. It is important to note that the initial DS flow rate and concentration 

correspond to initial flow rate and concentration of the MD FS in the module. 

In order to evaluate the effect of MD recovery rate on the performance of the FO−MD 

integrated module, FO recovery rate and achievable permeate rate (same as the module 

capacity) of the integrated module were first simulated with varying initial DS flow rates 

(the DS/FS ratio) with results presented in Fig. 3.7a. Both FO recovery rate and permeate 

rate increased as MD recovery rate increased. It is noteworthy that the DS/FS ratio should 

be higher than 1.0 to achieve maximum permeate rate. If initial DS flow rate is lower than 

initial FS flow rate, the MD cannot produce a permeate rate as high as initial FS flow rate 

since the DS is treated by MD prior to FO, thereby resulting in a low module capacity. The 

DS concentration (MD brine) in the middle area of the module between FO and MD was 

then simulated to confirm whether the concentrated DS can be supplied to FO or not. 

Interestingly, Fig. 3.7b indicates that MD recovery rate should not exceed approximately 

0.83 because MgCl2 crystals can be formed at the end of MD membrane due to MgCl2 

solubility (58.9 g/100 mL water at 40 °C) as shown in SI Figure S4. This result implies that 

the DS/FS ratio should be higher than 1.25 to achieve a high recovery rate (close to 1.0) 

without the formation of MgCl2 crystals. The DS loss rate was further simulated for 

economic evaluation. Results of Fig. 3.7b show that the trend of DS loss rate (same as the 

replenishment rate) is consistent with that of the permeate rate, as shown in Fig. 3.7a. This 

is because DS loss rate is a function of SRSF (the ratio of RSF to water flux) and thus the 

permeate rate determines DS loss rate as depicted in SI Equation S15.  

The DS flow rate in the middle area of the module was also evaluated as presented in Fig. 

3.7c. This figure can represent the change of flow rate through FO and MD membranes 
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since the flow rate decreases along the MD membrane and then it increases along the FO 

membrane when increasing the recovery rate of the module. It should be noted that DS 

flow rate determines crossflow velocity in the module, which influences concentration and 

temperature polarization near the membrane surface [247]. Therefore, a high DS flow rate 

can lead to low concentration and temperature polarization. However, Fig. 3.7c shows that 

high initial DS flow rate (the DS/FS ratio of 2) not only has a maximum MD recovery rate 

of 50% but also results in a rapid decrease in DS flow rate. This implies a potential rapid 

change of the MD performance via increased concentration and temperature polarization 

[244]. Also, the pressure on the draw side of FO membrane can be increased by increased 

flow rate, thereby resulting in a decrease in water flux due to the decrease of the driving 

force [216]. In addition, a high flow rate requires high electric energy consumption. On the 

other hand, a low initial DS flow rate can have not only low recovery rates of both FO and 

MD (Fig. 3.7c) but also low performance due to serious concentration and temperature 

polarization [247, 248]. Consequently, it can be concluded that the DS/FS ratio should be 

ranged approximately from 1 to 1.5 to achieve high MD recovery rate and high flow rate 

at the same time. 
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Figure 3.7. Effect of MD recovery rate on (a) FO recovery rate (left axis, colored lines) 

and permeate rate (right axis, colored dotted-lines), (b) DS concentration in the middle 

area of the module (left axis, dotted-line) and DS loss rate (right axis, colored lines), and 

(c) DS flow rate in the middle area. Simulation conditions: initial FS concentration of 10 

mM NaCl, initial FS flow rate of 10 m3/d, initial DS concentration of 1 M MgCl2 (95.2 

g/L), and SRSF of 0.08293 g/L at 40 °C DS. The permeate rates of both FO and MD 

were assumed to be same. 
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To further investigate the effect of FO recovery rate, MD recovery rate and the final 

permeate rate (same as the module capacity) were also simulated with different DS/FS 

ratios. Fig. 3.8a show that the permeate rate is linearly related with FO recovery rate, which 

is consistent with Fig. 3.7a. Thus, the balance of permeate rate between FO and MD is one 

of the key factors for the FO−MD integrated module. The results of Fig. 3.8a also indicate 

that a high DS/FS ratio is beneficial to achieve high MD recovery rate as well as high 

permeate rate. To determine the maximum FO recovery rate in terms of MgCl2 solubility, 

DS concentration in the middle area of the module was simulated as presented in Fig. 3.8b. 

The result suggests that initial DS flow rate should be high enough for high FO recovery 

rate. DS loss rate was also simulated as a function of FO recovery rate. As discussed above, 

since the permeate rate of both FO and MD is directly related to FO recovery rate, DS loss 

rate linearly increases as FO recovery increases. However, since DS loss rate is inevitable 

in FO, a method to further reduce SRSF should be developed. 
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Figure 3.8. Effect of FO recovery rate on (a) MD recovery rate (left axis, colored lines) 

and permeate rate (right axis, dotted-line) of the integrated module, (b) DS concentration 

in the middle area of the module (left axis, colored lines) and DS loss rate (right axis, 

dotted-line), and (c) DS flow rate in the middle area. Simulation conditions: initial FS 

concentration of 10 mM NaCl, initial FS flow rate of 10 m3/d, initial DS concentration of 

1 M MgCl2 (95.2 g/L) and SRSF of 0.08293 g/L at 40 °C DS. 
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Fig. 3.8c presents the effect of FO recovery rate on DS flow rate in the middle area of the 

module. As discussed above, high DS flow rate is desired to enhance both FO and MD 

performances. However, high DS flow rate requires high energy consumption for the 

circulation [249]. Therefore, the DS flow rate needs to be optimized by considering electric 

energy consumption and the performance of both FO and MD. 

Lastly, to investigate the effect of initial DS concentration on the FO−MD module, DS 

concentration at the end of the MD membrane in the module was simulated as a function 

of recovery rate with fixed initial DS flow rate, the same as initial FS flow rate (i.e., 1.0 

DS/FS ratio). Fig. 3.9 indicates that initial DS concentration has a significant impact on 

limitation of the recovery rates for both FO and MD. The results show that lower DS 

concentration can induce higher recovery rate (higher permeate rate) since it can reach a 

concentration close to the maximum solubility of MgCl2 in the DS at high recovery rate as 

shown in Fig. 3.8. Additionally, it was found that initial DS concentration does not 

influence DS loss rate because DS loss rate is a function of the permeate rate, as shown in 

SI Equation S15. The strategies of the DS replenishment warrant further discussion. The 

DS replenishment consists of two steps: (i) recovery of the DS loss amount and (ii) 

recovery of the DS temperature. Because of the linear relationship between DS loss and 

recovery rate, the specific replenishment cost of the DS loss is constant. The specific cost 

of the DS temperature recovery may be significantly influenced by the recovery rate 

because the latter affects the desired inlet temperature. Duong et al. [250] reported that a 

20−50% recovery rate achieved the lowest specific thermal energy consumption for 

seawater desalination. However, a more accurate evaluation should be carried out via a 

pilot-scale study. 
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Figure 3.9. DS concentration at the end of MD membrane and DS loss rate (dotted-line) 

with varying initial DS concentration. Simulation conditions: initial FS concentration of 

10 mM NaCl, initial FS flow rate of 10 m3/d, initial DS flow rate of 10 m3/d, and SRSF 

of 0.08293 g/L at 40 °C DS. 

 

From the simulation results, it can be concluded that high DS flow rate is beneficial for 

high recovery rate in the FO−MD integrated module and has two potential merits: (i) high 

MD water vapor flux, and (ii) low temperature polarization. In the case of high DS flow 

rate, an increase in DS concentration will be low even at high MD recovery rate; this 

induces stable operation of MD due to less impact of high concentration on water flux as 

discussed in previous sections. Since high DS flow rate induces a high cross-flow velocity, 

the heat transfer coefficient in the MD feed channel can be enhanced, and hence water 

vapor flux can be increased. High cross-flow velocity can also mitigate membrane fouling 

in MD [226, 251]. The effect of high DS flow rate on FO performance merit further 
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consideration. Since membrane minimal fouling occurs on the DS side due to the permeate 

flow direction, high DS flow rate is not an important factor for membrane fouling in FO 

[252]. On the other hand, high flow rate can enhance water flux by a reduction of ICP [248, 

253]. Also, if DS flow rate is too high, the energy requirement for circulating the solution 

in the module could be high. Therefore, initial DS flow rate should be optimized for the 

successful operation of the FO−MD integrated module. The results of the simulations also 

imply that the FO and MD recovery rates may not be important to operate the FO−MD 

module since the permeate rate is dominantly governed by initial DS flow rate as well as 

initial DS temperature fed into MD. In addition to initial DS flow rate, initial DS 

concentration should be low for high recovery rate. However, this can lead to low water 

flux in FO and high water flux in MD as discussed in the previous sections, thereby 

resulting in an imbalance of the permeate rate between FO and MD. Varying membrane 

surface area of both processes could be used to reach a balance. A more rigorous theoretical 

model aiming to deeply examine and optimize the performance of a larger-scale integrated 

module is under development and will be reported in future work. Findings from the 

present study have significant implications for optimizing the novel FO−MD integrated 

module proposed. The novel FO−MD integrated module can have relevance for small-scale 

or mobile water treatment plants for, for example, the treatment of hypersaline wastewater 

from shale gas fracking because of the easier control of membrane fouling and high 

rejection of volatile compounds and other toxic metals. In addition, waste heat which is 

often available in industrial areas can reduce the energy consumption [254]. However, 

since the simulations were carried out via simple mass balance models, the actual FO−MD 

integrated module will be further examined, including membrane fouling and cleaning, 
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with the treatment of hypersaline wastewater containing volatile compounds and 

contaminants in the future. In addition, an economic analysis will be also carried out based 

on operation of a pilot-scale FO−MD integrated module. 

 

3.2.7. Supporting information 

3.2.7.1. Experimental water flux, RSF, and SRSF  

Water flux, RSF, and SRSF were determined using Eq. 3.S1-S3, respectively. 

 

 

where Jw and Js are the water flux (L/m2/h) and RSF (mg/m2/h), respectively, Δ𝑉𝐷 is the 

change in the DS volume (L), Am is the effective membrane area (m2), t is the time of 

experiments (h), VF,f and CF,f are the respective FS volume (L) and concentration (mg/L) 

at the end of experiments, A and B are the water and salt permeability coefficients (i.e., 

L/m2-h-bar and mg/m2/h, respectively), n is the number of species that the draw solute 

dissociates into, Rg is the gas constant (8.31×10−2 L bar/K/mole), and T is the temperature 

(K).  
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3.2.7.2. Derivation of mass balance equations  

A steady-state flow with no net build-up of volume in a continuous closed-loop FO-MD 

integrated module was assumed, indicating the FO permeate and the MD permeate should 

be the same as the module capacity, Qp, which can be expressed as Eq. 3.S4. 

 

 

where Qp is the module capacity (m3/d), QF,in and QD,in are the initial flow rates of FS and 

DS (m3/d), respectively, and RFO and RMD are (fractional) recovery rates of FO and MD, 

respectively. The middle area of the FO-MD module should be considered since DS in this 

area can be the brine of MD and FS of FO simultaneously. The DS flow rate in the middle 

area of the FO-MD module can be written in the form of Eq. 3.S5 and modified as Eq. 

3.S6 by substituting Eq. 3.S4 into Eq. 3.S5. 

 

 

where Qm is the DS flow rate in the middle area (m3/d). Thus, the DS concentration at the 

middle area of the FO-MD module is given as Eq. 3.S7 since MD exhibits theoretically 

100% rejection rate for draw solutes. By substituting Eq. 3.S6 into Eq. 3.S7, Eq. 3.S8 can 

be further developed. 

, ,p F in FO D in MDQ Q R Q R= =   (Eq. 3.S4) 

,m D in pQ Q Q= −  (Eq. 3.S5) 

( ), 1m D in MDQ Q R= −  (Eq. 3.S6) 
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where Cm is the DS concentration in the middle area (g/L) and CD,in is the initial DS 

concentration in the module (g/L). A mass balance for draw solutes right after FO can be 

written in a form of Eq. 3.S8 by considering a loss of draw solutes through FO membrane. 

Then, Eq. 3.S10 can be obtained by substituting Eq. 3.S4 and Eq. 3.S7 into Eq. 3.S9. 

 

 

where CD,x is the DS concentration at the outlet of the FO-MD module (g/L). The FS flow 

rate can be given based on mass balance as Eq. 3.S11 and modified as Eq. 3.S12 by 

substituting Eq. 3.S4 into Eq. 3.S11. 

 

 

where QF,brine is the flow rate of the FO brine (m3/d). The concentration of feed solutes in 

the FO brine can be obtained as Eq. 3.S13.  
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The concentration of draw solutes in the FO brine can be obtained as Eq. 3.S14 using the 

concept of SRSF and modified as Eq. 3.S15 substituting Eq. 3.S4 and Eq. 3.S12 into Eq. 

3.S14. 

 

 

where CD,brine is the DS concentration in brine (g/L). The DS replenishment rate (same to 

the DS loss rate) can be also given as Eq. 3.S16 and modified as Eq. 3.S17 by substituting 

Eq. 3.S6, Eq. 3.S8 and Eq. 3.S10 into Eq. 3.S16. 

 

 

where MDS is the replenishment rate of draw solutes caused by the loss of draw solute 

via RSF (ton/d). 
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Figure 3.S1. Schematic diagram of a FO-MD hybrid system operated with separated 

loops. Direct contact MD (DCMD) configuration is represented here as an example of 

other possible MD configurations. 

 

 

Figure 3.S2. A simulation algorithm of a closed-loop FO-MD integrated module. 
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Figure 3.S3. Influence of MgCl2 concentration on vapor pressure. Vapor pressure was 

obtained based on Antoine Equation and the effect of MgCl2 concentration on vapor 

pressure was simulated using the molar ratio of water molecules to total molecules 

including solutes. 

 

 

Figure 3.S4. Solubility curve of MgCl2 as a function of temperature. 
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Table 3.S1. Simulation conditions for a closed-loop FO-MD integrated module. 
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3.3. Publication # 5 “Impact of osmotic and thermal isolation barrier on concentration 

and temperature polarization and energy efficiency in a novel FO-MD integrated 

module” 

 

3.3.1. Graphical abstract 

 

Figure 3. 10. Temperature and concentration profiles in the FO-MD integrated module 

 

3.3.2. Abstract 

In this study, a novel integrated forward osmosis - membrane distillation (FO-MD) module 

equipped with an isolation barrier carefully placed between the FO and MD membranes is 

experimentally investigated, and its performance is compared with a conventional hybrid 

module. The function of the isolation barrier is to osmotically and thermally separate the 

FO draw solution (DS) and MD feed channels. A systematic approach is adopted to 

compare the flux through both modules under (i) different and similar hydrodynamic 

conditions, (ii) different DS concentrations and temperatures, and (iii) different feed 
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solution concentrations. All experiments were performed for nine hours each in batch mode 

using a custom-made compact module. New FO and MD membrane sheets were mounted 

for each experiment to ensure similarity in operating conditions. The proposed module 

design increased the flux by 22.1% using the same module dimensions but different 

hydrodynamic conditions. The flux increased by 16.6% using the same hydrodynamic 

conditions but different module dimensions. The FO/MD energy ratio reduced from 0.89 

to 0.64 for the novel module, indicating better utilization of energy (primarily from MD). 

The gain output ratio (GOR) increased on average by 15.8% for the novel module 

compared to the conventional module, with a maximum increment of 20.7%. The 

temperature and concentration polarization coefficients in the MD operations showed 

improvements of 17.4% and 2.6%, respectively. The presence of the isolation barrier inside 

the integrated module indicated promising improvements of the flux and internal heat 

recovery, and further significant enhancements are expected for larger scale modules. 

Additionally, the novel module design offers unprecedented process integration 

opportunities for FO-MD as well as other membrane hybrid systems. 

 

3.3.3. Introduction 

Water scarcity is an increasingly urgent issue as water demand grows with an expanding 

global population. Daily-life activities require high-quality water resources for various 

social and economic activities [255]. Depending on the quality requirements of the treated 

water and the quality of the available feed water, different water treatment technologies 

have been developed and implemented in recent years. For instance, in reaction to stringent 

regulatory requirements for brine discharge from desalination plants, recent research has 
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focused on the development of methods to treat highly saline waters [256]. These emerging 

methods include hybrid technologies that take advantage of two or more different processes 

by integrating them into one single system. The synergetic benefits of hybrid technologies 

reveal themselves in different ways, such as a higher energy efficiency or an improved 

water quality. Indeed, the number of research articles on hybrid desalination technologies 

has experienced a nearly four-fold increase in the last decade. In contrast, research growth 

on individual desalination technologies has only doubled during the same period [3]. 

The forward osmosis–membrane distillation (FO-MD) hybrid system has recently emerged 

as a promising method for water treatment [216, 257-259]. The FO process utilizes the 

natural osmotic pressure difference between two streams as the driving force that transports 

water across an FO membrane. By using a saline solution, known as the draw solution (DS), 

freshwater may be recovered from a targeted feed solution (FS) stream with relatively 

lower salinity. Complex organic and inorganic contaminants present in the FO feed can 

also be removed using this process [260]. The energy consumption of FO is low because 

the FO process only consumes the energy needed for the recirculation of the DS and FS 

streams. However, once the DS is diluted with extracted water, the re-concentration of the 

DS is critical for the continuous operation of FO systems [261].   

Membrane distillation (MD) is a thermal-membrane process that is driven by the difference 

in vapor pressure between the two sides of a membrane to transport water vapor across the 

membrane. In MD, the water evaporated on the hot feed side (with a higher vapor pressure) 

condenses on the cold permeate side of the membrane (with lower vapor pressure). MD 

can produce water of nearly distilled-water quality, even for highly saline streams. Among 

MD’s different configurations, direct contact MD (DCMD) is the most commonly used 
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[262]. However, MD may have limited capacity to remove volatile compounds from the 

feed stream because these can be carried with water vapor across the membrane. In the FO-

MD hybrid system, the drawbacks of both processes can be alleviated 1) through the 

regeneration of the DS of FO during the MD process, and 2) by removing evaporative 

contaminants and trace organics during the FO process [29, 239]. Moreover, specialized 

draw solutions have been investigated to advance FO-MD hybrid applications [263, 264]. 

The design of these hybrid systems can be complex and massive due to the inclusion of 

two or more processes. Integrated modules have been suggested to simplify combined 

membrane processes, but there are limited studies in the literature on integrated FO-MD 

hybrid modules [224, 265, 266]. Indeed, one recent study by Ricci et al. (2019) observed 

that integrated modules produce lesser water throughput, despite lower energy 

consumption and improved water quality [267]. This drawback has necessitated significant 

innovation in conventional hybrid module designs. In previous designs, the thermal and 

osmotic potential of DS was not appropriately employed because the driving forces in FO 

and MD are osmotic pressure and vapor pressure, respectively. However, integrated 

modules allow the FO DS to harness the potential of both FO and MD processes 

simultaneously [224, 266]. 

An innovative FO-MD hybrid module with an isolation barrier has been developed to 

maximize the thermal and osmotic potential of the DS [268]. The concept and modeling of 

this integrated FO-MD module have been reported in an earlier contribution [175]. The 

novel barrier design creates osmotic and thermal isolation between the FO and MD 

processes to enhance their efficiencies. The differences between conventional and novel 

hybrid modules are outlined in Fig. 3.11. In the novel hybrid FO-MD module, the high-
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temperature DS (which is the feed of MD) engages with the MD process and maximizes 

the thermal efficiency of the system. Subsequently, the concentrated DS with higher 

osmotic pressure leaving the MD compartment improves the performance of the FO 

process. The presence of the barrier may also help to mitigate membrane fouling and 

produce an overall reduction in energy consumption.  

 

 

Figure 3.11. Design and schematic stream flow of the FO-MD integrated module with (a) 

novel design with an isolation barrier, and (b) conventional design without a barrier. 

 

The objective of this study is to experimentally evaluate the impact of an isolation barrier 

in a novel FO-MD hybrid module by comparing the novel module to a conventional 

module without a barrier. The water production and energy efficiency are analyzed for both 

systems. The fluxes of both FO and MD processes are compared in terms of (i) the different 

hydrodynamic conditions (e.g., flow channel depth and cross-flow velocity) and (ii) the 

different driving forces behind FO and MD, which are osmotic pressure and temperature 

differences, respectively. Because thermal energy is used for water production in the MD 
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process, energy efficiency is compared between the modules with and without a barrier. 

To investigate the thermal and osmotic isolation effects in the developed module, the extent 

of both concentration and temperature polarization for the individual operations is analyzed. 

Since the FO-MD hybrid system is receiving attention for various applications of 

desalination and wastewater treatment, the results of this study can be used to design and 

scale-up the proposed hybrid module. An FO-MD hybrid system is expected to offer 

feasible solutions for challenging feed water, such as oily wastewater and acidic 

wastewater [29]. 

 

3.3.4. Materials and methods 

3.3.4.1. FO and MD membranes 

For the FO experiments, thin-film composite membranes with polyamide (TFC-PA) active 

layers were used. The thicknesses of the active and support layers were 0.86±0.1 and 

99.14±1.3 μm, respectively. The support layer porosity was 63±5%. The water 

permeability of the FO membrane (AFO) was 2.472E-7 m/s/bar, the solute permeability (BFO) 

was 5.444E-8 m/s, and the structure parameter (SFO) was 3.28E-4 m. More details on this 

membrane can be found elsewhere [269]. In all FO experiments, the active layer faced the 

feed solution (AL-FS).  

In the MD experiments, polytetrafluoroethylene (PTFE) hydrophobic micro-porous 

membranes were used. The measured nominal pore size and porosity were 0.39±0.2 μm 

and 34.0±4.5%, respectively. The thicknesses of the active layer (PTFE) and the support 

layer (PP) were 20±0.4 and 80±1.6 μm, respectively, and the liquid entry pressure (LEP) 



134 

 

was 3.74 bar. The surface areas of the FO and MD membranes inside the integrated module 

were identical at 0.002 m2 (10 cm × 2 cm). 

 

 

Figure 3. 12. Picture of the FO-MD integrated module with the isolation barrier. 

 

3.3.4.2. FO-MD integrated modules 

The designs of the conventional and novel FO-MD integrated modules are shown in Fig. 

3.11 and 12, respectively. The novel FO-MD module was designed and fabricated in-house. 

The hybrid module system consisted of three plates, where individual channels were tooled 

for (i) the feed stream of FO, (ii) the DS stream of FO (feed of MD), and (iii) the permeate 

stream of MD. Three different plates for DS were prepared to investigate the effect of the 

isolation barrier and different hydrodynamic conditions. The plate for the novel design with 

a barrier was fabricated with a 6 mm DS channel depth and 13.5 mm total thickness. The 

other two plates for the DS stream without a barrier were made with two different 
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thicknesses, namely 6 mm and 13.5 mm. The channel depth in each plate is the same as the 

module thickness. The channel depth for both the feed solution (FS) and the permeate 

solution (PS) was 3 mm each. The FO and MD membranes were placed in their respective 

positions to cover the channel areas. The length and width of the module were designed 

according to the membrane effective area of 100 mm and 20 mm, respectively. A 

membrane spacer, made of polypropylene (PP), was employed in all stream channels. The 

spacer thickness for the FO feed and MD permeate solution channels was the same at 2.3 

mm, while for the DS channel, the spacer thickness was 5 mm. As provided by the 

manufacturer, the hydrodynamic angle and mesh size were 42 degrees and 4 mm, 

respectively. 

 

3.3.4.3. Experimental set-up and operation matrix 

The experimental set-up, as shown in Fig. 3.13 was established to operate and control three 

different streams of the integrated hybrid FO-MD system. The weight changes of all three 

solution tanks (FS, DS, and PS) were measured for water flux calculations in both FO and 

MD processes. At the same time, the initial volumes were prepared to 1200, 400, and 400 

L for FS, DS, and PS, respectively, for all experiments. The in/out temperatures of all 

streams across the module were recorded simultaneously using RTD sensors (PT100, 

Omega Engineering, USA) to investigate the energy usage of the hybrid system during 

operation. Similarly, the inlet temperatures of FS, DS, and PS were controlled using a water 

bath (AD07R-20-A13D, PolyScience, USA) with heat exchangers. Micro-gear pumps 

(75211-70, Cole Parmer, USA) were used for maintaining a constant flow-rate during 

experiments, which was monitored by flow meters. Conductivity meters (TetraCon 325 
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with LF 298, WTW, USA) were installed to observe the concentration and dilution of 

solutions. The FS and PS conductivities were utilized to calculate the reverse salt flux (RSF) 

of FO and salt rejection of MD, respectively, and deionized (DI) water was used as the FO 

feed and MD permeate solutions. In all operations, trans-membrane pressure was 

maintained at zero with 1 psig error to avoid the influence of pressure on both FO and MD 

processes. Thus, the inlet pressure to the membrane module was monitored for each stream 

using pressure transducers (PX309-050GI, Omega Engineering, USA). The NI-DAQ 

system (cDAQ-9174, NI, USA) connected to the LabVIEW program with a desktop 

computer was employed for acquisition and data storage including temperature, weight, 

pressure, and conductivity.  

 

 

Figure 3.13. Schematic diagram of the experimental set-up for FO-MD integrated 

modules 
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The experimental operations matrix was built to investigate the impact of the isolation 

barrier in the FO-MD integrated module with different operational parameters. All 

experiments were conducted in the batch mode over roughly nine hours. New FO and MD 

membrane sheets were used in each experiment to avoid any variation in the flux due to 

concentration polarization or other variations caused by the previous experiments. Two 

sets of experiments were designed for investigating the effects of (i) hydrodynamic 

conditions (Set #1 and #2), and three individual sets were conducted for (ii) FS 

concentrations (Set #3), (iii) DS concentrations (Set #4), and (iv) DS temperatures (Set #5). 

Detailed operational parameters for all five experimental sets are presented in Table 3.1. 

In the first set of experiments, because the DS channel depth (DD,ch) was different between 

the two modules, the flow-rate of DS was controlled to achieve the same cross-flow 

velocity (vD). Double flow-rates were applied for the conventional module because the DS 

channel depth was twice the thickness (THDM) of the novel module. Identical flow-rates 

were employed for both designs in Set #2 because the DS channel depth was the same 

between the two modules. The baseline of FS and DS concentrations (CF,ini, and CD,ini) were 

0 and 70 g/kg, respectively, and experiments were conducted in different concentrations in 

Set #3 and #5, according to the parameters in Table 3.1. The temperatures of FS and PS 

(TF,in, and TP,in) were fixed at 30 ºC, and a DS temperature (TD,in) of 60 ºC was employed 

in most of the experiments. However, the effect of DS temperature variation was studied 

in set #4. A DCMD configuration was used for the MD process, and the FO process was 

operated in the AL-FS configuration. NaCl solutions were used in all experiments for both 

FS and DS.  

 



138 

 

Table 3.1. Experimental operations matrix 

 

 

3.3.5. Analytical methods 

3.3.5.1. FO performance analysis 

The impact of using a barrier on the concentration and temperature polarization was 

experimentally and theoretically evaluated in the FO-MD hybrid system. The polarization 

effect in membrane processes plays a significant role in system performance. It extent is 

often defined by the balance between the effective driving force of the processes,  and the 

rate of mass and heat transport from the bulk streams to the membrane [270, 271]. In the 

FO process with TFC membranes, the concentration polarization is expressed either as 
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internal concentration polarization (ICP) or as external concentration polarization (ECP). 

The ICP occurs inside the support layer, and the ECP occurs on the boundary layer between 

the membrane and bulk solution. To present the degree of the concentration polarization of 

the FO process, the concentration polarization coefficient, CPCFO, is defined as: 
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where C and π are the concentration and osmotic pressure of streams, respectively, and the 

subscripts, D, F, b, and m are for the DS, FS, bulk, and membrane, respectively. The 

definition of CPCFO is modified to include both ECP and ICP in the coefficient from the 

general form of the modulus counting ECP only [272]. This modification is beneficial 

when evaluating the FO performance practically and leads to an expression of the water 

flux JW,FO of FO, viz 
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 (Eq. 3.4) 

where  kf and D are the mass transfer coefficient of FS and species diffusion coefficient, 

respectively. The properties of the FO membrane, embedded in A, B, and S values, were 

adapted from a previous study. The diffusion coefficient is defined for NaCl, and the 

correlation of diffusion coefficient according to the temperature within the 0.05-2 M range 

is expressed as: 
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The mass transfer coefficient (kf) can be derived from Sherwood number (Sh = k dh/D ), 

for flows in rectangular channels with spacers [272]. 

( )
0.36

Sh 0.46 Re Sc=    (Eq. 3.6) 

The FS and DS osmotic pressure of bulk solutions were measured during the experiments 

for CPCFO analysis. To calculate the osmotic pressures of FS (πF,m-FO) and DS (πD,m-FO) at 

the FO membrane surface, the following equations were used [267]. 
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3.3.5.2. MD performance analysis 

The MD process is driven by the difference in vapor pressure between the two streams in 

accordance with their temperatures (hot feed and cold permeate streams). Ideally, the MD 

water flux should increase linearly with an increase in the temperature difference in bulk 

solution streams. However, in practice, the real driving force is the temperature difference 

on the membrane surface. Therefore, the actual MD water flux can be expressed as [273, 

274]: 
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where the subscripts D and P are DS (i.e., feed of MD) and PS, respectively, in the proposed 

FO-MD hybrid system. The gap between the operation bulk and effective temperatures is 

due to temperature polarization across the boundary layers between the bulk solution and 

the membrane surface. The thickness of the temperature polarization layer is mainly 

determined by the convective heat transport and fluxes across the membranes. Several 

studies have been conducted to minimize temperature polarization [243, 275]. The 

temperature polarization coefficient (TPCMD) is used to analyze the temperature 

polarization of the MD process in the FO-MD hybrid system, as given by [276]: 
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The coefficient represents the ratio of the temperatures at the membrane surface and the 

bulk streams. From Eq. 3.9, the temperatures of the membrane surfaces are calculated with 

the measured water flux of MD from the experiments. The overall mass transfer resistance 

model, given by the dusty gas model, is used to analyze the water permeability (AMD) of 

the MD process in the integrated FO-MD module, which can be expressed as [273]: 

( )
1

1 1

MD K M PA R R R
−

− −= + +  (Eq. 3.11) 

where the model consists of Knudsen diffusion (K), Molecular diffusion (M), and 

Poiseuille flow (P) resistances in series and parallel configurations. The individual 

resistances can be written as: 
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The membrane structure parameters, mean pore size (r), thickness (δ), porosity (ε), and 

tortuosity (τ) are included in the equations, and the molecular weight of water and the real 

gas constant are MW and Rg, respectively. Moreover, PaM is the log of the mean air pressure 

in the membrane. The vapor pressure (pv) and the diffusion coefficient (D) are calculated 

from the modified Antoine equation and the Fuller-Schettler-Giddings empirical equation 

given by Eq. 3.15 and 3.16, respectively. 
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( )4 1.751.19 10 m mD T p−=    (Eq. 3.16) 

The CPC in the MD process is evaluated according to Eq. 3.17. The concentration 

polarization in the PS of the MD process is neglected as the salt rejections of MD are above 

99% in all experiments. 
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3.3.5.3. Energy efficiency in FO-MD hybrid system 

In the FO-MD hybrid system, the efficient use of energy can be determined by analyzing 

the consumed energy for each of the FO and MD processes. Using inlet and outlet 

temperatures of all three streams, the energy change of each stream was calculated. The 

FO/MD Energy Ratio is defined to present the influences of the thermal isolation in the 

novel module and is expressed as: 
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where m  and H are the mass flow rate and enthalpy, respectively. The FO/MD Energy 

ratio tends to be one if the energy is equally utilized in the two separate processes. The 

energy efficiency of the hybrid system is calculated in terms of gained output ratio (GOR) 

as [270]: 
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where the enthalpy of vaporization is ΔHv. The FO and MD performance results are 

presented for each set of experiments. The energy efficiency and polarization analysis are 

followed to investigate the impact of the novel design on the osmotic and thermal isolation. 

 

3.3.6. Results and discussion 

3.3.6.1. Effect of different hydrodynamic conditions 

Different hydrodynamic conditions were applied to assess the performance of the new 

hybrid. Previous studies generally considered a balanced FO and MD module [224, 265, 

267]. However, in this study, operating conditions are varied to gain an in-depth 

understanding of the FO-MD hybrid module. In practical scenarios during operation, the 

concentration of FS and DS changes actively over time. The performance of FO and MD 

processes were compared between the two modules while maintaining the same module 

dimensions (thickness and areas). The barrier in the novel design occupied half of the 

volume to the channel in the DS stream. In other words, the hydraulic volume of the DS 

stream without the barrier was double the hydraulic volume with the barrier, with the same 

thickness of the DS channel. Therefore, the specific energy consumption of the electrical 

pumping in the novel module was reduced by half compared with the conventional design 

[175]. On the other hand, with an identical flow-rate in the DS stream, the novel module 

created a two-fold higher cross-flow velocity and hence mitigated fouling in both FO and 

MD membrane processes [226]. 
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Figure 3.14. (a) FO flux, (b) MD flux and (c) FO/MD flux ratio in time with the same 

thickness of the DS module (THDM). The experimental condition: DS channel depth w/ 

barrier (DB,D,ch) = 6 mm, DS channel depth w/o (DN,D,ch)= 13.5 mm, middle plate 

thickness (THDM)= 13.5 mm, FS initial concentration (CF,ini)= 0 g/kg, DS initial 

concentration (CD,ini)= 70 g/kg, FS inlet temperature (TF,in)= 30 ºC, DS inlet temperature 

(TD,in)= 60 ºC and PS inlet temperature (TP,in)= 30 ºC. 

 

Fig. 3.14 shows the improvement in both the FO and MD fluxes with the barrier in place 

at two different cross-flow velocities. At the higher cross-flow velocity (6.94 cm/s), both 

the FO and MD fluxes in the novel module were enhanced by 10.6 and 23.6%, respectively. 

However, in both modules, the trend of the FO flux declined, primarily due to the dilution 

of DS. Note that the initial FO flux was higher than the MD flux, which caused an 

imbalance in the FO and MD fluxes. In contrast, the moderate changes of the MD fluxes 

indicate that there was limited vapor pressure variation within these operating conditions. 

In all experiments, the MD flux variations were less than 8%. In the batch experiment, the 

imbalance in the FO and MD fluxes brought a dynamic change in the DS concentration, 

which played a key role in the operation over time. The FO/MD flux ratios are also 

presented along with the separate FO and MD fluxes in Fig. 3.14c. 
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Figure 3.15. (a) FO flux, (b) MD flux and (c) FO/MD flux ratio as a function of operation 

time in a same DS channel depth (DD,ch). The experimental condition: DS channel depth 

(DD,ch)= 6 mm, DS module thickness w/ barrier (THB,DM)= 13.5 mm, DS module 

thickness w/o (THN,DM)= 6 mm, FS initial concentration (CF,ini)= 0 g/kg, DS initial 

concentration (CD,ini)= 70 g/kg, FS inlet temperature (TF,in)= 30  ºC, DS inlet temperature 

(TD,in)= 60 ºC, PS inlet temperature (TP,in)= 30 ºC. 

 

Both FO and MD fluxes were enhanced with the barrier with the same dimensions as those 

of the modules. However, the impact of the osmotic and thermal isolation barrier on the 

fluxes was not conclusive because the hydraulic residence times were longer in the module 

without the barrier but with the same cross-flow velocity. Moreover, different depths of 

DS channels can cause changes in the transport of mass and heat in the module. Thus, 

another set (Set #2) of experiments was conducted to investigate the impact of the novel 

design under different hydraulic conditions. The FO flux, MD flux, and ratio results of the 

experiments are presented in Fig. 3.15. 

The full effect of the isolation barrier on the FO-MD hybrid process is observed in the 

results of Set #2, which were performed under identical hydrodynamic conditions. We 
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employed the same DS channel depth and cross-flow velocity in all experiments, and the 

mass and heat transports were duplicated in both modules. In addition, the specific 

electrical consumption (SEC) was also identical, with the same flow-rates of the FO-MD 

hybrid systems. The novel design improved the MD fluxes by 12.4% and 13.5% at DS 

cross-flow velocities of 3.47 and 6.94 cm/s, respectively. However, no significant 

enhancement was observed in FO performance in the experiments because the DS 

concentrations entering the FO were nearly identical in both modules. The difference in 

FO flux between the two designs was only 0.3% on average, where the individual values 

were 43.7 and 44.2 kg/m2/h with and without the barrier, respectively. Thus, due to the 

smaller size of the lab-scale modules, the impact of osmotic isolation on the FO 

performance was constrained by the limited MD recovery. The flux trends for both FO and 

MD at higher DS cross-flow velocities were found to be consistent with previous studies 

[248, 274]. There was no significant difference in the specific RSF (SRSF) [175] between 

both sets of experiments, which remained at 0.162 and 0.165 g/L for the conventional and 

novel modules, respectively. It is expected that the benefits of this novel module will be 

much more significant for the larger scaled-up module because the variation of the DS 

concentration at the outlet of the MD feed will be higher and the temperature will be lower, 

which are both beneficial for the FO DS.  

 

3.3.6.2. Effect of different feed solution concentrations 

In these experiments, the effect of different feed solution concentrations was investigated 

on the FO-MD hybrid system, while the FO feed solution concentration was set at 35 g/kg 

(Fig. 3.16). Compared to the flux with 0 g/kg FS concentration, the initial FO fluxes were 
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reduced by roughly 79%, which is consistent with existing literature [277]. The underlying 

cause of the reduced initial flux was the lower osmotic pressure difference between the two 

streams. Interestingly, the SRSF showed a reduction from 0.163 to 0.138 g/L on average 

for both integrated modules. We observed no significant FO flux advantage with the barrier 

in place. However, the MD fluxes increased by 48.9% because the DS was concentrated 

due to the impaired FO flux with the high FS salinity (35 g/kg). 

 

 

Figure 3.16. (a) FO flux, (b) MD flux and (c) FO/MD flux ratio as a function of operation 

time in different initial FS concentrations (CF,ini). The experimental condition: DS 

channel depth (DD,ch)= 6 mm, DS module thickness w/ barrier (THB,DM)= 13.5 mm, DS 

module thickness w/o (THN,DM)= 6 mm, DS cross-flow velocity (vD)= 3.47 cm/s, DS 

initial concentration (CD,ini)= 70 g/kg, FS inlet temperature (TF,in)= 30 ºC, DS inlet 

temperature (TD,in)= 60 ºC, PS inlet temperature (TP,in)= 30 ºC. 

 

The advantage of using a barrier in the integrated module was more evident in the MD 

performance. The MD fluxes in the novel module increased by 12.4% and 23.4% for 0 and 

35 g/kg initial FS concentrations, respectively. The observed trends of MD fluxes were 

opposite to FO due to the reduced vapor pressure. On average, the MD process lost 14.3% 
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of its initial flux with an FS concentration of 35 g/kg and gained 9.2% with 0 g/kg in both 

modules. Because the imbalance of FO and MD fluxes was severe but with a limited 

difference in the osmotic pressures (CF,ini = 35 g/kg), the FO/MD flux ratio reduced to 0.44 

on average. This represents a reduction of 63.5% from the values of Sets #1 and #2, and 

the DS was concentrated by 1.48 times the initial volume. The DS volumes were diluted 

by 16.2% on average during the experiments with the 0 g/kg of the initial FS concentration 

(Sets #1 and #2). 

 

3.3.6.3. Effect of different draw solution concentrations 

We investigated the impact of different DS concentrations on the integrated module 

performance. As shown in Fig. 3.17, the overall FO fluxes increased with increasing DS 

concentration due to the higher osmotic gradient. However, when operating with DS 90 

g/kg, a rapid drop in the FO flux is observed, which implies an accelerated DS dilution in 

the batch system of the hybrid FO-MD. The reductions in the FO fluxes were 16.8% and 

27.8%, with initial DS concentrations of 70 and 90 g/kg, respectively. The impact of the 

isolation barrier on FO fluxes was not significant, increasing the fluxes by only 1.5% and 

2.3% while operating with DS concentrations of 70 and 90 g/kg, respectively. The SRSF 

showed the same tendency as the average FO fluxes, which were reduced from 0.167 to 

0.138 g/L at lower values. 

The MD results highlight the primary advantage of thermal isolation in the novel design. 

The MD fluxes improved by 12.4, 13.7, and 18.9% with the isolation barrier with initial 

DS concentrations of 70, 80, and 90 g/kg, respectively. All MD fluxes improved over time 
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by about 7.9% on average. The average value of the FO/MD flux ratios was between 1.21 

and 1.85 due to the higher FO flux. This implies that initiating the FO-MD hybrid system 

in the balanced operating condition (i.e., FO/MD flux ratio of about 1.0) can reduce 

unwanted load on the system, such as a rapid FO flux change. 

 

 

Figure 3.17. (a) FO flux, (b) MD flux, and (c) FO/MD flux ratio as a function of 

operation time in different initial DS concentrations (CD,ini). The experimental condition: 

DS channel depth (DD,ch)= 6 mm, DS module thickness w/ barrier (THB,DM)= 13.5 mm, 

DS module thickness w/o (THN,DM)= 6 mm, DS cross-flow velocity (vD)= 3.47 cm/s, FS 

initial concentration (CF,ini)= 0 g/kg, FS inlet temperature (TF,in)= 30 ºC, DS inlet 

temperature (TD,in)= 60 ºC, PS inlet temperature (TP,in)= 30 ºC. 

 

3.3.6.4. Effect of different draw solution temperatures 

Because temperature is the driving force in MD, a major change in the DS temperature is 

expected to mainly affect the MD flux. Fig. 3.18 shows that the MD fluxes increased by 

14.8% with the isolation barrier, whereas FO fluxes did not show any significant 

improvement. The MD flux improvement was more significant at 50 ºC than 70 ºC with a 

19.0 and 13.1% increase, respectively. The MD flux trends were almost straight lines, 
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unlike previous experiments where the fluxes increased or decreased over time. In both 

module designs, the MD fluxes increased between 2.2 and 2.3 times for DS temperature 

changes from 50 to 70 ºC [270]. 

 

 

Figure 3.18. (a) FO flux, (b) MD flux, and (c) FO/MD flux ratio as a function of 

operation time in different DS temperatures (TD,in). The experimental condition: DS 

channel depth (DD,ch)= 6 mm, DS module thickness w/ barrier (THB,DM)= 13.5 mm, DS 

module thickness w/o (THN,DM)= 6 mm, DS cross-flow velocity (vD)= 3.47 cm/s, FS 

initial concentration (CF,ini)= 0 g/kg, FD initial concentration (CD,ini)= 70 g/kg, FS inlet 

temperature (TF,in)= 30 ºC, PS inlet temperature (TP,in)= 30 ºC. 

 

The FO fluxes declined over time due to the dilution of the DS. The advantages of the 

higher DS temperature in the FO process, as reported in the literature, is an enhanced water 

permeability in the FO membranes [269, 278]. The average FO flux at a DS temperature 

of 70 ºC was 8.2% higher than the flux at 50 ºC (TD,in). Similarly, the SRSF values also 

increased from 0.153 to 0.179 g/L for the experiments at 50 and 70 ºC, respectively.  
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3.3.6.5. Impact on energy efficiency 

To evaluate the overall system efficiency, the performance of the MD process is monitored, 

which is important because it dominates the system and regulates the water production in 

the FO-MD hybrid system. Because MD is a thermally driven process, the operating 

temperatures of each stream (FS, DS, and PS) were monitored to calculate the energy 

balance (Fig. 3.19) and GOR (Fig. 3.20) of the system. Both average values are given in 

Fig. 3.19 and Fig. 3.20, and the measured values over time are presented in Fig. 3.22-26. 

The experimental labels can be found in the previous table (Table 3.1). The energy losses 

within the module were approximately 1% of the total energy input. Note that the average 

FO/MD energy ratios were 0.89 (nearly 1.0) in the conventional module without a barrier 

and 0.64 with a barrier. This smaller energy ratio indicates that more energy was used for 

the thermal MD process, which enhanced the overall system efficiency. Hence, the 

difference in the lower FO/MD energy ratio may be attributed to the inclusion of the 

thermal isolation effect caused by the barrier. The FO/MD energy ratio was reduced by 

29.0% on average with the barrier, with a maximum of 36.2%, which represents an increase 

of 8.4% in the total energy utilized for the MD process. 

The thermal isolation induced by the barrier contributed to a higher GOR for the hybrid 

module by using energy more efficiently. Fig. 3.20 demonstrates that the GORs of the FO-

MD module were enhanced by the barrier by 17.3% on average. The improvements varied 

under different operating conditions. The maximum was 20.5% with a DS temperature of 

70 ºC in experiments under the same hydrodynamic conditions. The GORs were 0.537 and 

0.454, respectively, with and without the isolation barrier under these conditions, and the 

novel design improved by 18.3%.  
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Figure 3.19. Comparison of FO/MD energy ratio in the FO-MD hybrid system with (I) 

and without (II) the isolation barrier. 

 

In the hybrid system, the changes in energy efficiency mostly followed the trends described 

in previous studies on the MD process [270, 279, 280]. The GOR values increased with 

lower concentrations of MD feed, higher cross-flow velocity, and higher temperatures. 

Similar trends are observed for both types of modules with and without the isolation barrier. 

Under the operating conditions for the conventional module (where the FO/MD energy 

ratio was calculated to be maximum (1.1)), the energy performance of the hybrid system 

(GOR= 0.35) was weaker without the barrier. In contrast, the maximum GOR of the novel 

integrated system was 0.54, with a minimum FO/MD energy ratio of 0.59. 
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Figure 3.20. Comparison of GOR in the FO-MD hybrid system with (I) and without (II) 

the isolation barrier. 

 

3.3.6.6. Impact on concentration and temperature polarizations 

The CPC and TPC for both modules were calculated using Eq. 3.3, 3.8, and 3.17. To 

estimate the impact of osmotic isolation in the FO process, CPCs and the average values 

are calculated, giving 0.22 and 0.21 for conventional and novel modules, respectively 

(Table 3.2). The CPCFO only increased on average by 1.9% because osmotic isolation of 

FO tends to have a bigger impact and a higher recovery than MD. However, the limited 

flux of MD with a smaller module did not deliver a significant difference. The potential of 

osmotic isolation on CPCFO was enhanced by 3.8% for the experimental sets with high DS 
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concentrations. The difference in osmotic pressure was greater for the same degree of 

dilution, which had a greater impact on CP with a high concentration of DS with a barrier. 

 

Table 3.2. Comparison of concentration and temperature polarization in FO-MD system 

  

Polarization Coefficient WITH Barrier  Polarization Coefficient WITHOUT Barrier  

% Increase of Polarization 

Coefficients with Barrier 

  
 CPCFO TPCMD CPCMD  

 

CPCFO TPCMD CPCMD  CPCFO TPCMD CPCMD 

Set 

#1, 2 

 

(a) 0.213 ± 0.02 0.680 ± 0.02 1.159 ± 0.01 

 (c) 0.209 ± 0.02 0.539 ± 0.01 1.100 ± 0.00  1.7% 26.0% 5.4% 

 
 (d) 0.208 ± 0.01 0.609 ± 0.02 1.140 ± 0.00  2.3% 11.6% 1.6% 

 

(b) 0.196 ± 0.02 0.706 ± 0.02 1.134 ± 0.00 

 (e) 0.201 ± 0.02 0.558 ± 0.01 1.083 ± 0.00  -2.6% 26.4% 4.7% 

 
 (f) 0.198 ± 0.02 0.634 ± 0.01 1.117 ± 0.00  -0.8% 11.4% 1.5% 

Set 

#3 

 
(g) 0.323 ± 0.04 0.708 ± 0.02 1.151 ± 0.01  (h) 0.318 ± 0.03 0.611 ± 0.02 1.120 ± 0.01  1.4% 15.9% 2.8% 

Set 

#4 

 
(i) 0.202 ± 0.04 0.653 ± 0.01 1.149 ± 0.00  (k) 0.195 ± 0.03 0.566 ± 0.01 1.128 ± 0.00  3.5% 15.4% 1.8% 

 
(j) 0.148 ± 0.02 0.657 ± 0.02 1.148 ± 0.01  (l) 0.143 ± 0.02 0.554 ± 0.01 1.123 ± 0.00  3.8% 18.5% 2.2% 

Set 

#5 

 
(m) 0.207 ± 0.03 0.693 ± 0.01 1.105 ± 0.00  (o) 0.199 ± 0.03 0.587 ± 0.02 1.087 ± 0.00  4.3% 18.2% 1.6% 

 
(n) 0.217 ± 0.01 0.505 ± 0.01 1.173 ± 0.01  (p) 0.210 ± 0.02 0.445 ± 0.01 1.151 ± 0.00  3.6% 13.6% 1.9% 

  

Avg. 0.215 ± 0.03 0.657 ± 0.02 1.146 ± 0.00  Avg. 0.209 ± 0.02 0.567 ± 0.01 1.117 ± 0.00  1.9% 17.4% 2.6% 

 

On the other hand, TPCMD with the isolation barrier was 0.66, which showed an average 

improvement of 17.4% relative to the TPCMD without the barrier. In both hybrid systems 

with and without the barrier, TPCMD values decreased with less hydrodynamic convection, 

which has been observed in previous studies [281, 282]. However, DS concentrations did 
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not affect TPCMD considerably. CPCMD in the novel module was 1.15, which was slightly 

higher than the CPCMD without the barrier. The intense concentration polarization observed 

on the MD feed side was mainly due to the higher recovery of the MD process with the 

improved fluxes. The MD fluxes were enhanced significantly by the isolation barrier, while 

the improvement in the FO fluxes remained limited. Fig. 3.21 demonstrates the impact of 

the isolation barrier, as visualized by the experimental results on the temperature gradients. 

 

 

Figure 3.21. Temperature gradients of FO-MD modules in operation (a) with the isolation 

barrier and (b) without the barrier. The experimental condition: DS channel depth 

(DD,ch)= 6 mm, DS module thickness w/ barrier (THB,DM)= 13.5 mm, DS module 

thickness w/o (THN,DM)= 6 mm, DS cross-flow velocity (vD)= 3.47 cm/s, FS initial 

concentration (CF,ini)= 0 g/kg, DS initial concentration (CD,ini)= 70 g/kg, FS inlet 

temperature (TF,in)= 30  ºC, DS inlet temperature (TD,in)= 60 ºC, PS inlet temperature 

(TP,in)= 30 ºC. 
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3.3.7. Conclusions 

In this study, a comparative experimental study is performed between a novel and 

conventional FO-MD integrated module design. We systematically investigated the effects 

of including an isolation barrier on the osmotic and thermal isolation. We found that the 

novel module design with the barrier enhanced the water flux by 22.1% using the same 

module dimensions (and different hydrodynamic conditions). However, a 16.6% flux 

improvement is observed under the same hydrodynamic conditions. The FO/MD energy 

ratio reduced from 0.89 to 0.64 using the conventional and novel modules, respectively. 

These energy ratios showed that more energy was consumed in the MD process, which is 

the main driving force in the hybrid system. According to the GOR analysis, the 

performance of the FO-MD hybrid system with an isolation barrier gave rise to an average 

increment of 15.8%, with a maximum increment of about 20.7%, relative to the 

conventional module. The concentration and temperature polarization of the FO and MD 

processes were reduced overall due to the improvement in the concentration and 

temperature polarization coefficients of both membranes. The concentration polarization 

coefficient of FO improved by 1.3%, and the concentration and temperature polarization 

coefficients of MD improved by 17.4 and 2.6%, respectively. The presence of an isolation 

barrier impacted on MD more than FO, possibly due to the smaller size of the module. The 

inclusion of the isolation barrier in the novel hybrid FO-MD module highlighted some 

promising benefits in terms of flux increment and lower concentration and temperature 

polarization. We expect these benefits to be more pronounced for longer module channels 

due to the increased loss of both FO and MD driving forces compared to a conventional 

hybrid module. However, further investigation using a large-scale module is necessary to 
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quantify the expected benefits of the isolation barrier compared to the conventional hybrid 

module.  

 

3.3.8. Supplementary information 

The FO/MD energy ratio, GOR, DS conductivity data over operation time in different 

operation conditions (Set #1-5) are presented in Fig. 3.22-26, while the average values are 

discussed in Section 3.5. The conductivity trend of DS can be used to analyze the degree 

of concentration during operation. 

 

 

Figure 3.22. (a) FO/MD energy ratio, (b) GORs and (c) DS conductivity as a function of 

operation time in a same thickness of DS module (THDM). The experimental condition: 

DS channel depth with barrier (DB,D,ch)= 6 mm, DS channel depth w/o (DN,D,ch)= 13.5 

mm, middle module thickness (THDM)= 13.5 mm, FS initial concentration (CF,ini)= 0 

g/kg, DS initial concentration (CD,ini)= 70 g/kg, FS inlet temperature (TF,in)= 30 ºC, DS 

inlet temperature (TD,in)= 60 ºC, and PS inlet temperature (TP,in)= 30 ºC. 
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Figure 3.23. (a) FO/MD energy ratio, (b) GORs and (c) DS conductivity as a function of 

operation time in a same DS channel depth (DD,ch). The experimental condition: DS 

channel depth (DD,ch)= 6 mm, DS module thickness w/ barrier (THB,DM)= 13.5 mm, DS 

module thickness w/o (THN,DM)= 6 mm, FS initial concentration (CF,ini)= 0 g/kg, DS 

initial concentration (CD,ini)= 70 g/kg, FS inlet temperature (TF,in)= 30  ºC, DS inlet 

temperature (TD,in)= 60 ºC, PS inlet temperature (TP,in)= 30 ºC. 

 

 

Figure 3.24. (a) energy ratios of FO to MD, (b) GORs, and (c) DS conductivity as a 

function of operation time in different initial FS concentrations (CF,ini). The experimental 

condition: DS channel depth (DD,ch)= 6 mm, DS module thickness w/ barrier (THB,DM)= 

13.5 mm, DS module thickness w/o (THN,DM)= 6 mm, DS cross-flow velocity (vD)= 3.47 

cm/s, DS initial concentration (CD,ini)= 70 g/kg, FS inlet temperature (TF,in)= 30 ºC, DS 

inlet temperature (TD,in)= 60 ºC, PS inlet temperature (TP,in)= 30 ºC. 
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Figure 3.25. (a) energy ratios of FO to MD, (b) GORs, and (c) DS conductivity as a 

function of operation time in different initial DS concentrations (CD,ini). The experimental 

condition: DS channel depth (DD,ch)= 6 mm, DS module thickness w/ barrier (THB,DM)= 

13.5 mm, DS module thickness w/o (THN,DM)= 6 mm, DS cross-flow velocity (vD)= 3.47 

cm/s, FS initial concentration (CF,ini)= 0 g/kg, FS inlet temperature (TF,in)= 30 ºC, DS 

inlet temperature (TD,in)= 60 ºC, PS inlet temperature (TP,in)= 30 ºC. 

 

 

Figure 3.26. (a) energy ratios of FO to MD, (b) GORs, and (c) DS conductivity as a 

function of operation time in different DS temperatures (TD,in). The experimental 

condition: DS channel depth (DD,ch)= 6 mm, DS module thickness w/ barrier (THB,DM)= 

13.5 mm, DS module thickness w/o (THN,DM)= 6 mm, DS cross-flow velocity (vD)= 3.47 

cm/s, FS initial concentration (CF,ini)= 0 g/kg, FD initial concentration (CD,ini)= 70 g/kg, 

FS inlet temperature (TF,in)= 30 ºC, PS inlet temperature (TP,in)= 30 ºC. 
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CHAPTER 4 

 

SEAWATER REVERSE OSMOSIS-FORWARD OSMOSIS−MEMBRANE 

DISTILLATION (SWRO-FO−MD) HYBRID SYSTEM FOR CIRCULAR BRINE 

RECLAMATION 

 

4.1. Introduction 

In this chapter, the forward osmosis & membrane distillation (FO-MD) hybrid process is 

investigated as SWRO-MD-FO hybrid system for circular brine reclamation. The 

following section is an article which is under internal review and will be submitted to a 

peer-reviewed scientific journal. The final version of this article can be found in the 

literature, if accepted after the publication of this dissertation. 

The following is the summarized reference. 

 

H.S. Son, S. Soukane, J. Lee, Y. Kim, Y.D. Kim, N. Ghaffour, Towards sustainable 

circular brine reclamation using seawater reverse osmosis, membrane distillation and 

forward osmosis hybrids: An experimental investigation (under internal review) 
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4.2. Publication # 6 “Towards sustainable circular brine reclamation using seawater 

reverse osmosis, membrane distillation and forward osmosis hybrids: An 

experimental investigation” 

 

4.2.1. Graphical abstract 

 

Figure 4.1. Sustainable circular brine reclamation cycle of SWRO-MD-FO hybrid 

system. 

 

4.2.2. Abstract 

Desalination and wastewater treatment technologies require an effective solution for brine 

management to ensure environmental sustainability, which is closely linked with efficient 

process operations, reduction of chemical dosages, and valorization of brine. A circular 

system consisting of seawater reverse osmosis (SWRO), membrane distillation (MD), and 
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forward osmosis (FO) three-process hybrid is investigated for seawater brine reclamation. 

The proposed design offers flexible operation modes by increasing water recovery from 

SWRO brine (by MD), dilute part of the generated concentrated brine to seawater level 

(FO draw), while treating low-saline wastewater (FO feed), and further concentrate it by 

crystallization. The operating range of the hybrid system is presented for seawater 

volumetric concentration factor (VCF) ranging from 1.0 to 2.2, and its sustainable 

operation is demonstrated experimentally within this range. Different operating conditions 

of MD and FO processes were evaluated in-series with real SWRO brine of a full-scale 

desalination plant having the same salinity. The presence of anti-scalant in SWRO brine 

alleviated the flux decline of MD operation by 68.3% compared to the operations with 

seawater concentrate. Water quality and membrane surface were analyzed before and after 

MD operation to observe the impact of the SWRO brine on MD performance. Meanwhile, 

no significant influence was observed on the FO process. The operating conditions and 

experimental results have shown the potential of the SWRO-MD-FO hybrid system for a 

circular brine reclamation. 

 

4.2.3. Introduction 

Intensive human activities led to significant natural resources depletion and pollution 

spread across environmental ecosystems [283]. Freshwater resources are overexploited to 

cover the exponential growth of agricultural, industrial, and freshwater demands, which 

are mainly caused by rapid population growth, industrialization, and global climate change. 
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Moreover, localized water pollution worsens water scarcity due to surface and groundwater 

contamination [284]. 

Water treatment and desalination technologies have experienced tremendous growth [3]. 

As such, a large variety of water resources can be treated [165]. Nevertheless, producing 

high-quality water remains challenging with many constraints to overcome. One of the 

most common issues is the discharge of high concentration brine from water treatment 

plants (e.g., municipal, industrial, mining wastewater treatment plants, and seawater 

desalination plants) [285-287]. These discharges, which contain harsh chemicals, 

negatively affect the marine environment, and cause significant delays in the self-

regeneration of natural ecosystems [288-290]. Petersen et al. [291] have reported the 

potential effects of SWRO desalination plants on the Red Sea by investigating the reef-

building corals in the Gulf of Aqaba. The study revealed a severe impact of salinity and 

chemicals (i.e., anti-scalant) on the marine ecosystem, including corals, bacteria, and algae 

[291]. Regulations on brine discharge are reinforced worldwide through updated standards 

to minimize the environmental impact of these harmful streams [292].  

Minimizing and recycling concentrated brine attracted much interest as a practical solution 

to achieve sustainable desalination, and it has been sought through the integration of 

different technologies and the synergy of individual processes [293-295]. Generally, a 

system of minimal liquid discharge is combined with a crystallization process for 

maximizing liquid removal or a natural evaporation pond. In the most effective systems, 

post-treatment uses crystallizers for high concentration brines, and the selection of proper 

concentration technology is important in order to reach the required crystallization 

efficiency [296-298]. 
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Hybridization of conventional technologies (e.g., reverse osmosis (RO), nanofiltration 

(NF), and multi-effect distillation (MED)) could open the way for economic viability and 

environmental sustainability in minimizing brine disposals [29]. The RO process has been 

widely used in desalination for its high energy efficiency and high water recovery 

compared to conventional thermal desalination processes (e.g., multi-stage flash (MSF) 

and MED) [299, 300]. RO is a highly selective pressure-driven separation process (~69 bar 

for typical seawater) that uses a semi-permeable membrane to produces freshwater and 

concentrated brine. However, the resulting massive production of high saline brine 

represents one of the major limitations that hinders its sustainability, suggesting brine 

treatment rather than marine disposal. Hence, for the purpose of brine reclamation, RO can 

be integrated with other technologies, such as membrane distillation (MD), forward 

osmosis (FO), nanofiltration (NF), and others. 

MD is a membrane process based on thermal-driven separation. It allows the production of 

freshwater from highly saline brines through a hydrophobic membrane achieving high salt 

rejection rate (i.e., 99.9% for non-volatile solute) [29, 301]. The process is less sensitive to 

feed salinity compared to other membrane-based desalination processes since water crosses 

the membrane in a vapor state due to the difference in partial vapor pressures between feed 

and permeate sides of the membrane. Therefore, the MD process represents a potentially 

efficient solution to treat RO brine. On the other hand, in an FO process, the osmotic 

pressure gradient generated by the concentration difference between draw and feed 

solutions (DS and FS) is utilized as a driving force by using a hydrophilic membrane [175, 

302]. Hence, water molecules transfer from the feed solution (i.e., higher water activity) to 

the draw solution (i.e., lower water activity) leading to high rejection of solutes [303]. In 



166 

 

this process, dilution and concentration occur simultaneously in the draw and feed sides, 

respectively [240, 304]. Thus, the diluted draw solution can be recycled as a feed for 

desalination processes, such as RO and MD. Albeit, from an economic standpoint, a 

suitable draw solution should have its concentration increased with a concentrating process 

[264]. Moreover, great potentials of MD and FO integration are widely reported in previous 

studies [29, 305] to maximize a system performance. In MD-FO hybrid system, MD 

regenerates the DS of FO process and FO produce water from impaired wastewater with 

low salinity [306]. 

 

 

Figure 4.2. Schematic of the SWRO-MD-FO hybrid system for brine reclamation. 

 

Therefore, in this study, a sustainable design of SWRO-MD-FO hybrid system (see Fig. 

4.2) is proposed to (i) minimize the brine disposal, (ii) maximize water recovery with MD, 

and (iii) reuse SWRO brine with FO as a DS in a circular brine reclamation system. 

Different authors considered the separate use of MD and FO processes to handle SWRO 

brine [307-309], but to the best of our knowledge, integration of SWRO-MD-FO is not yet 
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investigated, probably due to a complex process combination. The main challenge in such 

a system is membrane scaling and fouling at the recycling DS side. The inorganic crystal 

formation at the operating conditions (i.e., temperature and concentration) above limits will 

affect system sustainability. For a practical understanding of the hybrid system operation, 

individual processes are studied in-series with real water samples since chemicals in real 

SWRO brine play significant roles in both MD and FO processes [310-312]. Therefore, in 

this study, the sustainable operating range of the SWRO-MD-FO hybrid system is proposed, 

and fouling tendency of the MD and FO processes with anti-scalant presence are 

investigated by using real brine samples collected from a full-scale commercial SWRO 

plant. 

 

 

4.2.4. SWRO-MD-FO hybrid system for circular brine reclamation 

The membrane-based hybrid desalination system shown in Fig. 4.2 is proposed to 

minimize brine disposal and achieve the flexible operation of an integrated system. Three 

membrane based processes can be operated with different parameters (i.e., recovery, and 

blending ratio). However, search for optimum parameters is not covered in this study and 

focus is set on the fouling phenomena under the proposed operating conditions. The system 

consists of SWRO, MD, and FO processes, a heat exchanger, an auxiliary heating device, 

and circulation pumps. The pre-treated seawater is supplied to the SWRO desalination 

process, while its brine is fed to MD in the hybrid system. In the circular brine stream, the 

SWRO brine goes through consecutive concentrating and diluting processes. The heat 

exchanger and the auxiliary heating device provide adjusted thermal energy to the SWRO 
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brine before entering the MD process. Auxiliary heating can be provided by low-grade 

waste heat or renewable energy [29]. MD consumes thermal energy through conduction 

heat losses and latent heat transfer by evaporation across the MD membrane. Subsequently, 

MD effluent (MD brine outlet) to enter the FO process as DS is more concentrated and 

cooler. The highly concentrated DS is diluted through FO permeation from impaired 

wastewater, until a typical seawater concentration (~ 35 g/L salinity) is reached. This 

effluent can be blended with SWRO feed in a continuous mode, and also can be recirculated 

within the loop depending on the operating conditions.  

 

 

Figure 4.3. Solubility curves of (a) calcium sulfate, and (b) calcium carbonate with 

respect to the VCF and temperature of seawater. 
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The concept of SWRO-MD-FO hybrid system is straightforward. However, for practical 

applications it requires to find the sustainable operation parameters and to understand the 

impact of chemicals present in the brine on the performance of MD and FO processes. In 

the integrated SWRO-MD-FO hybrid system, sustainable operations of each process 

mainly require to consider membrane scaling due to the high inorganic concentration of 

streams. Thus, it is necessary to comprehend the limitations of standalone MD and FO 

processes according to salt solubility of all individual streams. 

Therefore, an optimized operating mode of the SWRO-MD-FO hybrid system should 

consider (i) the solubility of existing inorganics and (ii) the feasible range of MD water 

recovery. Additionally, salinity change plays a major role in simultaneous concentration 

(by the MD process) and dilution (by the FO process) of the RO brine. Therefore, the 

seawater volumetric concentration factor (VCF), which is a normalized salinity with 

respect to seawater concentration, is used as a primary variable for the definition of the 

operating parameters. The VCF is based on the seawater concentration of 36 g/kg 

considering available real SWRO brine sample used in the experiments and previous 

literature [8, 313]. The crystallization behavior of inorganic salts in the brine varies with 

VCF. In seawater desalination systems, calcium sulfate and calcium carbonate are the 

major inorganic fouling contributors. They both exhibit a lower solubility than other 

inorganics, and calcium sulfate is known to cause more irreversible fouling [311, 314]. The 

solubility curves of different structural forms of calcium sulfate and calcium carbonate are 

presented as a function of temperature in Fig. 4.3 using data from the literature [315-319]. 

Depending on the degree of hydration, calcium sulfate exists in three main forms, i.e., 
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gypsum (the dihydrate, CaSO4·2H2O), bassanite (the hemihydrate, CaSO4·0.5H2O) and 

anhydrite (CaSO4) [316, 320]. Therefore, to reduce the risk of severe scaling, membrane 

processes are operated either below the solubility curves or by employing anti-scalants. 

The predicted values of the anhydrite form for VCF above 2.3, when MD operates at high 

temperatures (80 ºC) without anti-scalants, is shown in Fig. 4.3. Whereas calcium 

carbonate can be found in the environment in its various forms, including anhydrous (e.g., 

calcite, aragonite, and vaterite) and hydrated (e.g., monohydrocalcite and ikaite). In 

seawater, aragonite and calcite are dominant polymorphs of calcium carbonate [321, 322]. 

However, in desalination systems, calcium carbonate scaling is considered as soft scaling, 

which is more reversible compared to sulfate scaling [323-325]. Hence, the present analysis 

will set focus on calcium sulfate scaling. 

 

 

Figure 4.4. MD recovery in different energy efficiencies by the feed temperature with the 

permeate temperature of 30 ºC. 
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In the hybrid system, MD limits the process as it regulates the operation range by 

controlling the FO DS concentration. MD performance can be assessed with the gain output 

ratio (GOR) and the theoretical recovery of MD (%RMD), expressed in Eq. 4.1, and Eq. 

4.2 respectively: 
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(Eq. 4.2) 

where 
vH  is the enthalpy of vaporization , and H  and m  represent the fluid enthalpy 

and fluid mass flow rate respectively. The subscripts f and v refer to feed and vapor while 

in and out refer to inlet and outlet, respectively. The limitation of water recovery in a 

DCMD process, expressed in Eq. (2), is illustrated in Fig. 4.4 for different ranges of feed 

temperatures and a permeate temperature of 30ºC without heat recovery. The outlet of MD 

feed temperature is assumed to reach 30ºC for a maximum recovery without energy losses. 

The MD recovery is bounded below 10% with the practical operating range of the GOR 

(40-100%). Thus, in this study, the potential range of the hybrid system is proposed 

according to the parameters given above for the flexible operations of the system. The 

range is up to a VCF of 2.2, which represents 10% concentration increase by MD from a 

VCF of 2.0, considering the maximum 50% recovery of the SWRO process (VCF increase 

from 1 to 2). The 10% recovery of MD can be considered as additional water production 

using available thermal energy sources (e.g., low-grade waste heat and solar energy) on-

site to maximize production. The range of targeted VCF is reported in Table 4.1. 
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Table 4.1. Operation range of VCF in the SWRO-MD-FO hybrid system with SWRO 

brine. 

Process Description Range of VCF 

Raw Seawater 1.0 

Seawater Reverse Osmosis from  1.0  to  2.0 

Membrane Distillation from  2.0  to  2.2 

Forward Osmosis from  2.2  to  1.0 

 

The feasibility of the proposed SWRO-MD-FO hybrid system will be evaluated in terms 

of (i) performance of both MD and FO processes, (ii) water quality within the system, and 

(iii) membrane fouling propensity. The actual brine was obtained from full-scale SWRO 

desalination plant at King Abdullah University of Science and Technology (KAUST), 

Saudi Arabia [326], and concentrated Red Sea water without additional chemicals 

(seawater concentrate) was employed as a reference to be compared with the brine (real 

SWRO brine). The lab-scale MD and FO experiments were conducted at different MD feed 

temperatures and the fouling (or anti-fouling) potential of the existing chemicals in the 

brine was assessed at the proposed operating conditions as described in the sequel. 

 

4.2.5. Materials and methods 

4.2.5.1 KAUST SWRO desalination plant 

A full-scale SWRO desalination plant, supplied from the Red Sea, provided the brine used 

in this study. It is located at KAUST, Saudi Arabia, and has a capacity of 40,000 m3/day. 
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The plant uses conventional pre-treatment processes with spruce media filter (SMF), a two-

pass RO system (SWRO and BWRO) [325] to control fouling and scaling, and a post-

treatment system (see Fig. 4.5). Chlorination is conducted once a week for an hour after 

open intake. Anti-scalant is added (1.5mg/L of phosphate based product) and sodium 

bisulfite (SBS) is used to neutralize the chlorine residual in the feed to prevent potential 

RO membrane damage. 

 

 

Figure 4.5. Process schematic diagram of a KAUST SWRO plant. 

 

In the (1st pass) SWRO process, four trains consisting of 140 pressure vessels of 7 

membrane modules each (8-inch diameter with membrane surface area of 37 m2 per 

module) are operated to maximize water recovery reaching salt rejection of 99.75%. The 

inlet pressure of the feed seawater is 60.6 bars, and the outlet pressure of the brine is 59.4 

bars. Part of SWRO product water is supplied to the brackish water RO process (BWRO, 
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2nd pass) after injection of caustic soda and anti-scalant. Four BWRO trains with a total of 

952 membrane modules (membrane surface area of 40 m2) with 34 pressure vessels in each 

train are used. The final product water is treated with chlorine, carbon dioxide, and lime 

after blending the BWRO (60%) and SWRO (40%) permeates. Additional details on the 

operating mode are reported elsewhere [326]. 

 

4.2.5.2 Membrane distillation and forward osmosis membrane properties 

Commercial membranes were utilized for both MD and FO processes. Their properties can 

be found in previous investigations [269, 270, 327]. The mean pore size of the hydrophobic 

micro-porous membrane employed in MD is 0.5 ± 0.02 μm. The materials of the active and 

support layers are polytetrafluoroethylene (PTFE) and polypropylene (PP) with 

thicknesses of 20 ± 0.4 μm and 80 ± 1.6 μm, respectively. The liquid entry pressure of the 

PTFE layer is 207 kPa [270]. The membrane used for FO is a polyamide (PA) thin-film 

composite (TFC) with a support layer made of polysulfone (PS) having a porosity of 63 ± 

5.0 %. Water permeability (A), solute permeability (B), and structure parameter (S), 

adopted from our previous study, are 3.4×10-7 m/s/bar, 5.4×10-8 m/s, and 3.3×10-4 m, 

respectively [269]. 

 

4.2.5.3 Experimental set-up and experimental matrix 

A schematic of the experimental set-up that uses identical low-pressure FO/MD modules 

is shown in Fig. 4.6. The membrane module was customized with flow-channel dimensions 

of 15 mm × 60 mm × 2 mm (width × length × depth). The set-up consists of two 
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temperature controllers (AD07R-20-A13D, PolyScience), two water tanks, two circulation 

pumps, a balance, temperature sensors (RTD-PT100, Omega) with indicators, and 

conductivity meters (TetraCon 325 with Cond 3310, WTW). The temperature of feed and 

permeate tanks was adjusted to meet the required inlet feed and permeate temperatures, 

which were rigorously controlled during the experiments. The inlet/outlet temperatures of 

streams, conductivity of solutions, and weight of water tanks were monitored via a 

computer for data analysis. 

 

 

Figure 4.6. Schematic of the experimental set-up. 

 

In order to investigate the feasibility of the proposed hybrid system, MD and FO 

experiments were conducted in series and in standalone mode, after which water quality 

and membrane surfaces were analyzed. Real brine, collected from KAUST SWRO 

desalination plant or from concentrated seawater was used as MD feed, and the 

concentrated MD feed was utilized as a draw solution for the FO process to demonstrate 
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in-series operation. Seawater concentrate was prepared by evaporating Red Sea water using 

a rotary evaporator (Laborota 20 control, Heidolph Instruments, Germany) with a vacuum 

pump (PC 3004 VARIO, Vacuubrand, Germany) at 25 ºC.  

As discussed in Section 2, the target water recovery of MD was set at 10% (up to a VCF 

of 2.2). Some literature also reported a limited water recovery of 7 to 9% without heat 

recovery [279, 328]. MD experiments were operated in a DCMD configuration with inlet 

temperatures of 50, 60, 70, and 80 ºC. The inlet permeate temperature was set to 30 ºC, and 

the flow rate was set to 0.5 L/min for both MD feed and permeate streams. MD membrane 

coupons were collected after the experiment for fouling study (surface analysis). The 

concentrated MD feed effluents were cooled before entering the FO process as DS. The 

target temperature of concentrated feed from MD is set to 40 ºC, which is a feasible value 

with the 30ºC of MD permeate [274], while the FO feed temperature was set to 30 ºC. 

During FO experiments, DS circulates in batch mode until its concentration reaches the 

VCF of 1.0, which indicates a change of VCF from 2.2 to 1.0. The active layer of FO faced 

the feed solution (AL-FS) for the FO process. A flow rate of 0.5 L/min for both feed and 

draw was applied in all experiments. 

 

4.2.5.4 Analytical methods 

Water quality of MD feed, FO draw (MD brine), and MD permeate samples in all 

operations was analyzed with inductively coupled plasma - optical emission spectrometry 

(ICP-OES), ion chromatography (IC), and total organic carbon (TOC) experiments. Major 

elements were analyzed with ICP-OES (5110 ICP-OES, Agilent Technologies, USA), and 
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chloride and sulfate ions were analyzed by IC (Dionex ICS-1600, Thermo Fisher Scientific, 

USA). Organic content was measured with TOC analyzer (TOC-L CSH, Shimadzu 

Corporation, Japan). Membrane surface was characterized by field emission scanning 

electron microscopy (FE-SEM, Merlin-61-95 with GEMINI II column, Carl Zeiss, 

Germany) at 3.00 kV accelerating voltage and 120 pA probe current. The energy-

dispersive X-ray spectroscopy (EDX) was carried out with the detector, X-MaxN 80 

(Oxford Instruments plc, UK), for element analysis of the membranes surface. The SEM-

EDX samples were coated with 5 nm iridium via Q150TS sputter coater (Quorum 

Technologies, UK). 

 

4.2.6. Results and discussion 

4.2.6.1. Evaluation of the membrane distillation process 

The MD process performance in the hybrid system was first investigated to assess the 

feasibility of the proposed three-process integration. For membrane processes, fouling is 

the main challenge to overcome, and it hinders the sustainable operation of the MD process 

as well. Both organic and inorganic foulants, of which proportions differ with feed sources 

and applications, represent potential issues in MD [329, 330]. Inorganic scaling in MD is 

the main concern when feed is saline brine [329-332]. Therefore, the influence of residual 

chemicals (i.e., anti-scalant) present in the real SWRO brine on the performance of the 

membrane processes (MD and FO) stands among the main interests of this investigation. 

For MD operations, two separate sets of experiments with (i) real SWRO brine (RO B) and 
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(ii) Red Sea water concentrate (SW C) were conducted at different temperatures with the 

same initial VCF of 2.0. 

 

 

Figure 4.7. MD fluxes versus VCF using SWRO brine (RO B) and seawater concentrate 

(SW C) at different temperatures, (a) 50 ºC, (b) 60 ºC, (c) 70 ºC, and (d) 80 ºC. 

 

The influence of the anti-scalant present in SWRO brine can be seen (Fig. 4.7) through the 

variations of MD fluxes with VCF. MD fluxes using seawater concentrate decrease as VCF 

increases, unlike MD fluxes using SWRO brine. Flux measurements in all experiments 

exhibit a linear decrease. The initial flux was reduced by 9.5 % with seawater concentrate 

when VCF increases from 2.0 to 2.2, while only a 3.2 % reduction was observed with 

SWRO brine under identical experimental conditions. In the operations with SWRO brine, 

although the absolute values of flux decrease with VCF were accelerated at higher 
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temperature, the percent reductions of flux remained similar with an average value of 9.2 % 

and a standard deviation of 0.29 %. 

Inorganic scales in MD and other membrane processes usually occur via two pathways; (i) 

bulk, or (ii) surface crystallization. Bulk crystallization develops from nuclei into a bulk 

crystal in the supersaturated solution. On the other hand, a deposited nuclei on the 

membrane surface initiate surface crystallization, which causes pore-clogging rather than 

formation of a surface layer [315, 329]. This typical flux decline observed in our 

experiments can be attributed to particle-induced fouling from the bulk solution rather than 

foulant growth on membrane surfaces [333]. It implies that fouling which occurs with 

seawater concentrate is mainly a result of bulk crystallization, enhanced by rapid changes 

in solubility. 

On the other hand, the compilation of all experiments gives an average difference of 5.4% 

between initial MD fluxes using seawater concentrate and those with SWRO brine due to 

their similar ionic composition. At a glance, at a feed temperature of 80 ºC, initial fluxes 

using SWRO brine and using seawater concentrate were found to be 80.3 kg/(m2·h) and 

78.4 kg/(m2·h), respectively, which represents a 2.4% difference. 

VCF variations over time are represented in Fig. 4.8 to highlight the overall operation time 

and production rate. However, there is no clear impact of MD feed water type throughout 

the entire range of operating temperatures. At MD feed temperatures of 50 ºC and 60 ºC, 

the overall production rates with seawater concentrate were slightly greater than those 

obtained with SWRO brine. It is likely due to higher initial fluxes and less flux decline at 

low temperatures (see Fig. 4.7), where the difference of initial fluxes (less than 10%) can 

be considered as an experimental deviation. 
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Figure 4.8. MD process VCF variations versus time at different feed temperatures (50-80 

ºC) for SWRO brine (RO B) and seawater concentrate (SW C). 

 

VCF variations over time are represented in Fig. 4.8 to highlight the overall operation time 

and production rate. However, there is no clear impact of MD feed water type throughout 

the entire range of operating temperatures. At MD feed temperatures of 50 ºC and 60 ºC, 

the overall production rates with seawater concentrate were slightly greater than those 

obtained with SWRO brine. It is likely due to higher initial fluxes and less flux decline at 

low temperatures (see Fig. 4.7), where the difference of initial fluxes (less than 10%) can 

be considered as an experimental deviation. 

The positive impact of the anti-scalant remaining in the brine has been observed in this 

study, although the behavior of anti-scalant can differ widely depending on the quantity 

and type used [307-309, 329]. According to Peng et al. [312], four different anti-scalants 

could mitigate flux decline in MD operation at feed temperature of 77 ºC, without 
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membrane wetting. Another study showed that the presence of anti-scalant in real MED 

brine had a beneficial effect on MD flux stability by prolonging the scale formation time, 

however, higher anti-scalant concentrations led to a decrease of the initial flux [334]. On 

the other hand, the fouling potential of anti-scalant in MD also has been reported by Tijing 

et al. [329]. It is explained that the degraded anti-scalant cannot alleviate fouling, and can 

be diverted into the foulant during high-temperature MD operation. Thus, there is particular 

emphasis in the literature on an optimal anti-scalant concentration in an MD feed. The 

feasibility of the hybrid system can be addressed when the concentration of anti-scalant in 

real SWRO brine is favorable to sustainably operate the MD process. In the present study, 

the anti-scalant concentration of the brine was lower than the concentration triggering 

membrane fouling and the anti-scalant behaves as a scaling inhibitor in the MD process. 

 

4.2.6.2 Evaluation of forward osmosis process 

FO experiments are exploited to evaluate the anti-scalant influence with the concentrated 

(at different temperatures) MD feed as DS. The range of VCF was set to 2.2-1.0, and 

experiments using SWRO brine were compared to those with seawater concentrate. 

Although low-saline wastewater can be used as FO feed in the proposed hybrid, freshwater 

(10-15 μS/cm conductivity) was used instead. This will enable to assess the true impact of 

the existing anti-scalant in real SWRO brine regardless of FO feed quality. 

From results of FO fluxes for VCF between 2.2 and 1.0, no influence of the anti-scalant 

when using SWRO brine in the FO operations was noticed. Neither positive nor negative 

meaningful impacts were observed as shown in all FO fluxes trends of Fig. 4.9. The 



182 

 

average values of the initial FO fluxes with the SWRO brine and seawater concentrate were 

close (51.8 and 50.3 kg/m2/h respectively), and the standard deviation was less than 10% 

for all experiments, with both DS. The decline rates also lie within a similar range where 

the initial FO fluxes decrease by 41.0-54.5% for DS VCF of 2.2 to 1.0 (55% dilution), with 

a standard deviation of 8.69% for all experiments. The specific reverse solute flux (SRSF) 

values are measured as 0.136 g/kg and 0.133 g/kg for the SWRO brine and seawater 

concentrate, respectively. VCF changes during dilution are represented in Fig. 4.10, which 

was measured similarly in all FO experiments. As the osmotic pressure gradient was 

reduced, the dilution rate was mitigated over time.  

 

 

Figure 4.9. FO fluxes versus VCF for SWRO brine (RO B) and seawater concentrate 

(SW C) after MD operation. FO DS inlet temperature was set to 40 ºC while MD was 

operated at different feed temperatures, (a) 50 ºC, (b) 60 ºC, (c) 70 ºC, and (d) 80 ºC. 
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Figure 4.10. FO draw VCF variations in time for concentrated SWRO brine (RO B) and 

seawater concentrate (SW C) after MD operation at different MD inlet temperatures (50-

80 ºC). 

 

For the FO process, the advantage of the SWRO brine was not evident in this study. 

However, its benefits are widely described elsewhere [257, 310, 335] for it delays the 

scaling induction time and enhances osmotic driving force for FO. It can improve the FO 

operation of the proposed hybrid system if a challenging feed quality, such as high 

concentration wastewater, is used. Gwak and Hong [310] presented the effect of anti-

scalant blended DS on the water flux and reverse salt flux (RSF). The study showed that 

anti-scalant could inhibit scale formation via reverse diffusion of anti-scalant. Similar 

results using sodium hexametaphosphate (SHMP) were reported in a different research 

[335]. To maximize scaling mitigation in the proposed hybrid system, anti-scalant can be 



184 

 

added before the FO process and not just prior to SWRO. The addition of anti-scalant is 

inevitable to maintain efficiency due to its degradation and loss. 

Moreover, for a practical implementation, the anti-scalant characteristics have to be 

investigated as the influence of high-temperature required for MD operation on anti-

scalants vary depending on their type and properties [312]. However, thermal stability of 

anti-scalants is still not well understood, although it has been studied within the scope of 

membrane technologies [329]. As reported by Li et al. [336], six types of anti-scalants have 

behaved distinctively in different dosages at high temperature (80 ºC). 

 

4.2.6.3. Effect of MD operation condition on water quality 

Water quality of the key streams was analyzed for an in-depth understanding of the 

rejection level of each process. Examining the anti-scalant and its by-products 

concentration in real SWRO brine would be the ideal scenario to study anti-scalant 

efficiency. However, the quantification of low-level chemicals in the real process or 

environment is still limited. Ion chromatography and UV spectrometry analyses are 

commonly used to quantify anti-scalants (e.g., phosphates and phosphonates). However, 

measurements can be constrained by co-existing salts and organic matters, which makes 

the use of ICP method a more viable option [337-339]. In this study, the anti-scalant present 

in real SWRO brine is investigated by the ICP-OES despite the limitation that it only 

measures overall value of phosphorous from all sources. However, the actual phosphorous 

from the anti-scalant is estimated by subtracting the concentration of raw Red Sea water 

concentrate. Only water quality of MD feed and permeate was measured, of which results 
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are reported in Table 4.2. The investigation of the FO process water quality is left for future 

work. 

The seawater concentrate before experiments showed a conductivity and TDS 

concentration very close to those of the real SWRO brine ( 71,827 ± 282 mg/L and 71,888 

± 284 mg/L for the SWRO brine and seawater concentrate, respectively). The major 

differences concerned the concentrations of (i) phosphorous, (ii) boron, (iii) silicon, and 

(iv) total organic data. Among all, phosphorous concentration was significantly different, 

and was 4.3 times more abundant in SWRO brine than seawater concentrate. It confirms 

the presence of anti-scalant (phosphate-based, phosphonate-based, or blended) in the real 

SWRO brine, but the amount is far less compared to concentrations reported in anti-scalant 

studies [309, 335]. Another interesting difference was the boron amount in the SWRO brine. 

Its concentration was 4.49 mg/L, which is only 57% of the amount found in seawater 

concentrate. A possible explanation is boron transport across SWRO membranes. Indeed, 

literature supports the fact that a single SWRO pass results in low boron removal [325, 

340]. The proposed system recycles the diluted brine from the FO process with a minimum 

make-up seawater supply, which offers a more practical way to control boron in the product. 

The lower concentrations of silicon (0.11 mg/L) and TOC (2.36 mg/L) in real SWRO brine 

compared to those in seawater concentrate (0.21 mg/L and 3.03 mg/L) could be due to the 

pre-treatment process of the SWRO feed. The organic matters, particulates, and colloidal 

substrates are most probably removed during the pre-treatment process [326]. 

 



186 

 

Table 4.2. Water quality of SWRO brine and seawater concentrate before/after MD 

operation at different temperatures. 
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MD operation at temperatures between 50 and 80 ºC did not bring a clear influence on the 

quality of the SWRO brine leaving the MD feed compartment. For most of ions, the 

percentage changes were measured to be within 1.5% differences. However, after MD 

operation, a perceptible change is noted in calcium proportion. The calcium percentage 

was reduced by 0.9% in SWRO brine experiments, but 3.8% of calcium percentage was 

deducted from the original percentage in seawater concentrate (before MD experiments). 

The result can be explained by the calcium related fouling in seawater concentrate 

experiments as it deposited on the membrane surface, and the bulk concentration of 

calcium became less than the SWRO brine in the MD experiments. The salt rejection of 

the MD process was measured as higher than 99.9% in all cases, and MD permeate 

conductivities were in the range of 10-15 μS/cm. 

 

4.2.6.4. Evaluation of membrane fouling with respect to VCF changes 

The membrane surfaces were analyzed to characterize the morphology and composition of 

fouling. MD membrane samples after SWRO brine and seawater concentrate experiments, 

at different temperatures (50-80 ºC), were collected and prepared for SEM analysis. Data 

is presented in Fig. 4.11 with two different magnifications (x 1k and x 5k). No significant 

membrane fouling was noticed for both streams at a feed temperature of 50 ºC, which is 

expected since experiments gave similar flux trend. However, at 80 ºC, more fouling was 

observed with seawater concentrate (Fig. 4.11d) than SWRO brine (Fig. 4.11b). Not only 

quantities are different but morphology also exhibits distinct variation. The shape of 
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foulants in the SWRO brine experiment are found as irregular aggregates, which is in 

contrast with the crystalline structure in seawater concentrate. For these two MD 

membranes, flux decline varied because of the difference in scale characteristics. Moreover, 

with seawater concentrate, fouling may have invaded pores with small particulates in the 

early stage of crystallization well before crystal development [314, 315, 329, 330]. 

 

 

Figure 4.11. SEM images of MD membrane after operation with RO brine at (a) 50ºC and 

(b) 80ºC, and with seawater concentrate at (c) 50ºC and (d) 80ºC. 

 

Further analysis was conducted by EDX to identify the composition of foulants (Fig. 4.12). 

It shows that, using seawater concentrate, the crystal on the membrane surface was mainly 

calcium carbonate. The MD process is operated above the solubility limit of calcium 

carbonate (Fig. 4.3), and its morphology is also consistent with previous studies [340-342]. 

The two other foulants appearing with SWRO brine (Fig. 4.12d and Fig. 4.12e) are sodium 

chloride and complex aggregates, respectively. The anti-scalant in SWRO brine influenced 
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the foulant characteristics, although some inorganic foulants were observed on the MD 

membrane with SWRO brine operation. This observation is in agreement with another 

study investigating the effect of anti-scalant present in MED brine on MD performance 

[334]. MD operation above 50 ºC could lessen the efficiency of anti-scalant, because anti-

scalants used in SWRO processes do not have a high thermal stability [312, 340]. In 

addition, the percentage of phosphorous found in the foulant using SWRO brine was 

significantly higher. Nevertheless, it is worth emphasizing that the fouling tendency 

presented is derived from changes of seawater VCF and not from long-term system 

operations, which needs to be considered for future research. 

 

 

Figure 4.12. SEM images of the MD membrane after operations at 80 ºC with (a) SWRO 

brine, and (b) seawater concentrate, and EDX analysis at different selected points; (c) 

PTFE membrane, (d) sodium chloride, (e) aggregated salts with RO brine, and (f) 

calcium carbonate with seawater concentrate. 
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4.2.7. Conclusions 

The sustainable application of the proposed hybrid system was demonstrated with a 

circular brine reclamation through the SWRO, MD, and FO processes. Individual processes 

in the system can be designed for flexible operations according to target conditions. SWRO 

brine is further concentrated with the MD process and can be employed in-series as a DS 

for the FO process. The diluted brine (DS) by the FO process can be recycled to the main 

SWRO process (salinity similar to raw seawater) as a high quality feed. In addition, the 

system produces additional freshwater from the wastewater (FO feed) while the brine (DS) 

is diluted with the FO process. In this study, the MD process performance in the hybrid 

system is enhanced. Namely, the flux reduction rate over a VCF range from 2.0 to 2.2, was 

significantly mitigated with the RO brine as feed. FO experiments, carried out under 

different MD operating conditions, presented a stable operation at the same VCF range. 

Water quality analysis also confirmed the existence of anti-scalants in the real SWRO brine, 

which inhibited salt crystallization. Calcium carbonate formation was found on the MD 

membrane surface when using seawater concentrate which was confirmed by the SEM and 

EDX analysis. The presence of anti-scalant in SWRO brine mitigated invasive calcium 

related fouling, which generally causes a flux decline over VCF in MD operations. The 

experimental investigation with the real SWRO brine allowed to present the potential of 

the proposed hybrid system. Optimization of possible operating modes will enhance the 

sustainability of the SWRO-MD-FO hybrid system, which will be the focus of future 

research.  
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CHAPTER 5 

 

CONCLUSIONS 

 

5.1. Conclusions 

To study the fundamentals and sustainability of hybrid desalination technologies, two 

hybrid systems, namely MED-AD and FO-MD, are considered. The analysis of primary 

energy consumptions for derived energy sources is conducted to evaluate the sustainability 

of hybrid desalination systems. The MED-AD pilot is operated and a thermodynamic 

framework is developed. For FO-MD hybrid system, a novel integrated module is 

developed, and its performance is experimentally assessed. Moreover, the application of 

FO-MD in SWRO-MD-FO hybrid system is proposed and investigated. The key 

conclusions are summarized in the sequel. 

• A universal performance ratio (UPR) is developed to evaluate the process 

performance of desalination technologies, which can present the efficiency of the 

systems utilizing different sources of energy as well as the efficiency of hybrid 

systems integrated with more than two technologies. The distinct conversion 

factors for different derived energies (e.g., thermal and electrical energy) are 

analyzed by considering the exergy flows in an energy generation system. From the 

UPR analysis, the chronological trend of industrial desalination technologies is 

presented with the thermodynamic limit of process performance. 
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• To investigate the thermodynamic synergy of hybrid desalination, two thermal 

desalination processes, namely a multi-effect distillation (MED) and adsorption 

(AD), are integrated into a hybrid system and evaluated using the KAUST pilot 

facility. The pilot utilizes the low-grade thermal energy generated from the rooftop 

solar energy system. The comparative operations are analyzed between sole MED 

and hybrid MED-AD systems, and the UPR is improved 2-5 times under various 

operating conditions. Furthermore, the MED-AD hybrid pilot system is operated 

with a heat source below ambient temperature (20 °C).  

• The integrated forward osmosis (FO) – membrane distillation (MD) module with 

the osmotic and thermal isolation barrier is developed for a sustainable hybrid 

system. The performance of the innovative integrated module is compared with the 

conventional design under different hydrodynamic, thermal, and osmotic 

experimental conditions. The isolation effect provided by the barrier has alleviated 

polarization in both processes, which improved system performance. As a matter 

of fact, the concentration polarization is reduced by 1.9% in FO operations, while 

in MD operation the temperature and concentration polarizations are decreased by 

an average of 17.4% and 2.6%, respectively. These values are expected to be more 

significant in large-scale modules. 

• The flexible sustainable design of the SWRO-MD-FO hybrid system is proposed 

by an experimental investigation for brine reclamation using an FO-MD system. 

The feasibility of the system is studied by performing separate MD and FO 

experiments with real brine from KAUST SWRO plant and the Red Seawater 

concentrate. The MD performance is enhanced by 68.3% with the SWRO brine 
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during the volumetric concentration change from 2.0 to 2.2. Furthermore, the 

calcium carbonate scaling in MD operations is mitigated with anti-scalants present 

in the brine, while no significant impact is observed in FO operations under the 

experimental conditions considered in this study. 

 

5.2. Recommendations for future research 

The hybridization of desalination technologies involves complex interrelated dynamics 

during operation, which varies depending on process combination. Therefore, an extended 

study is required to understand both fundamental phenomena and practical applications of 

different hybrid systems, including those presented in this study (MED-AD and FO-MD). 

Several recommendations drawn from this investigation are listed below for future works. 

• A comprehensive framework to inventory all types of consumed energy, including 

renewable energies can be developed for the analysis of desalination systems 

performance (i.e., energy efficiency). Various desalination systems integrated with 

renewable energy sources are intensively studied to improve environmental and 

economic sustainability. However, it remains challenging to evaluate different 

systems in a unified framework. 

• To maximize the advantage of a hybrid MED-AD desalination system, further 

study can be carried out for high-concentration feeds (e.g., brine). The unique 

feature of an MED-AD system, which can be operated at low-temperature below 

ambient, presents a great potential for the treatment of hyper-saline water, thus 

avoiding invasive scaling. In high-salinity feed applications, thermal technologies 

with inorganic scaling inhibitors can exhibit a higher sustainability compared to 
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membrane technologies, which have a limitation imposed by high osmotic 

pressures. 

• Additional studies on feasible applications are desired for the innovative FO-MD 

integrated module. One option resides in the treatment of produced water in the oil 

and gas industries. Extensive studies are on-going to treat the most challenging 

water (high concentration of both salts and organics) in a sustainable way. The FO-

MD hybrid system can be a solution with the combination of a robust energy-

efficient process (FO) with a high-quality product (MD), and the novel design can 

enhance the overall system performance. 

• The dynamics of an FO process requires further investigation for a better 

integration in the proposed SWRO-MD-FO hybrid system, as this study only 

focused on the impact of MD on brine reclamation. Preferable applications 

depending on wastewater (FO feed stream) characteristics can be investigated to 

understand solute transport variations in FO operations. Furthermore, the system 

can be improved with a continuous integrated operation in a pilot-scale apparatus 

followed by process optimization.  

 

5.3. Papers and conference proceedings from PhD study 

The following list of papers and conference proceedings is completed or in preparation for 

publication or presentation in the course of the PhD study. 

1. H.S. Son, S. Soukane, J. Lee, Y. Kim, Y.D. Kim, N. Ghaffour, Towards sustainable 

circular brine reclamation using seawater reverse osmosis, membrane distillation 

and forward osmosis hybrids: An experimental investigation (under internal review) 
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2. H.S. Son, Y. Kim, M.S. Nawaz, M.A. Al-Hajji, M. Abu-Ghdaib, S. Soukane, N. 

Ghaffour, Impact of osmotic and thermal isolation barrier on concentration and 

temperature polarization and energy efficiency in a novel FO-MD integrated 

module, Journal of Membrane Science (in press) 

3. H.S. Son, M.W. Shahzad, N. Ghaffour, K.C. Ng, Pilot studies on synergetic impacts 

of energy utilization in hybrid desalination system: Multi-effect distillation and 

adsorption cycle (MED-AD), Desalination, 477 (2020) 114266 

4. H.S. Son, Y. Kim, N. Ghaffour, Optimization of a forward osmosis and membrane 

distillation (FO-MD) thermally and osmotically isolated integrated system, 10th 

International Membrane Science & Technology Conference, February 2-6, 2020, 

Sydney, Australia 

5. Y. Kim, S. Li, L. Francis, Z. Li, R.V. Linares, A.S. Alsaadi, M. Abu-Ghdaib, H.S. 

Son, G. Amy, N. Ghaffour, Osmotically and Thermally Isolated Forward Osmosis–

Membrane Distillation (FO–MD) Integrated Module, Environmental Science & 

Technology, 53 (2019) 3488-3498 

6. M.W. Shahzad, M. Burhan, H.S. Son, S.J. Oh, K.C. Ng, Desalination processes 

evaluation at common platform: A universal performance ratio (UPR) method, 

Applied Thermal Engineering, 134 (2018) 62-67 

7. K.C. Ng, M.W. Shahzad, H.S. Son, O.A. Hamed, An exergy approach to efficiency 

evaluation of desalination, Applied Physics Letters, 110 (2017) 184101 
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adsorption desalination (MED-AD) in low temperature, 10th International 
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