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Abstract   

The major challenge of membrane distillation (MD) is the low gain output ratio (GOR) resulting 

from the high thermal energy requirement and the low water production. Here, the use of hot 

streams such as geothermal groundwater or produced water that are suitable to be treated by MD 

without the need for thermal energy input is discussed. Hot groundwater from the Northwest of 

Himalaya, India, is used as a case study. In this paper, we propose a novel multi stage air gap 

MD reversal design coupled with natural/forced cooling system. A 1-D rigorous simulation 

model is developed to estimate the performance of the proposed system. Water production 

capacity and GOR of various scenarios were estimated and reported. Based on our results, the 

increase in temperature difference between feed and brine discharge cooled down temperature 

can have a positive effect to improve both water production capacity and GOR. The increase of 

inlet feed flow rate increases the water production but not the GOR. The influence of increasing 

module width on water production and GOR is negligibly small. Results showed that the 

maximum GOR was about 3.89 without natural (passive) cooling system. Meanwhile, when 

natural (90%)/forced (10%) combined cooling system was applied, a GOR as high as 24.4 could 

be achieved.  

 

Keywords: Desalination; AGMD efficiency; Hot feeds treatment; Multi-stage module; AGMD 

reversal; GOR. 
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World water scarcity caused by global climate change continuously increases and it has a 

negative effect on the water quality and quantity due to the decrease in precipitation [1]. 

Moreover, the negative effect can be worse in remote areas where there is no desalination plants 

to produce fresh water. Large-scale mature desalination systems such as multi-stage flash (MSF), 

multi-effect desalination (MED) and reverse osmosis (RO), which can mitigate the water 

scarcity, are not economically suitable to be installed in such areas [1, 2]. Therefore, a low 

footprint, small-scale and stand-alone desalination systems which can provide cost-effective 

fresh water may be demanded in the water market for mitigating water scarcity in those remote 

areas.  

Membrane distillation (MD) process is considered as an alternative standalone emerging 

desalination system which is suitable for small-scale applications, requiring low footprint, and is 

easy to operate [1, 3]. MD is a thermally driven separation process which uses the partial water 

vapor pressure difference as driving force which is yielded by the liquid/vapor interface on both 

feed and permeate membrane sides. A hydrophobic microporous membrane must be used in MD 

to prevent membrane wetting and allowing the transfer of water vapor only across its pores [4, 

5]. The MD process is attractive as a next-generation desalination technology due to the 

following advantages [6-14]: (i) very high rejection rate for the non-volatile species present in 

feed solution, typically higher than 99.9% [10, 13, 15], (ii) low operation pressure [16], (iii) 

relatively low feed temperature compared to conventional thermal processes [10], and (iv) low 

sensitivity to salinity in feed solution and less exposed to fouling [13, 17]. In addition to these 

advantages, the required operating conditions of the MD process can make it possible to operate 

with small and less equipment compared to mature desalination systems.  

There are different MD configurations, which are attractive for desalination application such 

as direct contact MD (DCMD), vacuum MD (VMD), air gap MD (AGMD), and material gap 

MD (MGMD) [18]. Among these configurations, AGMD has relatively lower heat conduction 

loss compared to DCMD. Additionally, it does not need an external condenser or a vacuum 

pump to drive the process [13]. The AGMD process can also generate and condense the water 

vapor simultaneously inside the module taking advantage of the latent heat of water vapor, thus it 

does not need an external heat exchanger for heat recovery [17, 19-21]. These are the main 

advantages making AGMD configuration the first choice for process scale-up through pilot 

testing [19]. However, MD is still facing major challenges such as low water production and 
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high specific thermal energy consumption. To overcome these issues, the application of multi-

stage concept [1, 22-31] and heat recovery [32-34] have been studied. Lee et al., [22] showed the 

dynamic performance of a solar-powered multi stage DCMD system according to the seasonal 

change in South Korea. They studied the importance of dynamically changed number of stages 

according to the available operating conditions resulted from the seasonal ambient temperature. 

In addition, the paper described the need for a multi-stage concept in detail. Khalifa et al., [23] 

built a real multi-stage AGMD system and conducted a comprehensive experimental study 

according to the various operating conditions and design parameters. The system performance in 

this study was also estimated and compared with the series and parallel configurations. Kim et 

al., [28] applied a multi-stage concept in a solar assisted DCMD system to increase the water 

production. Lee et al., [1] also presented a novel module design for the DCMD process with the 

multi-stage concept. They showed that although the mean permeate flux decreases with an 

increase in the total module length (number of stages), the water production increases due to the 

increase in the effective area. Lin et al., [32] presented an MD process coupled with heat 

exchanger for heat recovery. They reported that the implementation of heat exchanger on the 

MD process can achieve a high-cost and effective operation. Duong et al., [33] studied the 

performance of spiral-wound AGMD system for water treatment of RO brine from the coal seam 

gas (CSG) produced water. The AGMD module was designed to utilize the internal heat 

recovery of the system. 

All the above researches have reported that the application of multi-stage concept and heat 

recovery can lead to an increase of the system’s performance mainly water production and gain 

output ratio (GOR). But on the other hand, they agreed that in order to scale up the process the 

GOR value needs to be increased either through the reduction of thermal energy consumption or 

through increasing water production. 

In this paper, a multi-stage AGMD reversal coupled with natural/forced cooling system is 

proposed to treat naturally hot feeds, such as hot springs, geothermal water or produced water. The 

concept consists of reversing the feed flow of a typical multi-stage AGMD system by supplying 

naturally hot feed water to the evaporators, and then a natural/forced cooling system is used after 

the last stage of evaporators to decrease the brine temperature by a few degrees to create and 

maintain a temperature difference between evaporation and condensation in all stages which 

represents the driving force of the process. The main advantage of the proposed system is that the 
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cooling medium which could be supplied by ambient air or any impaired quality water available 

at ambient temperature using heat exchangers or cooling towers. Hot saline groundwater of the 

Northwest Himalaya, India, is used as a case study. The proposed system is featured to achieve a 

high GOR as it does not require heat input. Craig et al., [35] reported a groundwater temperature 

of 87°C with a discharged flow rate of 90 L/min at Chumathang, Northwest Himalaya, India. They 

have also reported the various temperatures of groundwater available at various areas where there 

is a need for fresh water. Another example is in Riyadh, Saudi Arabia, where hot groundwater is 

cooled down in order to be treated by RO. MD could be a suitable and low-cost process of these 

types of low-enthalpy geothermal sources [36, 37]. Therefore, we expect that the current proposed 

system could be a highly attractive alternative desalination system to provide fresh water at low-

cost.  

In remote areas where it is difficult to find cooling water resources, we propose the use of 

natural/forced cooling system to generate the driving force for separation (temperature difference 

between feed and brine discharge). In addition, if the thermal energy consumption of the forced 

cooling can be reduced by using natural (passive) cooling system, the GOR can be further 

increased. In this paper, we developed a rigorous one-dimensional AGMD model to estimate the 

performance of the proposed system at various scenario studies. Simulation results were validated 

with previously reported experimental data [20]. The proposed system performance is calculated 

and the obtained results were analyzed to find the key operating factors for improvement.  

 

2. System design 

2.1 Multi-stage AGMD reversal system description 

Fig. 1 shows the schematic diagram of a typical multi-stage AGMD system (left in Fig.1) and 

the proposed multi-stage AGMD reversal system (right in Fig.1), and  Fig. 2 presents the 

schematic of the AGMD module. The proposed multi stage AGMD reversal system which is 

coupled with natural/forced cooling system features the use of hot impaired quality water as feed 

solution. The natural cooling system is assumed to be operated under the infinity quantity of the 

cooling resource. In addition, the used solutions (i.e., air or water) are not recycled in the system 

in a one-through configuration. The multi-stage concept can enhance the heat recovery ratio and 

water production at the proper operating condtions, however, it can accompany the relatively 

high electrical energy for compensation of the pressure drop created along the channel as 
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compared to shorter channel length.  

 

Figure 1. Schematic diagram of the typical multi-stage AGMD (left) and the proposed  multi-

stage AGMD reversal (right). Heating medium represents typical brine heater in thermal 

processes and cooling medium represents brine cooler. 

  

Figure 2. Schematic diagram of typical AGMD process. 
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The driving force is created by using a cooling medium  from the ambient, which makes the 

whole process operate at lower energy consumption [38]. These two systems (Fig. 1) are 

composed of AGMD modules, circulation pump, and heat exchanger (forced heating system for 

typical multi-stage AGMD and natural cooling system for multi-stage AGMD reversal), which is 

quite simple and easy to manufacture and operate compared to the conventional desalination 

systems. The use of heat exchangers create the temperature difference required for the separation 

by heating (typical AGMD) and cooling (AGMD reversal). In addition, both systems require 

thermal energy consumption for either heating or cooling which can be calculated through the 

following equation (the first law of thermodynamics).   

.

, , ,in HXi p f out c inQ m c T T                  (1) 

where 
.

,in HXm  is the volume flow rate at inlet cooling system, pc  is the heat capacity, ,f outT  and 

,c inT  are the outlet feed and inlet cold temperatures, respectively, and Qi is the quantity of heat 

(subscript of i is heating or cooling). Dimensions of both feed and cold channels of each module 

are 5 cm×10 cm×0.2 cm (width×length×height). The air-gap employed in the AGMD module is 

4 mm. The operating procedure of the proposed system is as follows: (i) hot feed water is 

supplied to channel inlet by a circulation pump, (ii) water vapor which is generated at the 

liquid/vapor interface transfers across the membrane and the air-gap, (iii) water vapor transported 

is condensed on the condensation film on the cooling plate surface of the air-gap, and the 

condensation heat is recovered to cold side across the cooling plate at the same time, (iv) the feed 

outlet of the last stage is cooled down to the targeted inlet cold temperature (∆T) by using the 

natural/forced cooling system or cooling tower and supplied to the cold inlet solution. The 

condensed distilled water is collected at each stage to prevent the growth of the condensation 

film thickness on the cooling plate surface of the air-gap. In this study, we assume that the 

generated water vapor can be fully condensed on the condensation film to recover the heat flux at 

the cold side.  

 

2.2 Membrane and spacer 

Commercial hydrophobic micro porous polytetrafluoroethylene (PTFE) membrane provided by 
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Sterlitech Corporation was employed. The PTFE membrane manufactured by stretched manner 

was laminated on the scrim backing polypropylene (PP) structure. The pore size, rm, porosity, ε, 

and thickness, δm of the membranes are 0.2 μm, 80%, and 100 μm, respectively [20]. The 

membrane contact angle measured was 160°. A PP spacer was used as a turbulence promoter 

[39-43]. The spacer can promote the turbulent flow from laminar flow and mitigate the 

temperature polarization and concentration polarization [40, 44, 45]. The filament thickness of 

the spacer (df) is 0.4 mm, the spacer thickness is 0.8 mm, the mesh size (lm) is 2 mm, and the 

attack angle of the spacer (θ) is 90°.  

 

3. Theoretical approach 

In this study, we developed a one-dimensional steady-state AGMD model to calculate the 

equations of heat and mass transfer and transportation behavior [1, 22, 25, 26, 46, 47] 

simultaneously and to improve the model accuracy. This is because the heat and mass transfer 

across the membrane and transportation behavior in both duct channels are linked at the same 

time in the MD process. The assumptions for the simulation study are as follows: (i) steady 

incompressible flow, (ii) negligible heat loss to the atmosphere, (iii) frictionless in the chennel 

module with flows, and (iv) water vapor is fully condensed on the cooling plate.  

 

3.1 Mass transfer  

(i) Mass transfer across the hydrophobic membrane 

The permeability of the hydrophobic membrane can be calculated by the dusty gas model. In the 

AGMD process, the transient diffusion which consists of Knudsen and Molecular diffusion are 

dominantly controlling the mass transfer across the membrane [13, 20], it can be expressed as: 

 , ,mem m f m a mJ C P P                          (2) 

where pf,m and pa,m are the partial vapor pressure on the liquid/vapor interface of feed and air-gap 

sides, respectively, and Cm is the overall mass transfer coefficient (MTC) across the membrane. 

 
1

m K MC R R


    where, 1 0.5( / )K K w mR C M RT  , 1 ( / )M M w aM mR C DM P RT                   (3)  

where CK = rε / τδ and CM = ε / τδ which are structural parameters for Knudsen and Molecular 

diffusion, respectively,  PaM is the log-mean air pressure at both sides of the membrane, and Pm

 
is 

the mean water vapor pressure inside the membrane, Mw is the molecular weight of water, R is 
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the ideal gas constant, Tm is the average transmembrane temperature, and D is the binary 

diffusion coefficient. 

 

(ii) Mass transfer across the air-gap  

The mass transfer as water vapor across the air-gap can be expressed as: 

 , ,a a a m cf aJ C P P                   (4) 

where pcf,a is the vapor pressure on the air gap side of the condensation film, and Ca is the MTC 

of the stagnant air contribution in the air gap area. 

/ 0v a w
a

g aMg g

D M P
C

P T
                   (5) 

where Dv/a is the diffusion coefficient of the mixture of dry air and water vapor, δg is the air gap 

thickness, and Tg is the air gap temperature. 

   The overall water vapor flux, Jo can be expressed based on the mass balance as follows:  

o m aJ J J                                      (6) 

   Combining Eqs. (1)-(5) gives: 

1 1 1
,m ,(C C ) ( )o m a f cf aJ p p                              (7) 

   The mean water vapor flux (Jm, kg/m2h) and water production (WP, kg/h) can be calculated by 

the following equations, respectively. 

0

1
( )

L

m oJ J z dz
L

                   (8) 

0

( )

L

p oW J z dz                      (9) 

 

3.2 Heat transfer 

In this study, spacers were employed at both feed and cold sides to promote the flow pattern 

from laminar to turbulent. Therefore, the modified equations of hydraulic diameter and Nusselt 

number used in this study were employed, refer to [20, 40]. In the AGMD process, the heat 

transfer from the bulk feed to the bulk coolant can be expressed as follows: 

 

(i)  Heat transfer between bulk feed and liquid/vapor interface at the miniscus of the membrane.  
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, ,( )f f f b f mQ h T T                  (10) 

0.8
, , , / 0.023 Re Prn

f c f c h sp dcNu h d k k  , n=0.4 for heating and n=0.3 for cooling.   

where l is the module length, kdc is the spacer factor [40, 44], Tf,b is the bulk feed temperature, 

Tf,m is the feed transmembrane temperature, hf,c is the convection heat transfer coefficients of the 

feed (f) and cold (c) flows, and dh,sp is the modified hydraulic diameter due to the implementation 

of spacers [40, 44]. 

 

(ii) Heat transfer across the membrane 

 , ,m o g f m a m
m

k
Q J H T T


                                        (11) 

where ΔHg is the enthalpy of water vapor, (1 )air mk k k    , kair and km are the thermal 

conductivity of air and membrane material, respectively, and Ta,m is the transmembrane 

temperature of the air gap side. 

 

(iii) Heat transfer across the air gap 

  /
, ,

v a
a o g a m cf a

a

k
Q J H T T


                             (12) 

where kv/a is the thermal conductivity in the gas mixture of air and water vapor, δa is the 

thickness of the air gap, and Tcf,a is the surface temperature of condensation film at the air gap 

side. 

Combing (ii) and (iii), we get:  

   
 _ , ,1 1

/

1

/ /
m a o g f m cf a

m v a a

Q J H T T
k k 

 
   


           (13) 

 

(iv) Heat transfer across the condensation film 

 , ,
cond

cond cf a cf cp
cond

k
Q T T


                (14) 

where kcond is the thermal conductivity of the condensation film, δcond is the thickness of the 

condensation film [20, 48], and Tcf,cp is the film temperature in contact with the cooling plate. 

 

(v) Heat transfer across the cooling plate 
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 , ,

cp

cp cf cp cp cf
cp

k
Q T T


                 (15) 

where kcp is the thermal conductivity of the cooling plate, δcp is the thickness of the cooling plate, 

and Tcp,cf is the temperature of the cooling plate surface in the coolant channel. 

(vi) Heat transfer between cooling plate surface on cold side of the membrane and bulk cold side 

, ,( )c c cp cf c bQ h T T                 (16) 

where Tc,b is the bulk coolant temperature.  

Rearranging (iv), (v), and (vi) result in: 

 , , , ,1 1 1

1

( / ) ( / ) (1/ )
cond cp c cf a c b

cond cond cp cp c

Q T T
k k h   

 
 

          (17) 

 

3.3 Transport behavior 

The transport behavior in feed side which is coupled by the differential equations such as the 

momentum, mass, species and energy balances can be expressed as follows: 

2

3f f

f

c

dP
v

dz h


                  (18)  

2
, ,

1 f f fs w

v f s w f sp cv f

dv v dxM M J

M dz dz M hM   

 
    

 
                   (19) 

2
, ,

0
f f f w f

v f w v f

x dv v M dx

M dz dzM
                           (20) 

, ,f f p f f b f

sp c

d v c T Q

dz h




                                       (21) 

where Pf is the feed bulk pressure, vf is the feed velocity, xf is the feed salinity, Tf,b is the bulk 

feed temperature, dz is the grid size for module length, μf is the dynamic viscosity, hc is the 

channel height, ρf is the bulk feed density, Ms is the molecular weight of salt, Mv,f is the molar 

volume of feed solution, cp,f is the specific heat of feed solution, and εsp is the spacer porosity 

[40, 44]. 

The boundary conditions for the transport behavior at the feed flow can be expressed as follow: 

0(0)fP P ,
,

,(0)
f in

f f in
sp c c

V
v v

h w
  , ,(0)f f inx x , , ,(0)f f b inT T           (22) 

where Vf,in is the inlet flow rate of the feed side.  
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In AGMD, the condensed distilled water is perfectly separated with cold side. Thus, in the 

permeate side, the transport behavior which is coupled by the differential equations such as the 

momentum and energy balances can be described as follows:  

2

3c c
c

c

dP
v

dz h


                        (23) 

, ,c c p c c b c

sp c

d v c T Q

dz h




                        (24) 

where Pc is the coolant bulk pressure, vc is the coolant velocity, Tc,b is the coolant temperature, ρc 

is the bulk coolant density, and cp,c is the specific heat of the coolant. 

The boundary conditions for the transport behavior at the coolant flow rate can be expressed 

as follows: 

0(0)cP P , f,
,out( )

out
c f

sp c c

V
v L v

h w
  , , ,( )c c b inT L T              (25) 

where Vf,out is the outlet flow rate of cold side and wc is the module width.  

The gain output ratio (GOR) can be calculated by:   

 

01

, , , , , , , ,

( ) H

th

st

n stage L

o

stage

f in p f in f in c out p c out c out

J z dz

GOR
V c T V c T






 
                 (26) 

where Vc,out is the outlet flow rate of a cold side at the first stage which has lost the freshwater due 

to the water vapor generation at the feed side. 

   Water recovery can be expressed by: 

 (kg/ min)
(%) 100

  ( / min)

Water prodcution
WR

Inlet Flow rate kg
                 (27) 

 

3.4 Solution procedure and model validation 

The finite volume method was employed to discretize the set of coupled ordinary differential 

equations for both feed side (Eqs. (18)-(21)) and coolant side (Eqs. (22)-(23)) as transportation 

behavior in the duct channel. The set of coupled ordinary differential equations for both feed and 

coolant sides are solved simultaneously with heat (Eqs. (10)-(17)) and mass transfer (Eqs. (2)-
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(7)). Broyden's method is employed to solve the theoretical AGMD simulation model. The inlet 

coolant flow rates were estimated by the iteration method according to the scenarios (Fig. 3). 

 

Figure 3. Diagram of the solution procedure. 

 

Fig. 4 shows the effect of inlet feed temperature on the water vapor flux (measured and 

simulated) for (a) deionized water and (b) Red Sea water as feed solution. The model predictions 

are in good agreement with the measured results, reported elsewhere [20]. The simulated results 

of Red Sea water were slightly higher than the experimental results, most probably due to 

scaling/fouling [49]. 
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Figure 4. Effect of inlet feed temperature on the water vapor flux (measured and simulated) for 

deionized water and Red Sea water as feed solution. 

  

4. Scenarios matrix 

Table. 1 Scenarios matrix 

No. Cases   Variables 

1 Coolant inlet temperature  40°C, 45°C and 50°C 

2.1 Inlet feed temperature 60°C, 70°C, 80°C and 90°C 

2.2 20°C of temperature difference 

between feed inlet and brine 

discharge 

70°C, 80°C and 90°C 

3 Inlet flow rate 1.0 kg/min to 3.0 kg/min  

4 Feed/coolant channel widths 5 cm, 7.5 cm, and 10 cm  
* 5 cm×10 cm×0.02 cm (width×lenght×height).  

 

Various scenario studies (Table 1) were conducted to estimate the performance of the 

proposed system such as water production and GOR. In all scenarios, the maximum required 

module length applied was determined by considering the temperature difference between feed 

inlet and coolant outlet to achieve around 10°C according to the scenarios.  

 

5. Results and discussion 
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5.1 Influence of coolant inlet temperature (controlled by the cooling medium) 

 

 

 

Figure 5. Influence of coolant inlet temperature on (a) water production and mean water vapor 

flux, and (b) GOR at 70°C (inlet feed temperature), 1.5 kg/min (inlet feed flow rate), and 42 g/kg 

(feed salinity). 
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Fig. 5 shows the effect of coolant inlet temperature on (a) the water production and mean water 

vapor flux, and (b) the GOR at inlet feed temperature of 70°C (as an example of available natural 

hot source), inlet feed flow rate of 1.5 kg/min, and feed water salinity of 42 g/kg. The mean water 

vapor flux and water production increase with a decrease in the coolant inlet temperature due to 

the increase of the driving force. However, the mean water vapor flux decreases as the module 

length increases. This is because the temperature difference between feed and coolant sides 

decreases as the module length (effective area) increases. In addition, it can be decreased further 

with an increase in the module length due to its counter-current flow circulation. The water 

production increases also with the decrease in the coolant inlet temperature due to the increase in 

the driving force as well as with the increase in the effective area, as shown in Fig. 5(a). These 

results are in good agreement with previous simulation and experimental results [1, 20, 50]. The 

maximum water recovery is about 3.74% at inlet feed and coolant temperatures of 70°C and 40°C, 

respectively, inlet feed flow rate of 1.5 kg/min, and  feed salinity of 42 g/kg.  

In this study, the forced cooling thermal energy is calculated by using Eq. (1). As shown in Fig. 

6, the maximum GOR increases from 1 to 2.23 as the coolant inlet temperature decreases from 

50oC to 40oC. However, the maximum module length which is required to achieve the 10°C 

temperature difference between feed inlet and coolant outlets as heat recovery increases with an 

increase in the coolant inlet temperature. The GOR as a result of the lower temperature difference 

is slightly higher than that as a result of the higher temperature difference at the same module 

length, as shown in Fig. 5(b). This is because the higher temperature difference between feed inlet 

and coolant outlet  can lead to higher conduction heat loss. The increase in the conduction heat 

loss reduces the available thermal energy for water evaporation and generation. However, the 

higher the temperature difference between feed inlet and coolant outlet can lead to higher water 

production and higher GOR through the heat recovery. 

As shown in Fig. 6, we applied the 37 m as total module length, which may seem too long for 

practical application, however this module length is necessary to fully recover the heat. Such 

module length could be achieved in a small footprint by using specific module designs, e.g. discs 

with sinusoidal flow). Even though the transmembrane temperature difference is almost the same 

along the module length, the water vapor flux which has a latent heat, decreases exponentially 

according to water vapor liquid equilibrium (vapor pressure vs. temperature curve). Therefore, the 

required total module length can be increased by increasing the temperature difference between 
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feed inlet and coolant outlet, (increase in the inlet feed flow rate or decrease in the module width).  

 

5.2 Influence of inlet feed temperature (in the range of possible natural hot sources) 

 

 

 

Figure 6. Effect of inlet feed temperature on (a) water production and mean water vapor flux, 
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and (b) GOR at 40°C (coolant inlet temperature, controlled by the cooling medium), 1.5 kg/min 

(inlet feed flow rate), and 42 g/kg (feed salinity). 

 

As shown in Fig. 6(a), the mean water vapor flux and water production increase as the inlet feed 

temperature increases. This is because the partial water vapor pressure increases exponentially as 

inlet feed temperature increases, and hence the driving force is higher. The possible water 

production asymtotically increases as the total moduel length increases. Although the partial vapor 

pressure of the inlet feed increases, the transmembrane temperature difference decreases due to 

the increase in the module length (effective area) at a certain optimum [51]. The maximum water 

recovery is about 7.59% at inlet feed and coolant temperatures of 90°C of 40°C, respectively, inlet 

feed flow rate of 1.5 kg/min, and  feed salinity of 42 g/kg.   

Fig. 6(b) shows the effect of inlet feed temperatures on the GOR. At a feed inlet temperature 

of 90°C, the maximum achieved GOR is 4.32 for a long module of 50 m. It also shows that, based 

on the higher water production, the GOR can be increased greatly through an efficient heat 

recovery. 

 

 



18 

 

 

Figure 7. Influence of  various inlet feed temperatures on (a) water production and mean water 

vapor flux, and (b) GOR at 1.5 kg/min (inlet feed flow rate), 𝛥�T =20°C (temperature difference 

between feed inlet and coolant outlet), and 42 g/kg (feed salinity). 

  

When various inlet feed temperatures (70oC, 80oC, and 90oC) at a temperature difference of 

𝛥�T = 20°C are used, the maximum water production and GOR do not show significant difference 

(Fig. 7(a) and (b)). The maximum water recovery is 7.86% at inlet feed and coolant temperatures 

of 90°C and 40°C, respectively,  inlet feed flow rate of 1.5 kg/min, and feed salinity of 42 g/kg. 

But this value was not significantly different when compared to the water recovery obtained at 

feed inlet temperatures of 70 oC and 80 oC. However, higher inlet feed temperature can reduce the 

required effective membrane area due to the higher mean water vapor flux.  

 

5.3 Influence of inlet feed flow rate 
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Figure 8. Effect of inlet feed flow rate on (a)  water production and mean water vapor flux, and 

(b) GOR at 70°C and 40°C (inlet feed and cold temperatures, respectively), and 42 g/kg (feed 

salinity). 
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With a fixed channel area, the higher inlet flow rate can lead to higher inlet feed velocity (Fig. 8 

(a)). The mean water vapor flux and water production increase as the inlet feed flow rate increases. 

This is because the increase in the flow rate can improve the Reynolds number which is the ratio 

of inertial forces to viscous forces and hence the convective heat transfer, and also can reduce the 

residence time in the channel. The enhanced convective heat transfer can reduce temperature 

polarization, which is a major challenge in the MD process. Furthermore, the maximum water 

recovery is 7.48% at inlet feed and cold temperatures of 70°C and 40°C, respectively, inlet feed 

flow rate of 3.0 kg/min, and feed salinity of 42 g/kg. 

As shown in Fig. 8(b), although the water production increases as the inlet feed flow rate 

increases, the maximum GOR does not show a significant change. And rather, the lower inlet flow 

rate has achieved the maximum GOR at the lowest module length. These results show that although 

the increase in the inlet feed flow rate can enhance the water production, it cannot yield a positive 

effect in terms of GOR and the required effective area.   

 

5.4 Influence of module width 
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Figure 9. Influence of module width on (a) water production and mean water vapor flux, and (b) 

GOR at 70°C and 40°C (inlet feed and cold temperatures, respectively), 1.5 kg/min (inlet feed 

flow rate), and 42 g/kg (feed salinity). 

  

In the MD process, the change of module width affects not only the effective channel area but also 

feed velocity. Therefore, to estimate the effect of module width on water production, mean water 

vapor flux and GOR, the simulation studies were conducted at different modules widths of 5 cm, 

7.5 cm, and 10 cm (Fig. 9(a) and (b)). The mean water vapor flux increases as the module width 

decreases. This is because the small channel area resulting from the narrow module width increases 

the feed channel velocity and hence decreases temperature polarization and residence time effects. 

The maximum water production and water recovery are 3.36 kg/h and 3.74% , respectively, for a 

module width of 5 cm. Unlike previous results (section 5.1, 5.2, and 5.3), the increase in the mean 

water vapor flux did not increase the total water production.  This is because the increased ratio of 

the mean water vapor flux caused by the decrease in the module width is smaller than the decrease 

ratio in the effective area resulting from a decrease in module width. The maximum GOR does not 

show a significant change according to the increase in the module width. This is because although 

the mean water vapor flux increases as the module width decreases, the total thermal energy 

consumption versus water production through the increased effective area is insignificantly 
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changed. In addition, when the module width increases from 0.05 m to 0.1 m, although the required 

module length decreases from 37 m to 19.3 m, the required effective areas increase insignificantly 

from 1.85 m2 to 1.93 m2.  

It clearly shows that the increase in the module width negligibly affects the total required effective 

area, however, it can prevent the increase in the total required number of modules.  

  

5.4 Influence of the temperature reduction by using natural cooling system on the GOR 
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Figure 10. (a) Re-estimated GOR profiles and (b) maximum GOR with reduced outlet feed 

temperatures by 3°C, 5°C, 7°C, and 9°C to create temperature difference between evaporation 

and condensation achieved by natural cooling system at 90°C and 40°C (inlet feed and coolant 

temperatures, respectively), 1.5 kg/min (inlet feed flow rate), and 42 g/kg (feed salinity). 

 

   In previous sections, the calculated GORs were obtained according to the scenario matrix ((1)-

(4), see Table 1) considering the forced cooling energy (100%) to estimate the system’s 

performance. Since the forced cooling heat exchanger is used to cool the coolant liquid, an 

additional related cooling energy consumption is required, which is not the case when the natural 

cooling system is used (e.g. atmospheric air temperature, cooling tower, seawater) which doesn’t 

require a significant additional cooling energy (for fans and circulating pumps), and could be even 

considered negligible [48]. However, the cooling with natural source still needs a large area of 

cooling surface such as fins heat exchanger. Furthermore, the response of natural cooling system 

such as cooling tower is low compared to the forced cooling system. Therefore, we propose to use 

a combined natural/forced cooling medium. To investigate the performance of this system, we re-

estimated the enhanced GORs by a natural/forced combined cooling system aiming to reduce the 

forced cooling energy using the atmospheric air temperature of 25°C as non-payable cooling 

energy. In this study, we assume that the cooling tower requires a relatively low electric energy 
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consumption (~0.1 kW at the full load) for cooling down the brine discharge temperature by 

maximum 9°C compared to the typical energy consumption of chiller. This assumption is based 

on Lucas et al. [52]  reporting the electrical energy consumption of cooling tower (0.43 kW) for 

5°C cooling between inlet and outlet at water mass flow rate of 86.4 kg/min , and dry and wet bulb 

ambient temperatures of 30°C and  27°C, respectively. Although we need to cool down the brine 

discharge by maximum 9°C which is 1.8 times higher than the reported figure, the flow rate of the 

current study represents one-ninth of their value. It is ture that if we compare with the same 

standard the thermal or cooling energy consumption is much higher than the electrical energy 

consumption.  

    In summary, at inlet feed temperature and flow rate of 90°C and 1.5 L/min, respectively, the 

feed temperature decreases from 90°C to 50°C due to evaporation along the module channel 

(multi-stage), then the outlet of feed temperature further decreased from 50°C to 40°C using the 

combined forced/natural cooling system before its enters the condensers of the AGMD process; 

and the water production is 6.84 kg/h. Fig. 10 shows the re-estimated GOR profiles with the 

reduced outlet feed temperatures (3°C (30%), 5°C (50%), 7°C (70%), and 9°C (90%)) achieved 

by the natural cooling system. As shown in Fig. 11, the maximum GOR increases from 4.32 to 

24.4 as the reduced inlet cold temperature by natural cooling system increases from 0°C to 9°C. 

Here, we assume that the natural cooling energy is negligibly lower than heating energy due to the 

abundantly available ambient cooling resources such as air or seawater. In addition, the GOR of 

ΔTNC=0 (solid line) which is calculated by considering the fully forced cooling energy can be 

considered as the performance of the heat recovered in a typical multi-stage AGMD using Eq. (1). 

The re-estimated GOR profile is significantly increased compared to the GOR profile of typical 

multi-stage AGMD (ΔTNC=0). When 9°C (90%) of the reduced outlet feed temperature by using 

the natural cooling system is applied the GOR can reach 24.4 for the same module length. 

Meanwhile, the GOR of a typical multi-stage AGMD is 3.89 with a similar heating medium having 

of heating efficiency of 90%. The theoretical possible GOR of the proposed multi-stage AGMD 

reversal could be 6.28 times higher than that of a typical multi-stage AGMD, which makes the 

proposed system very attractive for industry implementation.   

 

6. Conclusions 

This study discussed the possibility of treating hot feeds using a newly proposed multi-stage 



25 

 

AGMD design consisting of reversing the feed flow of a typical multi-stage AGMD by allowing 

the inlet hot feed flows inside the evaporation stages and the brine blow down is rejected from the 

condensation stages, refereed as multi-stage AGMD reversal. The system uses a combined 

natural/forced cooling system instead of brine heater which is required in the typical design. A 

rigorous one-dimensional steady-state simulation model was developed to estimate the proposed 

system performance which was validated with experimental data. The simulation results showed 

a good agreement with experimental results.  

   The performances of the proposed system were evaluated at various scenarios and the key 

findings are as follows: 

 As the temperature difference between the feed inlet and coolant outlet, and the inlet flow 

rate increase, the system performance (water production and GOR) increase. However, this 

increase comes as an expense for an increase in  the required total module length or 

effective surface area. 

 Since the effective area significantly effects  the system’s performance, the total module 

length can be properly adjusted by modifying the module width.  

 The GOR value of the proposed multi stage AGMD reversal can reach up to 24.4 (6.28 

times higher than that of a typical multi stage AGMD) due to the utilization of the non-

payable ambient natural cooling resources. 

Furthermore, the discharged brine having 40°C is not highly useful for the MD process, 

although it is higher than the ambient temperature. However, it can be recirculated after reheating 

to the desired temperature. On the other hand, the discharge brine temperature is set most of the 

time if not always based on a thorough optimization process between OPEX and CAPEX. 

Reducing the brine temperature below 40°C is expected to result in a significant increase of the 

capital cost. 

 

Nomenclature 

Cm   Overall mass transfer coefficient (MTC) across the membrane [kg/(m2sPa)] 

CK   Knudsen diffusion coefficient [kg/(m2sPa)] 

CM   Molecular diffusion coefficient [kg/(m2sPa)] 

Ca   MTC of the stagnant air contribution in the air gap area [kg/(m2sPa)] 
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cp,f   Specific heat of feed solution [J/(kgK)] 

cp,c   Specific heat of the coolant [J/(kgK)] 

D  Binary diffusion coefficient [m2/s] 

Dv/a Diffusion coefficient of the mixture of dry air and water vapor [m2/s] 

dh,sp Modified hydraulic diameter due to the implementation of spacers [m] 

dz   Grid size for module length [m] 

hc    Channel height [m] 

hf,c Convection heat transfer coefficients of the feed (f) and cold (c) flows [W/(m2
K)] 

ΔHg Enthalpy of water vapor [J/kg] 

Jo Overall water vapor flux [kg/(m2h)]  

Jm Mean water vapor flux [kg/(m2h)] 

kair Thermal conductivity of air  [W/(mK)] 

km Thermal conductivity of membrane material [W/(mK)] 

kv/a Thermal conductivity in the gas mixture of air and water vapor [W/(mK)] 

kcond Thermal conductivity of the condensation film [W/(mK)] 

kcp Thermal conductivity of the cooling plate [W/(mK)] 

kdc  Spacer factor [-] 

l     Module length [m] 

Mw Molecular weight of water [g/mol] 

Ms  Molecular weight of salt [g/mol] 

Mv,f  Molar volume of feed solution [m3/mol] 

Pf    Feed bulk pressure [Pa] 

Pc    Coolant bulk pressure [Pa] 

PaM  Log-mean air pressure at both sides of the membrane [Pa] 

Pm

  
Mean water vapor pressure inside the membrane [Pa] 

pf,m partial vapor pressure on the liquid/vapor interface of feed side [Pa] 

pa,m partial vapor pressure on the liquid/vapor interface of air-gap side [Pa] 

pm,a Vapor pressure on the air gap side of the membrane [Pa] 

pcf,a Vapor pressure on the air gap side of the condensation film [Pa] 

R is the ideal gas constant [J/(molK)] 

Tm Average transmembrane temperature [K] 
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Tf,m Feed transmembrane temperature [K] 

Tf,b Bulk feed temperature [K] 

Tg Air gap temperature [K] 

Ta,m Transmembrane temperature of the air gap side [K] 

Tcf,a Surface temperature of condensation film at the air gap side [K] 

Tcf,cp Film temperature in contact with the cooling plate [K] 

Tcp,cf Temperature of the cooling plate surface in the coolant channel [K] 

Tc,b  Bulk coolant temperature [K] 

vf    Feed velocity [m/s] 

vc     Coolant velocity [m/s] 

Vf,in    Inlet flow rate of the feed side [kg/min] 

Vf,out  Outlet flow rate of cold side [kg/min] 

WP Water production [kg/h] 

wc     Module width [m] 

xf    Feed salinity [g/kg] 

δg  Air gap thickness [m] 

δcond Thickness of the condensation film [m] 

δa Thickness of the air gap [m] 

δcp Thickness of the cooling plate [m] 

εsp    Spacer porosity [-] 

μf   Dynamic viscosity [Pas] 

ρf    Bulk feed density [kg/m3] 

ρc    Bulk coolant density [kg/m3] 
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