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Abstract 

Most previous studies of air- and liquid-gap membrane distillation (AGMD and LGMD) processes using a 

composite membrane have been focused on an experimental approach. In this paper, rigorous theoretical 

investigations of the AGMD and LGMD processes were performed with a flat sheet type module using a 

composite membrane comprised of a polytetrafluoroethylene (PTFE) active layer and a polypropylene (PP) 

support layer. The model predictions were verified by comparing with measured data, where good agreement 

between the prediction results and experimental data was obtained. It was observed that as the gap size increased 

the AGMD permeate flux decreased exponentially with increased diffusion resistance. On the other hand, the 

LGMD permeate flux decreased exponentially and then increased asymptotically after attaining a minimum at a 

certain liquid-gap size (5 − 7 mm). This phenomenon was due to the onset and enhancement of a natural 

convection, resulting in an improvement in heat and mass transfer in the liquid gap. 
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1. Introduction 

Membrane distillation (MD) is a thermally-driven separation process in which only water vapors or other 

volatile molecules move through porous hydrophobic membranes. Compared to conventional desalination 

processes such as multi-stage flash (MSF), multi-effect distillation (MED), and reverse osmosis (RO), several 

core advantages of the MD process are; (i) low sensitivity to salt concentration, (ii) theoretically 100% salt 

rejection, and (iii) low operating temperature and pressure [1,2]. Such a MD process can be classified into: (i) 

direct-contact membrane distillation (DCMD), (ii) air-gap membrane distillation (AGMD), (iii) vacuum 

membrane distillation (VMD), and (iv) sweeping-gas membrane distillation (SGMD).  

Among the MD configurations, DCMD has been the most widely studied due to its simple configuration, the 

capability to produce a relatively high flux, and it has no additional equipment such as an external condenser to 

condense water vapor, which is required in VMD and SGMD [3]. However, the DCMD process has the 

drawback of a relatively higher heat loss over other MD configurations [4]. The heat loss is mainly caused by the 

heat conduction through a single hydrophobic membrane as well as the heat losses to the ambient through the 

module structure. Reduced heat loss in the MD process can be achieved by (i) increasing the pore size, porosity 

and thickness of the membrane, and (ii) decreasing the thermal conductivity of the membrane. However, the 

latter cannot be fulfilled as most hydrophobic polymer materials have very similar thermal conductivities. 

Meanwhile, in the former case, there exists a conflict between low conductive heat loss (with a high membrane 

thickness) and high mass transfer (with a low membrane thickness). In conclusion, it is difficult for a single 

hydrophobic membrane to meet the requirements of an ideal membrane for the MD process, i.e., high mass 

transfer and low conduction heat loss, with a single hydrophobic membrane [5]. Therefore, in order to avoid the 

conflict mentioned above, a microporous hydrophobic/hydrophilic (or hydrophobic/hydrophobic) composite 

membrane that consists of a thin active layer for high mass transfer and a thick support layer for low conductive 

heat loss can be employed. Most studies on composite membranes have been experimentally carried out [5‒11], 

while a few papers based on theoretical approaches have been reported [5,10,11]. Furthermore, the 

aforementioned theoretical researches were mainly focused on the DCMD process using a composite membrane 

and the developed models were based on a length-averaged lumped model, which disregards spatial variations of 

both the feed and permeate flows [12]. 

The DCMD module configuration consists of two stream flows separated by a thin membrane with a 

hydrophobic nature. However, this configuration is vulnerable to conductive heat losses. Among all of the 

possible MD processes, one of the alternatives to cope with conductive heat loss is the AGMD, which constitutes 



an air gap between the membrane and cooling plate, resulting in lower conductive heat loss and a higher thermal 

efficiency. In addition, if a low temperature feed is used as a cooling stream, the latent heat can be recovered 

through the condensation of the vapors on the cooling plate [3]. On the contrary, AGMD has a lower permeate 

flux compared to DCMD due to the high mass transfer resistance in the air gap [13]. In this regard, liquid-gap 

membrane distillation (LGMD) has been suggested to overcome the lower permeate flux and higher heat loss in 

AGMD and DCMD, respectively. LGMD utilizes a liquid gap between the membrane and cooling plate, which 

is typically filled with a liquid. Recently, Francis et al. [14] attempted to fill the gap with different types of 

materials, such as a sponge (polyurethane), DI water, sand, and polypropylene mesh. It was found that the 

permeate flux of LGMD is higher than that of AGMD at the same operating conditions. Furthermore, an 

improved LGMD permeate flux was achieved due to an enhanced natural convection in the liquid gap with 

increasing liquid gap thickness from 9 mm to 13 mm. Essalhi et al. [15] also carried out an experimental 

investigation of AGMD and LGMD using a composite membrane. The permeate flux of LGMD was slightly 

higher (2.2 − 6.5%) than that of AGMD at the feed inlet temperatures of 35 – 80 °C and an air/liquid gap of 

4.532 mm. Therefore, there is a dearth of literature for both comprehensive experimental and theoretical studies 

of the LGMD process.  

In this study, theoretical investigations were performed to attain more comprehensive and systematic 

understanding of the heat and mass transfer phenomena in the AGMD and LGMD processes using a commercial 

hydrophobic microporous composite membrane with an active layer of polytetrafluoroethylene (PTFE) and a 

scrim-backing support layer of polypropylene (PP). The main objective of this study was to develop the 

integrated numerical analysis model of AGMD and LGMD processes, which consists of mass, momentum, 

species, and energy balances of both the bulk feed and coolant flows coupled with the heat and mass transfer of 

water vapor through the membrane and air/liquid gap. The theoretical model developed in this study was 

validated with experimental data obtained from the literature [14,16]. Further studies were carried out to identify 

the effects of the feed and coolant temperatures, the feed and coolant flow rates, surface porosity, and natural 

convection on the permeate flux. 

 

2. Theoretical models 

The mathematical models for the AGMD and LGMD processes were formulated to include heat and mass 

transfers. In both processes, a flat-sheet composite membrane is in direct contact with the feed stream, and an air 

or liquid gap is interposed between the membrane and a condensation surface while a coolant flows in the 



direction countercurrent to the feed. The mass and heat transfer mechanisms in the AGMD and LGMD processes 

are illustrated in Fig. 1. For the simulation, the following assumptions are employed: (i) steady-state 

incompressible flow, (ii) negligible heat loss to the ambient environment, (iii) only water vapor permeation 

through membrane pores, (iv) atmospheric pressure in the air gap, and (v) unidirectional Newtonian fluid flow in 

feed and coolant side. The SEM images of the composite membrane used in the present work are shown in Fig. 2 

[12,14,16,41]. It is shown that the knot-fibril net structured PTFE active layer (dark gray) was partially covered 

by the PP scrim-backing support layer (white gray). 

 

 

Fig. 1. Schematic diagram of the heat and mass transfer mechanisms in (a) AGMD and (b) LGMD. 

 



 

Fig. 2. SEM micrographs of a commercial PTFE/PP composite membrane. Clockwise from top left: 100×, 500×, 

1,000× and 10,000× magnifications. 

 

2.1. Air-gap membrane distillation (AGMD) 

With the assumptions given above, the momentum, mass, species, and energy balances for the feed side can 

be expressed in terms of pressure (Pf), velocity (vf), concentration (xf), and temperature (Tf) [1,4,17]. The 

momentum balance is obtained by solving the z-component of Navier-Stokes equation as follows:  
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The overall molar balance and the molar species balance for the salt species yield Eqs. (2) and (3) in terms of 

velocity (vf) and concentration (xf), respectively, as follows: 
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The energy balance on the feed side yields the following equation on simplification: 
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  For the coolant flow, the momentum and energy balances can be expressed in terms of the pressure (Pc) and 

temperature (Tc), respectively, as follows [4]: 
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2.1.1. Heat transfer modeling 

Heat transfer in AGMD includes the heat transferred across the feed boundary layer (Qf), composite 

membrane (Qm), air gap (Qag), condensate film (Qcf), cooling plate (Qcp), and coolant boundary layer (Qc), as 

shown in Fig. 3. 

 

 

Fig. 3. Schematic of heat transfer through the composite membrane in AGMD. 

 

The convective heat transfer across the feed boundary layer is written as follows [4,16,18]: 

 ,f f f f mQ h T T           (7) 

where Tf is the bulk feed temperature and Tf,m is the interface temperature between the feed and membrane. As 

turbulence promoter and membrane supporter, a non-woven net spacer is used to enhance the heat and mass 

transfer in the feed channel. In order to incorporate an enhancement of heat and mass transfer by spacers, the 

spacer factor (kdc) is employed by considering the structural parameters of spacer, as given in Eqs. (9) and (10). 

Therefore, the convective heat transfer coefficient, hf, in the spacer-filled feed channel can be determined by the 

modified Dittus-Boelter’s correlation by incorporating the spacer factor on the flat surface of a fully-developed 

turbulent flow [2,16,19‒23]. 

0.8 0.330.023
f h

dc
f

h d
Nu k Re Pr

k
                 (8) 



0.039 0.086
0.751.654 sin

2

spf
dc sp

st

d
k

h





    

          
              (9) 

2

1
2 sin

spf

sp
m sp

d

l




 
                 (10) 

Here, kf is the thermal conductivity of the feed solution, Nu is the Nusselt number, dh is the hydraulic diameter, 

defined as    4 / 2 / 4 1 /sp ch ch ch ch fw h w h d      , Re is the Reynolds number, Pr is the Prandtl number, df 

is the filament diameter of spacer, δsp is the spacer thickness, εsp is the spacer porosity, lm is the mesh size, θ is 

the hydrodynamic angle, and wch is the channel width.  

The overall heat transfer through the composite membrane can be calculated as follows [12]: 

,m m a m,a sQ Q Q                   (11) 

where Qm,a and Qm,a‒s are the heat transfers across the active-only and active/support layers, respectively. Here, 

the heat transfer through the active/support layer consists only of conductive heat transfer, as the mass transfer 

across the active/support layer is negligible [12]. Therefore, the heat transfers can be described as follows:  
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where Ta and Ts are the interface temperatures between the active layer and the air gap and between the support 

layer and the air gap, respectively, Jagmd is the mass flux, ∆Hm,a is the enthalpy of evaporation, and εsf is the 

surface porosity, defined as the surface area of the PTFE active layer exposed to the permeate side divided by 

the total membrane surface area. The thermal resistance, Rm, in Eqs. (12) and (13) can be described as follows 

[12]: 
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where  , , ,1m i m i air m i ik k k    , i = a, s. km,i is the effective thermal conductivity of the composite membrane 

[12], kair is the thermal conductivity of air in the pores, and ki is the thermal conductivity of the membrane 

material. 



The heat transfers across the air gap are estimated as follows: 

 , ,ag a agmd ag a sf ag a cfQ J H h T T                  (16) 

   1ag,a-s sf ag s cfQ h T T                 (17) 

where Tcf is the interface temperature between the air gap and the condensate film and the heat transfer 

coefficient across the air gap, hag, is expressed as follows: 
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where Nu can be calculated by considering natural convection, Eq. (19), or conduction, Eq. (20), depending on 

the geometry, configuration, material, and operating conditions as follows:    
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31 (pure conduction), 2 10LNu Ra                (20) 
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In the above equations, RaL is the Rayleigh number, g is the gravitational constant, β is the volume expansion 

coefficient, ν is the kinematic viscosity, and L is the channel length. 

Thus, the overall heat transfer through the air gap is given as shown below. 

,ag ag a ag,a-sQ Q Q                 (22) 

Also, the heat transfer across the condensate film is determined by the following equation [4,13,16,24]: 

 cf cf cf cpQ h T T                 (23) 

where Tcp is the interface temperature between the condensate film and the cooling plate, and the heat transfer 

coefficient hcf can be calculated as follows [25‒27]. 
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The heat transfer through the cooling plate is given by the equation shown below [4,13,16,24]: 
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where Tp is the interface temperature between the cooling plate and the coolant, kcp is the thermal conductivity of 

cooling plate material, and δcp is the thickness of the cooling plate.  

The heat transfer across the coolant boundary layer is expressed as follows [4,13,16,24]:  

( )c c p cQ h T T                  (26) 

where Tc is the coolant temperature and hc is the heat transfer coefficient at the spacer-filled coolant channel, 

which is same as that defined in Eq. (8) at the spacer-filled feed channel. 

The overall heat transfer in the AGMD process at steady state can be established as follows [4]. 
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2.1.2. Mass transfer modeling 

 

Fig. 4. Schematic of mass transfer through the composite membrane in AGMD. 

 

The permeate flux across the composite membrane is expressed as follows. 

 ,a sf a f m aJ C P P                 (29) 

As shown in Fig. 4, the relevant transport mechanisms for water vapor in AGMD are Knudsen diffusion and 

molecular diffusion. The membrane distillation coefficient through the active-only layer can be estimated by the 

equation below [16,18]: 
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where Ckn is the Knudsen diffusion coefficient and Cmol is the molecular diffusion coefficient. The equations for 



these coefficients are given as follows [4,16,18]: 
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where εa is the active layer membrane porosity, D is the diffusion coefficient, P is the total pressure, dp is the 

membrane pore diameter, τa is the active layer membrane tortuosity, δa is the active layer membrane thickness, 

and R is the gas constant. The binary diffusion coefficient D is calculated by the Fuller-Shelltler-Giddings (FSG) 

empirical equation expressed as follows [12]: 
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where Tm and Pm are the mean temperature and mean water vapor pressure, defined as ,( ) / 2m f m aT T T   and 

,( ) / 2m f m aP P P  , respectively. 

In Eq. (32), the water vapor pressure without dissolved species in the water can be calculated using the 

Antoine equation, as shown below.  
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Due to the existence of dissolved species with molar concentrations at the feed side, the reduction of the vapor 

pressure can be determined using Raoult’s law by assuming as an ideal solution for simplicity [4,12,28]: 

, ,(1 )f m v f sP P x                  (35) 

where xf,s is the molar fraction of the solution and Pv is the water vapor pressure calculated by Eq. (34). 

Also, the mass flux across the air gap is written as follows [4,18,29]: 

 ag ag a cfJ C P P                 (36) 

where Pa is the interface pressure between the active layer and the air gap and Pcf is the interface pressure 

between the air gap and the condensate film. 

For the stagnant non-condensable gases trapped within the membrane pores and in the air gap between the 

membrane and the condensing plate, the dominant transport mechanism is molecular diffusion expressed as 

follows [4,18,29]. 
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Both the permeate fluxes across the active-only layer (Ja) and the air gap (Jag) are assumed to be the same and 

can be expressed as follows [4,16,18]. 

agmd a agJ J J                  (38) 

Based on Eq. (38), Eqs. (29) and (36) can be rearranged, respectively, as follows. 
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Combining the above equations yields the local permeate flux as follows. 
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The mean permeate flux over the membrane length L is given by the following equation [1,12,30]. 

0

1 L

m agmdJ J dz
L

                 (41) 

 

2.2. Liquid-gap membrane distillation (LGMD) 

Theoretical models of LGMD are similar to those of AGMD described in the previous section. In particular, 

the momentum, mass, and energy balance equations for the bulk feed and coolant flows in LGMD are the same 

as those of AGMD, as defined in Eqs. (1)–(6). The main differences compared to AGMD models are the heat 

and mass transfers through the composite membrane and the liquid gap, while the transport mechanisms for the 

feed, condensate plate, and coolant are the same. 

 

2.2.1. Heat transfer modeling 

Fig. 5 illustrates the heat transfer mechanism in LGMD, which includes heat transferred across the feed 

boundary layer (Qf), composite membrane (Qm), liquid gap (Qlg), condensate plate (Qcp), and coolant (Qc). In this 

section, the heat transfers through the feed, condensate plate, and coolant are not described, as these are the same 

as those of AGMD expressed in Eqs. (7), (25), and (26), respectively. 

 



 

Fig. 5. Schematic of heat transfer through the composite membrane in LGMD. 

 

The heat transfer through the composite membrane consisting of active-only and active/support layers can be 

described as follows [1,12]:  
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where Qm,a and Qm,a‒s are the heat transfers across the active-only and active/support layers, respectively. Here, 

Rm,a and Rm,a‒s are calculated using Eqs. (14) and (15), respectively. The total heat transfer is then given as 

follows [12]. 
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Additionally, in order to determine Ta in Eq. (42), the conductive heat transfer is considered as follows [12]. 
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The heat flux across the liquid gap is written as follows [31]. 

( )lg lg s cpQ h T T                  (46) 

The heat transfer coefficient, hlg, inside the gap filled with a liquid can be shown as follows: 
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where Nu can be obtained by considering natural convection or conduction, respectively, as follows [14,32,33]:  
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31 (pure conduction), 2 10LNu Ra                (49) 

The convective heat transfer coefficient in the range of 2×103 ≤ RaL < 106 is estimated by a linear 

interpolation between Eqs. (48) and (49).    

The overall heat transfer through the LGMD process at steady state can be established as follows: 

f m lg cp cQ Q Q Q Q Q                   (50) 
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2.2.2. Mass transfer modeling 

 

Fig. 6. Schematic of mass transfer through the composite membrane in LGMD. 

 

The mass transfer of LGMD through the membrane has transport mechanisms such as Knudsen diffusion, 

molecular diffusion, and viscous flow, as shown in Fig. 6. This phenomenon is the same as the mass transfer of 

DCMD. The permeate flux through the composite membrane can be calculated as shown below [12]. 
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The membrane distillation coefficient for the active layer is calculated using the following equation [12,34]: 
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where Ckn and Cmol are equal to the values calculated using Eqs. (31) and (32), respectively. Cpf is the viscous 

flow coefficient [2,12,34], as shown below: 



2

8

p vw a
pf

a a

r PM
C

RT



  
                (54) 

where rp is the membrane pore radius and μ is the dynamic viscosity of water vapor.  

 

2.3 Solution procedure 

In both the AGMD and LGMD processes shown in Fig. 1, the bulk feed and coolant streams are circulated in 

a countercurrent-flow manner. Thus, the velocities, concentrations, and temperatures are known at the inlets of 

the feed and coolant solutions (i.e., z = 0 and L, respectively), while the pressures are known at their outlets (i.e., 

z = L and 0, respectively). For the simulations, the boundary conditions for the velocity, pressure, concentration, 

and temperature at the bulk feed side are as follows: 
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where P0 depicts the ambient atmospheric pressure at the outlets of the feed and coolant channels, and the 

subscript in depicts the inlets of the feed and coolant channels. 

On the other hand, the boundary conditions for the velocity, pressure, and temperature at the coolant side are 

as follows: 

,
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In this study, the thermophysical properties of water and seawater were employed from [35]. The set of 

coupled ordinary differential equations (ODEs) of the AGMD and LGMD processes, i.e., Eqs. (1)‒(6), including 

both bulk feed and coolant flows and the characteristics of the membrane for heat and mass transfer, were 

solved simultaneously with the boundary conditions given in Eqs. (55) and (56). The unknowns (i.e., Pf (0), vc 

(0), and Tc (0) at z = 0) are guessed, which converts the boundary-value problem into an initial-value problem. 

In this study, Broyden’s method, which is a quasi-Newton method for finding solutions of nonlinear equations, 

was employed to solve the system of ODEs [1,12,17,37,38]. The solution for each control volume proceeds 

forward until z = L, and then the presumed values are updated. Thus, this procedure is iterated until the 

boundary conditions, Eqs. (55) and (56), are satisfied with an absolute error below 10-6. 

 

3. Results and discussion 

3.1. Validation of the numerical model 



 

Fig. 7. Experimental (symbol) [14,16] and simulated (line) permeate fluxes in AGMD and LGMD with different 

gap sizes (δgap = 9, 13 mm) at Tf = 40 − 80 °C, Tc = 20 °C, and Vf = Vc = 1.5 l/min 

 

The numerical models developed for the AGMD and LGMD processes were evaluated for inlet feed 

temperatures in the range of 40 °C to 80 °C while maintaining a constant coolant temperature and inlet feed and 

coolant flow rates of 20 °C and 1.5 l/min, respectively. The feed salt concentration was kept constant at 4.2 wt%. 

Fig. 7 shows the comparison of the experimental and predicted results of the permeate flux. All the experiments 

were repeated to demonstrate the reproducibility of permeate fluxes measured at different feed water 

temperatures, and the maximum deviations in the measured permeate fluxes were found to be less than 6% for 

LGMD and 2% for AGMD, respectively [14,16]. It was shown that both the predicted and measured permeate 

fluxes increased exponentially as the feed temperature increased. The model predictions were in good agreement 

with the experimental results over the entire temperature range, with a maximum relative deviation of 10%. 

 

3.2. Parametric analysis of AGMD and LGMD  

Tables 1 and 2 show the specifications and characteristics of the spacer and composite membrane employed in 

the present work, respectively. The surface porosity was confirmed to be 42% using CAD software based on the 

Fig. 2. The membrane module specifications are listed in Table 3. The numerical model was assessed at various 

operating conditions including the temperatures and flow rates of the feed and coolant streams and the 

membrane surface porosity. Here, the feed salt concentration was assumed to be 4.2 wt%. 



 

Table 1 Specifications of the spacer. 

Material PP 

Spacer thickness, δsp (mm) 

Filament diameter, dspf (mm) 

Angle between filaments, θ (deg) 

Mesh size, lm (mm) 

0.8 

0.4 

90 

2 

 

Table 2 Characteristics of the PTFE/PP composite membrane. 

Material PTFE PP 

Thickness, δ (m) 

Porosity,  (%) 

Mean pore size, rp (μm) 

Liquid entry pressure, LEPw (kPa) 

20 

70 

0.5 

207 

80 

34 

0.1 

160 

 

Table 3 Specifications of the membrane module. 

Channel height, hch (m) 

Channel width, wch (m) 

Channel length, L (m) 

Air/liquid gap thickness, δ (mm) 

0.002 

0.05 

0.1 

1 − 13 

 

3.2.1. Effect of the feed temperature and flow rate 

The results in Fig. 8 imply that the permeate flux increases with increasing feed temperature at a coolant 

temperature of 25 °C for both AGMD and LGMD processes. A significant augmentation of the MD permeate 

flux was achieved at the higher feed temperatures because of the enhanced transmembrane temperature 

difference, i.e., MD driving force, as demonstrated previously [14,15,36]. In the AGMD processes considered in 

this study, the Nusselt number (Nu) is always unity as the Rayleigh number (Ra) calculated by Eq. (21) is less 

than 2×103. As a result, only conduction heat transfer will occur in the air gap, and based on Fourier’s law of 

heat conduction, the larger the air gap thickness, the higher the heat transfer resistance. Therefore, the heat loss 

through the air gap in the AGMD process can be ignored, mainly due to the very low thermal conductivity of air. 



Meanwhile, the AGMD permeate flux decreases greatly with increasing air gap thickness, which is attributed to 

increased diffusion resistance through the air gap [13,24,25,27]. It is also shown that the LGMD permeate fluxes 

are significantly higher than those of AGMD at a given gap size, regardless of the feed temperature. This is due 

to the nonexistence of additional diffusion resistance through the air gap and the higher transmembrane 

temperature difference in LGMD. Similar to the trends of the AGMD permeate flux, as the liquid-gap size 

increases from 1 mm to 5 or 7 mm, the LGMD permeate flux also decreases over the entire temperature range. 

However, the further increase of liquid gap results in an asymptotic increase of the permeate flux. This 

phenomenon occurs primarily due to the enhancement of natural convection, which results in a relatively higher 

heat transfer across the boundary layer in the liquid gap leading to lower temperature polarization and thus, a 

higher transmembrane temperature difference. In addition, at a fully-developed turbulent natural convection 

regime (Ra ≥ 106) with a higher liquid-gap size, variations in the permeate flux tend to be negligible because the 

influence of gap size on the permeate flux diminishes as Ra number increases [37,38]. These results agree well 

with the experimental results [14] illustrated in Fig. 7, showing that the larger the liquid-gap size, the slightly 

higher the permeate flux, but at higher feed temperatures above 70 °C the variance in the permeate flux is nearly 

negligible.  

 



 

Fig. 8. Effect of the feed temperature (Tf) in the range of 40 − 70 °C on (a) AGMD and (b) LGMD permeate 

fluxes at Vf = 2.5 l/min, Vc = 1.5 l/min, Tc = 25 °C, and εs = 0.42. 

 

Fig. 9 illustrates the effect of the feed flow rate ranging from 0.5 l/min to 5.0 l/min on the permeate flux of 

both AGMD and LGMD with an inlet feed temperature of 70 °C, while keeping the other operating conditions 

constant, as before. It is shown that the LGMD permeate fluxes are always greater than those of AGMD and 

both MD permeate fluxes increase asymptotically with increasing feed flow rate, especially for all of the 

LGMDs and AGMD with a 1 mm air-gap size. At lower feed flow rates, the boundary layer resistance on the 

feed side is representative of the overall mass transfer resistance and thus, the permeate flux was largely 

enhanced with increasing flow rate. This behavior can be attributed to the heat transfer augmentation through the 

feed stream, resulting in a decrease of the temperature gradient across the feed-side boundary layer yet lower 

temperature polarization [1,39‒41]. However, a further increase of the feed flow rate leads to a plateau in the 

MD permeate flux profile as the overall mass transfer resistance is dominated by the diffusion (or heat transfer) 

resistance in the air (or liquid) gap [42]. As the flow rate increases at the air and liquid gaps of 1 mm, the mass 

transfer resistances in the gaps increase from 50% to 65% and from 46% to 77%, respectively, of the total mass 

transfer resistance, whereas those across the feed-side boundary layers decrease from 30% to 9% and from 46% 

to 12%, respectively. Meanwhile, at higher air-gap sizes (≥ 3 mm), the diffusion resistance in the air gap highly 

limits the mass transfer for the AGMD process and thus, the effect of the feed flow rate on the permeate flux is 

negligibly small.  



 

Fig. 9. Effect of the feed flow rate (Vf) in the range of 0.5 − 5.0 l/min on (a) AGMD and (b) LGMD permeate 

fluxes at Vp = 1.5 l/min, Tf = 70 °C, Tc = 25°C, and εs = 0.42. 

 

3.2.2. Effect of the coolant temperature and flow rate 

The influence of coolant temperature in the range of 10 ‒ 30 °C on both AGMD and LGMD permeate fluxes 

while the other operating conditions mentioned previously were fixed is presented in Fig. 10. It is observed that 

as the coolant temperature increases, the LGMD permeate flux decreases greatly as compared to that of AGMD. 

This is because the interface temperature between the active layer and liquid gap, Ta, increases proportionally 

with the coolant temperature due to the higher heat transfer through the liquid gap compared to the AGMD case, 

resulting in a deterioration of the transmembrane driving force obtained from Eq. (52). In the AGMD process, on 

the other hand, the permeate flux is not influenced by the coolant temperature because the heat and mass transfer 



resistances in the air gap are predominant yet the interface pressure between the air gap and condensate film, Pcf, 

calculated by Eq. (34) is not sensitive in the low temperature range from 10 °C to 30 °C.  

 

 

Fig. 10. Effect of the coolant temperature (Tc) in the range of 10 − 30 °C on (a) AGMD and (b) LGMD permeate 

fluxes at Vf = 2.5 l/min, Vc = 1.5 l/min, Tf = 70 °C, and εsf = 0.42. 

 

Fig. 11 depicts the permeate fluxes of the AGMD and LGMD processes at different coolant flow rates. In 

general, at a given coolant temperature, a sufficient cooling energy should be supplied to remove the latent heat 

of condensation of the permeate vapor in both processes. It should be noted that a further supply of coolant to 

both membrane modules can lead to a higher pumping power as a consequence of the higher pressure drop. 

However, insufficient cooling and enhanced heat transfer resistance through the coolant-side boundary layer, 



induced by a low coolant flow rate, may cause an increase of the interface temperatures between the air gap and 

condensate film (Tcf) and between the active layer and liquid gap (Ta), respectively, for both the AGMD and 

LGMD processes. Hence, the permeate flux will decrease. Above all, the most dominant factor in the permeate 

fluxes of both AGMD and LGMD is the heat and mass transfer resistances through the air and liquid gaps. 

Therefore, as shown in Fig. 11, the permeate flux variation of the AGMD process with the high gap resistances 

is imperceptible to the coolant flow rate considered in this study whilst the LGMD permeate flux is dependent 

on the coolant flow rate, especially at lower coolant flow rates. 

 

 

Fig. 11. Effect of the coolant flow rate (Vc) in the range of 0.5 − 5.0 l/min on (a) AGMD and (b) LGMD 

permeate fluxes at Vf = 2.5 l/min, Tf = 70 °C, Tc = 25 °C, and εs = 0.42. 

 



3.2.3. Effect of the membrane surface porosity 

Fig. 12 presents the permeate flux profiles with respect to the membrane surface porosity in the range of 0.1 –

0.7. As shown in Eqs. (40) and (52), the membrane surface porosity (εsf) is an important factor in determining 

the MD permeate flux. It was found that with an increase of the membrane surface porosity, the permeate fluxes 

increase asymptotically in both the AGMD and LGMD processes, which has already been demonstrated in the 

DCMD process [12]. At larger air-gap sizes (≥ 3 mm), however, the higher mass transfer resistance through the 

air gap is significantly more dominant than that of the membrane and thus, the permeate flux variations are 

relatively insensitive even as the membrane surface porosity was increased [14,42]. In all cases of larger air-gap 

sizes, the air-gap mass transfer resistances account for more than about 66% of the total mass transfer resistance, 

while those across the membrane exhibit less than about 29%. On the other hand, the mass transfer at a 1 mm air 

gap was significantly enhanced compared to that of larger air gaps, yet its magnitude becomes comparable to 

that of the membrane and hence, the AGMD permeate flux is significantly influenced by the membrane surface 

porosity. It is shown that as the surface porosity increases from 0.1 to 0.7 at the air gap of 1 mm, the mass 

transfer resistances through the membrane decrease asymptotically from 51% to 13% of total mass transfer 

resistance, whereas those in the air gap increase asymptotically from 39% to 69%. 



 

Fig. 12. Effect of the surface porosity (εs) in the range of 0.1 − 0.7 on (a) AGMD and (b) LGMD permeate fluxes 

at Vf = 2.5 l/min, Vc = 1.5 l/min, Tf = 70 °C, and Tc = 25 °C. 

 

4. Conclusions 

In the present work, rigorous theoretical models of AGMD and LGMD using a hydrophobic PTFE/PP 

composite membrane were developed. The developed models involve mass, momentum, species and energy 

balances in the feed and coolant streams, the mass and heat transfers through the membrane and air or liquid gap, 

and the physical characteristics of the composite membrane. The effects of the feed and coolant temperatures, 

the feed and coolant flow rates, and the membrane surface porosity on the MD performance were evaluated at 

different air- and liquid-gap sizes.  

It was noted that as the liquid gap increased the LGMD permeate flux decreased exponentially up to its 

minimum at a certain liquid-gap size and then increased asymptotically. It was because the natural convection 

that brings about an improvement of heat and mass transfer occurred at a certain liquid gap, and then was 

enhanced with a further increase of the gap size. In general, the temperature polarization in the feed boundary 

layer diminishes with an increase of the feed flow rate, leading to an increased interface temperature between the 

feed and membrane and hence, the permeate flux. With larger air gaps, however, the AGMD permeate flux is 

restricted by the high diffusion resistance in the air gap. The AGMD permeate flux is less affected by the coolant 

temperature compared to the LGMD permeate flux. The negligible effect of the coolant temperature in AGMD is 

due to the low sensitivity of the interface pressure between the air gap and condensate film at the lower 

temperatures and also the heat and mass transfer resistances, which are strongly dominant in the air gap. The 



effect of the coolant flow rate was marginal on the AGMD permeate flux because of the heat and mass transfer 

resistances in the air gap, which are the most influential factors in the overall heat and mass transfers, although 

the heat transfer resistance through the coolant-side boundary layer decreases as the coolant flow rate increases. 

On the other hand, its effect on the LGMD permeate flux is relatively more significant at lower coolant flow 

rates. As compared to the mass transfer resistance at larger air gaps, its magnitude at a 1 mm air gap is 

comparable to that of the composite membrane. Therefore, the membrane surface porosity has a relatively large 

influence on the AGMD permeate flux at a 1 mm air gap. 

In all cases of the AGMD process, the permeate flux exhibits a maximum at an air gap of 1 mm. As expected, 

the larger permeate flux is achieved with a smaller air gap with lower mass transfer resistance. Similarly, the 

LGMD permeate flux at liquid gaps of less than 5 mm reveals a maximum at a gap of 1 mm, whereas above 5 

mm the permeate flux increases asymptotically, leading to a maximum at a gap size of about 9 mm to 11 mm. 
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Nomenclature 

C  Membrane distillation coefficient [kg/m2sPa] 

Cp  Specific heat capacity [kJ/kmolK] 

D  Diffusion coefficient [m2s] 

dh  Hydraulic diameter [m]  

h  Heat transfer coefficient [W/m2K]  

hch  Channel height [m] 

g  Gravity [m/s2] 

∆H  Enthalpy of water evaporation [J/kg] 

J  Permeate flux [kg/m2h] 

k  Thermal conductivity [W/mK]  

L  Channel length [m]  

M   Molecular weight [kg/kmol] 



P  Pressure [Pa] 

Q  Heat flux [W/m2] 

Rm,a  Thermal resistance for conduction through the active-only layer 

Rm,a-s   Thermal resistance for conduction through the active/support layers 

T  Temperature [°C] 

V  Volume flow rate [l/min] 

v  Velocity [m/s]  

wch  Channel width [m] 

X  Molar volume [m3/mol] 

x  Molar fraction of a solution [-] 

Z  Axial coordinate [m] 

 

Dimensionless numbers 

Nu  Nusselt number [-] 

Pr  Prandtl number [-] 

Re  Reynolds number [-] 

RaL  Rayleigh number [-] 

 

Greek letters 

δ  Thickness [mm] 

ε  Porosity [-] 

θ  Hydrodynamic angle [degree] 

μ  Dynamic viscosity [Pa s] 

ρ  Density [kg/m3] 

τ  Tortuosity [-] 

ν  Kinematic viscosity [m2/s] 

 

Subscripts 

a  Active layer 

ag  Air gap 



air  Air 

a‒s  Active/support layer 

c  Coolant 

f  Feed 

g  Gas 

lg  Liquid gap 

m  Mean, membrane or mesh 

p  Membrane pore 

s  Support layer 

sf  Surface 

sp  Spacer 

spf  Spacer filament 

v  Vapor 

w  Water 
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Table captions 

Table 1 Specifications of the spacer. 

Table 2 Characteristics of the PTFE/PP composite membrane. 

Table 3 Specifications of the membrane module. 

 

Figure captions 

Fig. 1. Schematic diagram of the heat and mass transfer mechanisms in (a) AGMD and (b) LGMD. 

Fig. 2. SEM micrographs of a commercial PTFE/PP composite membrane. Clockwise from top left: 100×, 500×, 

1,000× and 10,000× magnifications. 

Fig. 3. Schematic of heat transfer through the composite membrane in AGMD. 

Fig. 4. Schematic of mass transfer through the composite membrane in AGMD. 

Fig. 5. Schematic of heat transfer through the composite membrane in LGMD. 

Fig. 6. Schematic of mass transfer through the composite membrane in LGMD. 

Fig. 7. Experimental (symbol) [14,16] and simulated (line) permeate fluxes in AGMD and LGMD with different 

gap sizes (δgap = 9, 13 mm) at Tf = 40−80 °C, Tc = 20 °C, and Vf = Vc = 1.5 l/min. 



Fig. 8. Effect of the feed temperature (Tf) in the range of 40−70 °C on (a) AGMD and (b) LGMD permeate 

fluxes at Vf = 2.5 l/min, Vc = 1.5 l/min, Tc = 25 °C, and εs = 0.42. 

Fig. 9. Effect of the feed flow rate (Vf) in the range of 0.5−5.0 l/min on (a) AGMD and (b) LGMD permeate 

fluxes at Vp = 1.5 l/min, Tf = 70 °C, Tc = 25°C, and εs = 0.42. 

Fig. 10. Effect of the coolant temperature (Tc) in the range of 10−30 °C on (a) AGMD and (b) LGMD permeate 

fluxes at Vf = 2.5 l/min, Vc = 1.5 l/min, Tf = 70 °C, and εsf = 0.42. 

Fig. 11. Effect of the coolant flow rate (Vc) in the range of 0.5−5.0 l/min on (a) AGMD and (b) LGMD permeate 

fluxes at Vf = 2.5 l/min, Tf = 70 °C, Tc = 25 °C, and εs = 0.42. 

Fig. 12. Effect of the surface porosity (εs) in the range of 0.1−0.7 on (a) AGMD and (b) LGMD permeate fluxes 

at Vf = 2.5 l/min, Vc = 1.5 l/min, Tf = 70 °C, and Tc = 25 °C. 

  



Table 1 

Specifications of the spacer. 

Material PP 

Spacer thickness, δsp (mm) 

Filament diameter, dspf (mm) 

Angle between filaments, θ (deg) 

Mesh size, lm (mm) 

0.8 

0.4 

90 

2 

  



Table 2 

Characteristics of the PTFE/PP composite membrane. 

Material PTFE PP 

Thickness, δ (m) 

Porosity,  (%) 

Mean pore size, rp (μm) 

Liquid entry pressure, LEPw (kPa) 

20 

70 

0.5 

207 

80 

34 

0.1 

160 

  



Table 3 

Specifications of the membrane module. 

Channel height, hch (m) 

Channel width, wch (m) 

Channel length, L (m) 

Air/liquid gap thickness, δ (mm) 

0.002 

0.05 

0.1 

1 − 13 
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