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ABSTRACT 

 

The regeneration of a liquid desiccant using direct contact membrane distillation to unlock the 

potential of coastal desert agriculture 

Kimberly Cribbs 

In Gulf Cooperation Council (GCC) countries, a lack of freshwater, poor soil quality, and 

ambient temperatures unsuitable for cultivation for parts of the year hinders domestic 

agriculture. The result is a reliance on a fluctuating supply of imported fresh produce 

which may have high costs and compromised quality. There are agricultural 

technologies available such as hydroponics and controlled environment agriculture 

(CEA) that can allow GCC countries to overcome poor soil quality and ambient 

temperatures unsuitable for cultivation, respectively. Evaporative cooling is the most 

common form of cooling for CEA and requires a significant amount of water. In water-

scarce regions, it is desirable for sea or brackish water to be used for evaporative 

cooling. Unfortunately, in many coastal desert regions, evaporative cooling does not 

provide enough cooling due to the high wet-bulb temperature of the ambient air during 

hot and humid months of the year. A liquid desiccant dehumidification system has been 

proven to lower the wet-bulb temperature of ambient air in the coastal city of Jeddah, 

Saudi Arabia to a level that allows for evaporative cooling to meet the needs of heat-

sensitive crops. Much of the past research on the regeneration of the liquid desiccant 

solution has been on configurations that release water vapor back to the atmosphere. 

Studies have shown that the amount of water captured by the liquid desiccant when 

used to dehumidify a greenhouse can supply a significant amount of the water needed 
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for irrigation. This thesis studied the regeneration of a magnesium chloride (MgCl2) 

liquid desiccant solution from approximately 20 to 31wt% by direct contact membrane 

distillation and explored the possibility of using the recovered water for irrigation. Two 

microporous hydrophobic PTFE membranes were experimentally tested and modeled 

when the bulk feed and coolant temperature difference was between 10 and 60°C. In 

eight experiments, the salt rejection was higher than 99.97% and produced permeate 

suitable for irrigation with a concentration of MgCl2 less than 94 ppm.  

  



6 
 

ACKNOWLEDGMENTS 

As I reflect over my time at KAUST, I cannot help but be thankful for the many people 

who have taught me the skills necessary to receive an MS in Environmental Science 

and Engineering (ENSE) on the Water Quality, Chemistry, and Treatment track. As an 

undergraduate in chemical engineering, I was (and continue to be) obsessed with topics 

related to water, international development, and agriculture. I graduated with basic 

engineering skills and a thirst to learn more so that I could work in the water treatment 

field. I would like to thank Dr. Noreddine Ghaffour, Dr. TorOve Leiknes, Dr. Matthew 

McCabe, Dr. Pascal Saikaly, Dr. Peng Wang, Dr. Peiying Hong, Dr. Himanshu Mishra, 

Dr. Johannes Vrouwendvelder, and Dr. Ingo Pinnau for their courses which have 

significantly broadened my understanding of the water quality, chemistry, and treatment. 

Furthermore, I would like to thank my primary advisor, Dr. Noreddine Ghaffour, for 

accepting me in his research group and for his helpful feedback. I would like to thank 

Dr. Ryan Lefers for getting me started on a research project that allowed me to continue 

to obsess over water and agriculture and for providing mentorship and insightful 

feedback throughout the research process. I would like to thank Dr. Alla Alpatova, Dr. 

Jung Gil Lee, and Dr. Ryan Lefers for their help gathering necessary materials for the 

experimental set-up. Also, I would like to thank Dr. Jung Gil Lee for helping me 

understand how to create a heat and mass transfer model of direct contact membrane 

distillation. Thank you to Dr. TorOve Leiknes and Dr. Mark Tester for being part of my 

thesis committee and for their interesting water and agricultural talks during Sci-Cafés 

and Science Crossroad Initiative. Apart from academics, I thank God for the opportunity 



7 
 

he has given me to pursue higher education and Michael Wooster, Magdalene Eziashi, 

Anna Shoko, and Nada Al-Jassim for their constant encouragement and friendship.  

  



8 
 

TABLE OF CONTENTS 

EXAMINATION COMMITTEE PAGE .............................................................................. 2 

COPYRIGHT PAGE ........................................................................................................ 3 

ABSTRACT .................................................................................................................... 4 

ACKNOWLEDGMENTS ................................................................................................. 6 

LIST OF ABBREVIATIONS .......................................................................................... 11 

LIST OF SYMBOLS ...................................................................................................... 13 

LIST OF FIGURES........................................................................................................ 19 

1 Introduction .......................................................................................................... 23 

1.1 Background ..................................................................................................... 23 

1.1.1 Food insecurity and high agricultural water demand in GCC countries ....... 23 

1.1.2 The freshwater-saving potential of coastal desert agriculture ...................... 23 

1.1.3 The challenge of limited evaporative cooling potential in coastal regions ... 25 

1.1.4 The necessity of dehumidification before evaporative cooling for heat-

sensitive plants in coastal desert regions ............................................................... 26 

1.1.5 Dehumidification of air by a liquid desiccant ................................................ 27 

1.1.6 Liquid desiccant regeneration and water recovery for irrigation .................. 29 

1.1.7 Potential applications of a liquid desiccant dehumidification system in Saudi 

Arabia …………………………………………………………………………………….. 30 

1.2 Research problem ........................................................................................... 35 

1.3 Research objectives ........................................................................................ 37 

1.4 Hypotheses ..................................................................................................... 38 

2 Literature review of membrane distillation ........................................................ 39 

2.1 Principle of MD ................................................................................................ 39 

2.2 MD compared to other membrane separation processes ............................... 40 

2.3 MD configurations ........................................................................................... 43 

2.3.1 DCMD.......................................................................................................... 44 

2.3.2 AGMD.......................................................................................................... 44 

2.3.3 SGMD.......................................................................................................... 45 

2.3.4 VMD ............................................................................................................ 45 

2.4 Membranes for MD ......................................................................................... 45 



9 
 

3 Experiment ........................................................................................................... 48 

3.1 Experimental setup ......................................................................................... 48 

3.2 Membrane characterization............................................................................. 49 

3.3 Modeling DCMD .............................................................................................. 50 

3.3.1 Heat balance ............................................................................................... 50 

3.3.1.1 Thermal boundary layers ...................................................................... 51 

3.3.1.2 Heat transfer across the membrane ..................................................... 54 

3.3.1.3 Temperature polarization ..................................................................... 55 

3.3.2 Mass Transfer ............................................................................................. 56 

3.3.2.1 Mass transfer resistance in the boundary layer .................................... 57 

3.3.2.2 Mass transfer resistance in the membrane .......................................... 57 

3.4 Properties of concentrated aqueous MgCl2 ..................................................... 61 

3.4.1 Heat capacity ............................................................................................... 61 

3.4.2 Viscosity and density ................................................................................... 61 

3.4.3 Thermal conductivity ................................................................................... 62 

3.4.4 Vapor pressure ............................................................................................ 62 

3.5 Properties of coolant/permeate (pure water) ................................................... 63 

3.5.1 Vapor pressure ............................................................................................ 63 

3.5.2 Viscosity ...................................................................................................... 63 

3.5.3 Thermal conductivity, density, and specific heat ......................................... 63 

3.6 Properties of water vapor ................................................................................ 64 

3.6.1 Viscosity ...................................................................................................... 64 

3.6.2 Binary gas diffusion coefficient .................................................................... 64 

3.7 Analytical methods .......................................................................................... 64 

3.8 Experimental protocol ..................................................................................... 67 

4 Results and discussion ....................................................................................... 68 

4.1 Desired liquid desiccant concentration range.................................................. 68 

4.2 Membrane characterization............................................................................. 70 

4.3 Comparison of membranes ............................................................................. 72 

4.4 Effects of feed concentration and temperature on permeate flux .................... 77 

4.5 Lab-scale versus large-scale DCMD modules ................................................ 80 

4.6 Permeate quality ............................................................................................. 83 

4.7 Salt rejection versus experiment time ............................................................. 85 



10 
 

5 Conclusions.......................................................................................................... 88 

Appendix A: Psychometric chart ............................................................................... 95 

Appendix B: Cooling achieved by a liquid desiccant/evaporative cooling system 

in Jeddah, Saudi Arabia [24] ...................................................................................... 96 

Appendix C: Values inputted into the Dusty Gas Model to calculate the membrane 

mass transfer coefficient for each membrane .......................................................... 97 

Appendix D: The effect of the oscillating feed temperature on permeate flux ...... 98 

Appendix E: Standard deviation of values in Figure 29 ........................................... 99 

 

  



11 
 

LIST OF ABBREVIATIONS 

AGMD  air gap membrane distillation 

CaCl2   calcium chloride 

CEA    controlled environment agriculture 

CPC   concentration polarization coefficient 

DCMD   direct contact membrane distillation 

ERH    equilibrium relative humidity 

GCC   Gulf Cooperation Council 

LEP    liquid entry pressure 

LiCl    lithium chloride 

MD    membrane distillation 

MFP    mean flow pore 

MgCl2   magnesium chloride 

MgCl2·6H2O   magnesium chloride hexahydrate 

NF   nanofiltration 

PM2.5    annual average fine particle 

PTFE    polytetrafluoroethylene 

PP   polypropylene 

PVDF    polyvinylidene fluoride 

RH    relative humidity 

RO   reverse osmosis 

SEM    scanning electron microscopy 

SGMD  sweep gas membrane distillation 

TPC   temperature polarization coefficient 

VMD    vacuum membrane distillation 



12 
 

wt%   weight percent 

ZSR    Zdanovskii-Stokes-Robinson 

  



13 
 

LIST OF SYMBOLS 

𝑎  thermal diffusivity, m2/s 

𝐴 Coefficient to calculate the vapor pressure of the aqueous MgCl2 solution, 

dimensionless  

𝐴𝑚  membrane area, m2 

𝑎𝑤  chemical activity of water 

𝐴0−3  Coefficients for calculating the vapor pressure of aqueous MgCl2. 

𝐵 Coefficient to calculate the vapor pressure of the aqueous MgCl2 solution, 

dimensionless  

𝐵𝑝  geometric pore coefficient, dimensionless 

𝐵0−3  Coefficients for calculating the vapor pressure of aqueous MgCl2. 

𝐶 concentration of MgCl2 the bulk coolant/permeate solution calculated from 

conductivity, mg/L 

𝐶𝑓  concentration of the bulk feed solution, mg/L 

𝐶𝑓𝑖𝑛𝑎𝑙 final coolant/permeate concentration, g/L 

𝐶𝑓𝑚  concentration of the feed solution near the membrane, mol/L 

𝐶𝑖𝑛𝑖𝑡𝑖𝑎𝑙  initial coolant/permeate concentration, g/L 

𝐶𝑘  contribution from Knudsen diffusion, dimensionless 

𝐶𝑚  contribution from molecular diffusion, m-1 

𝐶𝑝 specific heat, J/kgK 

𝐶𝑃𝐶  concentration polarization coefficient, dimensionless 

𝐶𝑝𝑒𝑟 concentration of MgCl2 the coolant/permeate solution calculated from a 

mass balance, g/L 

𝐶𝑝𝑓  heat capacity of the aqueous MgCl2 feed, J/kgK 

𝐶𝑝𝑝  heat capacity of the aqueous MgCl2 feed, J/kgK 

𝐶𝑣  contribution from viscous or Poiseuille flow, m 



14 
 

𝐷  diffusion coefficient of MgCl2 in water at 25ºC, 1.121x10^-9 m2/s 

𝐷𝐴𝐵  binary diffusion coefficient of water vapor in air, m2/s 

𝑑𝑓  diameter of the spacer filaments, m 

𝑑ℎ  hydraulic diameter, m 

𝑑𝑝  pore size (diameter) of the membrane, m 

𝐸𝑅𝐻  equilibrium relative humidity, % 

ℎ𝑐  height of the channel, m 

ℎ𝑓  convective heat transfer coefficient on the feed side, W/m2K 

ℎ𝑝  convective heat transfer coefficient on the coolant/permeate side, W/m2K 

𝐽  permeate flux, kg/m2s 

𝑘  thermal conductivity of the solution, W/(mK) 

𝑘𝐵  Boltzmann constant (1.3807x10-23 J/K) 

𝑘𝑑𝑐  spacer factor, dimensionless 

𝐾𝑓  mass transfer coefficient on the feed side, m/s 

𝑘𝑓  thermal conductivity of the feed solution, W/(mK) 

𝑘𝑔  thermal conductivity of gas in the membrane pore, W/mK 

𝑘𝑚  thermal conductivity of the membrane, W/mK 

𝐾𝑚  membrane mass transfer coefficient, kg/m2sPa 

𝐾𝑛  Knudsen number, dimensionless 

𝑘𝑝  thermal conductivity of the coolant/permeate solution, W/(mK) 

𝑘𝑥  thermal conductivity of polypropylene, 0.23 W/mK 

𝐿  channel length, m 

𝐿𝐸𝑃  liquid entry pressure 

𝑙𝑚  mesh size, m 



15 
 

𝑀  mass fraction of MgCl2, kgMgCl2/kg solution 

𝑀𝑎  molecular weight of air, 29 g/mol 

𝑀𝑖𝑛𝑖𝑡𝑖𝑎𝑙 initial weight of the coolant solution, g 

𝑀𝑓𝑖𝑛𝑎𝑙  final weight of the coolant/permeate solution, g 

𝑀𝑝  mass of the permeate, kg 

𝑀𝑤  molecular weight of water, 18 g/mol 

𝑀𝑀𝑔𝐶𝑙2
 molecular weight of MgCl2, g/mol 

𝑚𝑀𝑔𝐶𝑙2
 molality of a MgCl2 solution, mol/L 

𝑚𝑖  molality of component 𝑖 in the solution 

𝑚𝑖
𝑠(𝑎𝑤) molality of the single component solution of which the water activity equals 

that of the solution mixture 

𝑚𝑘𝑔 molality of a MgCl2 solution, mol/kg of solution 

𝑁𝑢𝑝  Nusselt number on the coolant/permeate side, dimensionless 

𝑁𝑢𝑓  Nusselt number on the feed side, dimensionless 

𝑃  vapor pressure of the solution 

𝑃𝑎𝑀  log mean air pressure at both sides of the membrane 

𝑃𝑓𝑚  vapor pressure of water near the membrane surface on the feed side, Pa 

𝑃𝑟  Prandtl number, dimensionless 

𝑃𝑇  Total pressure in the membrane pore (assumed atmospheric), 101325 Pa 

𝑃𝑇(𝑎𝑡𝑚) Total pressure in the membrane pore (assumed atmospheric), 1 atm 

𝑃𝑜  vapor pressure of pure water 

𝑃𝑝𝑚 vapor pressure of water near the membrane surface on the 

coolant/permeate side, Pa 

𝑄𝑐𝑜𝑛𝑑  heat transfer by conduction, W/m2 

𝑄𝑐𝑜𝑛𝑣  heat transfer by convection, W/m2 



16 
 

𝑄𝑐𝑜𝑛𝑣
𝑓

  heat transfer by convection on the feed side, W/m2 

𝑄𝑐𝑜𝑛𝑣
𝑝

  heat transfer by convection on the coolant/permeate side, W/m2 

𝑄𝑓  heat transfer on the feed side, W/m2 

𝑄𝑙𝑎𝑡𝑒𝑛𝑡  latent heat of vaporization and condensation of the distillate, W/m2 

𝑄𝑚  heat transfer through the membrane, W/m2 

𝑄𝑝  heat transfer on the permeate side, W/m2 

𝑅  ideal gas constant, 8.314 J/molK 

𝑅𝑒  Reynolds number, dimensionless 

𝑅𝑖  refractive index, dimensionless 

𝑅𝑘  Knudsen diffusion resistance, s/m or m2sPa/kg 

𝑅𝑚  molecular diffusion resistance, s/m 

𝑅𝑚𝑒𝑚  total resistance through the membrane, s/m 

𝑅𝑠𝑎𝑙𝑡  salt rejection, % 

𝑅𝑠𝑢𝑟𝑓𝑎𝑐𝑒 surface resistance 

𝑅𝑣  viscous resistance, s/m 

𝑟  radius of the membrane pore, m 

𝑠  membrane thickness, m  

𝑡  experiment time, s 

𝑇𝑓  bulk feed temperature, K 

𝑇𝑓𝑚  feed temperature near the membrane surface, K 

𝑇𝑚  average temperature in the membrane pore, K 

𝑇𝑝  bulk permeate temperature, K 

𝑇𝑃𝐶  temperature polarization coefficient, dimensionless 

𝑇𝑝𝑚  permeate temperature near the membrane surface, K 



17 
 

𝑡𝑠  spacer thickness, m 

𝑟𝑚𝑎𝑥  maximum pore size of the membrane 

𝑉𝑎𝑖𝑟  diffusion volume of air, 20.1 

𝑉𝑤  diffusion volume of water, 12.7 

𝑤𝑐  width of the channel, m 

 

GREEK LETTERS 

𝛾𝑙  liquid surface tension 

∆𝐻𝑣𝑎𝑝  latent heat of vaporization of water, 2.257x106 J/kg 

𝜀𝑠  spacer porosity, dimensionless 

𝜀𝑚  membrane porosity, dimensionless 

𝜃  contact angle at the gas-liquid-membrane interface, degree 

𝜆  gas mean free path, m 

𝜅  conductivity, µS/cm 

𝜇  dynamic viscosity, Pa-s 

𝜇𝑓  dynamic viscosity of the aqueous MgCl2 feed, Pa-s 

𝜇𝑜   dynamic viscosity of pure water, Pa-s 

𝜇𝑣  dynamic viscosity of saturated water vapor in air at 53C, 1.0651x10-5 Pa-s 

𝜋  3.14, dimensionless 

𝜌  fluid density, kg/m3 

𝜌𝑓  density of aqueous MgCl2 feed solution, kg/m3 

𝜌𝑜  density of pure water, 998 kg/m3 

𝜎𝑤  collision diameter of water, 2.7x10-10 m 

𝜎𝑎  collision diameter of air, 3.7x10-10 m 

𝜏  tortuosity of the membrane pore, dimensionless 



18 
 

𝑣  cross-flow velocity, m/s 

∅  hydrodynamic angle of the spacer (degrees) 

 

 

 

 

 

 

  



19 
 

LIST OF FIGURES 

Figure 1 Diagram of evaporative cooling potential on a hot and humid summer day in 

Jeddah, Saudi Arabia. (The diagram was created by Kimberly Cribbs using SketchUp.)

 ...................................................................................................................................... 25 

Figure 2 Diagram of a combined dehumidification and evaporative cooling system and 

its ability to provide sufficient cooling on some of the hottest and most humid summer 

days in Jeddah, Saudi Arabia. (The diagram was created by Kimberly Cribbs using 

SketchUp.) .................................................................................................................... 26 

Figure 3 Comparison of a combined liquid desiccant evaporative cooling system, 

evaporative cooling, and no cooling when applied to a greenhouse growing cucumber 

and lettuce in Jeddah, Saudi Arabia [14]. ...................................................................... 27 

Figure 4 Average annual ambient fine particle concentrations for the globe [22]. ......... 28 

Figure 5 Pie chart of agricultural land use in Saudi Arabia [28]. .................................... 31 

Figure 6 World map of countries that exported fresh strawberries to Saudi Arabia in 

2016 [31]. ...................................................................................................................... 32 

Figure 7 Chart of the unit price of fresh strawberries countries that exported 

strawberries to Saudi Arabia in 2016............................................................................. 33 

Figure 8 Chart of the total weight of fresh strawberry imported to Saudi Arabia by 

country in 2016. ............................................................................................................. 34 

Figure 9 Diagram of DCMD showing how only vapor passes through the pores of the 

hydrophobic membrane. (Figure was drawn by Kimberly Cribbs using SketchUp and 

PowerPoint.) .................................................................................................................. 39 

Figure 10 Vapor pressure of water versus temperature. ............................................... 40 

Figure 11 Osmotic pressure versus the concentration of MgCl2 [41]. ............................ 41 

Figure 12 Comparison of RO flux and MD flux for the concentration of orange juice [42].

 ...................................................................................................................................... 42 

Figure 13 Vapor pressure versus concentration of MgCl2 at temperatures between 20 

and 70ºC [43]. ............................................................................................................... 43 

Figure 14 Configurations for MD: (a) DCMD, (b) SGMD, (c) VMD, (d) AGMD [46]. ...... 43 

Figure 15 Diagram of the temperature gradient in DCMD [35]. ..................................... 44 

Figure 16 Diagram of membrane wetting. ..................................................................... 46 

Figure 17 Diagram of the experimental set-up. ............................................................. 48 

Figure 18 Heat transfer resistances in DCMD. .............................................................. 51 

Figure 19 Diagram of membrane spacer features. ........................................................ 53 

Figure 20 Resistance model of heat transfer in DCMD. ................................................ 56 

Figure 21 Diagram of Knudsen diffusion through a membrane pore. ............................ 58 

Figure 22 Diagram of viscous and molecular diffusion through a membrane pore. ....... 59 

Figure 23 Diagram of Knudsen, molecular, and viscous diffusion through a membrane 

pore. .............................................................................................................................. 59 

file:///D:/Kimberly%20Cribbs%20Thesis%20for%20Proofreading.docx%23_Toc512346457


20 
 

Figure 24 SEM images of hydrophobic microporous membranes (a) GE PTFE 

membrane, (b) non-woven support of GE membrane [1], (c) Sterlitech PTFE membrane, 

(d) scrim-backing support of Sterlitech membrane. ....................................................... 72 

Figure 25 Results of a heat and mass transfer model of DCMD using the non-woven 

supported GE and scrim-backed Sterlitech membranes. (a) Predicted permeate flux, (b) 

temperature polarization coefficient, (c) mass transfer coefficient, (d) difference in vapor 

pressure across the membrane. .................................................................................... 74 

Figure 26 Comparison of permeate flux for a given feed concentration between the two 

PTFE membranes at (a) 80°C, (b) 70°C, and (c) 60°C feed (MgCl2 liquid desiccant) 

temperature and 20°C coolant (water) temperature. The crossflow velocity on both sides 

of the membrane was 0.133 m/s. A spacer was on the feed side. ................................ 76 

Figure 27 Permeate flux through the Sterlitech membrane graphed against ERH at feed 

temperatures of 80, 70, and 60°C and coolant temperature of 20°C. The crossflow 

velocity on both sides of the membrane was 0.133 m/s. A spacer was on the feed side.

 ...................................................................................................................................... 77 

Figure 28 Permeate flux through the GE membrane graphed against the ERH of the 

feed solution at feed temperatures of 80, 70, and 60°C and coolant temperature of 

20°C. The crossflow velocity on both sides of the membrane was 0.133 m/s. A spacer 

was on the feed side. .................................................................................................... 78 

Figure 29 Permeate flux through the GE membrane at different ERH values graphed 

against the feed temperature. The coolant temperature was maintained at 20ºC. The 

crossflow velocity on both sides of the membrane was 0.133 m/s. A spacer was on the 

feed side of the membrane to increase turbulence. The standard deviation for values in 

this graph can be found in Appendix E. ......................................................................... 79 

Figure 30 The difference in vapor pressure between aqueous MgCl2 and pure water at 

different temperatures against MgCl2 concentrations/ERH values. ............................... 80 

Figure 31 Heat and mass transfer model results for the (a) non-woven supported GE 

membrane and (b) scrim-backed Sterlitech membrane at various bulk feed and 

coolant/permeate temperatures. The crossflow velocity was 0.133 m/s. A spacer was on 

the feed side. ................................................................................................................. 82 

Figure 32 (a) Passage of water through the membrane during DCMD. Negative values 

indicate the passage of water from the coolant to the feed. (b) Passage of salt through 

the membrane during DCMD. The feed temperature was 60°C and the coolant at 47-

49°C. The non-woven supported GE membrane was used with no feed spacer. The 

initial feed concentration of 23 wt% MgCl2 which is greater than 70% ERH. ................. 83 

Figure 33 Permeate concentration versus experiment time of the experiments listed in 

Table 6. ......................................................................................................................... 85 

Figure 34 Permeate concentration and percent salt rejection versus time for Experiment 

# 4. In this experiment, the scrim-backed Sterlitech membrane was used with a spacer 

file:///D:/Kimberly%20Cribbs%20Thesis%20for%20Proofreading.docx%23_Toc512346462
file:///D:/Kimberly%20Cribbs%20Thesis%20for%20Proofreading.docx%23_Toc512346462
file:///D:/Kimberly%20Cribbs%20Thesis%20for%20Proofreading.docx%23_Toc512346462


21 
 

on the feed side. The cross-flow velocity is 0.133 m/s. The feed temperature is 60ºC, 

and the coolant/permeate temperature is 20ºC. ............................................................ 86 

Figure 35 The water and salt in the permeate versus time for Experiment # 4. In this 

experiment, the scrim-backed Sterlitech membrane was used with a spacer on the feed 

side. The cross-flow velocity is 0.133 m/s. The feed temperature is 60ºC, and the 

coolant/permeate temperature is 20ºC. ......................................................................... 86 

 

  



22 
 

LIST OF TABLES 

Table 1 The effects of membrane pore size, porosity, and thickness on the LEP and 

heat and mass transfer resistance. ............................................................................... 47 

Table 2 Coefficients for calculating the vapor pressure of aqueous MgCl2 [43]. ........... 63 

Table 3 Properties of pure water at 20ºC. ..................................................................... 63 

Table 4 Maximum RH that the air must be dehumidified to for a range of dry and wet-

bulb temperatures. ........................................................................................................ 69 

Table 5 The ERH of a liquid desiccant at 25ºC that has the same vapor pressure as the 

air at the RH in Table 4. These values are the maximum ERH needed to achieve the 

listed wet-bulb temperatures and the given dry-bulb temperatures. .............................. 69 

Table 6 Membrane characteristics. a properties reported from M1 and M3 membranes in 

[1] b measured properties. ............................................................................................. 70 

Table 7 Information regarding the permeate quality and salt rejection for the 

experiments in Figure 26-29. ......................................................................................... 84 

 

 

 

 

 

 

 

 

 

 



23 
 

1 Introduction 

1.1 Background 

1.1.1 Food insecurity and high agricultural water demand in GCC countries 

In Gulf Cooperation Council (GCC) countries domestic agriculture is hindered by a lack 

of freshwater, poor soil quality, and ambient temperatures unsuitable for cultivation [2]. 

Limited domestic agriculture causes GCC countries to depend on imports for 78% of 

their food [3]. Despite the high reliance on imported food, attempts to minimize the risk 

of food insecurity by growing crops in GCC countries creates a significant demand on 

scarce water resources. About 85% of total water consumption in Arab countries, 

including Saudi Arabia, is for agriculture [4]. Unfortunately, agricultural water is poorly 

utilized; it is estimated that 50% of the water is wasted because of inefficient irrigation 

methods in Arab countries [5]. Achieving food and water security are priorities for all 

countries; therefore, action must be taken to improve the efficiency of agricultural water 

use in GCC countries.  

1.1.2 The freshwater-saving potential of coastal desert agriculture 

Some of the challenges hindering agriculture in GCC countries can be overcome by 

utilizing hydroponics within controlled-environment agriculture (CEA). CEA allows the 

grower to optimize resources, such as land and water, to produce higher yields than 

conventional agriculture. In CEA, variables such as temperature, relative humidity (RH), 

and light intensity are controlled. Hydroponics is a method of growing plants in nutrient-

rich water without soil. In Oman, the combined use of hydroponics and greenhouses to 

grow vegetable crops has increased water and land productivities when compared to 
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open field conditions. In the case of cucumbers and tomatoes, water consumption was 

reduced by 20 and 30% and land productivity was raised by 60 and 30%, respectively 

[6]. Related results were observed by a study in Arizona that found hydroponic lettuce 

required 91% less water than lettuce grown in a field [7]. Consideration must also be 

given to the amount of water used for evaporative cooling of the greenhouse. 

Approximately 80% of a greenhouse’s total water consumption is used for evaporative 

cooling [8, 9]. Evaporative cooling is a commonly used method that cools inlet air by the 

evaporation of water; therefore, it requires a significant amount of water relative to that 

needed for irrigation and air with a wet-bulb temperature below the desired greenhouse 

temperature. The wet-bulb temperature is the lowest theoretical temperature that can be 

achieved using evaporative cooling. Wet-bulb temperature is a function of the dry-bulb 

temperature and RH. At an RH of 100%, the dry and wet-bulb temperatures are equal. 

While keeping the dry-bulb temperature constant, a decrease in RH results in a 

decrease in the wet-bulb temperature. Since the RH within a greenhouse must be 

limited to a maximum of 82-90% for disease prevention [10], the actual temperature 

achieved by evaporative cooling will be higher than the wet-bulb temperature. 

Nevertheless, if brackish or seawater is used for evaporative cooling [11], the 

freshwater demand of greenhouse agriculture would be significantly reduced. 

Considering both the availability of seawater and that a large percentage of the GCC 

population lives within 100 km of a coast [12], an agricultural system using seawater to 

cool CEA has the potential to localize food production and to reduce agricultural 

freshwater demand. 
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1.1.3 The challenge of limited evaporative cooling potential in coastal regions 

Unfortunately, coastal regions tend to experience both high dry-bulb temperature and 

high RH, resulting in a high wet-bulb temperature. On July 21, 2017, Jeddah, Saudi 

Arabia recorded one of the highest values for RH that summer. At 12:00 am there was 

60% RH with a dry-bulb temperature of 35ºC [13]. Figure 1 shows how evaporative 

cooling would be able to reduce the temperature inside the greenhouse to 31ºC, 

assuming 85% RH (see Appendix A for psychometric chart). Considering a heat-

sensitive plant, such as lettuce, has a maximum temperature tolerance of 28ºC [14], 

evaporative cooling by itself is ineffective to meet the year-round cooling needs of heat-

sensitive plants in Jeddah [14].  

 

Figure 1 Diagram of evaporative cooling potential on a hot and humid summer day in Jeddah, 

Saudi Arabia. (The diagram was created by Kimberly Cribbs using SketchUp.) 
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1.1.4 The necessity of dehumidification before evaporative cooling for heat-sensitive 

plants in coastal desert regions 

However, if the inlet air is first dehumidified to 40% RH, the wet-bulb temperature drops 

to 24.5ºC. Assuming that evaporative cooling only raises the RH of the air to 85%, it is 

now able to cool the air to 26ºC (see Appendix A for psychometric chart). Figure 2 

shows how dehumidification before evaporative cooling can provide sufficient cooling 

for heat-sensitive plants on some of the hottest and most humid summer days in 

Jeddah, Saudi Arabia.  

 

Figure 2 Diagram of a combined dehumidification and evaporative cooling system and its ability 

to provide sufficient cooling on some of the hottest and most humid summer days in Jeddah, 

Saudi Arabia. (The diagram was created by Kimberly Cribbs using SketchUp.) 

A study conducted in Jeddah, Saudi Arabia found that lettuce can be grown only six 

months of the year using evaporative cooling. Without evaporative cooling, ambient 
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temperatures were too high to grow lettuce for all months of the year. The length of the 

growing season can be increased by using a liquid desiccant to reduce the RH of the 

inlet air, resulting in a lower wet-bulb temperature. This study found that using 

dehumidification with a liquid desiccant before evaporative cooling could extend the 

growing season of lettuce to 12 months of the year [14]. The study also found that for 

cucumbers, a heat-tolerant plant, the combined liquid desiccant and evaporative cooling 

system allows for the optimum growing temperatures to be maintained throughout the 

year. Figure 3 shows the results of the study.  

 

Figure 3 Comparison of a combined liquid desiccant evaporative cooling system, evaporative 

cooling, and no cooling when applied to a greenhouse growing cucumber and lettuce in Jeddah, 

Saudi Arabia [14]. 

1.1.5 Dehumidification of air by a liquid desiccant 

A difference in vapor pressure between the humid air and the liquid desiccant drives 

dehumidification. Water vapor travels from areas of high to low vapor pressure. Several 

configurations for mass transfer between the liquid desiccant and humid air are 

available. Dehumidification configurations either allow for direct contact, for example, 
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falling-film [15-17], spray [14], or packed tower [18, 19] or use a porous hydrophobic 

membrane as a barrier between the air and liquid desiccant [20, 21]. The membrane 

prevents droplet carryover, the release of liquid desiccant droplets into the air. Droplet 

carryover is a concern due to the metal corrosion potential of salt-based desiccant 

solutions, the toxicity of some of the desiccants, and the potential contamination of 

crops if used in a greenhouse setting. Also, the membrane protects the liquid desiccant 

from contamination by airborne particles. In GCC countries, a membrane-based liquid 

desiccant dehumidification and regeneration system is necessary due to the poor air 

quality in the region. A global study on ambient air pollution found that the annual 

average fine particle (PM2.5) concentration is highest in northern African and the Middle 

East due to emissions of windblown mineral dust, as shown in Figure 4 [22]. There are 

advantages of using a membrane-based dehumidification system; however, some 

disadvantages include increased resistance to mass transfer and the cost. 

 

Figure 4 Average annual ambient fine particle concentrations for the globe [22]. 
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1.1.6 Liquid desiccant regeneration and water recovery for irrigation 

Once the vapor pressures of the air and desiccant become equal, dehumidification 

stops and the liquid desiccant must be regenerated. By creating a vapor pressure 

gradient with the liquid desiccant having the higher vapor pressure, the liquid desiccant 

can be regenerated. This vapor pressure gradient causes water to evaporate from the 

solution, resulting in its reconcentration. Open regeneration is the simplest 

configuration. In this configuration, a low-grade heat source, such as solar thermal 

energy [14, 23, 24], heats the liquid desiccant, causing the desiccant to release water 

vapor into the surrounding air as it flows over a flat surface. Often the liquid desiccant is 

regenerated outside of the greenhouse [14, 23]. Open regeneration results in the loss of 

water vapor to the atmosphere. One study based in Egypt used open regeneration of a 

liquid desiccant bittern solution in a closed greenhouse to recover the water vapor. The 

bittern solution is a low-cost liquid desiccant since it is a by-product of sea salt 

production. Hygroscopic magnesium chloride (MgCl2) makes up more than 70% of the 

total salt in the solution. At night, the bittern solution was heated and released water 

vapor into a closed greenhouse. This water vapor condensed on the inside walls of the 

greenhouse and was collected. This study found that 40-50% of the total irrigation water 

demand could be met using this method [25]. Membrane distillation (MD) has also been 

studied as a method for regenerating liquid desiccants due to its ability to recover water 

from highly saline solutions [9, 26, 27]. MD is a thermally-driven separation process in 

which only water vapor passes through a microporous hydrophobic membrane. Several 

configurations for MD exist; the difference between them is how the vapor is condensed 

and collected on the permeate side. One study regenerated a calcium chloride (CaCl2) 
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liquid desiccant by using a polyvinylidene fluoride (PVDF)-based hollow fiber membrane 

and vacuum membrane distillation (VMD). In VMD, the weak liquid desiccant is heated 

and passes on the feed side of a hydrophobic membrane. On the permeate side of the 

membrane, a pump is used to create a vacuum. Water vapor passes through the pores 

of the hydrophobic membrane, traveling from an area of high vapor pressure (feed side) 

to an area of low vapor pressure (permeate side). A separate condenser installed 

outside of the MD module recovered the water vapor. This VMD study achieved flux 

from 2-5.7 L/(m2hr). The flux depended on the initial feed concentration, feed 

temperature, and vacuum pressure ranging from 25-35wt%, 27-30°C, and 2-8 millibar, 

respectively. This study also concluded that the volume of water removed from the inlet 

air by the liquid desiccant in a day was greater than the daily irrigation requirement of a 

360 m2 greenhouse in the coastal city of Thuwal, Saudi Arabia [9]. These studies show 

that the regeneration process of the liquid desiccant can produce a sizeable amount of 

freshwater for irrigation. This method of humidity harvesting could further reduce the 

reliance on non-renewable freshwater sources for irrigation in GCC countries.  

1.1.7 Potential applications of a liquid desiccant dehumidification system in Saudi 

Arabia 

CEA paired with hydroponics would allow for the agricultural challenges of poor soil 

quality, high temperatures, and limited freshwater to be overcome. The addition of a 

membrane-based liquid desiccant dehumidification and regeneration system would 

extend the growing season, allow for CEA to be located near the coast (where it can 

utilize saltwater for evaporative cooling and grow fruits and vegetables near densely-

populated coastal cities), and harvest humidity from the air for irrigation. However, the 
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relatively high capital and operating costs of such a system limit it to growing high-value 

products that are cultivable in small spaces. For example, such a system would be ideal 

for producing select fruits and vegetables rather than grains and trees. Considering that 

88.2% of the agricultural land in Saudi Arabia is used to produce grains and trees [28], 

see Figure 5, the adoption of this technology would not significantly reduce the 

agricultural water demand in Saudi Arabia. 

 

Figure 5 Pie chart of agricultural land use in Saudi Arabia [28]. 

However, a membrane-based liquid desiccant dehumidification/regeneration system 

potentially could be added to the 6,704 existing cooled greenhouses used for growing 

vegetables, fruits, and flowers in Saudi Arabia [28] to extend their growing season [14]. 

Furthermore, the liquid desiccant dehumidification/regeneration technology could create 

a niche market for high-value, heat-sensitive produce that are imported from distant 

countries resulting in reduced produce quality and high prices. For example, 

strawberries cannot tolerate growing temperatures greater than 29ºC [29]. Figure 2 

shows how the liquid desiccant dehumidification and evaporative cooling system can 

produce wet-bulb temperatures below 29ºC on a hot and humid summer day in Jeddah, 

Saudi Arabia. Also, strawberries are one of the most perishable fruits due to their 
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susceptibility to bruising, which encourages fungal growth and decay [30]. As a result, 

strawberries destined for long-distance markets are harvested before they become fully 

ripe. Unlike other fruits, such as avocados, bananas, and peaches, strawberries do not 

ripen more after they are harvested [30]. Pre-mature harvest results in the delivery of a 

very firm and not fully sweet berry to the consumer. In 2016, Saudi Arabia imported 

strawberries from the following countries shown in red in Figure 6 [31].  

 

Figure 6 World map of countries that exported fresh strawberries to Saudi Arabia in 2016 [31]. 

The unit price paid by Saudi Arabia for fresh strawberries from each of these countries 

in 2016 is shown in Figure 7 [31]. The weight of fresh strawberries imported to Saudi 

Arabia in 2016 by country is shown in Figure 8. Most of the fresh strawberries are 

imported from Egypt and the United States. The price of strawberries from the United 
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States is 280% more than those from Egypt. Along with high prices, fresh strawberries 

from the United States must travel approximately 12,110 km by air resulting in a 

significant carbon footprint. Using the United States as an example, these figures show 

how Saudi Arabia is willing to pay high prices for fresh strawberries that maybe under-

ripe and have a large carbon footprint associated with them.  

 

Figure 7 Chart of the unit price of fresh strawberries countries that exported strawberries to 

Saudi Arabia in 2016. 
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Figure 8 Chart of the total weight of fresh strawberry imported to Saudi Arabia by country in 

2016. 

In 2016, strawberries from Egypt accounted for 60.5% of the total weight of fresh 

strawberries imported to Saudi Arabia [31]. On July 11, 2017, Saudi Arabia imposed a 

ban on the imports of Egyptian strawberries due to pesticide residues [32] which 

continued into the 2018 growing season [33]. Strawberries are one example of a high-

value product that Saudi Arabia could increase production of with the enhanced cooling 

aid of a liquid desiccant dehumidification/regeneration system. This example shows how 

produce must travel long distances to meet the demand for fresh produce in Saudi 

Arabia which increases the cost and reduces the overall quality. At times the supply will 

be reduced due to import bans or poor growing seasons which can result in increased 

prices and decreased food security. CEA paired with a liquid desiccant 

dehumidification/regeneration system, seawater evaporative cooling, and hydroponics 

creates an opportunity for Saudi Arabia to increase production of some fruits and 

vegetables without adding a significant demand on scarce water resources. 
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Furthermore, the higher capital and operating costs of such a system may still allow for 

the produce to be competitively priced against imported produce from non-GCC 

countries.  

1.2 Research problem 

A lack of freshwater, poor soil quality, and ambient temperatures unsuitable for 

cultivation for parts of the year hinders agriculture in GCC countries. The result is a 

reliance on a fluctuating supply of imported fresh produce which may have high costs 

and compromised quality. There are agricultural technologies available, such as 

hydroponics and CEA, that can allow GCC countries to overcome poor soil quality and 

ambient temperatures unsuitable for cultivation, respectively. Evaporative cooling is the 

most common form of cooling for CEA and requires a significant amount of water. In 

water-scarce regions, evaporative cooling that uses sea or brackish water is desired. 

Unfortunately, in many coastal desert regions, evaporative cooling does not provide 

enough cooling due to the high wet-bulb temperature of the ambient air during hot and 

humid months of the year. A liquid desiccant dehumidification system has been proven 

to lower the wet-bulb temperature of ambient air in the coastal city of Jeddah, Saudi 

Arabia to one that allows for evaporative cooling to provide sufficient cooling throughout 

the year for heat-sensitive crops [14]. Much of the past research on the regeneration of 

the liquid desiccant solution has been on configurations that release water vapor back 

to the atmosphere. Studies have shown the that the amount of water captured by the 

liquid desiccant when used to dehumidify a greenhouse is significant and can supply 

more than 40% of the water needed for irrigation. More recently, MD has been studied 

as a method for regenerating liquid desiccants which allows for liquid water to be 
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recovered. Studies of VMD and DCMD configurations to regenerate liquid desiccants 

that are suitable for agriculture, such as CaCl2 and MgCl2, have been conducted with 

the most focus on VMD [9, 17, 27]. The purpose of the present research is to expand 

the work on the use of DCMD to regenerate a MgCl2 liquid desiccant and study the 

potential for using the recovered distillate for irrigation. DCMD was selected as the 

method of MD for the following reasons:  

(1) DCMD is the most cost-effective, solar-powered MD configuration at $12.70/m3 

compared to VMD at $16.02/m3 and AGMD at $18.26/m3 [34];  

(2) DCMD is the simplest compared to other MD configurations [35]; 

(3) DCMD has demonstrated excellent separation when used to regenerate liquid 

desiccants. In 2017, a study using DCMD to regenerate a lithium chloride (LiCl) 

liquid desiccant had over 99.98% salt rejection with a final permeate 

concentration of 46 mg/L, for a 15-hour experiment using a 0.2 µm 

polytetrafluoroethylene (PTFE) flat sheet membrane [26]. This was the first 

published study using DCMD to regenerate a liquid desiccant. 

MgCl2 was selected due to its relatively low toxicity, cost, and vapor pressure making it 

a safe and economical choice for greenhouse use [24]. Furthermore, magnesium and 

chloride are both among the 16 essential nutrients for plant growth [36] and must be 

included in the nutrient solution used for hydroponics. There is little information 

available regarding the symptoms of magnesium toxicity [37]. Chloride toxicity can 

produce leaf tip or edge burning, chlorosis, and premature leaf drop [37]. For 

hydroponic water, concentrations of magnesium and chloride are recommended not to 

exceed 60 and 70 mg/L [38], respectively; therefore, the salt passage of MgCl2 can be 
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tolerated up to a concentration of 94 mg/L in the permeate without a need for dilution 

before irrigation.  

1.3 Research objectives 

The current study is interested in simulating conditions for the regeneration of the MgCl2 

liquid desiccant using DCMD. In the first part of the study, feed and coolant/permeate 

temperatures of 60-80ºC and 20ºC, respectively, were selected because they are near 

to temperatures that can be achieved by incorporating a solar thermal heater and a 

seawater-based cooling tower. These temperatures reflect the maximum temperature 

difference across the membrane that could occur. The vapor pressure of the MgCl2 

liquid desiccant was compared to the minimum vapor pressure needed for 

dehumidification of air in Jeddah, Saudi Arabia. These results will show whether or not 

DCMD can effectively regenerate the MgCl2 liquid desiccant to a concentration needed 

for dehumidification in coastal desert regions. The permeate quality will be monitored 

during the experiments to show whether or not regeneration of the MgCl2 liquid 

desiccant using DCMD can produce water for irrigation with a MgCl2 concentration less 

than 94 mg/L.  

In the second part of the study, feed and coolant temperatures of 60 and 50ºC, 

respectively, were selected because a temperature difference of 10ºC is most likely to 

occur in a large-scale DCMD module [1]. At the lab-scale, a temperature difference 

greater than 40ºC across the membrane is easily achievable due to the small surface 

area of the membrane; however, this large temperature difference does not reflect a 

large-scale (or pilot-scale) DCMD module. In a lab-scale DCMD module, it has been 
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observed that 21% of the energy is exchanged between the feed and permeate side; 

however, for a pilot-scale DCMD module, it has been observed that the energy 

exchange is 82% [39]. This means that although the feed and permeate inlet 

temperatures are 70 and 20ºC, respectively, in a counter-current DCMD module, the 

temperature difference across the membrane throughout a long module may only be 

10ºC or less [1, 39] resulting in a significant decrease in permeate flux [40]. Also, the 

maximum concentration that the liquid desiccant can be regenerated to decreases with 

the decreasing temperature difference across the membrane [26]. The 10ºC 

temperature difference across the membrane may not provide enough driving force to 

regenerate the liquid desiccant to a concentration suitable for dehumidification. In this 

part of the study, the concentration of MgCl2 in the permeate was also monitored to 

determine if the permeate was suitable for irrigation.   

1.4 Hypotheses 

1) DCMD can regenerate a MgCl2 liquid desiccant to a concentration/equilibrium RH 

(ERH) that is useful for dehumidification at feed and coolant temperatures near to 

temperatures that can be achieved by incorporating a solar thermal heater and a 

seawater-based cooling tower. 

2) DCMD can produce permeate suitable for irrigation that has a MgCl2 

concentration less than 94 mg/L when operated with a temperature difference 

greater than 40ºC across the membrane.  

3) The 10ºC temperature difference across the membrane between the liquid 

desiccant and pure water will not provide enough driving force to regenerate the 

liquid desiccant to a concentration suitable for dehumidification. 
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2 Literature review of membrane distillation 

2.1 Principle of MD 

MD is a thermally-driven, membrane-based separation process. MD requires the use of 

a hydrophobic membrane. The hydrophobic nature of the membrane keeps the feed 

and permeate solutions separated, creating a gas phase inside the membrane pores. 

Distillation occurs as vapor passes through the pores of the hydrophobic membrane 

from an area of high vapor pressure (feed side) to an area of low vapor pressure 

(permeate side). Since only vapor is meant to pass through the membrane pores, MD 

can theoretically achieve 100% salt rejection. Figure 9 is a diagram of DCMD and 

shows how only vapor passes through the pores of the hydrophobic membrane. 

 

Figure 9 Diagram of DCMD showing how only vapor passes through the pores of the 

hydrophobic membrane. (Figure was drawn by Kimberly Cribbs using SketchUp and 

PowerPoint.) 
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2.2 MD compared to other membrane separation processes 

Due to the hydrophobic nature of the MD membrane, separation occurs based on 

vapor-liquid equilibrium. Other membrane-based separation processes, such as reverse 

osmosis (RO) and nanofiltration (NF), require a hydrophilic membrane and perform 

separations based on the size-exclusion of ions that are larger than the solvent. As a 

result, the pore size of membranes used for MD is around 0.1 – 0.45 µm whereas the 

pore size of membranes used for RO and NF are around 0.1 nm and 1 nm, respectively. 

The driving force for MD is a difference in vapor pressure across the membrane that is 

driven by a difference in temperature. Figure 10 shows how the vapor pressure of water 

increases with temperature and how the driving force for permeate flux will be greater at 

higher operating temperatures despite having the same temperature difference across 

the membrane. 

 

Figure 10 Vapor pressure of water versus temperature. 

Conversely, the driving force for RO and NF is applied pressure. The pressure of the 

feed solution must be higher than the osmotic pressure of the feed. Osmosis is the 
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passage of a solvent through a semi-permeable membrane from a low concentration 

solution to a high concentration solution. A difference in chemical potential across the 

membrane drives osmosis. Osmotic pressure is the minimum hydrostatic pressure that 

must be applied to the higher concentration solution to keep the solvent from passing 

through the membrane. Figure 11 shows how the osmotic pressure increases as the 

concentration increases for MgCl2 [41]. The MgCl2 liquid desiccant used for 

dehumidification is around 290 – 400 g/L and would require at least 440 - 800 bars to 

reconcentrate if using RO. As a comparison, seawater has an osmotic pressure of 

approximately 26 bar, and seawater desalination plants typically operate at a feed 

pressure of 60 bar.  

 

Figure 11 Osmotic pressure versus the concentration of MgCl2 [41].  

The high osmotic pressure of liquid desiccants and other concentrated solutions makes 

reconcentrating them using RO unrealistic. MD is a more appropriate technology for 

concentrating hypersaline solutions. Figure 12 shows how the permeate flux produced 
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by RO is significantly affected by the feed concentration while the permeate flux of MD 

is not significantly affected by the feed concentration [42].  

 

Figure 12 Comparison of RO flux and MD flux for the concentration of orange juice [42]. 

There is a slight decline in the MD permeate flux as the concentration increases. This is 

due to vapor pressure depression of the feed caused by the increased concentration 

and by the increased solution viscosity which causes more concentration polarization to 

occur [42]. Figure 13 shows how the vapor pressure of MgCl2 solutions at different 

temperatures decreases as the concentration of the solution increases [43]. At higher 

temperatures, the vapor pressure depression is more significant. 
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Figure 13 Vapor pressure versus concentration of MgCl2 at temperatures between 20 and 70ºC 

[43]. 

2.3 MD configurations 

There are four main configurations for the MD process: direct contact, air gap, sweep 

gas, and vacuum. More novel MD configurations include permeate gap [44], material 

gap [45], and conductivity gap MD [44]. These configurations differ in their resistance to 

heat and mass transfer. The resistance to heat transfer should be maximized while the 

resistance for mass transfer should be minimized to achieve high flux in the MD 

process. Figure 14 shows the configurations for DCMD, sweep gas MD (SGMD), VMD, 

and air gap MD (AGMD) [46].   

 

Figure 14 Configurations for MD: (a) DCMD, (b) SGMD, (c) VMD, (d) AGMD [46]. 
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2.3.1 DCMD 

DCMD is the simplest of the MD configurations. In this configuration, both the feed and 

the coolant/permeate solutions are in direct contact with the hydrophobic membrane, 

see Figure 15. As distillation occurs, the permeate condenses into the condensing 

solution (coolant). As a result, the coolant is often pure water. In DCMD, it is difficult to 

maintain the temperature gradient across the membrane due to heat lost by convection 

and conduction. Figure 15 shows how the temperatures near the surface of the 

membrane are different from the bulk feed and coolant temperatures resulting in a 

reduced temperature gradient across the membrane [35]. This phenomenon is referred 

to as temperature polarization. 

 

Figure 15 Diagram of the temperature gradient in DCMD [35]. 

2.3.2 AGMD 

In AGMD, an air gap exists between the membrane and condensing surface, as shown 

in Figure 14 (d). This air gap reduces the heat lost by conduction and convection across 

the membrane compared to DCMD. However, the air gap also creates additional 

resistance to mass transfer. At the lab-scale AGMD has a lower flux compared to 

DCMD; however, at the pilot-scale AGMD has a higher flux than DCMD due to better 
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thermal efficiency and internal heat recovery [39]. At the lab-scale, the small surface 

area of the membrane allows for a large temperature difference across the membrane 

to be maintained. At the pilot-scale, the large surface area of the membrane results in 

AGMD being able to maintain a larger temperature difference across the membrane 

than DCMD, resulting in a higher driving force. 

2.3.3 SGMD 

This configuration is similar to AGMD since a gas barrier is used to reduce heat loss by 

conduction. However, the gas barrier in this configuration is not stationary and is used 

to sweep the vapor from the permeate side of the membrane, increasing the mass 

transfer coefficient. The drawback of this configuration is that a small volume of 

permeate will be present in a large volume of sweep gas. This configuration requires a 

condenser to recover the permeate. 

2.3.4 VMD 

In VMD, a pump is used to draw a vacuum on the permeate side of the membrane. 

Vacuum membrane distillation is similar to sweep gas membrane distillation since 

condensation takes place in an outside condenser. The heat lost by conduction is 

negligible in this configuration.  

2.4 Membranes for MD 

The membranes used in MD research are usually flat-sheet or hollow fiber polymer 

membranes. The most popular polymers used for MD membranes are PTFE, PP, and 

PVDF [47]. These polymers have low surface energy making them hydrophobic. Along 

with being hydrophobic, an MD membrane should be resistant to wetting and have a 

low resistance to mass transfer and high resistance to heat transfer. Membrane wetting 
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occurs when the feed liquid passes through the membrane pores rather than just the 

vapor, resulting in no separation occurring and compromised permeate quality. Figure 

16 is an example of membrane wetting.

 

Figure 16 Diagram of membrane wetting. 

The hydrophobicity and the pore size of the membrane have a direct role in preventing 

membrane wetting. Equation 1 describes the relationship of the pore size and 

hydrophobicity of the membrane to the liquid entry pressure (LEP) [48]. LEP is the 

maximum pressure difference across the membrane that can be sustained without 

wetting of the membrane pore occurring [48]. Bp is a geometric pore coefficient (equal 

to 1 for cylindrical pores). γl is liquid surface tension. 𝜃 is the contact angle at the gas-

liquid-membrane interface.  rmax is the maximum pore size of the membrane. 

LEP =  
−2Bpγl cos θ

rmax
         Eq. 1 

According to the equation for LEP, it is favorable for the membrane to be highly 

hydrophobic, resulting in a high contact angle, have cylindrical pores, and have a small 
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maximum pore diameter. To have a low resistance to mass transfer, the membrane 

should have a low thickness, low tortuosity, a high porosity, and larger pore size. To 

have a high resistance to heat transfer, the membrane should be made of a material 

with low thermal conductivity and have high porosity and thickness. Therefore, a 

suitable membrane must be chosen that balances these demands. Table 1 details the 

how pore size, porosity, and thickness of the membrane affect the LEP and heat and 

mass transfer resistance. 

Table 1 The effects of membrane pore size, porosity, and thickness on the LEP and heat and 
mass transfer resistance. 

 

  

 
High 
LEP 

Low resistance 
to mass transfer 

High resistance 
to heat transfer 

Pore size Small Large N/A 

Porosity N/A High High 

Thickness N/A Low High 
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3 Experiment 

3.1 Experimental setup 

A lab-scale DCMD system was used. A schematic diagram of the system is shown in 

Figure 17.  

 

Figure 17 Diagram of the experimental set-up. 

Two commercial flat-sheet hydrophobic microporous membranes were tested. The 

characteristics of these membranes are presented in section 4.2.  The membranes were 

housed in an acrylic plate-and-frame membrane module that had an active membrane 

area of 9.3 cm2 available for mass transfer. The desiccant solution was made of 

magnesium chloride hexahydrate (MgCl2·6H2O) provided by Sigma-Aldrich Company 

and DI water. The liquid desiccant was filtered before use to remove impurities using a 

0.4 µm membrane. The desiccant solution was heated by pumping heated oil through a 

jacketed glass container and a glass heat exchanger. The coolant solution was DI water 
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that was cooled by pumping it through a stainless-steel heat exchanger that was 

immersed in a cooled water bath. The desiccant and coolant solutions were pumped 

counter-currently to each other through the membrane module using two peristaltic 

pumps (MasterFlex L/S Model No. 7523-80). For the experiments, a reverse osmosis 

membrane spacer was placed on the feed side of the module to promote turbulence. 

The temperatures of the desiccant and coolant solutions immediately before and after 

passing through the membrane module were recorded every ten minutes using inline 

PT100 platinum resistance sensors attached to PT-104 screw terminal adapters and 

connected to a Pico Technology PT-104 data logger. As distillation occurred, water 

vapor from the liquid desiccant passed through the hydrophobic membrane and 

condensed into the coolant solution. The permeate mass was measured by using an 

electronic scale (Mettler Toledo NewClassic MS) connected to the computer for 

recording the data every five minutes.  

3.2 Membrane characterization 

The membranes were characterized for their surface morphology by using a Zeiss 

Merlin Scanning Electron Microscopy (SEM). The samples were sputter coated using a 

sputter coater (EMITECH K575X) to coat the samples with a four nm-thick layer of 

Pt/Pd to make the surface conductive. The hydrophobicity of the membranes was 

determined by measuring the contact angles of 8 water droplets placed at different 

locations on the membrane using the KSV Instruments CAM 200 goniometer and 

Attension Theta software. The overall thickness of the membranes was determined by 

using a digital micrometer (Mitutoyo 547-400S, Japan) to measure a sample of each 

membrane in 6 different locations. The mean flow pore (MFP) size of the membranes 
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was determined by using a capillary flow porosimeter (IB-FT Gm bH Porolux 1000, 

Germany) [1].  

3.3 Modeling DCMD 

A heat and mass transfer model of DCMD was created in MatLab. The heat and mass 

balances were solved simultaneously by iteratively guessing the permeate flux until the 

heat and mass balances were in agreement. For MD, the vapor flux, J, across the 

membrane is described by Equation 2.  

𝐽 = 𝐾𝑚(𝑃𝑓𝑚 − 𝑃𝑝𝑚)         Eq. 2 

Km is the membrane mass transfer coefficient and was determined by using the Dusty 

Gas model. Pfm and Ppm are the vapor pressures of the feed and permeate near the 

membrane surface, respectively. Vapor pressure is a function of both concentration and 

temperature. Since these are difficult to measure near the surface of the membrane, 

these values must be solved for.  

3.3.1 Heat balance 

Figure 18 shows how heat transfer in MD can be shown in terms of a resistance model. 

In this model, heat transferred in the following ways were considered: 

1) convection at the surface of the membrane (Qconv)  

2) conduction through membrane (Qcond) 

3) latent heat of vaporization of distillate (Qlatent) 
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Figure 18 Heat transfer resistances in DCMD. 

An energy balance for the system can be written as Equation 3. Qf and Qp represent the 

heat transfer at the thermal boundary layer. Qm represents the heat transfer through the 

membrane. 

𝑄𝑓 = 𝑄𝑚 = 𝑄𝑝         Eq. 3 

3.3.1.1 Thermal boundary layers 

The boundary layer heat transfer takes into account heat transfer by convection at the 

surface of the membrane. In DCMD, there is significant boundary layer resistance on 

both sides of the membrane. Equations 4 and 5 are the convective heat transfer 

equations at the feed and permeate boundary layer. ℎ𝑓 and ℎ𝑝 are the convective heat 

transfer coefficients on the feed and coolant/permeate sides, respectively. 
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𝑄𝑓 = ℎ𝑓(𝑇𝑓 − 𝑇𝑓𝑚)         Eq. 4 

𝑄𝑝 = ℎ𝑝(𝑇𝑝𝑚 − 𝑇𝑝)         Eq. 5 

The convective heat transfer coefficients for the feed and permeate sides can be 

determined from Equations 6 and 7, respectively [49]. Here 𝑘𝑓 and 𝑘𝑝 are the thermal 

conductivity of the feed and coolant/permeate solutions, respectively. dh is the hydraulic 

diameter. 𝑁𝑢𝑓 and 𝑁𝑢𝑝 are the Nusselt numbers on the feed and coolant/permeate 

sides of the membrane, respectively.  

ℎ𝑓 =  
𝑘𝑓𝑁𝑢𝑓

𝑑ℎ
          Eq. 6 

ℎ𝑝 =  
𝑘𝑝𝑁𝑢𝑝

𝑑ℎ
          Eq. 7 

The hydraulic diameter can be calculated from Equation 8. Here, 𝑤𝑐 and ℎ𝑐 are the 

width and height of the channel, respectively. 

𝑑ℎ = [
2𝑤𝑐ℎ𝑐

(𝑤𝑐+ℎ𝑐)
]          Eq. 8 

To determine whether or not to use a Nusselt number equation for laminar or turbulent 

flow, the Reynolds number must be calculated, Equation 9. Here, 𝜌 is the fluid density, 

𝑣 is the fluid velocity, and 𝜇 is the fluid viscosity.  

𝑅𝑒 =
𝜌𝑣𝑑ℎ

𝜇
          Eq. 9 

The Reynolds number for the experiments in this paper was less than 2000, indicating 

laminar flow. For the spacer-filled channel on the feed side, the following Nusselt 
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number equation was used [50]. Here, 𝑘𝑑𝑐 is the spacer factor and 𝑃𝑟 is the Prandtl 

number. Since there was no spacer on the permeate side, Equation 10 was used to 

calculate Nusselt number but without the spacer factor included.  

𝑁𝑢𝑓 = 0.13𝑘𝑑𝑐𝑅𝑒0.64𝑃𝑟0.38        Eq. 10 

The spacer factor can be calculated from Equation 11 [42].  ∅ is the hydrodynamic 

angle in degrees. εs is the spacer porosity. Here, 𝑡𝑠 is the spacer thickness. 𝑑𝑓 is the 

diameter of the spacer filaments.  

𝑘𝑑𝑐 = 1.654 (
𝑑𝑓

𝑡𝑠
)

−0.039

𝜀𝑠 0.75 [𝑠𝑖𝑛 (
∅

2
)]

0.086

      Eq. 11 

The spacer porosity can be calculated by Equation 12.  

𝜀𝑠 = 1 −
𝜋𝑑𝑓

2

2𝑙𝑚𝑡𝑠 sin ∅
         Eq. 12 

Figure 19 is a diagram of a membrane spacer with hydrodynamic angle (∅), diameter of 

the spacer filament (𝑑𝑓), and mesh size (𝑙𝑚) labelled [51]. 

 

Feed 

Figure 19 Diagram of membrane spacer features. 
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Prandtl number can be calculated from Equation 13. Here, 𝐶𝑝 is the specific heat of the 

fluid and 𝑘 is the thermal conductivity of the fluid. 

𝑃𝑟 =
𝐶𝑝𝜇

𝑘
          Eq. 13  

3.3.1.2 Heat transfer across the membrane 

The heat transfer across the membrane includes the following: 

1) conduction through the membrane polymer and gas-filled pores (𝑄𝑐𝑜𝑛𝑑) 

2) latent heat of vaporization and condensation at the membrane pore entrances 

(𝑄𝑙𝑎𝑡𝑒𝑛𝑡) 

Equation 14 is the heat transfer across the membrane.  

𝑄𝑚 = 𝑄𝑐𝑜𝑛𝑑 + 𝑄𝑙𝑎𝑡𝑒𝑛𝑡        Eq. 14 

Heat transfer by conduction is expressed by Fourier’s Law, Equation 15. Here, 𝑘𝑚 is the 

conduction heat transfer coefficient of the membrane and 𝑠 is the membrane thickness.  

𝑄𝑐𝑜𝑛𝑑 =
𝑘𝑚 (𝑇𝑓𝑚−𝑇𝑝𝑚)

𝑠
         Eq. 15 

The conduction heat transfer coefficient for a two-phase composite material can be 

calculated by the Isotrain model [42]. The Isotrain model takes into account the 

conduction heat coefficient through the polymer, 𝑘𝑥, and through the gas, 𝑘𝑔. For this 

model, the polymer was modelled as the polypropelyene support layer since the support 

makes up the majority of the membrane’s thickness. 
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𝑘𝑚 = (1 − 𝜀𝑚)𝑘𝑥 +  𝜀𝑚𝑘𝑔        Eq. 16 

Equation 17 is the latent heat transfer. Here, ∆𝐻𝑣𝑎𝑝 is the latent heat of vaporization of 

water.  

𝑄𝑙𝑎𝑡𝑒𝑛𝑡 = 𝐽∆𝐻𝑣𝑎𝑝         Eq. 17 

3.3.1.3 Temperature polarization 

The temperature of the feed and permeate near the membrane surface differ from the 

bulk feed and permeate temperatures, as shown in Figure 15. This phenomenon is 

referred to as temperature polarization. Temperature polarization causes MD flux to be 

limited by heat transfer rather than mass transfer through the membrane. The 

temperature polarization coefficient, 𝑇𝑃𝐶, is used to quantify the magnitude of the 

boundary layer resistance over the total heat transfer resistance, Equation 18. Tfm and 

Tpm are the feed and permeate temperatures near the membrane surface, respectively. 

Tf and Tp are the bulk feed and permeate temperatures.   

𝑇𝑃𝐶 =
𝑇𝑓𝑚−𝑇𝑝𝑚

𝑇𝑓−𝑇𝑝
         Eq. 18 

Since it is not possible to measure the temperatures of the feed and permeate directly 

at the membrane surface, the heat balance was solved for 𝑇𝑓𝑚 and 𝑇𝑝𝑚.  

𝑇𝑓𝑚 =
ℎ𝑚(

𝑇𝑝ℎ𝑝

ℎ𝑓
+𝑇𝑓 )−𝐽∆𝐻𝑣𝑎𝑝+𝑇𝑝ℎ𝑝

ℎ𝑚ℎ𝑝

ℎ𝑓
 + ℎ𝑚 + ℎ𝑝

       Eq. 19 

𝑇𝑝𝑚 =
ℎ𝑚(

𝑇𝑝ℎ𝑝

ℎ𝑓
+𝑇𝑓 )+𝐽∆𝐻𝑣𝑎𝑝+𝑇𝑝ℎ𝑝

ℎ𝑚ℎ𝑝

ℎ𝑓
 + ℎ𝑚 + ℎ𝑝

        Eq. 20 
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3.3.2 Mass Transfer 

As seen in Figure 20, resistance to mass transfer occurs both in the liquid and vapor 

phases. The mass transfer resistance in the liquid phase is described as the boundary 

layer resistance. As the solvent evaporates from the gas-liquid interface in the pores of 

the membrane, the solution will become more concentrated near the membrane surface 

than in the bulk solution. This causes the difference in vapor pressure across the 

membrane to be reduced and is referred to as concentration polarization. The 

concentration polarization coefficient (CPC) can be calculated using Equation 21. A 

CPC greater than 1 means that concentration polarization is occurring and indicates 

that mass transfer boundary layer resistance is present.  

𝐶𝑃𝐶 =
𝐶𝑓𝑚

𝐶𝑓
          Eq. 21 

The mass transfer resistance in the vapor phase within the membrane pores is 

classified within the following resistance categories: viscous (𝑅𝑣), Knudsen diffusion 

(𝑅𝑘), molecular diffusion (𝑅𝑚), and surface (𝑅𝑠𝑢𝑟𝑓𝑎𝑐𝑒).  

 

Figure 20 Resistance model of heat transfer in DCMD. 
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3.3.2.1 Mass transfer resistance in the boundary layer 

The mass transfer boundary layer resistance can be modeled by Equation 22. Here, 𝐾𝑓 

is the mass transfer coefficient (m/s); 𝐶𝑓𝑚 and 𝐶𝑓 are the concentrations of the feed near 

the membrane and in the bulk (mol/L), respectively; and 𝜌𝑓 is the density of the feed 

solution (kg/m3). 

𝐶𝑓𝑚 = 𝐶𝑓 exp (
𝐽

𝜌𝑓 𝐾𝑓
)         Eq. 22 

The mass transfer coefficient can be calculated by Equation 23. Here 𝐷 is the diffusion 

coefficient of MgCl2 in water and 𝐿 is the length of the channel.  

𝐾𝑓 = 1.62 (
𝑣𝐷2

𝑑ℎ𝐿
)

0.33

         Eq. 23  

The diffusion coefficient of MgCl2 in water was taken from experimental data at 25ºC 

[52]. For this model, the diffusion coefficient was taken as 1.121x10-9 m2/s.  

3.3.2.2 Mass transfer resistance in the membrane 

The mass transfer resistance in the vapor phase within the membrane pores is 

classified within the following categories: viscous, Knudsen, molecular diffusion, and 

surface resistances. Surface diffusion is considered negligible in MD because the 

surface diffusion area in MD membranes is small compared to the pore area resulting in 

low membrane-molecule interaction. As a result, molecular, viscous, and Knudsen 

diffusion are the three main mechanisms for gas diffusion through a porous media. The 

characteristics of the porous media and gas molecules determine which of the three 

listed mechanisms are most likely to occur.  
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The Knudsen number, 𝐾𝑛, is a ratio between the gas mean free path, 𝜆, to the pore size 

(diameter) of the membrane, 𝑑𝑝, Equation 24.  

𝐾𝑛 =
𝜆

𝑑𝑝
          Eq. 24 

The gas mean free path of water vapor in a mixture of water and air can be calculated 

from Equation 25. Here, 𝑘𝐵 is the Boltzmann constant (1.3807x10-23 J/K).  𝑇𝑚 is the 

average temperature of the gas in the membrane (K), Equation 26. 𝜎𝑤 and 𝜎𝑎 are the 

collision diameters of water (2.7x10-10 m) and air (3.7x10-10 m), respectively. 𝑃𝑇 is the 

total pressure in the membrane pore (101325 Pa). 𝑀𝑤 and 𝑀𝑎 are the molecular 

weights of water and air, respectively.  

𝜆 =
𝑘𝐵𝑇𝑚

𝑃𝑇𝜋(
𝜎𝑤+𝜎𝑎

2
)

2
√1+(

𝑀𝑤
𝑀𝑎

)
        Eq. 25 

𝑇𝑚 = (𝑇𝑓𝑚 + 𝑇𝑝𝑚)/2          Eq. 26 

If the 𝐾𝑛 is greater than 10, then Knudsen diffusion is occurring. Knudsen diffusion 

occurs when collisions between the gas molecules and pore wall is dominant over 

collisions between gas molecules. Figure 21 is a diagram of how a gas molecule’s path 

through a membrane pore is dominated by the collisions with the pore wall.  

 

Figure 21 Diagram of Knudsen diffusion through a membrane pore. 
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If 𝐾𝑛 is smaller than 0.1, then diffusion caused by the collisions between the gas 

molecules is the most dominant, resulting in viscous and molecular diffusion. Figure 22 

is a diagram of how a gas molecule’s path through a membrane pore is dominated by 

the collisions with other gas molecules. 

 

Figure 22 Diagram of viscous and molecular diffusion through a membrane pore. 

If 𝐾𝑛 is between 0.1 and 10, then all three mechanisms (Knudsen, molecular, and 

viscous) contribute to diffusion. Figure 23 is a diagram of how a gas molecule’s path 

through a membrane pore is determined by the collisions with the pore wall and other 

molecules. 

 

Figure 23 Diagram of Knudsen, molecular, and viscous diffusion through a membrane pore. 
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Typically, MD experiences all three types of diffusion. For the experiments in this model, 

the Knudsen number was between 0.1 and 10. As a result, the Dusty Gas Model was 

used to model gas flow during DCMD. According to the resistance model, the total mass 

transfer resistance through the membrane, 𝑅𝑚𝑒𝑚, can be calculated by adding the 

resistances in series and parallel, Equation 27. 

1

𝑅𝑚𝑒𝑚
=

1

𝑅𝑣
+

1

(𝑅𝑘+𝑅𝑚)
         Eq. 27 

The viscous resistance can be determined by Equation 28. Here, 𝑅 is the ideal gas 

constant. 𝜇𝑣 is the viscosity of the vapor in the pore.  

𝑅𝑣  =  [𝐶𝑣 (
𝑃𝑚𝑀𝑤

1000𝜇𝑣𝑅𝑇𝑚
)]

−1

        Eq. 28 

The Knudsen resistance can be determined by Equation 29. 

𝑅𝑘 =  [𝐶𝑘 (
𝑀𝑤

1000𝑅𝑇𝑚
)]

−0.5

        Eq. 29 

The molecular resistance can be determined by Equation 30. 𝑃𝑎𝑀 is the log-mean air 

pressure across the membrane, Equation 31.  

𝑅𝑚  =  (𝐶𝑚 (
𝐷𝐴𝐵𝑀𝑤

1000𝑃𝑎𝑀𝑅𝑇𝑚
))

−1

       Eq. 30 

𝑃𝑎𝑀 =
𝑃𝑝𝑚−𝑃𝑓𝑚

log(PT−𝑃𝑓𝑚)−log(𝑃𝑇−𝑃𝑝𝑚)
        Eq. 31 

𝐶𝑣, 𝐶𝑘 , and 𝐶𝑚 are the contributions from viscous (or Poiseuille) flow (Equation 32), 

Knudsen diffusion (Equation 33), and molecular diffusion (Equation 34), respectively. 
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Here, 𝜏 is the tortuosity of the membrane pore, Equation 35, and 𝑟 is the radius of the 

membrane pore. 

𝐶𝑣 =
𝑟2𝜀𝑚

𝜏𝑠
          Eq. 32 

𝐶𝑘  =
𝑟𝜀𝑚

𝜏𝑠
          Eq. 33 

𝐶𝑚  =
𝜀𝑚

𝜏𝑠
          Eq. 34 

𝜏 =
1

𝜀𝑚
           Eq. 35 

3.4 Properties of concentrated aqueous MgCl2 

3.4.1 Heat capacity 

Experimental data regarding the heat capacity of an aqueous solution of MgCl2 

(𝐶𝑝𝑓 , J/(kgK)) at difference concentrations [53] at 298 K was fitted with a polynomial, 

Equation 36. Here, 𝑚𝑘𝑔 is the MgCl2 concentration in mol/kg. 

𝐶𝑝𝑓  =  −5.1834𝑚𝑘𝑔
3  +  79.081𝑚𝑘𝑔

2  −  576.57𝑚𝑘𝑔  +  4159.9   Eq. 36 

3.4.2 Viscosity and density 

The modified Ezrokhi model reported by Zaysev and Aseyev [54, 55] for the viscosity 

(Equation 37) and density (Equation 38) of concentrated MgCl2 solution can be used. 

Here, 𝑀 is the mass of MgCl2 per mass of solution.  Here, 𝜇𝑜 is the viscosity of pure 

water and 𝜌𝑜 is the density of pure water.  

log10(𝜇𝑓)  =  log10(𝜇𝑜)  +  2.013𝑀 − 0.4838𝑀 +  3.502𝑀2  +  2.673𝑀3  Eq. 37 
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log10(𝜌𝑓)  =  log10(𝜌𝑜)  +  0.3515𝑀      Eq. 38 

3.4.3 Thermal conductivity 

Thermal conductivity can be calculated from Equation 39 [56]. Here, 𝑎 is the thermal 

diffusivity.  

𝑘𝑓  =  𝑎 𝜌𝑓𝐶𝑝𝑓         Eq. 39 

Thermal diffusivity of aqueous solutions of 20 wt% MgCl2 for temperatures between 294 

to 370 K [56] can be calculated from Equation 40.  

𝑎 = (0.003𝑇𝑓 +  0.6076)10−7       Eq. 40 

3.4.4 Vapor pressure 

In DCMD modeling, usually the vapor pressure of the feed solution is approximated by 

Raoult’s Law; however, Raoult’s law is only appropriate for dilute solutions since it 

assumes an ideal solution. The high concentration MgCl2 liquid desiccant does not 

behave like an ideal solution; therefore, the values for vapor pressure versus 

concentration were taken from experimental data [43]. Here, 𝑚𝑘𝑔 is molality in moles of 

MgCl2 per kg of solution. 

𝑃𝑓  =  10
(𝐴+

𝐵

(𝑇𝑓𝑚− 45.107)
)
        Eq. 41 

𝐴 =  𝐴𝑜  + 𝐴1𝑚𝑘𝑔  + 𝐴2𝑚𝑘𝑔
2  +  𝐴3𝑚𝑘𝑔

3        Eq. 42 

𝐵 =  𝐵𝑜  +  𝐵1𝑚𝑘𝑔  + 𝐵2𝑚𝑘𝑔
2  + 𝐵3𝑚𝑘𝑔

3       Eq. 43 
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Table 2 Coefficients for calculating the vapor pressure of aqueous MgCl2 [43]. 

𝐴𝑜 𝐴1 𝐴2 𝐴3 

7.09562 -5.42893x10-2 2.50527x10-2 -4.02686x10-3 

 

𝐵𝑜  𝐵1 𝐵2 𝐵3 

-1670.05 10.5198 -9.38085 1.07931 

 

3.5 Properties of coolant/permeate (pure water) 

3.5.1 Vapor pressure 

The Antoine equation was used to calculate the vapor pressure of water near the 

membrane on the coolant/permeate side. This equation was adapted from the 

Dortmund Data Bank for Water.  

𝑃𝑝𝑚  = 133.3 𝑥 10
8.07131−(

1730.63

𝑇𝑝𝑚 – 39.574
)
         Eq. 44 

3.5.2 Viscosity 

The viscosity of pure water (Pa-s) was calculated using the Vogel equation for 

temperatures between 273 to 373 K.  

ln(𝜇𝑜) = 1000 (−3.7188 +
578.919

−137.546+𝑇
)       Eq. 45 

3.5.3 Thermal conductivity, density, and specific heat 

Thermal conductivity, density and specific heat of water were modeled at 20ºC since 

these properties do not vary much with temperature.  

Table 3 Properties of pure water at 20ºC. 

𝑘𝑝, W/(mK) 𝐶𝑝𝑝, J/kgK 𝜌𝑜, kg/m3 

0.5984 4.1818x103 998 
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3.6 Properties of water vapor  

3.6.1 Viscosity 

The viscosity of saturated water vapor at 53ºC was calculated using the zero-density 

and initial-density viscosity coefficients and was found to be 1.0651x10-5 Pa-s [57]. 

3.6.2 Binary gas diffusion coefficient 

The binary gas diffusivity of water vapor in air (𝐷𝐴𝐵) was calculated using the Fuller, 

Schettler, and Giddings equation [58]. Here the diffusion volumes of air (𝑉𝑎𝑖𝑟) and water 

(𝑉𝑤) are 20.1 and 12.7, respectively.  

𝐷𝐴𝐵 =
(10−3 𝑇𝑚

1.75 (
1

𝑀𝑎𝑖𝑟
+

1

𝑀𝑤
)

0.5

)

1002𝑃𝑇(𝑎𝑡𝑚)(𝑉
𝑎𝑖𝑟

1
3 +𝑉𝑤

1
3)

2         Eq. 46   

3.7 Analytical methods 

During the experiment, the conductivity of the coolant/permeate solution and the 

refractive index of the desiccant solution were measured periodically. The conductivity 

was measured using a conductivity meter with temperature correction of the 

conductivity to 25°C (InoLab Terminal 740). The refractive index was measured using a 

refractometer (Reichert Technologies Brix/RI-Check). The concentration of the MgCl2 

desiccant solution was determined by converting the refractive index to a mass percent 

[59]. Equation 47 is a linear relationship between refractive index, 𝑅𝑖, and mass fraction 

of MgCl2, 𝑀, from 14 to 30 wt% MgCl2.  

𝑀 = (353.16(𝑅𝑖) − 469.53)/100       Eq. 47 
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The mass percent of the MgCl2 liquid desiccant can be related to an ERH using 

Equation 48. This equation is valid for mass percentages from 14.1 to 58.6 wt%.  

𝐸𝑅𝐻 = −4.8863𝑀2 − 0.1514𝑀 + 0.9962       Eq. 48 

Equation 48 is based on the relationship between ERH and the chemical activity of 

water in the solution, Equation 49, and the Zdanovskii-Stokes-Robinson (ZSR) [60-62] 

model, Equation 50. In Equation 49,  𝑃 is the vapor pressure of the solution and 𝑃𝑜 is 

the vapor pressure of water at the same temperature. In Equation 50, 𝑚𝑖 is the molality 

of species 𝑖 in a multicomponent solution with a water activity of 𝑎𝑤. Here, 𝑚𝑖
𝑠(𝑎𝑤) is the 

molality of the single component solution of which the water activity equals that of the 

solution mixture.  

𝐸𝑅𝐻 =
𝑃

𝑃𝑜
= 𝑎𝑤         Eq. 49  

∑
𝑚𝑖

𝑚𝑖
𝑠(𝑎𝑤)

= 1𝑖           Eq. 50 

The ZSR equation requires an expression for the molality of salt as a function of the 

water activity, 𝑚𝑖
𝑠(𝑎𝑤). Equation 51 gives the polynomial fit for the relationship between 

the molality of a MgCl2 solution, 𝑚𝑘𝑔, to water activity at 25ºC [63, 64]. 

𝑚𝑘𝑔 = 11.505 − 26.518𝑎𝑤 + 34.937𝑎𝑤
2 − 19.829𝑎𝑤

3     Eq. 51 

The concentration of MgCl2 in the coolant/permeate solution, 𝐶, was determined by 

fitting a linear regression with an R2 value of 0.9997 to experimentally determined 

conductivity values of dilute aqueous MgCl2 at 25ºC [65]. Equation 52 gives the linear 

regression for dilute aqueous MgCl2 with conductivities ranging from 31 to 1117 µS/cm. 
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Where the units for the concentration of MgCl2, 𝐶, is in mg/L and conductivity, 𝜅, is in 

µS/cm.  

𝐶 = 0.4147(𝜅) − 5.2334        Eq. 52 

For more concentrated solutions of MgCl2, a linear regression with an R2 value of 

0.9994 was fitted to known concentrations and measured conductivity values between 

1,145 to 9,705 µS/cm of aqueous MgCl2 at 25ºC [66]. 

𝐶 = 0.5019(𝜅) − 141.59        Eq. 53 

The concentration of the permeate, 𝐶𝑝𝑒𝑟 , was calculated by the following mass balance, 

Equation 54. Where 𝐶𝑓𝑖𝑛𝑎𝑙 and 𝐶𝑖𝑛𝑖𝑡𝑖𝑎𝑙 are the final and initial coolant/permeate 

concentrations, respectively, 𝑀𝑓𝑖𝑛𝑎𝑙 is the final mass of the coolant/permeate solution, 

and 𝑀𝑖𝑛𝑖𝑡𝑖𝑎𝑙 is the initial weight of the coolant. 

 𝐶𝑝𝑒𝑟 =
𝐶𝑓𝑖𝑛𝑎𝑙(𝑀𝑓𝑖𝑛𝑎𝑙)−𝐶𝑖𝑛𝑖𝑡𝑖𝑎𝑙(𝑀𝑖𝑛𝑖𝑡𝑖𝑎𝑙) 

(𝑀𝑓𝑖𝑛𝑎𝑙−𝑀𝑖𝑛𝑖𝑡𝑖𝑎𝑙)
       Eq. 54 

The salt rejection, 𝑅𝑠𝑎𝑙𝑡, was calculated by Equation 55. 𝐶𝑓 is the concentration of MgCl2 

in the liquid desiccant feed and can be determined by multiplying the mass percent, 𝑀 

by the density of the aqueous MgCl2 solution.  

𝑅𝑠𝑎𝑙𝑡 = (
𝐶𝑓−𝐶𝑝𝑒𝑟

𝐶𝑓
) × 100%        Eq. 55 

Permeate flux, 𝐽, was calculated by Equation 56. Where 𝑀𝑝 is the mass of the 

permeate, 𝐴𝑚 is the effective membrane area, and 𝑡 is the experiment time.  
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𝐽 =
𝑀𝑝

𝐴𝑚𝑡
          Eq. 56 

3.8 Experimental protocol 

For the experiments, the feed and coolant entered the membrane cell at a flowrate of 

240 mL/min corresponding to a cross flow velocity of 0.133 m/s. For the first part of the 

study, the temperature of the feed was varied (60, 70, and 80°C) while the temperature 

of the coolant/permeate was maintained at 20°C. For the second part of the study, the 

temperature of the feed was 60°C and the coolant/permeate was 50°C to mimic large-

scale module operating conditions. Once stable temperatures were achieved, the mass 

of the coolant/permeate solution was recorded every five minutes. Periodically, the 

conductivity of the coolant/permeate solution and the concentration of the feed was 

measured. Usually, the measurements were made every 0.5 to 3.5 hours; however, 

there were periods longer than 13 hours during lengthy experiments. A conductivity 

probe was installed in an inline container that was located after the DCMD cell. The 

concentration of the feed was determined by using a sample port to fill a small capped 

glass vial with 3-5 grams of the hot feed. The refractive index of the feed sample was 

taken after the sample had reached room temperature.  
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4 Results and discussion 

4.1 Desired liquid desiccant concentration range 

Dehumidification is driven by a difference in vapor pressure between the liquid 

desiccant and the air. RH and ERH usually report the vapor pressure of the air and 

liquid desiccant at a specific temperature, respectively. The RH of air is reported at its 

dry-bulb temperature, and the ERH of the liquid desiccant is usually reported at 25ºC 

[24]. In this study, the liquid desiccant is reported at 25ºC because that is the 

temperature that experimental data was collected at to correlate the activity of 

water/ERH to the concentration of MgCl2 [64]. The lower the temperature of the liquid 

desiccant, the better it can remove humidity from the air [67]. This is because the 

ERH/activity of the desiccant at a given concentration decreases with decreasing 

temperature resulting in a lower vapor pressure. If an evaporative cooling system cools 

the liquid desiccant, it would be at a temperature slightly more than 25ºC during the 

summers in Jeddah, Saudi Arabia due to the high wet-bulb temperature of the ambient 

air. If the desiccant is at a temperature greater than 25ºC, the ERH of the liquid 

desiccant will need to be slightly less than the recommended ERH at 25ºC. 

In Figure 2, the diagram showed how the inlet air at 35ºC needed to be dehumidified to 

40% RH for evaporative cooling to be effective. Table 4 gives the maximum RH values 

that the air must be dehumidified to for a range of dry and wet-bulb temperatures. A 

target wet-bulb temperature should be around 20ºC for heat-sensitive crops (such as 

strawberries and lettuce) and 24-27ºC for heat-tolerant crops (tomatoes and 

cucumbers) [24]. Table 5 gives the ERH of a liquid desiccant at 25ºC that have the 
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same vapor pressures as the air at the RH in Table 4. These are the maximum ERH 

values of the liquid desiccant needed for the desired wet-bulb temperature to be 

achieved. Assuming that a target wet-bulb temperature of 24ºC would enable 

evaporative cooling to maintain a temperature below the 28ºC temperature threshold for 

heat sensitive crops, 49-70% ERH of the liquid desiccant is a reasonable target to 

provide cooling on some of the hottest days (35-45ºC).  

Table 4 Maximum RH that the air must be dehumidified to for a range of dry and wet-bulb 

temperatures. 

 

Table 5 The ERH of a liquid desiccant at 25ºC that has the same vapor pressure as the air at 

the RH in Table 4. These values are the maximum ERH needed to achieve the listed wet-bulb 

temperatures and the given dry-bulb temperatures. 

 

As a comparison, Davies gives a conservative estimate for the desired ERH of the liquid 

desiccant. In his estimate, he assumes 80% efficiency in each step of the 

dehumidification and cooling process. Using climate data from 2002, he estimated the 

20 22 24

28 47% 59% 72%

30 39% 49% 61%

35 23% 31% 40%

40 13% 19% 26%

45 7% 11% 16%

RH @ dry bulb temperature
Wet bulb temperatures,  ºC

Dry bulb 

temperatures, ºC

20 22 24

28 57% 71% 86%

30 52% 66% 81%

35 42% 55% 70%

40 31% 45% 60%

45 20% 34% 49%

RH of desiccant at 25ºC
Wet bulb temperatures,  ºC

Dry bulb 

temperatures, ºC
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amount of cooling that can be achieved by a liquid desiccant at 30, 50, and 70% ERH in 

Jeddah, Saudi Arabia, results are in Appendix B. Davies’ results conclude that a liquid 

desiccant with an ERH between 50-70% could enhance evaporative cooling enough 

throughout the year in Jeddah to maintain a temperature below 28ºC [24]. Based on 

these results, this study is interested in regenerating the MgCl2 liquid desiccant within a 

range of at least 50-70% ERH. 

4.2 Membrane characterization 

The characteristics of the membranes are shown in Table 6; some of the characteristics 

were measured while others were taken from literature [1]. The GE membrane has a 

mean flow pore (MFP) size of 0.26 μm while the Sterlitech membrane has an MFP size 

of 0.31 μm. The larger pore size of the Sterlitech membrane causes it to have a lower 

liquid entry pressure (LEP) than the GE membrane. The smaller value for the LEP 

means the Sterlitech membrane may be less resistant to wetting than the GE 

membrane.  

Table 6 Membrane characteristics. a properties reported from M1 and M3 membranes in [1] b 

measured properties. 

Manufacturer Support 
Overall 

thickness, 
μm 

Mean flow 
pore size, 

μm 

Porosity, 
% 

Liquid entry 
pressure, 

PSI 

Contact 
angle, 
deg 

GE (M1) 
non-

woven 
195±6b 0.26a 73±4a 15a 136±7b 

Sterlitech 
(M3) 

PP 
scrim 

101±0.8b 0.313b 68±5a 11a 146±3b 

 

Figures 24a and 24c are SEM images of the active layers of GE and Sterlitech 

membranes, respectively. Both active membrane layers are made of PTFE causing the 
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membranes to be hydrophobic with a knot-fibril structure. Figures 24b and 24d are SEM 

images of the support layers of the GE and Sterlitech membranes, respectively. The GE 

membrane has a non-woven fabric support, and the Sterlitech membrane has a scrim 

backing support. The scrim support is made of polypropylene (PP). The material used in 

the non-woven support is unknown; however, it is assumed also to be PP in the heat 

and mass transfer model. The non-woven support is formed by several layers of fibers 

creating pore sizes one to two orders of magnitude greater than the active layer. The 

scrim backing has uniform oval-shaped pores with an approximate length and width of 

737 and 280 μm, respectively. The scrim backing is more uniform than the non-woven 

fabric support; this results in overall thickness values with a lower standard deviation. 

Also, the non-woven fabric support has smaller pores, a greater porosity, and higher 

tortuosity than the scrim backing. In a study of commercial PTFE membranes, it was 

found that the temperature polarization effect on flux is more significant for membranes 

with scrim-backing support than for non-woven supports [68, 69]. Furthermore, 

membranes with a non-woven support have a higher flux than a scrim-backed 

membrane due to the non-woven support having less contact with the active membrane 

surface [68]. However, since the non-woven GE membrane has a thickness almost 

double of the scrim-support Sterlitech membrane and a smaller membrane pore size, it 

is difficult to predict which membrane’s flux will be greater based on a visual comparison 

of the membrane characteristics in Table 6.  
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4.3 Comparison of membranes 

The two microporous PTFE membranes were tested and modeled under the same 

process conditions. The cross-flow velocity on both sides of the membrane was 0.133 

m/s. A mesh spacer was on the feed side of the membrane to increase turbulence. Due 

to the difficulty of comparing the two membranes, the Dusty Gas Model was used to 

a b 

c d 

Figure 24 SEM images of hydrophobic microporous membranes (a) GE PTFE membrane, (b) 

non-woven support of GE membrane [1], (c) Sterlitech PTFE membrane, (d) scrim-backing 

support of Sterlitech membrane. 
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calculate the mass transfer coefficient for each membrane using identical input values 

and to vary only the membrane characteristics. The values inputted for the model can 

be found in Appendix C. The Dusty Gas Model found that mass transfer coefficients of 

the scrim-backed Sterlitech membrane and non-woven GE membranes were 

8.92𝑥10−7 𝑘𝑔

𝑚2𝑠(𝑃𝑎)
  and  3.67𝑥10−7 𝑘𝑔

𝑚2𝑠(𝑃𝑎)
 , respectively. By looking at the membrane 

mass transfer coefficients at the same conditions, it is expected that scrim-backed 

Sterlitech membrane would produce 2.4 times more flux than the non-woven GE 

membrane since 𝐽 = 𝐾𝑚(𝑃𝑓𝑚 − 𝑃𝑝𝑚). However, the heat transfer coefficients for the 

scrim-backed Sterlitech membrane and non-woven supported GE membrane are 747.5 

W/(m2K) and 329 W/(m2K), respectively. This means that 2.3 times more heat is 

expected to be transferred by conduction though the scrim-backed Sterlitech membrane 

than through the non-woven supported GE membrane, resulting in greater temperature 

polarization. Figure 25 (a)-(d) are results from a heat and mass transfer DCMD model 

which were run at the process conditions of 80ºC and 20ºC bulk feed and coolant 

temperatures, respectively, and 0.133 m/s cross flow velocity. Interestingly, the heat 

and mass transfer model predicts that the scrim-backed Sterlitech membrane will have 

greater flux than the non-woven GE membrane. The results of this model show how the 

membrane mass transfer coefficient has a more significant effect than temperature 

polarization on the permeate flux when comparing these two membranes.  
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Figure 25 Results of a heat and mass transfer model of DCMD using the non-woven supported 

GE and scrim-backed Sterlitech membranes. (a) Predicted permeate flux, (b) temperature 

polarization coefficient, (c) mass transfer coefficient, (d) difference in vapor pressure across the 

membrane. 

Figures 26 (a)-(c) show the permeate flux with respect to the ERH of the feed solution at 

25ºC when the feed temperature was 80±2.5, 70±2.5, and 60±2.5°C, respectively, and 

the coolant was kept constant at 20±2°C. No significant difference between the 

(d) (c) 

(b) (a) 
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performance of the two membranes at different temperatures was observed as 

expected by the heat and mass transfer model. At times, the experimental data deviates 

from the trendline by 5-7 kg/(m2hr). The difference in flux expected by the model 

between the two membranes is less than seven kg/(m2hr), as shown in Figure 25 (a). 

The deviations in the experimental flux from the trendline are partially caused by 

oscillations in the temperature control of the heater which caused oscillations in the 

permeate flux, see Appendix D. If the expected difference in the permeate flux was of 

greater magnitude than the experimental data’s deviations from the trendline caused by 

oscillations in temperature control, then the experimental comparison of the two     

membranes would more likely show a difference between the two membranes. 
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Figure 26 Comparison of permeate flux for a given feed concentration between the two PTFE 

membranes at (a) 80°C, (b) 70°C, and (c) 60°C feed (MgCl2 liquid desiccant) temperature and 

20°C coolant (water) temperature. The crossflow velocity on both sides of the membrane was 

0.133 m/s. A spacer was on the feed side. 

(c) 
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4.4 Effects of feed concentration and temperature on permeate flux 

Figures 27, 28, and 29 are graphs of experimental data showing the relationship 

between permeate flux and the ERH of the solution when the feed solution is 80, 70, 

and 60°C and the permeate is at 20°C. Figure 27 shows the flux through the scrim-

backed Sterlitech membrane while Figures 28 and 29 are the flux through the non-

woven supported GE membrane.  

 

Figure 27 Permeate flux through the Sterlitech membrane graphed against ERH at feed 

temperatures of 80, 70, and 60°C and coolant temperature of 20°C. The crossflow velocity on 

both sides of the membrane was 0.133 m/s. A spacer was on the feed side. 
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Figure 28 Permeate flux through the GE membrane graphed against the ERH of the feed 

solution at feed temperatures of 80, 70, and 60°C and coolant temperature of 20°C. The 

crossflow velocity on both sides of the membrane was 0.133 m/s. A spacer was on the feed 

side. 

As the feed temperature increases, the vapor pressure of the feed increases 

exponentially, resulting in an exponential increase in the MD driving force. The 

exponential increase in the driving force is captured in the exponential increase in the 

permeate flux at different feed temperatures, as shown in Figure 29. 
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Figure 29 Permeate flux through the GE membrane at different ERH values graphed against the 

feed temperature. The coolant temperature was maintained at 20ºC. The crossflow velocity on 

both sides of the membrane was 0.133 m/s. A spacer was on the feed side of the membrane to 

increase turbulence. The standard deviation for values in this graph can be found in Appendix 

E.  

In these figures, the permeate flux increases with increasing temperature difference 

across the membrane and decreasing feed concentration. Since the driving force for 

MD is the difference in vapor pressure across the membrane, these results can be 

explained by calculating the difference in vapor pressure at the bulk feed and 

coolant/permeate temperatures for a range of feed ERH values. Figure 30 is the 

difference in vapor pressure between aqueous MgCl2 and pure water at different 

temperatures against ERH and mass percent. This figure shows how the driving force 

for MD decreases as the concentration of the aqueous MgCl2 feed increases and as the 

difference between bulk feed and coolant/permeate temperature decreases. This figure 
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does not take into account temperature or concentration polarization. Furthermore, it 

shows how if the bulk temperature difference is 10°C, the driving force is greater at 

higher temperatures than at lower temperatures.  

 

Figure 30 The difference in vapor pressure between aqueous MgCl2 and pure water at different 

temperatures against MgCl2 concentrations/ERH values. 

4.5 Lab-scale versus large-scale DCMD modules 

At the lab-scale, a temperature difference greater than 40°C between the bulk feed and 

coolant/permeate is easily achievable due to the small surface area of the membrane; 

however, this large temperature difference does not reflect a large-scale DCMD module. 

To have a more realistic representation of the regeneration of a liquid desiccant using 

DCMD at the large scale, the flux expected when the bulk temperature difference 

between the feed and coolant/permeate is 10°C for both the non-woven supported GE 

and scrim-backed Sterlitech membrane are shown in Figure 31. This figure was 
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generated by the heat and mass transfer model which takes into account temperature 

and concentration polarization. For the GE membrane, the permeate flux is eight 

kg/(m2hr) for a feed concentration of 20 wt% MgCl2 and bulk feed and coolant/permeate 

temperatures of 60 and 30°C, respectively. However, in a large-scale DCMD module 

where the bulk temperature difference across the membrane would likely only be 10°C, 

at 20 wt% MgCl2, the permeate flux would likely be near two kg/(m2hr). This model 

shows that for the GE membrane, it is expected that only MD will occur because the 

temperature difference across the membrane will drive the difference in vapor pressure 

across the membrane. Osmotic distillation occurs whenever the concentration 

difference across the membrane drives the difference in vapor pressure across the 

membrane. For the scrim-backed Sterlitech membrane, shown in Figure 31 (b), it is 

predicted that osmotic distillation would occur at MgCl2 concentrations greater than 28.5 

wt% (or less than 55% ERH). The Sterlitech membrane is expected to experience 

osmotic distillation due to it experiencing more temperature polarization than the GE 

membrane, as shown in Figure 25 (b).  
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Figure 31 Heat and mass transfer model results for the (a) non-woven supported GE membrane 

and (b) scrim-backed Sterlitech membrane at various bulk feed and coolant/permeate 

temperatures. The crossflow velocity was 0.133 m/s. A spacer was on the feed side.  

Lab-scale DCMD was performed with the desiccant at 60°C and the coolant at 47-49°C 

using the GE membrane and no feed spacer at an initial feed concentration of 23 wt% 

MgCl2. No feed spacer was included due to the concern of the feed spacer abrasively 

rubbing on the surface of the membrane which could cause reduced salt rejection. The 

passage of water and salt through the membrane are shown in Figure 32 (a) and (b), 

respectively. During this experiment, the flux was positive for the first 74 minutes and 

was negative for the rest of the experiment. After the first 74 minutes, the mass of the 

water decreased and the mass of the salt increased in the coolant, indicating wetting of 

the membrane. Some salt passage during DCMD can be tolerated since MgCl2 provides 

necessary nutrients for irrigation; however, in this situation, the flux caused by MD was 

too low, and membrane wetting caused regeneration of the liquid desiccant to be 

unsuccessful. Membrane wetting caused water to pass from the coolant/permeate side 

(a) (b) 
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to the feed side due to osmosis, Figure 32 (a); however, at the same time, reverse salt 

flux occurred as salt diffused from the feed to the permeate side, Figure 32 (b). The flux 

of liquid water passing from the coolant to the liquid desiccant increased with time to 

approximately 5 kg/m2hr. These results suggest that membrane wetting is maybe 

causing a significant decline in the permeate flux of the DCMD experiments shown in 

Figures 26-29.  

 

Figure 32 (a) Passage of water through the membrane during DCMD. Negative values indicate 

the passage of water from the coolant to the feed. (b) Passage of salt through the membrane 

during DCMD. The feed temperature was 60°C and the coolant at 47-49°C. The non-woven 

supported GE membrane was used with no feed spacer. The initial feed concentration of 23 

wt% MgCl2 which is greater than 70% ERH.  

4.6 Permeate quality   

A concentration of up to 94 mg/L of MgCl2 in the permeate can be tolerated without a 

need for dilution before irrigation. The permeate quality of the experiments shown in 
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Figures 26-29 can be found in Table 7. The final permeate concentrations take into 

account dilution caused by the coolant. The final permeate concentration and salt 

rejection could not be calculated for three of the listed experiments because the initial 

volume of the coolant or final volume of the coolant/permeate solution was not 

measured; therefore, information about how much the permeate was diluted is 

unknown. The lowest percent salt rejections reported were between 99.88 and 99.91% 

and resulted in permeate concentrations between 323 and 456 mg/L of MgCl2. In 

general, a percent salt rejection greater than 99.97% was necessary to produce high-

quality permeate for irrigation. For all of the experiments besides Experiment 16, the 

conductivity of coolant/permeate solution increased during the experiment. The 

permeate concentrations highlighted in red are of experiments that produced a 

permeate suitable for irrigation. It is important to note that all 16 experiments listed in 

Table 7 record the performance of the membranes after their first use only.  

Table 7 Information regarding the permeate quality and salt rejection for the experiments in 

Figure 26-29.  

  

Experiment
Membrane 

Supplier

Feed 

Temperature, 

°C

Initial Coolant 

Conductivity, 

uS/cm

Final Coolant 

Conductivity, 

uS/cm

Experimental 

Time, hours

Initial ERH, 

%

Final ERH, 

%

Intial Feed 

Concentration, 

wt%

Final Feed 

Concentration, 

wt%

Permeate 

Concentration, 

mg/L

Final Salt 

Rejection

1 GE 60 12.1 130.6 22.4 66% 51% 24.61 30.05 48.9 99.99%

2 GE 60 21.4 1091 16.7 80% 56% 18.8 28.2 456.0 99.87%

3 STERLITECH 60 58.3 144.3 23.0 74% 53% 21.2 29.4 58.5 99.98%

4 STERLITECH 60 22 904 65.3 75% 54% 20.7 28.9 369.7 99.90%

5 GE 70 113 162 6.0 87% 79% 14.5 18.8 73.5 99.97%

6 GE 70 73.8 74 9.8 77% 54% 20.1 28.9 25.5 99.99%

7 GE 70 32.8 43.3 6.5 80% 66% 18.6 24.6 129.9 99.96%

8 STERLITECH 70 16.4 92.2 13.6 80% 43% 18.5 32.6 33.0 99.99%

9 STERLITECH 70 16.5 770 11.4 89% 69% 13.2 23.7 323.5 99.89%

10 GE 80 23.2 256.0 8.4 71% 52% 22.7 29.6

11 GE 80 34.8 56.1 5.4 75% 61% 20.8 26.6 18.8 99.99%

12 GE 80 57.1 149.3 9.3 78% 46% 19.4 31.7 129.9 99.97%

13 STERLITECH 80 63.3 79.4 2.1 75% 68% 20.7 24.0 29.8 99.99%

14 STERLITECH 80 62.1 136.8 7.7 65% 40% 25.2 33.3

15 STERLITECH 80 27.7 121.3 8.0 62% 48% 26.2 31.1

16 STERLITECH 80 23.9 19.9 7.6 67% 48% 24.36 31.07 2.8 100.00%
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4.7 Salt rejection versus experiment time 

Figure 33 is a scatter plot of the permeate quality versus time for the experiments listed 

in Table 7. From this scatter plot, one can see the variability in the occurrence of 

membrane wetting. Some experiments that were less than 15 hours were able to 

produce high-quality permeate while other experiments of the same length produced 

poor quality permeate.  

 

Figure 33 Permeate concentration versus experiment time of the experiments listed in Table 6. 

In Table 7, Experiment 4 is the longest recorded experiment at 63.3 hours. At the end of 

this experiment, the permeate quality was 369.7 mg/L. Figure 34 shows the permeate 

quality and percent salt rejection versus the experiment time. After approximately 17 

hours, the MgCl2 concentration in the permeate is greater than the 94 mg/L of MgCl2 

threshold. Figure 35 shows how after approximately 35 hours the rate of water passage 

to the permeate decreases and the rate of salt passage to the permeate increases. This 

change in the rate of water and salt passage through the membrane with time was 

observed for several of the other experiments that experienced mild to significant pore 

wetting. The decline in the rate of water passage through the membrane is caused by a 

94 mg/L of MgCl2 threshold 



86 
 

decrease in the vapor pressure difference across the membrane and membrane 

wetting. 

 

Figure 34 Permeate concentration and percent salt rejection versus time for Experiment # 4. In 

this experiment, the scrim-backed Sterlitech membrane was used with a spacer on the feed 

side. The cross-flow velocity is 0.133 m/s. The feed temperature is 60ºC, and the 

coolant/permeate temperature is 20ºC.  

 

Figure 35 The water and salt in the permeate versus time for Experiment # 4. In this experiment, 

the scrim-backed Sterlitech membrane was used with a spacer on the feed side. The cross-flow 

94 mg/L of MgCl2 threshold 
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velocity is 0.133 m/s. The feed temperature is 60ºC, and the coolant/permeate temperature is 

20ºC.  

In practice, a solar-thermal DCMD unit would be sized to regenerate the liquid desiccant 

within the range of daylight hours, typically 10-13 hours in GCC countries, assuming no 

thermal storage. Since percent salt rejection tends to decreases over time, as seen in 

Figure 34 and other studies [26], it is possible that a DCMD liquid desiccant 

regeneration unit may not be able to provide high quality permeate after multiple days of 

use. Further study is needed to determine the performance of the membrane and the 

quality of the permeate after multiple days of use/regeneration cycles. A related DCMD 

study using a single-layered PTFE membrane and 19 wt% NaCl as the feed was able to 

produce high quality permeate for a total of 12 10-12 hour cycles with overnight rinsing 

of the membrane with DI water between cycles. Using a double-layered PTFE 

membrane, they were able to produce high quality permeate consistently for 29 cycles 

[70]. 
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5 Conclusions 

To provide adequate dehumidification in Jeddah, Saudi Arabia during the summer, the 

liquid desiccant must be regenerated to at least 70 to 49% ERH which is about 

equivalent to 23.1 to 30.6 wt% MgCl2, respectively. Whenever the bulk temperature 

difference between the feed and coolant/permeate was between 40 to 60ºC, DCMD was 

able to regenerate the liquid desiccant to this desired range. The final ERH reached by 

each membrane at the lab-scale process conditions was between 39 to 54% ERH. 

These final ERH values shows that DCMD can regenerate a MgCl2 liquid desiccant to 

an ERH that is useful for dehumidification at feed and coolant temperatures near to 

temperatures that can be achieved by incorporating a solar thermal heater and a 

seawater-based cooling tower. Furthermore, DCMD can produce permeate suitable for 

irrigation that has a MgCl2 concentration less than 94 mg/L when operated with a 

temperature difference greater than 40ºC across the membrane. At the large-scale, the 

bulk temperature difference has been calculated to be approximately 10ºC.  A heat and 

mass transfer model of the regeneration of the MgCl2 liquid desiccant was developed 

with the bulk feed and coolant/permeate temperatures of 60/30, 60/50, 50/40, and 

40/30ºC. This model took into account temperature and concentration polarization and 

found that the non-woven supported GE membrane would be able to regenerate the 

liquid desiccant to at least 30 wt% while the scrim-backed Sterlitech membrane would 

only be able to regenerate the liquid desiccant to 28.5 wt%. The model showed that the 

Sterlitech membrane’s performance was hindered by temperature polarization 

suggesting that a membrane with a low thermal conductivity is necessary when 

regenerating the liquid desiccant at a large-scale. In the lab, the GE membrane was 
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tested with a bulk temperature difference between the feed and coolant/permeate of 

approximately 12ºC. In this experiment, the flux of water vapor through the membrane 

was less than the amount of liquid water passing through the membrane from the 

coolant to the feed caused by membrane wetting and osmosis. The result of this was 

the dilution of the liquid desiccant. The membrane wetting increased with time; after 13 

hours, 4 kg/m2hr of the liquid water was passing from the coolant to the feed solution. 

The 10ºC bulk temperature difference between the liquid desiccant and pure water can 

provide enough driving force to regenerate the liquid desiccant to a concentration 

suitable for dehumidification when using a membrane that has a low conduction heat 

transfer coefficient. However, in some situations, the water vapor flux may be less than 

the flux of liquid water through the membrane resulting in the dilution of the liquid 

desiccant. Overall, the use of MD to regenerate a liquid desiccant continues to be a 

promising solution for desert agriculture. In practice, if a large (>40ºC) bulk temperature 

difference between the feed and coolant is maintained, then DCMD can successfully 

regenerate the liquid desiccant and produce high quality permeate for irrigation. 

However, at the pilot-scale, a large bulk temperature difference is unlikely to occur. This 

suggests that VMD is a more appropriate configuration for regenerating the MgCl2 liquid 

desiccant at the pilot-scale.  
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Appendix A: Psychometric chart 
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Appendix B: Cooling achieved by a liquid desiccant/evaporative cooling system in 

Jeddah, Saudi Arabia [24] 
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Appendix C: Values inputted into the Dusty Gas Model to calculate the membrane mass 

transfer coefficient for each membrane 

 

 

  

Membrane temperature, ºC 51.5 

Bulk feed temperature, ºC 80 

Bulk permeate temperature, ºC 20 

Temperature polarization coefficient 0.6652 

Temperature near membrane feed, ºC 71.17 

Temperature near membrane coolant, ºC 31.27 

Bulk feed concentration, wt% 27.6 

Bulk feed concentration, mol/L 2.9 

Feed concentration near membrane, mol/L 3.873 

Binary diffusion coefficient, m2/s 0.000029124 

Mean vapor pressure of water in 
membrane pores, Pa 

12683 

Thermal conductivity of air,  W/(mK) 0.0028 

Thermal conductivity of PP, W/(mK) 0.23 

Viscosity of air at membrane temperature, 
Pa-s 

0.000010651 

Log mean air pressure, Pa 88392 
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Appendix D: The effect of the oscillating feed temperature on permeate flux 

 

 

In the first figure, one can see how the feed inlet temperature oscillates by about one 

degree Celsius. The second figure shows how these oscillations can cause the 

permeate flux to oscillate by about 5 kg/m2hr.  
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Appendix E: Standard deviation of values in Figure 29

 

55% 60% 65% 70% 75% 80%

60 0.54 0.71 0.89

70 2.89 2.23 1.57 0.92

80 1.32 1.84 2.45 0.71 1.18

Feed Temperature, 

ᵒC

Equilibrium Relative Humidity


