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Abstract 

In this study, the dynamics of scaled-up membrane distillation (MD) modules are tackled for the 

treatment of highly saline desalination brines. Physical phenomena occurring inside the feed chamber 

during process scale-up including temperature evolution, species distribution and scaling likeliness were 

explored using a multicomponent computational fluid dynamics (CFD) model that couples momentum, 

heat, ions transport and water permeation across the membrane. The model was calibrated with 

experiments carried out on a lab-scale direct contact MD system fed with concentrated seawater with a 

salinity of 61 g/L. The complete fall-off of the permeate flux occurred when the salinity reached 170 g/L 

from 61 g/L, caused by a scaling mostly due to calcium sulfate (gypsum). In order to predict scaling 

occurrence, an in-house code is embedded in the CFD model to solve Pitzer’s equation at every cell of the 

domain, enabling the calculation of species activity coefficients, the feed ionic strength, species effective 

concentration and degree of saturation of the solution with respect to gypsum. Results unveil that during 

the MD process of brines, the degree of saturation increases considerably in membrane vicinity while the 

average outlet salinity remains close to that at the inlet due to the relatively high flow rate. Extrapolation 

to longer modules revealed that an increase in the feed temperature increases the scaling likeliness while 

flow rates, especially in the high range, did not significantly impact scaling formation. The drop in 

performance from lab-scale module to a scaled-up size is shown for 1 m long generic modules with and 

without the use of antiscalants.  

Keywords: Membrane distillation, Brine treatment, CFD, Pitzer’s equations, Scaling, MD module scale-

up. 
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 11 

Abstract 12 

In this study, the dynamics of scaled-up membrane distillation (MD) modules are tackled for the 13 

treatment of highly saline desalination brines. Physical phenomena occurring inside the feed 14 

chamber during process scale-up including temperature evolution, species distribution and 15 

scaling likeliness were explored using a multicomponent computational fluid dynamics (CFD) 16 

model that couples momentum, heat, ions transport and water permeation across the membrane. 17 

The model was calibrated with experiments carried out on a lab-scale direct contact MD system 18 

fed with concentrated seawater with a salinity of 61 g/L. The complete fall-off of the permeate 19 

flux occurred when the salinity reached 170 g/L from 61 g/L, caused by a scaling mostly due to 20 

calcium sulfate (gypsum). In order to predict scaling occurrence, an in-house code is embedded 21 

in the CFD model to solve Pitzer’s equation at every cell of the domain, enabling the calculation 22 

of species activity coefficients, the feed ionic strength, species effective concentration and degree 23 

of saturation of the solution with respect to gypsum. Results unveil that during the MD process 24 

of brines, the degree of saturation increases considerably in membrane vicinity while the average 25 

outlet salinity remains close to that at the inlet due to the relatively high flow rate. Extrapolation 26 

to longer modules revealed that an increase in the feed temperature increases the scaling 27 

likeliness while flow rates, especially in the high range, did not significantly impact scaling 28 

formation. The drop in performance from lab-scale module to a scaled-up size is shown for 1 m 29 

long generic modules with and without the use of antiscalants.  30 
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 31 

Keywords: Membrane distillation, Brine treatment, CFD, Pitzer’s equations, Scaling, MD 32 

module scale-up. 33 

 34 

1 INTRODUCTION 35 

During the last decade, membrane distillation (MD) has been the topic of innumerable 36 

investigations across several fields, encompassing process engineering (Lawson and Lloyd, 37 

1997; Ullah et al., 2018), material science (Eykens et al., 2017), and control and automation 38 

(Eleiwi et al., 2016). Although abundant literature is available on the process, the lack of 39 

solutions able to take it to an industrial level reflects its sluggishness to capture even a modest 40 

chunk of desalination and water treatment market. Additionally, few academic contributions 41 

were dedicated to solve potential scale-up issues, which might also explain its lack of expansion 42 

due to investor’s reluctance. Nevertheless, the process presents a unique ability that still drives 43 

its development, which is “doing what reverse osmosis (RO) cannot do”. This statement is 44 

significant since RO is the most established desalination technology in the world. Indeed, MD is 45 

able to handle highly saline solutions of which osmotic pressure lies beyond RO ability, which 46 

makes it the candidate of choice to treat brines (Giwa et al., 2017; Mavukkandy et al., 2019; 47 

Minier-Matar et al., 2014). This is because MD separates species following their respective 48 

volatilities (Alpatova et al., 2018). As such, in a typical MD module design, two distinct zones 49 

namely feed and permeate are separated by a hydrophobic membrane. A driving force is created 50 

by keeping feed and permeate fluids at different temperatures or pressures depending on the MD 51 

variant, all of which have been widely described in the literature (Lawson and Lloyd, 1997). 52 

Since MD’s early developments, this capability of treating highly saline solutions has drawn 53 

researchers’ interest, who tackled the topic using either concentrated seawater solutions or brines 54 

(Godino et al., 1997; Martínez-Díez and Florido-Díaz, 2001). All these investigations emphasize 55 

MD’s capabilities in treating brines. They evolved from the analysis of the effect of operating 56 

conditions in direct contact membrane distillation (DCMD) (Godino et al., 1997) to the 57 

assessment of the performance of other variants such as air gap membrane distillation (AGMD) 58 

(Duong et al., 2015a; Xu et al., 2016), vacuum membrane distillation (VMD) (Mericq et al., 59 

2010) or submerged configurations (Choi et al., 2017). Studies were undertaken for brines 60 

Jo
urn

al 
Pre-

pro
of



3 
 

rejected by different processes, including RO of seawater or produced water (Duong et al., 61 

2015a; Duong et al., 2015c; Gil et al., 2018; Ji et al., 2010; Mericq et al., 2010; Nguyen and Lee, 62 

2015; Osman et al., 2010; Singh and Sirkar, 2012; Yan et al., 2017), thermal desalination 63 

(Adham et al., 2013; Bamufleh et al., 2017) or electrodialysis (Osman et al., 2010). 64 

A major concern in treating highly saline solutions such as RO or thermal brines is the increased 65 

scaling of the membrane and process equipment. Scaling remains a major issue in desalination 66 

and has always been an important topic for numerous research activities (Warsinger et al., 2015; 67 

Zarga et al., 2013). Significant efforts were dedicated to the understanding of scaling chemistry 68 

and to designing efficient scaling control methods for well-established thermal processes such as 69 

multi-stage flash (MSF) (El Din and Mohammed, 1994; kareem al-sofi et al., 1989; Shams El 70 

Din et al., 2005; Wade, 1979; Zhao et al., 2018), multi-effect distillation (MED) (Al-Shammiri 71 

and Safar, 1999; Budhiraja and Fares, 2008; Omar and Ulrich, 2006) and high-pressure 72 

membrane processes such as RO (Amjad, 1985; Matin et al., 2019; Okazaki and Kimura, 1984; 73 

van de Lisdonk et al., 2001) and nanofiltration (NF) (Cobry et al., 2011; Le Gouellec and 74 

Elimelech, 2002; van de Lisdonk et al., 2001; van de Lisdonk et al., 2000). In these 75 

investigations, CaCO3 and CaSO4 are often reported as the main compounds that form scaling. 76 

Naturally, scaling is also inherent to MD desalination or treatment of desalination brine (Duong 77 

et al., 2015b; Gryta, 2008a, b, 2009; He et al., 2008) and has been observed using advanced 78 

monitoring approaches (Lee et al., 2018). Investigations encompass possible mitigation by 79 

membrane flushing (Nghiem and Cath, 2011), gas bubbling (Chen et al., 2014; Chen et al., 80 

2013), use of optimum operating conditions (Duong et al., 2015c; Naidu et al., 2014), use of 81 

appropriate antiscalants or cleaning agents (He et al., 2009a; Peng et al., 2015; Zhang et al., 82 

2015). From the scaling mechanistic standpoint, it is worth emphasizing that most studies in MD 83 

concern calcium carbonate (CaCO3) and calcium sulfate (CaSO4) scaling  (Curcio et al., 2010; 84 

Gryta, 2008a; He et al., 2009b; Warsinger et al., 2017), although recent studies report that CaSO4 85 

scaling prevails (Nghiem and Cath, 2011). 86 

This investigation stands at the crossroad between MD module dynamics, brine treatment, 87 

scaling and process scale-up. Its novelty lies in establishing a physically-based procedure for the 88 

scale-up of MD modules intended for the treatment of highly saline solutions, through the 89 

development of an appropriate numerical model, including its calibration with experiments and 90 

its application at a different scale. A CFD approach is used to predict coupled momentum, heat 91 
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and multicomponent transport of ions in the flowing feed (Soukane et al., 2019; Soukane et al., 92 

2017). In this conjugate approach, the model includes the feed and permeate compartments 93 

separated by the hydrophobic membrane. Heat transfer by conduction and mass transfer across 94 

the membrane is ensured by an equivalent thermal conductivity. The model is used to assess 95 

potential issues that may be encountered in scaled-up MD modules while treating highly saline 96 

solutions such as desalination brines, particularly in terms of scaling phenomena. In order to do 97 

so, an in-house code that solves Pitzer’s equations is implemented in ANSYS fluent to predict 98 

species activity coefficients. The model is validated with experimental investigations carried out 99 

in our laboratory. Experiments ran for several hours until permeation stopped due to scaling, 100 

which was then confirmed by SEM and EDS analysis to be mainly gypsum. The transient 101 

process was reproduced successfully with the model, and the methodology was used to evaluate 102 

the performance of a generic 1 m long module. It allowed the estimation of the degree of 103 

saturation of the solution and an assessment of the likeliness of scaling when module length is 104 

increased under different operating conditions. Since antiscalants are of common use in 105 

desalination processes, the feed solution may reach higher salinities. In this case, the approach 106 

does not lose generality and the modeling results in terms of maximum degree of saturation as a 107 

function of the inlet salinity are extrapolated and discussed for salinities that could be attained 108 

when such chemical agents are present.  109 

 110 

2 EXPERIMENTAL SET-UP 111 

2.1. DCMD system 112 

DCMD brine treatment experiments were carried out using a synthetic brine produced by 113 

concentrating Red Sea water (about 40 g/L) up to a TDS of 61,000 mg/L using a rotary evaporator 114 

(RE-150X/Buchi). This concentration is a typical value of thermal desalination brines. The 115 

concentrations of major cations and anions were as follows: 2+Ca : 592 mg/L, 2+Mg : 2,180 mg/L,116 

+Na : 18,850 mg/L, -Cl : 34,120 mg/L and 2-
4SO : 4,140 mg/L. The total organic content (TOC) was 117 

measured at 1.27 mg/L. The experimental set-up, illustrated in Fig.1, was used for all experiments. 118 

The DCMD module has a feed and permeate channels of equal size (6 cm x 1.5 cm x 0.2 cm) 119 

separated by a hydrophobic polytetrafluoroethylene (PTFE) membrane with a polypropylene (PP) 120 
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support (Membrane Solutions, China). The membrane has a nominal pore size of 0.22 µm, a 121 

porosity of 40±5% a contact angle of 140°±2° and liquid entry pressure of 6.4 bar. 122 

 123 

Figure 1 – Schematic of the DCMD experimental set-up. 124 

The DCMD system is equipped with a temperature control unit and uses identical gear pumps 125 

(Cole-Parmer, l 72,211–70) to circulate the feed and the permeate in their respective 126 

compartments. The feed tank is put on a hot plate (IKA C-MAG HS7) connected to a 127 

temperature sensor (IKA, ETS-D5) to maintain the feed at the desired temperature. The 128 

temperature of the permeate is maintained with a circulating chiller (LAUDA, ECO1050). 129 

Permeate is collected in a container placed on an electronic balance (Mettler Toledo, ML3002), 130 

which is connected to a data acquisition system to record permeate production in time. 131 

 132 

2.2. Membrane surface analysis  133 

The membrane morphology was observed using high-resolution scanning electron microscopy 134 

(SEM, Model: FEI Teneo Vs). The membrane coupons were coated with a layer of platinum (5 135 

nm) with a Q150T sputter coater (Quorum Technologies). The accelerating voltage and working 136 
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distance were set to 5 kV and 10 mm, respectively. The energy-dispersive (EDS) detector was 137 

applied to evaluate atomic composition of scale deposited on the membrane surface.  138 

 139 

2.3. Water quality analysis 140 

The concentration of cations and anions were measured by inductively coupled plasma - optical 141 

emission spectrometry (Perkin Elmer Optima 8300) and ion chromatography (Dionex 142 

ICS1600/5000, Thermophisher Scientific), respectively. Concentration of total dissolved solids 143 

(TDS) was estimated by APHA 2540 C standard method. The total organic carbon (TOC) was 144 

measured by the Shimadzu Total Organic Carbon Analyzer (TOC-V CSH, Shimadzu 145 

Corporation). A CyberScan 6000 pH meter and 3310 WTW conductivity meter were used for pH 146 

and conductivity measurements respectively. 147 

 148 

3 MODELING PROCEDURE 149 

MD involves complex coupled heat and mass transfer through the porous membrane. As vapor 150 

flows from feed to permeate, it carries heat at a rate set by the permeate flux J , some of which is 151 

restituted by condensation at the permeate side. In a DCMD configuration, considering losses by 152 

conduction, the total heat flux density TQ  can be expressed as: 153 

 ( ) ( )m mf mp

T V L
m

T T
Q J H H

λ
δ

−
= − +  (1) 154 

where VH  and LH  are the water vapor and water liquid enthalpies, respectively, and mλ  the air-155 

membrane composite thermal conductivity and mδ  the membrane thickness. The total heat flux 156 

is then forced as a conduction term through the membrane zone in the CFD software, with an 157 

equivalent conductivity λ  , viz. 158 

 T

mf mp

Q

T T
λ δ=

−
 (2) 159 

where δ  represents the membrane mesh thickness. 160 
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Since all experiments were performed on a DCMD set-up, the equations governing permeate flux 161 

across the membrane are covered for this configuration only. Therefore, the permeate flux across 162 

the membrane is estimated using: 163 

 ( )mf mpJ B P P= −  (3) 164 

where B  represents the membrane permeability, and mfP  and mpP  the water vapor pressure at the 165 

feed and permeate sides, respectively. The vapor pressures are estimated with Antoine’s equation 166 

for pure water using the vapor temperature, viz. 167 

 3816.44
23.1964

46.13
expv

v

P
T

 
= − − 

 (4) 168 

where the couple ( ),v vP T , corresponds to ( ),mf mfP T  and ( ),mp mpP T  at the feed side and the permeate 169 

side, respectively. When feed is seawater, salinity affects vapor pressure and the value provided 170 

by Antoine’s equation is usually corrected to swP  via (Sharqawy et al., 2010): 171 

 
1 0.57357

1000

sw
vP

P
S

S

=
+

−
 
 
 

  (5) 172 

where S  is the salinity in g/L. 173 

In a mixed Knudsen and ordinary diffusion, momentum adds up in series inside the membrane 174 

(Mason and Evans, 1969) leading to the following relationship for the equivalent permeability: 175 

 
1 1 1

Kn DB B B
= +   (6) 176 

where KnB  is the contribution to Knudsen transport commonly expressed as: 177 

 
2 8

3
m w

Kn

m av

r M
B

RT

ε
ξ δ π

=   (7) 178 

where mε  denotes the membrane porosity, r  the mean pore radius, ξ  the membrane tortuosity, 179 

mδ  the membrane thickness, M  water molecular weight, R  the ideal gas constant, and avT  the 180 

average interface temperature evaluated between the feed and permeate sides of the membrane. 181 

The contribution to ordinary diffusion DB  is given by: 182 
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 m a av
D

m w w

P RT
B

PD M

ε
ξ δ

=   (8) 183 

where aP  represents the air pressure inside the pores, while the product of the total pressure P  184 

(water + air) inside the pore by the diffusion coefficient of water wD  can be replaced by 185 

5 2.0721.8958 10w avP D T−=  (Phattaranawik et al., 2003). 186 

The large number of chemical species in seawater composition is subject to a number of complex 187 

short-range forces and long-range electrostatic interactions. Regarding brine treatment, one deals 188 

with much more concentrated solutions which behavior further departs from the Debye-Hückel 189 

approximation. On the other hand, the prediction of any potential salt formation requires the 190 

estimation of its degree of saturation in the solution for which the knowledge of activity 191 

coefficients and solubility products is required. In view of the experimental results (section 4) 192 

and based on previous studies (Fortunato et al., 2018), calcium sulfate (CaSO4, gypsum) is the 193 

major observed precipitate. Therefore, only the degree of saturation GΩ  of the solution with 194 

respect to gypsum was monitored during simulation using (He et al., 1994): 195 

 
( )( )2 2 2 2

4 4

2
wCa Ca SO SO

G

sp

m m a

K

γ γ+ + − −

Ω =   (9) 196 

where γ  denote the activity coefficient of the ion and m  its molality, wa  represents water 197 

activity, and spK  the solubility product of gypsum. 198 

The activity coefficients are estimated using the ion interaction model developed by Pitzer 199 

(Pitzer, 1991; Pitzer, 1973), and all the required ion interaction parameters are taken from 200 

PHREEQC software database for Pitzer’s equations (Parkhurst and Appelo, 1999; Plummer et 201 

al., 1988). The water activity, as reduced by the presence of salts, is calculated from (Cazier and 202 

Gekas, 2001; Gekas et al., 1998): 203 

 ( ) ( )( )1
ln 1 ln

55.5w i i
i

a m γ−= +∑   (10) 204 

while the solubility product of gypsum as a function of temperature is given by (Krumgalz, 205 

2018): 206 
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 ( ) ( ) 12545.62
log 390.9619 152.6246 log 0.0818493spK T T

T
= − − +   (11) 207 

Momentum, heat and multicomponent transport equations are solved by ANSYS fluent, where 208 

feed and permeate sides are coupled through the membrane in a conjugate approach (Soukane et 209 

al., 2019). Given the large number of transported species and the subsequent computational 210 

burden, the calculations are limited to a two-dimensional (2D) domain that represents a 211 

longitudinal cross-section of the DCMD laboratory cell (see Fig. 2). It is important to emphasize 212 

that the model represents a closed-loop process and the process of concentrating the feed has to 213 

be monitored during computation. Therefore, the outlet of the 2D domain is assumed to flow to a 214 

continuously stirred vessel that holds the feed. The outlet mass fractions of the chemical species 215 

are updated after closing the water mass balance taking into account any loss through 216 

permeation. 217 

 218 

 219 

Figure 2 – Simulation concept showing 2D computational domain with feed channel connected 220 

to a continuously stirred vessel to account for the evolution of feed concentration. 221 

The flowchart in Fig. 3 shows the main steps undertaken during transient computation using an 222 

iterative time advancement algorithm. The procedure starts with the initialization of the different 223 

field variables. The velocities are set to zero in fluid regions while the temperature is set to the 224 

permeate inlet temperature of 30°C throughout the entire domain. Using the seawater 225 

composition measured experimentally, a single run is carried out using PHREEQC (Plummer et 226 

al., 1988) to determine the initial concentrations of bicarbonate ( )-
3HCO  and carbonate ( )2-

3CO  227 

ions resulting from the total carbon content of the feed solution, as these ions affect the activity 228 
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coefficient of 2+Ca . The resulting mass fractions of all species in the feed zone are set equal to 229 

the inlet mass fractions. 230 

 231 

Figure 3 – Solution algorithm flowchart. 232 
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The computational loop starts after the initialization process by solving the momentum 234 

equations. Both feed and permeate are considered incompressible fluids. Consequently, 235 

computation follows by constraining the momentum solution with the continuity equation during 236 

which velocities are updated and the pressure and mass flux are corrected. The next step is scalar 237 

transport to update the temperature and the mass fractions of the selected species, namely water, 238 

2+Ca , 2+Mg , +Na , +K , +H , +B , 2-
4SO , -Cl , -OH , -

3HCO  and 2-
3CO  ions. There is no attempt to 239 

model the salt nucleation kinetics and it is assumed that there is no species consumption at the 240 

membrane surface except for water permeation. The species diffusion coefficients in water, 241 

summarized in Table S1 of Supplementary Material, are taken from Yuan-Hui and Gregory 242 

(Yuan-Hui and Gregory, 1974). 243 

 244 

The salinity S , used to update the fluid properties, is simply calculated from the salt species 245 

mass fractions iw , viz. 246 

 1000. i
i

S w= ∑   (12) 247 

After the calculation of the temperature and the species mass fractions, the fluid properties 248 

including density, viscosity, thermal conductivity and specific heat are updated using existing 249 

correlations (El-Dessouky and Ettouney, 2002; Sharqawy et al., 2010), while membrane 250 

properties are assumed to remain unaltered. Using embedded in-house code in ANSYS fluent 251 

user-defined functions (UDF), molalities of all chemical species are calculated. The resulting 252 

values are used to estimate the solution ionic strength SI  using: 253 

 20.5S i iI m z= ∑   (13) 254 

where iz  represents the charge of ion i . 255 

The necessary parameters are loaded in the dedicated UDF to compute all the ions interaction 256 

terms that constitute the set of Pitzer’s equations that lead to an estimation of the activity 257 

coefficients of all species. The detailed Pitzer’s equations can be found in an investigation of the 258 

kinetics and thermodynamics of calcium sulfate by Sheikholeslami and Ong (Sheikholeslami and 259 

Ong, 2003), while more recent interaction parameter values can be found in PHREEQC database 260 

files (Parkhurst and Appelo, 1999). It is important that within a single time step, convergence is 261 
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reached at some chosen accuracy. This is because transport of momentum, temperature and 262 

chemical species is coupled through the membrane interface and fluid properties. The dashed 263 

rectangles in Fig. 3 emphasize this point. The updated temperature field returns a given 264 

permeation rate that is subsequently applied as a boundary condition for water transfer across the 265 

membrane. Water consumption then results in species redistribution inside the domain that 266 

changes the solution salinity, which affects the fluid properties. The inner loop of Fig. 3 is 267 

dedicated to reach convergence within a single time step. 268 

If the total physical time has not been reached, then the next time step is prepared by setting the 269 

appropriate inlet conditions. To do so, the total permeate production at each time step has to be 270 

known in order to update the remaining mass of the feed solution. The calculation of the total 271 

production uses the values of the flux densities given by Eq. (3), calculated in the UDF dedicated 272 

to the modified membrane thermal conductivity of Eq. (2). The permeate production is carefully 273 

stored during computation in a user-defined memory location after summing the products of the 274 

local permeate flux density by the area of the corresponding membrane mesh element over the 275 

entire membrane surface. Since the ions total mass remains unchanged, it is used to determine 276 

the new water mass fraction in the feed tank. Newly estimated mass fractions are then set back to 277 

the module inlet for the next time step.  278 

 279 

4 RESULTS AND DISCUSSION 280 

The experiments use initial volumes of 500 mL and 1000 mL for feed and permeate, 281 

respectively. The feed inlet temperature was set to 60°C and the permeate temperature was 282 

maintained at 30°C, while the flowrates at both membrane sides were kept at 500 mL/min. The 283 

experiments were run in duplicates and the results exhibit less than 5% variability. The evolution 284 

of the permeate flux during the process is reported in Fig. 4. It is remarkable that the permeation 285 

remained fairly constant for more than 15 hours of DCMD, after which the permeate flux 286 

exhibited a sudden drop that is attributed to 4CaSO scale formation. The fall-off is severe and 287 

leads to a total flux decline in a relatively short time. A similar trend has been reported under 288 

different DCMD operating conditions using Red Sea water (Fortunato et al., 2018). As seen in 289 

Fig. 5a, the membrane surface is excessively covered with the needle-shaped crystals comprising 290 

O, Ca and S atoms (Figs. 5b-e). Before carrying the complete transient calculations, a steady-291 
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state simulation using the experimental operating conditions and the membrane properties, was 292 

carried out to compare the permeate rate observed experimentally to that of model prediction. 293 

Results matched the average production rate of 17.5±4% kg/m2h. 294 

 295 

Figure 4 - Permeate flux evolution during concentrated seawater treatment in the DCMD 296 

laboratory cell. 297 

 298 

  

 

   
 299 
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Figure 5 –(a) SEM showing needle shaped crystals (b-e) EDS images of membrane surface after 300 

permeate fall-off. Operating conditions: feed temperature of 60°C, a permeate temperature of 301 

30°C and an initial feed volume of 0.5 L. 302 

The closed-loop simulation model is then run for a total physical time of 1200 min. The 303 

calculated time-dependent evolution of the input salinity (salinity in the feed tank) is compared 304 

to the salinity that was recorded during the experiment (see Fig. 6). The salinity increases due to 305 

water consumption by distillation which drives the concentrating process. Furthermore, the total 306 

mass of all the other species remains constant in the closed system since no salt precipitation or 307 

growth is accounted for during simulation.  308 

The salinity increase during the first half of the experiment was well-reproduced by the applied 309 

model. However, beyond 700 min of process time, more salinity increase is observed 310 

experimentally, which suggests that the numerical distillation rate decreases faster comparing to 311 

that achieved experimentally. This points to the limitation of the correlations used for the 312 

specific heat, density, thermal conductivity and viscosity which have been verified 313 

experimentally for salinities up to 150-160g/L (El-Dessouky and Ettouney, 2002; Sharqawy et 314 

al., 2010). Moreover, the estimation of seawater vapor pressure using Eq. (5) which is based on 315 

Raoult’s assumption of dilute solutions seem to underestimate the vapor pressure at high 316 

salinities, which penalizes the distillation driving force, thus leading to a slightly reduced rate 317 

and slower salinity increase. Nevertheless, model predictions remain within less than 10% of 318 

experimentally recorded values and can be used to investigate the dynamics of scale-up modules.  319 Jo
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 320 

Figure 6 – Salinity evolution in the closed-loop system during DCMD processing. 321 

 322 

The model enabled the prediction of different parameters of interest, including water and ions 323 

activities as well as the solution degree of saturation with respect to gypsum. The evolution of 324 

the average degree of saturation recorded during calculation at the entrance of the DCMD 325 

module is presented in Fig. 7. The solution remains undersaturated for more than half of the 326 

experiment’s duration. Beyond 740 min of distillation, the solution reached the saturation point, 327 

although onset of gypsum formation often occurs well-beyond this level (Gu et al., 2013; 328 

Rahardianto et al., 2006). It is also interesting to note the important shift in the evolution rate 329 

before and after the saturation level. The increase is nearly linear when the solution is 330 

undersaturated then becomes exponential in the supersaturation region, which will make the 331 

process control more challenging for larger MD modules. 332 

 333 
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 334 

Figure 7 – Evolution of the maximum and the average degree of saturation of the solution with 335 

respect to gypsum. The dashed red line represents the degree of saturation of 1, at which the 336 

solution is theoretically saturated. 337 

 338 

 339 
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Figure 8 – Evolution of the degree of saturation with respect to gypsum in the DCMD module as 340 

a function of the inlet salinity. Red curve: maximum value, Blue curve: average value. Contours 341 

show the distribution of the degree of saturation at the outlet of the module for an inlet salinity of 342 

170 g/L. Salinities beyond the vertical dashed black line can be reached only if antiscalants are 343 

used. 344 

 345 

In order to extract valuable information for scale-up procedures, degree of saturation with respect 346 

to gypsum and species activities are compared at different locations of the MD module. As such, 347 

values at the inlet and the outlet of the feed compartment, which are measurable in practice, are 348 

compared to values at the membrane vicinity, which can only be accessed by numerical 349 

simulation. The evolution of the average and the maximum degree of saturation exhibits an 350 

exponential increase as a function of the inlet salinity (see Fig. 8). The solution reaches 351 

saturation in the bulk for an inlet salinity of 100 g/L (blue curve for a degree of saturation of 1). 352 

However, close to the membrane, where water depletion occurs due to permeation, the solution 353 

saturates with respect to gypsum at a lower inlet salinity of 90 mg/L (red curve for a degree of 354 

saturation of 1). The contour evolution embedded in Fig. 8 shows the distribution of the degree 355 

of saturation at the module outlet. The values increase quickly towards the membrane by a factor 356 

of 2, which may cause serious limitations for longer modules (see contours embedded in figure 357 

8). The reported values of the average degree of saturation are close to those reported in the 358 

literature (Thiel and Lienhard, 2014), and the activity coefficient and species molalities fall 359 

within the expected range, as shown in Fig. 9.  In practice, since the use of antiscalants is 360 

inevitable, the vertical dashed black line in Fig. 8 is added to delimit salinities that can only be 361 

reached with the use of appropriate chemical agents. A perfect polynomial fit allowed data 362 

extrapolation to estimate the average and the maximum degree of saturation that might prevail at 363 

higher salinity. Although the kinetics information of the antiscalants is absent, such information 364 

can be used to assess a module proneness to scaling. At a glance, if the presence of antiscalants 365 

allowed concentrating the solution up to 190 g/L, it would correspond to a degree of saturation of 366 

18. This value will be used as an example in the scale-up section to assess the limits of a longer 367 

module. 368 
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Further insight is produced by comparing inlet and average outlet salinities to the maximum 369 

salinity reached inside the module during the DCMD process. As summarized in Table 1, the 370 

inlet and outlet salinities show very close values since the module length is very short (6 cm) and 371 

the feed flow rate is relatively high, resulting in a residence time of 0.22 sec. The  corresponding 372 

Reynolds number in a scaled-up 1 m x 1 m x 0.002 m module would be reached by flowing 30 373 

LPM. Nevertheless, even though the residence time is very short, the maximum salinity, which is 374 

reached in the membrane vicinity, exhibits a significant increase during process. As such, for the 375 

salinity of 170 g/L at the inlet, an 11% increase is observed. 376 

Table 1 – Inlet salinities and corresponding outlet salinities during small scale DCMD laboratory 377 

module operation. 378 

Inlet salinity (g/L) Average outlet 
salinity (g/L) 

Maximum salinity inside 
the module (g/L) 

60 60.27 67.52 

70 70.31 78.56 

80 80.35 89.72 

90 90.40 100.88 

100 100.44 112.02 

110 110.48 123.14 

120 120.52 134.25 

130 130.56 145.34 

140 140.60 156.42 

150 150.64 167.48 

160 160.68 178.52 

170 170.74 189.96 

 379 

The solution of Pitzer’s equations enables the calculation of the activity coefficients of all the 380 

ions transported in the feed; those of 2+Ca  and 2-
4SO  are of particular interest since they are used 381 

for the calculation of the solution degree of saturation with respect to gypsum. Therefore, the 382 

activity coefficients of these two species are represented together with the solution ionic strength 383 

as a function of the inlet salinity during the distillation process (see Fig. 9). The evolution of the 384 

ions activity is in accordance with the reported values with an increase of positively charged ions 385 
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activity with ionic strength, while the negatively charged ions exhibit a weak dependence 386 

(Appelo and Postma, 2005). The activity coefficient of Ca2+ ions became close to unity when the 387 

ionic strength exceeds 4. This dependence is also reflected by the differences between the 388 

average and maximum values of the activity coefficients. As the ionic strength increases closer 389 

to the membrane, 2+Ca  activity increases beyond 0.9 for the highest salinity of 170 g/L. 390 

Conversely, the weak dependence of 2-
4SO  on the ionic strength results in a negligible difference 391 

between the average and maximum values of its activity coefficient. 392 

The predicted values of the activity coefficients and the molalities are used to calculate the ions 393 

activities. The activity of 2+Ca  was found to range between 4 x10-3 M at the lowest inlet salinity 394 

of 60 g/L and 33.6 x 10-3 M at the highest inlet salinity of 170 g/L, while 2-
4SO activity ranged 395 

between 2.8 x 10-3 M at the same lowest inlet salinity and 7.5 x 10-3 M at the same highest inlet 396 

salinity. The average activity of water in the DCMD cell is represented in Fig. 10 as a function of 397 

the inlet salinity and ionic strength. The activity drops to 0.92 at the highest salinity as water 398 

interaction with ions present in the solution is at its peak, which corresponds to an ionic strength 399 

of 3.6.  400 

 401 

Figure 9 – Average and maximum values of the 2+Ca  and 2-
4SO  activity coefficients. 402 

 403 
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 404 

Figure 10 – Water activity as a function of inlet salinity and solution ionic strength. 405 

 406 

5 MODULES SCALE-UP 407 

The calibrated model is used to predict the behavior of longer modules, which are known to 408 

suffer from extended temperature polarization and severe decline of permeate flux along the feed 409 

path. A generic square module of 1 m2 of membrane active area and the same thickness of 0.002 410 

m for both feed and permeate channels is considered. Without any loss of relevant information 411 

concerning scale-up assessment, the same 2D approach is adopted to alleviate the computational 412 

burden since a large number of scalars are transported. Both the effect of flow rate and feed 413 

temperature are investigated. Inlet salinities ranging from 60 g/L to 170 g/L, as observed in the 414 

DCMD experiments, were generated by calculating the corresponding composition from the 415 

initial seawater concentrate. Therefore, there was no need to run the complete transient 416 

calculations and only the ability of the module to sustain operation at a given salinity is 417 

evaluated. 418 

 419 
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1.1.Effect of flow rate 420 

Calculations are carried out for four different flow rates, namely 10 LPM, 20 LPM, 30 LPM and 421 

40 LPM, at various inlet salinities and a constant feed and permeate inlet temperatures of 60 °C 422 

and 30 °C respectively. The flow rate, although increased by a factor of 4 from 10 LPM to 40 423 

LPM has very little effect on the maximum degree of saturation (see Fig. 11). This is because the 424 

maximum value is observed at the membrane surface where a velocity no-slip boundary 425 

condition prevails.  426 

In view of the very short species residence time during lab-scale experiements (0.22 sec) and the 427 

weak dependence of the maximum degree of saturation on the inlet flow rate (residence time) for 428 

scaled-up modules, it is assumed that the degree of saturation calculated for the experiments 429 

holds as a measure for scaling proneness for longer modules. Therefore, the practical operability 430 

of the module is assessed in terms of the maximum degree of saturation of the solution with 431 

respect to gypsum concentration. It is worth recalling that the maximum value is reached in the 432 

membrane’s vicinity and can differ significantly from the average values in the bulk solution. 433 

The limit of 9.6 is used based on the modeling results obtained from the laboratory-scale 434 

experiments, which were conducted without use of antisclants. 435 

The maximum degree of saturation is presented in Fig. 11 as a function of the inlet salinity for all 436 

simulated flow rates. The horizontal solid green line represents the maximum degree of 437 

saturation above which a sudden fall of the permeate flux is expected without antiscalants. This 438 

limits drastically the operation zone of the flat module to maximum salinities ranging between 439 

141 g/L and 147 g/L. However, since antiscalants are commonly used, the pratical limit lies 440 

beyond these salinities but yet remain lower that those observed at the laboratory scale. For 441 

example, if a degree of saturation of 18 is considered (horizontal dashed green line), which 442 

corresponds to the maximum reached with a fictitious inlet salinity of 190 g/L with the lab-scale 443 

module (see Results and discussion section), the module cannot concentrate the solution beyond 444 

163 g/L at 10 LPM and 169 g/L at 40 LPM. 445 
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 446 

Figure 11 – Evolution of the theoretical maximum degree of saturation with respect to gypsum as 447 

a function of salinity for different feed and permeate flow rates in a 1m long module. The 448 

horizontal green line represents the maximum degree of saturation reached without antiscalants 449 

while the horizontal dashed green line at a degree of saturation of 18 is taken as an example if 450 

antiscalants were used. In this case the module cannot treat salinity above 167 g/L compared to 451 

190 g/L at the lab-scale. Vertical dashed lines give limits of operability. 452 

 453 

Regarding the location that is the most prone to scaling, earlier investigations using a one-454 

dimensional (1D) transport model point to the entrance of the module since the temperature of 455 

the feed is at its highest value at that location (Warsinger et al., 2017). However, the 2D model 456 

developed in this investigation shows the formation of a concentration boundary layer along the 457 

module. The evolution of species of interest is depicted in Fig. 12 for an inlet salinity of 60 g/L, 458 

an inlet flow rate of 40 LPM and feed entering at 80°C. The 99% isovalue of water inlet 459 

concentration defines the water boundary layer caused by permeation, with an increasing 460 

thickness along the membrane surface (Fig. 12(a)). As a consequence, 2+Ca  and 2-
4SO  ions 461 
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activities increase by one order of magnitude along the flow path above the membrane (see Fig. 462 

12(b) and Fig. 12(c)), increasing scaling proneness towards the outlet of the module. 463 

 464 

 465 

Figure 12 – Concentration boundary layer along the module for an inlet salinity of 60 g/L, an 466 

inlet flow rate of 40 LPM and an inlet feed temperature of 80°C. The transverse direction is 467 

represented in a different scale to zoom over the membrane surface. (a) Percentage of water bulk 468 

concentration. The 99% isovalue defines the water concentation boundary layer. (b) 2+Ca  activity 469 

(molal) above the membrane surface. (c) 2-
4SO  activity (molal) avove the membrane.  470 

 471 

1.2.Effect of feed inlet temperature 472 

The effect of feed temperature is investigated for the maximum feed and permeate flow rates of 473 

40 LPM. Three different temperatures, 60 °C, 70 °C and 80 °C are simulated for different input 474 

salinities ranging from 60 g/L to 170 g/L. The resulting maximum degree of saturation as a 475 
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function of inlet salinity and the corresponding average permeate fluxes are represented in Fig. 476 

13 for all simulated temperatures. The representation of the results is limited to the maximum 477 

degree of saturation of 20, beyond which the module is assumed not to operate properly. The 478 

evolution of the maximum degree of saturation for all temperatures as a function of the inlet 479 

salinity exhibits an exponential trend. This maximum value is always observed in the vicinity of 480 

the membrane at module’s outlet. The effect of the inlet temperature is noticeable compared to 481 

that of the inlet flow rate. This is because the inlet temperature has a higher effect on permeate 482 

fluxes (see Fig. 13). The latter increase with the driving force across the membrane but exhibit a 483 

slight decrease with salinity increase due to a shift in the value of the feed vapor pressure at the 484 

feed–membrane interface. Solution saturation is reached at a salinity of 76 g/L at the lowest feed 485 

temperature (60 °C), and is less than 65 g/L when the feed temperature is 70°C. However, for the 486 

highest temperature of 80°C, the degree of saturation exceeds unity at the inlet of the module due 487 

to a higher water depletion. Moreover, with a feed entering at 80°C, the 1 m long module fails to 488 

concentrate the solution beyond 110 g/L due to an increased likeliness of scaling that would 489 

immediately lead to a permeation fall-off. This limitation is less severe when the inlet feed 490 

temperature is lowered, but at the expense of a slower concentrating process. As such, if inlet 491 

feed temperature is 60 °C or 70 °C, the same module can concentrate solution up to 120 g/L and 492 

150 g/L, respectively, suggesting that a generic 1 m long module is likely not the optimized 493 

length to treat seawater concentrates, which will be considered in a future contribution. 494 
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 496 

Figure 13 – Maximum degree of saturation as a function of inlet salinity and average permeate 497 

flux for different feed inlet temperatures in a 1 m long module. 498 

 499 

6 CONCLUSION 500 

This investigation aims to bring insight into MD modules scale-up for the treatment of highly 501 

saline solutions. For this purpose, a CFD model, coupling momentum, energy and multi-502 

component species transport was built and validated through laboratory experiments. The model 503 

solves Pitzer’s equations during process over the entire computational domain thus bringing 504 

crucial information in terms of solution ionic strength, species activities and degree of saturation 505 

with respect to chosen salts. The modeling approach is intended to assess scaling proneness and 506 

cannot be used to predict process results after the onset of scaling for which detailed kinetics and 507 

multiphase transport need to be considered. Within this scope, the methodology is only limited 508 

by the available computational capabilities so to include as many chemical species as possible 509 

for a more accurate evaluation of activity coefficients. Without loss of generality, a seawater 510 

concentrate with a characteristic composition close to MED brines was considered. Experiments 511 

revealed that scaling was mainly due to gypsum, and its degree of saturation was consequently 512 
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calculated in all simulations. It is shown that the degree of saturation increases considerably in 513 

the membrane’s vicinity because of the local salinity increase caused by the evaporation process 514 

and subsequent water depletion. However, the instantaneous average of the outlet salinity 515 

remains close to that of the inlet salinity due to short residence times inside the module, a 516 

misleading observation since the salinity increase close to the membrane may lead to precocious 517 

scaling inside long modules. 518 

In view of these results, the scale-up procedure in MD which is generally focused on keeping the 519 

permeate flux density constant while increasing module size, needs to include the likeliness of 520 

scaling as a major constraint. The longer the modules the higher probability of premature scaling 521 

leading to low throughputs of the concentrating process. As the temperature of the feed is 522 

increased while seeking a higher productivity, the increase of the degree of saturation is 523 

significant pointing to an early occurrence of precipitation and permeate flux fall-off. As such, a 524 

1 m long module operating without antiscalant with the feed and permeate temperatures set to 525 

80 °C and 30 °C, respectively, will not be able to concentrate the solution beyond 110 g/L. This 526 

value will be improved with the use of antiscalants but will remain well below lab-scale 527 

performance, and the result is to be further reduced if feed is hotter and the permeate colder. This 528 

approach can be readily extended to other ion species and potential salts such as calcium 529 

carbonate for a more accurate assessment of module optimum design and operability, and can be 530 

adopted to assess MD performance in the treatment of various saline solutions including 531 

different types of brines and produced water.  532 

 533 

7 NOMENCLATURE 534 

r  mean pore radius (m) 535 

B  membrane permeability (s/m) 536 

KnB  Knudsen contribution to permeability (s/m) 537 

DB  diffusion contribution to permeability (s/m) 538 

VH  water vapor enthalpy (J/kg) 539 

LH  water liquid enthalpy (J/kg) 540 
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J  permeate flux (Kg/m2/s) 541 

spK  gypsum solubility product 542 

wM  water molecular weight (Kg/mol) 543 

mfP  water vapor pressure at the feed-membrane interface (Pa) 544 

mpP  water vapor pressure at the permeate-membrane interface (Pa) 545 

vP  vapor pressure (Pa) 546 

TQ  total heat flux density across the membrane (J/m2/s) 547 

R  ideal gas constant (J/mol/K) 548 

S  salinity (g/L) 549 

avT  average temperature (K) 550 

mfT  temperature at the feed-membrane interface 551 

mpT  temperature at the permeate-membrane interface 552 

 553 

Greek letters 554 

δ  membrane mesh thickness 555 

mδ  membrane thickness 556 

mε  membrane porosity 557 

ξ  membrane tortuosity 558 

λ  air-membrane equivalent thermal conductivity 559 

mλ  air-membrane thermal conductivity 560 

GΩ  degree of saturation with respect to gypsum 561 

 562 
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Highlights 
 
• Scaling is investigated with CFD during brine treatment in MD scaled-up modules 

• Experiments with concentrated seawater are carried out to validate the approach 

• Pitzer equations are solved in CFD code to get activities and degree of saturation 

• Scaling is shown to increase drastically with MD driving force 

• The outlet of large module exhibits the highest scaling proneness 

 

Jo
urn

al 
Pre-

pro
of



Declaration of interests 

 

☒ The authors declare that they have no known competing financial interests or personal relationships 

that could have appeared to influence the work reported in this paper. 

 

☐The authors declare the following financial interests/personal relationships which may be considered 

as potential competing interests:  

 

 
 
 

 

 

Jo
urn

al 
Pre-

pro
of


