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ABSTRACT 

In the kingdom of Saudi Arabia (KSA), the current seawater desalination 

technologies are completely relying on burning unsustainable crude oil as 

their main energy driver. Saudi authorities have realized that the KSA is not 

going to be protected from the future global energy crisis and have started to 

set up a plan to diversify its energy resources. 

Membrane Distillation (MD) has emerged as an attractive alternative 

desalination process. It combines advantages from both thermal and 

membrane-based technologies and holds the potential of being a cost-

effective separation process that can utilize low-grade waste heat or 

renewable energy. MD has four different configurations; among them is Air 

Gap Membrane Distillation (AGMD) which is the second most commonly 

tested and the most commercially available pilot-plant design. 

AGMD has a stagnant thin layer of air between the membrane and the 

condensation surface. This layer introduces a mass transfer resistance that 

makes the process require a large membrane surface area if a large quantity 

of fresh water is desired. 

This dissertation reports on experimental and theoretical work conducted to 

enhance the AGMD flux by removing non-condensable gases from the 

module and replacing it with either vacuum, liquid water or porous materials. 

At first, a mathematical model for AGMD was developed and validated 

experimentally to create a baseline for improvements that could be achieved 

after the removal of non-condensable gases. The mathematical model was 
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then modified to simulate the process under vacuum where it showed a flux 

enhancement that reached 286%. The Water Gap Membrane Distillation 

(WGMD) configuration improved the flux by almost the same percentage. 

Since enhancing the flux is expected to increase temperature polarization 

effects, a theoretical study was conducted on the effect of temperature 

polarization in a Vacuum Membrane Distillation (VMD) configuration. The 

study showed that the effect of temperature polarization at smaller T (3-7⁰C) 

between the bulk temperatures was significantly higher than when T across 

the membrane is higher. This may indicate the importance of mitigating the 

effect of temperature polarization in large scale modules operating at small T 

across the membrane. The dissertation concluded with some 

recommendations for future work. 
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 شـــــــــــكر وتقــــــــــدير

 واملتعلمني، بالعلماء وأشاد العلم منار رفع وأشكره، سبحانه أمحده,  يعلم مل ما اإلنسان عّلم بالقلم، عّلم الذي هلل احلمد

 يلتمس طريقا   سلك القائل:"من ورسوله  عبده حممدا   أن وأشهد املبني، احلق امللك ,له شريك ال وحده اهلل إال إله ال أن وأشهد

 وأصحابه آله وعلى عليه، وسلم اهلل صلى والسالكني، العلماء وقدوة املربنّي  إمام،  اجلنة" إىل طريقا   به له اهلل سهل علما   فيه

 ما بعد:أاملتقني  اهلداة

مضيتها بني جنبات جامعة امللك عبداهلل للعلوم أ ربع سنواتأمايزيد عن متام هذه الرسالة اليت استغرقت بإ يلقد من اهلل علف 

متامها قد مت بعد عون اهلل وفضله مبساعدة أناس كثر. فقد رأيت إوملا كان  ,كمال تعليمي العايلإل الىت منحتين الفرصة و والتقنية 

 "من ال يشكر الناس ال يشكر اهلل: " م وسلانطالقا من قول املصطفي صلى اهلل عليه هلم ل الشكر ز جأن أ عليلزاما 

رشادهم وإين غفور على مساعدهتم ل الشكر ألستاذي الفاضلني الدكتور قاري اميي والدكتور نورالدأجز ن أود أ بادئ ذي بدء 

الدكتور جلو فرانسس وبقية  يشكر زميلأن أود أكما   , عداد هذه الرسالةإو تذليلهم للكثري من العقبات اليت واجهتين خالل فرتة 

كان لدعمهم   لذينوا عادة استخدامها يف جامعة امللك عبداهلل للعلوم والتقنيةوإزمالئنا الباحيثني واملشرفني يف خمترب حتلية املياة 

 ن.اآلالرسالة مبا هي عليه  هذه ظهورثر الكبري يف األاملتواصل والدؤب 

ة اجلو املناسب ئخوايت فلقد كان هلم فضل كبري يف هتيوأخواين وإوالدي وأنسى فضل والديت وزوجيت أفأنا لن  آخرا  وليس  خريا  وأ 

هداء مين هلم ولوالدي رمحه إلدراسيت واعطائي الوقت الكايف المتام هذة الرساله فلهم مين جزيل الشكر والتقدير. فهذه الرسالة 

  الدافع الذي يقودين لطلب العلم  واالستزاده منه.ومازال اهلل الذي غرس يف نفسي حب العلم فكان 
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  CHAPTER 1

INTRODUCTION 

“Water security is no less important than the national security” 

King Abdullah of the Kingdom of Saudi Arabia, 2011 

 Seawater desalination 1.1

Life on earth is sustained by both the energy received from the sun and the 

water available in useful form for all livings. The sun provides the earth with 

approximately 1.7x1014 kW every day (Kalogirou, 2013) that is considered 

abundant, long lasting, green, and well distributed on earth. Similarly, a quick 

glance at the world map would reveal that the water quantity on earth is also 

abundant and covers about 70 percent of its surface. However, 97 % of this 

quantity is available as salty water that is only suitable for aquatic life. The 

fresh water represents 3% of the global quantity out of which more than 

68.7% exists in forms of glaciers and icecaps and 30.1% as ground water 

while water in lakes, rivers, atmosphere and all livings on land represents 

1.2% only (figure 1.1) (SOPAC).  



23 

 

 

Figure  1.1 Water distribution on earth (SOPAC) 

This small quantity of fresh water along with being non-equally distributed on 

earth surface makes water scarcity a global concern. In regions like those of 

the Middle East where 80 % of the 15 most driest countries are located 

(Farida, 2013), the situation is the worst. For example, the Gulf countries 

(GCC) lack any form of fresh water such as rivers, and lakes and the annual 

precipitation level ranges from 5 to 45 mm/year compared to 200-400 

mm/year in Europe (Alnaser et al., 2009). If GCC depends on the ground 

water stored in their fossil aquifers estimated to be 2,330 billion m3, then 

these aquifers are expected to be depleted in few decades based on the 

volume extracted during the last two decades of 300 billion m3 (Al-Rashed 

and Sherif, 2000). Desalination came as a solution to the freshwater scarcity 

problem in these countries. It is considered a more controllable, reliable and 

complimentary practice compared to the natural water cycle in its 

redistribution to freshwater. In United Arab Emirate (UAE), for instance, 90% 
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of the freshwater is produced from seawater through desalination (Farida, 

2013). Desalination is considered very essential even for non-dry regions like 

the USA and Europe. It is now becoming an internationally well accepted 

practice where more than 150 countries have desalination plants. The total 

number of desalination plants reached 17,277 with total capacity of 80.9 

million m3/day in 2013. 18 % of this capacity is produced in Saudi Arabia 

which makes Saudi Arabia the world’s largest producer of desalinated water 

(Figure 1.2). Compared to the Gulf Corporation Council (GCC) states, Saudi 

Arabia accounts for 41 % of the total production capacity (GWI/IDA, 2013). 

Saudi Arabia desalination capacity is approaching a daily water production of 

10 million cubic meters per day (Mm3/d) excluding a further 1.6 Mm3/d under 

consideration (GWI/IDA, 2013; MOWE, 2010). 

 

Figure  1.2 Top 10 countries by total installed capacity since 1945 (GWI/IDA, 

2012) 

There are two general categories of seawater desalinations technologies; 

namely thermal-based and membrane-based processes: 
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Thermal-based desalination: separates water from its impurities through 

evaporation and condensation. This type of desalination is the dominating 

technology in the Gulf countries due to the availability of oil at low prices and 

due to the poor and unsuitable seawater quality for the other technology 

which is usually described by 4H: High salinity, High temperature, High 

turbidity and High marine life (Fath et al., 2013). This technology can also be 

divided into two main types based on their popularity as large scale units; 

Multistage Flash (MSF) and Multi-Effect Distillation (MED).  

 

Figure  1.3 Illustrative sketch of MSF technology (Cipollina et al., 2009) 

The former type is the most dominant technology in the GCC and ranked the 

second after reverse osmosis (RO) globally. MSF technology is simple, easy 

to operate and maintain, reliable and considered the leader desalination 

technology in terms of capacity (Figure 1.3). In the MSF process, feed 
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seawater is de-aerated before entering the condenser (tubes of heat 

exchangers) installed at the top of the distillers (chambers). While flowing 

inside the tubes of the heat exchangers, feed seawater recovers the heat 

(using the latent heat) from the vapor produced in each stage when it 

condenses on the outer surface of the tubes. Throughout the MSF stages the 

feed temperature increases from ambient temperature to the inlet temperature 

of the brine heater (external heat source provided mainly from low grade 

steam from power plant ‘co-generation’). In the brine heater, the feed 

temperature is further increased by about 10 ⁰C to reach the required top 

brine temperature which feeds the first stage. The feed enters the first stage 

overheated compared to the temperature and pressure conditions inside the 

distiller. Thus it immediately flashes into vapor. The produced vapor passes 

through the demisters, installed in the top of the chambers to remove any 

water droplets transported with the vapor, and get condenses on the tubes of 

the heat exchanger at the top of each stage before it gets collected in the 

product trays as distilled water. The same process is repeated again in the 

next stages until the feed exits the last stage as concentrated brine. In MSF-

brine recirculation design, part of the brine is mixed with feed seawater (after 

de-aeration) in the brine pool after flowing through the condensers of the last 

3 or 4 stages of the brine recirculation system in order to recover the heat 

before it (mixed feed) flows into the remaining condensers stages. The feed 

seawater circulating in the condensers of the different stages (before the brine 

heater) and after the one feeding the stages flow in co-current mode.  
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MSF can tolerate different salinity and quality of seawater and does not 

require extensive pretreatment. It is thermally efficient if it is coupled with 

electrical power generation plants (co-generation). 

MED technology produces fresh water through a series of evaporator effects. 

The vapor generated in each effect serves as heating medium for the 

following effect and so on (Figure 1.4). The vapor generation is enhanced by 

decreasing the pressure of the effects successively. MED design has higher 

performance ratios compared to MSF, especially when a higher number of 

effects are used. Depending on the initial steam temperature that drive the 

MED unit, the Gain Output Ratio (GOR) (the ratio of kg of distillate to one kg 

of heating steam) can reach 15 while the maximum value for the MSF is about 

10 which makes MED more thermally efficient than MSF. However, MED 

technology is complicated by the double film effect of the evaporation and 

condensation on the outer and inner surface of the tubes in each effect (El-

Dessouky and Ettouney, 2002). MED capacity is also limited by the feed 

temperature where potential scale may form on the outer surface of the tubes 

during uncontrolled evaporation rate. 
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Figure  1.4 Illustrative sketch of MED technology (Cipollina et al., 2009) 

Membrane-based desalination technology: utilizes semi-permeable barrier 

(membrane) that facilitates the separation of a seawater mixture into 

permeate (pure water) and retentate (concentrated solution of seawater salts). 

This technology is dominated by RO where seawater is pushed against RO 

membrane at a pressure higher than the osmotic pressure of the seawater in 

order to allow the membrane to pass water molecules while retaining most of 

the salt impurities (Figure 1.5).  
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Figure  1.5 Illustrative sketch of Reverse Osmosis (RO) (El-Dessouky and 

Ettouney, 2002) 

RO is favored globally where it represents 60% of the available desalination 

installed capacity (GWI/IDA, 2013). Even though RO is more commonly 

implemented in other regions of the world, it has started to gain more 

acceptances in the Middle East due to its low energy and low capital cost 

relative to the thermal technologies. Nonetheless, this technology requires 

stringent pretreatment and any operational problem in the pretreatment could 

result in total replacement of the membrane. Furthermore, the capacity of this 

technology is limited by the salinity of the feed where 50% recovery is 

considered the optimal operational limit. 

 

 Seawater desalination and the future of unsustainable energy 1.2

resources 

The world dependence on seawater desalination is continuously growing 

which is not a problem because seawater desalination is considered a reliable 
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drought-proof practice. However, once we know that the current mature 

desalination technologies are almost completely dependent on non-

sustainable energy resources such as oil and gas then we are facing a global 

crisis once the demand for fresh water cannot be met by the available 

conventional energy resources. In that time, the technology that uses 

renewable energy or waste heat to drive desalination will save the world from 

such a crisis. In dry regions like those of the (GCC) including Saudi Arabia, 

the situation is the worst since the demand for water is almost completely met 

by thermal distillation plants using fossil fuel as their main energy driver. 

According to the report written by Brad Bourland and Paul Gamble (Bourland, 

2011) from JADWA investment in July 2011, local oil consumption is sharply 

increasing in Saudi Arabia. 

 

Figure  1.4  Annual Saudi Domestic Energy consumption (Bourland, 2011) 

It has averaged 2.4 million barrels per day in 2010, up from 1.9 million barrels 

per day in 2007 and 1.6 million barrels per day in 2003. The Saudi local 

demand of both oil and gas is expected to reach 5.9 million barrels of oil 
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equivalent per day by 2020 and 10.6 million barrels per day by 2030 

(Bourland, 2011). Since Saudi Aramco oil production is not expected to 

exceed 11.5 barrels per day by 2030, according to the same report, Saudi oil 

export is going to shrink over the coming 20 years to less 10% of the total oil 

production in response to this increase in demand for energy. It might not be 

perceived as a serious problem to know that Saudi Arabia will stop enjoying 

the current 85-90% budget revenue coming from oil exports by 2030. 

However, once we know that the local oil consumption is growing at twice the 

rate of non-oil GDP, then the energy problem is considered very serious. The 

International Energy Agency (IEA) estimated 582,000 barrels per day of crude 

oil on average are consumed in Saudi Arabia in 2011 for power generation 

and seawater desalination (25% of the total local demand) (Bourland, 2011). 

According to the Saudi census report (CDSI, 2010) the population growth rate 

is about 3.2 percent with a population doubling time of about 22 years. The 

Saudi population reached 27 million in year 2010 and is expected to reach 54 

million by 2032 and 108 million in 2054 if the same growth rate is maintained. 

Even though aquifers are the major source of water in Saudi Arabia, the 

demand for desalinated water has increased in response to population growth 

by 9.9% in 2010. It increased from 3.14 million cubic meters per day in 2009 

to 3.45 million cubic meters per day in 2010 (MOWE, 2010).  This ratio is 

almost three times higher than the population growth rate. The Saline Water 

Conversion Corporation (SWCC) covers 68% of this demand while the rest is 

supplied by 6 desalination plants owned by the private sector. If we apply the 

same doubling time calculation on the water demand then we will find that the 
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current demand for water will be doubled in less than 8 years. This implies 

that a water production capacity of 14 million cubic meters per year from 

seawater should be achieved in less than two decades. According to a 

presentation by Mr. Harkan from SWCC in US-Saudi Business Opportunities 

Forum in Atlanta (USA), SWCC is planning to double its current water 

production capacity by 2024. Even though such a plan will resolve the water 

shortage in the near future, it is still going to put further burden on the non-

sustainable Saudi oil resources. 

It is imperative to identify cost-effective and sustainable water supplies to 

secure the ongoing development in Saudi Arabia and to keep pace with 

expected population, industrial and tourism growth. Therefore, Saudi 

authorities have realized that it is not going to be protected from the global 

future energy crisis and have started to set up a plan to diversify its future 

energy resources. Some of the future energy resources that Saudi Arabia has 

planned to invest in included nuclear energy, concentrated solar power (CSP), 

solar photovoltaics (PV), wind and other renewable energies ( 

Table 1.1) 
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Table  1.1 Current and targeted future Saudi energy sources utilization 

(Bourland, 2011). 

Sustainable energy mix for Saudi Arabia (percent of total) 

Energy source 
2010 2030 2050 

Existing gas 
46 14 0 

Existing crude 
11 3 0 

Existing heavy fuel oil 
21 6 0 

Existing diesel 
11 2 0 

New committed fossil fuels 
10 11 0 

New required fossil fuels 
0 21 15 

nuclear 
0 18 36 

Concentrated solar power 
0 11 19 

Solar photovoltaics 
0 12 20 

Wind/other renewable 
0 3 10 

Source: KA-Care 
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Figure  1.6 Saudi water supply projection 

 

 Innovative desalination technologies 1.3

Considerable effort is being done towards developing new sustainable 

desalination technologies as an alternative solution to the current 

conventional desalination processes. These new technologies are expected to 

be driven by solar, geothermal or waste heat energy and to be friendly to the 

environment. Some of the new technologies which have shown good potential 

towards such goals include; Forward Osmosis (FO), Adsorption Desalination 

(AD), and Membrane Distillation (MD) which are under development at Water 

Desalination and Reuse Center (WDRC) of King Abdullah University of 

Science and Technology (KAUST). The study of this thesis is focused on the 

latter technology, MD. 
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 MD is one of the technologies that has emerged as an attractive alternative 

desalination process. It is a thermally driven separation process that utilizes a 

hydrophobic, micro-porous membrane as a contactor between two fluids 

maintained at different temperatures where the separation is achieved by the 

mass transfer of the vapor phase. At relatively low operating pressure, the 

capillary forces of the hydrophobic micro-porous membrane prevent the 

hydrophilic liquid phase from wetting the membrane pores while the vapor is 

the only phase to pass through. MD holds high potential for different 

applications including seawater desalination. It is an alternative sustainable 

technology that can be driven by solar, geothermal or waste heat energy. It 

combines the advantages of both thermal and membrane-based technologies 

in being simple to operate, not highly affected by feed salinity, requires less 

stringent pretreatment, modular, compact and made of non-expensive 

polymeric materials that are non-amenable to corrosion. A detailed description 

of MD technology will be discussed in the next chapter. 

 

 PhD research hypothesis and objectives 1.4

1.4.1 Hypothesis  

Air gap membrane Distillation (AGMD) is one of the MD configurations that 

has high potential for process scale up. However, its development is 

challenged by a constraint of low flux. In this thesis we follow a new approach 

toward solving this problem. We investigated some of the good practices 

applied in more matured thermal technologies such as Multi-Stage Flash 
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(MSF) in order to adapt them for AGMD process. To be more specific, in the 

MSF process, non-condensable gases are removed from the distillation 

chambers through steam ejectors and require sufficient de-aeration of the 

feed before it enters the chambers. Additionally, MSF is a staged process and 

the distance between the brine pool and condensation bundle tubes in each 

stage is about 2 meters. Therefore, we believe that if non-condensable gases 

are removed from the AGMD module, considerable increase in the water 

vapor flux will be achieved. Accordingly, the general hypothesis of this 

research is stated as follows: 

 “Non-condensable gases hamper the AGMD flux and a considerable increase in 

flux is expected upon the removal of these non-condensable gases, a practice already 

applied in mature thermal desalination technologies such as MSF”.   

 

1.4.2 Objectives 

The general research objective of the thesis can be stated as follows:  

“To contribute to the technical understanding of the AGMD process by studying 

the effect of non-condensable gases removal on the flux and to develop a 

mathematical model that describes the process under such conditions.” 

The thesis reports the theoretical and experimental work that has been 

conducted to achieve the above objective through seven chapters, beside this 

one, as follow: 

Chapter 2. MD literature review: the objective of this chapter is to develop a 

brief literature review about the state-of-the-art of MD. 
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Chapter 3. AGMD mathematical model development: in this chapter a 

mathematical model is developed for the AGMD module to create a baseline 

for the research study. 

Chapter 4. Sub-atmospheric AGMD mathematical model development: the 

mathematical model developed in Chapter 3 is modified for the sub-

atmospheric condition and the results of both models are compared. It also 

highlights the importance of staging the sub-atmospheric AGMD module for 

sustaining its high flux. 

Chapter 5. AGMD material gap novel design: In this chapter we studied and 

developed new methods for removing non-condensable gases from an AGMD 

module other than applying vacuum such as using solid and liquid materials to 

fill the module gap (air gap between the membrane and the condensation 

plate). 

Chapter 6. Temperature polarization effect: the removal of non-condensable 

gases is expected to enhance the AGMD flux which may exacerbate the 

temperature polarization effect near the MD membrane surface. This chapter 

discusses this phenomenon from a theoretical point view through simple 

mathematical model developed for this purpose. The theoretical model is 

validated using experimental data. 

Chapter 7. Performance comparison of different MD configurations; in this 

chapter the performance of different MD configurations using the same 

membrane and under similar operating conditions are compared. The chapter 
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also discusses the performance at large scale module where heat recovery is 

integrated to each configuration.  

Chapter 8. Conclusions and recommendations: thesis theoretical and 

experimental work is summarized in this chapter along with some 

recommendations for future research work.  
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  CHAPTER 2

MEMBRANE DISTILLATION 

 Definition 2.1

Membrane distillation (MD) is a thermally driven process that utilizes a 

hydrophobic, micro-porous membrane as a contactor to achieve separation by 

liquid-vapor equilibrium (Figure 2.1). The hot feed solution is brought into 

contact with the membrane which only allows the water vapor to go through 

the dry pores so that it condenses at the permeate side. This vapor is driven 

across the membrane by the difference in partial pressure that is brought 

about by the temperature difference at the two sides of the membrane.  

 

Figure  2.1 Principle of Direct Contact Membrane Distillation (DCMD) 
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 History of the MD process development 2.2

The historical timeline of MD can be seen in Figure 2.2. MD first appeared in 

1963 when Bodell described an early form of MD in a U.S. Patent application 

(Lawson and Lloyd, 1997). Later on, Findley published the first results of MD 

in 1967 (Findley, 1967; Findley et al., 1969). However, interest started to fade 

out in the late 1960s because the flux of MD at that time was too small 

compared to RO. Furthermore, there were no suitable membranes available 

for MD application. As a result, there were no publications related to MD 

during the 1970’s till the early 1980’s.  

In the early 1980’s, with the development of new membrane manufacturing 

techniques, academic communities started to pay attention to the MD process 

again. However, the greatest increase in MD research did not begin until the 

late 1990’s. 

 

Figure  2.2 Numbers of publications of MD research published over the years 

(source: web of science) 
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 MD configurations 2.3

The vapor molecules that cross the membrane pores are either condensed or 

removed at the permeate side of the system according to four different 

configurations: 

- Direct contact membrane distillation (DCMD), 

- Air gap membrane distillation (AGMD), 

- Sweeping gas membrane distillation (SGMD), 

- Vacuum membrane distillation (VMD). 

In this work, the classical AGMD configuration was modified and tested for 

seawater desalination. The new modifications showed considerable 

enhancement to the water vapor flux for which we suggest using different 

names to distinguish them from the original AGMD configuration. We referred 

to the modified modules as: 

- Material Gap Membrane Distillation (MGMD) (see Chapter 5) 

- Sub-Atmospheric AGMD  (see Chapter 6) 

2.3.1 Direct Contact Membrane Distillation (DCMD) 

DCMD is the most studied MD configuration at the bench scale (El-Bourawi et 

al., 2006). As shown in Figure 2.1, the vapor partial pressure difference is 

induced by the temperature difference established by maintaining a direct 

contact of an aqueous solution colder than the feed solution at the permeate 

side of the membrane. At the hot liquid/vapor interface, the volatile molecules 

evaporate and cross the membrane pores to be finally condensed at the cold 
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liquid/vapor interface. This configuration does not need external condensers 

since the condensation step is carried out inside the membrane module. In 

spite of the simplicity of this configuration, the high heat loss by conduction 

through the membrane matrix is one of its major drawbacks. 

2.3.2 Air Gap Membrane Distillation (AGMD) 

The main characteristic of AGMD configuration is the presence of a stagnant 

air gap between the membrane and the condensation surface. As a result, 

when the volatile molecules evaporate, they cross both the membrane pores 

and the air gap before getting condensed on the cold plate surface inside the 

module. This configuration is shown in Figure 2.3. 

 

 

Figure  2.3 Air gap membrane distillation configuration (AGMD) 

 

The air gap considerably reduces the heat loss by conduction as well as the 

temperature polarization effect (Garcia-Payo et al., 2000). However, it 
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introduces a new mass transfer resistance which results in a lower permeate 

flux (El-Bourawi et al., 2006). 

2.3.3 Sweeping Gas Membrane Distillation (SGMD)  

In this configuration (Figure 2.4), there is a hot inert gas that sweeps the 

permeate side of the membrane. The gas carries the vapor molecules, and 

the condensation takes place in a condenser outside the module. The gas 

barrier in SGMD results in heat loss reduction, and since the gas is not 

stationary, the mass transfer coefficient is enhanced as well, resulting in a 

higher permeate flux (El-Bourawi et al., 2006).  

 

Figure  2.4 Sweeping gas membrane distillation configuration (SGMD) 

 

SGMD is meant to be an intermediate approach between the DCMD and the 

AGMD configurations, as it combines the low conductive heat loss (AGMD) 

with the reduced mass transfer resistance (DCMD). However, at high gas 
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velocity, the flux shows slight decreases due the increase in permeate side 

pressure required to sweep the gas (Basini et al., 1987). Additionally, the 

condensation of the water vapor in the presence of non-condensable 

sweeping gas becomes very difficult and requires huge surface area to 

achieve complete condensation. 

2.3.4 Vacuum Membrane Distillation (VMD) 

VMD gets its name from the vacuum maintained at the permeate side of the 

membrane. As it can be seen in Figure 2.5, there is no cold distillate stream 

on the other side of the membrane. Water vapor is recovered at the distillate 

side and condensed in an external condenser outside the module (Lawson 

and Lloyd, 1997). 

 

Figure  2.5 Vacuum membrane distillation configuration (VMD) 

The low pressure maintained by a vacuum device considerably increases the 

water vapor flux (Curcio and Drioli, 2005) and reduces the heat transfer by 
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conduction as well. However, this configuration still have fewer number of 

studies compared to DCMD and AGMD probably due to the high risk of 

having membrane pore wetting at high vacuum condition (El-Bourawi et al., 

2006). Therefore, membranes of smaller pore sizes (< 0.45 µm) are usually 

used (Lawson and Lloyd, 1997). 

The advantages and disadvantages of the four common MD configurations 

are summarized in Table 2.1below: 

Table  2.1 Summary of the advantages and disadvantages of the four common 

MD configurations 
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Advantages Advantages 

1. Simple 
2. High flux 

 

1. Thermally inefficient especially at 
large scale. 

2. Require external heat recovery 
3. Limited application due to the need 

for pure water as coolant 
4. Feed and coolant are in made in two 

separate fluid flow loops. 

A
G

M
D

 

1. Lower heat loss by conduction 
2. Universal design for different 

applications where any type of 
coolant can be used 

3. Integrated heat recover system 
4. Feed and coolant can be one 

Single loop fluid flow. 

1. Low flux 
2. Complex design 
 

S
G

M
D

 

1. Slightly higher flux than AGMD 
2. Lower heat loss by conduction 

1. Flux is limited by the gas pressure 
drop inside the module 

2. Large condenser is required due to 
the presence of non-condensable 
gases 

3. Gas blower is required 

V
M

D
 

1. High flux 
2. Lower heat loss by conduction 

1. Vulnerable to pore wetting 
2. External heat recovery 
3. Low temperature coolant required 
4. Difficult operation due to applying 

vacuum 
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 MD potential applications 2.4

There are many areas of applications of which MD has more potential and 

advantages compared to the conventional methods. However, at this point, all 

of the studies are still conducted at laboratory scale and small pilot plants. 

One configuration can be more suitable in certain application areas than 

others. Table 2.1 summarizes the potential applications of MD.  

Table  2.2 Areas where MD process has been successfully applied on 

laboratory scale (El-Bourawi et al., 2006) 

Application Area 

MD configuration 

DCMD AGMD SGMD VMD 

Desalination and pure water production 
from brackish water 

    

Nuclear industry (concentration of 
radioactive solutions and wastewater 
treatments; pure water production) 

    

Textile industry (removal of dyes and 
wastewater treatment) 

    

Chemical industry (concentration of acids, 
removals of VOCs from water, separation 
of azeotropic aqueous mixtures such as 

alcohol/water mixtures and crystallization) 

    

Pharmaceutical and biomedical industries 
(removal of water from blood and protein 

solutions, wastewater treatment) 

    

Food industry (concentration of juices and 
milk processing) and in areas where high 

temperature applications lead to 
degradation of process fluids 
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As observed from Table 2.1, DCMD has the most application areas since it is 

the most studied MD configuration. Compared to RO, MD has the advantage 

of being able to treat aqueous feed solution with a very high concentration of 

non-volatile solutes and lower temperatures relative to the other thermal 

separation methods. For the sake of brevity, only three of these applications 

will be discussed. 

2.4.1 Seawater desalination 

The production of drinking water from seawater is one of the main MD 

applications. The work started in 1982 by Gore, who used two different AGMD 

modules (flat-sheet membrane and spiral-wound) for desalting aqueous 

solutions of NaCl (Gore, 1982). New companies like Memsys, Memstill, 

Scarab, and others are still putting more efforts in developing large scale MD 

units for seawater desalination. All MD configurations can be used for 

seawater desalination but they are not equally efficient. MD has the 

advantages of using low cost thermal energy sources to reduce desalination 

operating cost. For example, Banat et al. (Banat et al., 2007a, 2007b)  tested 

small and large pilot units combined with solar thermal collectors. It is also 

possible to integrate MD with conventional desalination technologies such as 

RO to increase the plant water recovery factor. Drioli et (1999) looked into 

coupling RO and MD and found that the hybrid system could reach 87.6% 

water recovery compared to 40% if RO separation is used alone. Such a 

reduction in desalination brine discharge will significantly reduce the waste 

management cost as well as the environmental impact. 
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2.4.2  Wastewater treatment 

The applicability of MD for wastewater treatment was tested against different 

wastewater streams. For example, Zolotarev et al. (1994) conducted an MD 

test for the removal of heavy metals from spent solutions. MD was also used 

in concentrating spent sulfuric acid (Tomaszewska, 1993) and in treating 

radioactive waste to reduce their disposal cost (Chmielewski et al., 1997; M. 

Khayet, 2013; Zakrzewska-Trznadel et al., 1999). However, using MD for 

wastewater treatment is challenged by the different constituents of the waste 

streams. The presence of surfactants, for example, in the wastewater steam 

increases MD wettability and degrade its separation efficiency (Dytnerskii et 

al., 1993). Additionally, the precipitation of waste water particles on the 

membrane could lead to severe fouling and stop water vapor flux (Gryta et al., 

2006). 

2.4.3 Concentration of thermally sensitive solutions 

Since MD process can be operated at a relatively low feed temperature, it was 

tested for the concentration of thermally sensitive solutions. Sakai et al. 

(1987) tested MD for blood concentration. MD is also suitable for fruit juice 

concentration. Thus, it can be a good alternative technique that can replace 

the conventional multistage vacuum evaporation used in the industry. It 

preserves juices flavor, concentrating them with less energy and better quality 

(Curcio and Drioli, 2005). 
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 Mass and heat transport through MD membrane 2.5

Predicting the rate at which the water vapor is transferred across the dry 

pores of the MD membrane is complicated by being coupled with the heat 

transfer. This means that the MD membrane acts as a mass and heat 

transport device where the hot and cold fluids exchange their heat and mass 

as they move along the sides of the membrane. Thus, MD flux cannot be 

accurately predicted without solving equations related to both heat and mass 

transfer mechanisms. However, in this section we are going to uncouple these 

two transfer mechanisms to make their discussion easier to be understood.  

2.5.1 Mass transfer 

The water vapor molecules that leave the vapor-hot liquid interface encounter 

different mass transfer resistances inside the membrane pores. The type of 

resistance depends on the size of the pores available for the vapor molecules. 

The Knudsen flow regime is expected to happen when the pore size is smaller 

than the mean free molecular path (0.3 µm for water vapor at 60ºC) (Schofield 

et al., 1987). In this regime the vapor molecules will hit the pore walls several 

times before finally condensing at the other side of the membrane. 

Mathematically the water vapor flux with Knudsen flow regime is written as: 

 

         
  

  
(
 

  
)
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where r, , , , are the average pore size, the porosity, the thickness, and the 

tortuosity of the membrane, respectively. M is the molecular weight of the 

water vapor and R is the universal gas constant. T is the average absolute 

temperature and P1 and P0 are the vapor partial pressure at the hot and cold 

side of the membrane, respectively.  

If the pore size of the membrane is greater than the mean free path then 

vapor transport will be best described by Poisuelle regime. In this regime the 

viscosity of the vapor and its velocity inside the pore is more significant.  
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where  and Pm are the average viscosity and the average pressure inside 

the membrane pores, respectively. 

If the pore size is very close to the mean free molecular path then the flow 

mechanism can be described by combing the two models.  

There is a third resistance caused by the entrapped non-condensable gases 

in the pores. These entrapped gases obstruct the hot vapor molecules and 

reduce their momentum towards the condensate side (Schofield et al., 1987). 

This mass transfer mechanism can be described by the following equation: 

    
 

   

  

  

 

  
(     ) (  2.3 ) 
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where D is the vapor/air diffusion coefficient and Yln is the logarithmic average 

mole fraction of air inside the membrane pores.  

There is another diffusive mass transfer resistance but this time it is in the 

liquid phase. This resistance is caused by the concentration polarization of a 

relatively non-volatile component in a mixture near the membrane surface. 

The non-volatile components will accumulate at the entrance of the 

membrane pores and block the way of the relatively volatile components and 

prevent them from reaching the membrane interface. This resistance will force 

the volatile components to diffuse among the non-volatile components in 

order to reach the membrane interface. Bandini and Sarti (1999) found that 

this mass transfer resistance is only important for the separation of the volatile 

organic compound (VOCs) that are present in small concentration in an 

aqueous mixture. For the water vapor flux in pure water or a dilute salt 

solution, they reported that this type of resistance is not significant. The 

general form for the above three equations can be given by the following 

equation that relates the flux to the partial pressure difference: 

         (  2.4 ) 

where J is the flux, C is the permeability constant related to the membrane 

and    is the partial pressure difference across the membrane which can be 

approximated by Antoine equation using the equilibrium temperatures of the 

feed and permeate at the interface of the membrane.  
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       (       
    

    
) (  2.5 ) 

where P (in Pascal) and T (in Kelvin) are the equilibrium vapor pressure and 

temperature at the membrane interface, respectively. 

2.5.2 Heat transfer 

There are different mechanisms by which heat is transferred during the 

separation of the MD process. First, heat is transferred from the bulk feed to 

the boundary at which the feed is interfaced with the membrane through 

convection. This type of heat transfer is calculated as heat flux according to 

the following equation: 

         (     ) (  2.6 ) 

where h is the convective heat transfer coefficient, Tb is the bulk hot or cold 

fluid temperature and Ti is the temperature at the membrane interface. In the 

heat exchanger literature, several empirical correlation equations have been 

developed for the calculation of convective heat transfer coefficient. MD 

investigators adopted some of these correlations where they depend on non-

dimensional numbers such as:  

                     (  2.7 ) 
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Nu, Re and Pr are Nusselt, Reynolds and Prandtl numbers, respectively. The 

Nusselt number is correlated to the convective heat transfer coefficient 

according to the following equation: 

   
    
  

 (  2.8 ) 

Where kl is the thermal conductivity of the fluid and dh is the hydraulic 

diameter of the fluid channel.  

One problem with Eq. 2.6 is that it is based on the temperatures at the 

membrane interface that is experimentally difficult to measure. However, if we 

want to use the bulk temperature we have to consider the temperature 

polarization effect. We dedicated Chapter 6 of this thesis to discuss this 

phenomenon in detail. 

The heat transfer across the membrane is transferred by two mechanisms. It 

is transferred by the vapor molecules that pass through the membrane pores 

as internal and momentum energies referred to as vapor enthalpy Qv:  

       (  2.9 ) 

where g is the water vapor enthalpy and J is the water vapor flux. 

The heat is also transferred to less extent through the polymeric matrix of the 

membrane by conduction Qc according to the following equation: 
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 (       ) (  2.10 ) 

where hm is the thermal conductivity of the membrane. Thm and Tcm are the 

hot and cold fluids temperatures at the membrane interface, respectively.  

The thermal conductivity of the membrane most of the time is approximated 

according to the following equation: 

         (   )     (  2.11 ) 

where hmg is the thermal conductivity of the air inside the membrane pores. 

The total heat flux of the MD process is simply calculated as the sum of the 

enthalpy of the transferred water vapor and the heat transferred through 

conduction:  

              (  2.12 ) 

The thermal efficiency of the MD process eMD is defined by the following 

equation (Alklaibi and Lior, 2005)  

     
  
      

 (  2.13 ) 

Most of the time this ratio is referred to as Gain Output Ratio (GOR). In simple 

words, the process of low GOR value means that it has low thermal efficiency 

while the high GOR value means the process is thermally efficient. 
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 Operating parameters affecting the MD process 2.6

The membrane in the MD process acts as a contactor only. The dry pores 

facilitate linking channels between the hot and cold liquids to allow the vapor 

to move from one liquid to another based on their vapor-liquid equilibrium 

state. Since the vapor-equilibrium is a function of temperature, pressure and 

composition, the vapor flux is expected to depend on the fluid conditions and 

on the mass transfer resistances imposed by the membrane structure. It also 

depends on the heat transfer resistances that are mainly controlled by the 

hydrodynamics inside the module channels. Thus, the water vapor flux 

depends on the feed and permeate temperatures, flow rates, and salinity as 

well as module configuration and membrane permeability. In this section we 

are going to discuss the effects of fluid operating conditions only. The 

membrane effects will be covered in section 2.7. 

2.6.1 Feed and coolant temperatures 

In all configurations, while maintaining a constant permeate temperature, an 

exponential increase in permeate flux is observed when the feed temperature 

increases (Alkhudhiri et al., 2012; El-Bourawi et al., 2006; Lawson and Lloyd, 

1997). This is due to the exponential function of feed vapor pressure with feed 

temperature (Figure 2.6). Hence, the driving force increases and the flux 

becomes higher as well. The feed temperature is usually in the range of 40˚C 

- 90˚C.  
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Figure  2.6 The effect of feed temperature on the MD driving force 

When the feed is maintained at constant temperature and the coolant 

temperature is allowed to decrease, the permeate flux is observed to 

increase. However, this increase is not as large as that caused by increasing 

the feed temperature because the variation in the vapor pressure at low 

temperature is not as high as it is at high temperature (Figure 2.6). Alklaibi 

and Lior (2005) reported that permeate temperature has less effect than the 

feed temperature. Coolant temperature has more than a two-fold smaller 

effect than the feed temperature. Thus, it is more convenient to increase the 

feed temperature rather than decreasing the permeate side temperature.  

2.6.2 Temperature difference across the membrane 

As mentioned earlier, the MD flux increases as the driving force increases 

which is represented by the difference in water vapor pressure across the 

membrane pores. However, this driving force cannot be controlled by 

maintaining constant temperature difference across the membrane. In 
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Figure 2.7, even though the temperature difference is maintained constant 

(T=10 ⁰C), the vapor pressure difference varies according to the mean 

temperature. At higher mean temperature the vapor pressure difference is 

much higher than it is at lower mean temperatures. Therefore, flux is expected 

to be always higher at the feed inlet than it at outlet of the module. 

 

 

Figure  2.7 The effect of constant T at different mean temperatures on the 

MD driving force 

2.6.3 Feed and coolant flow rates 

Feed flow rate or feed circulation velocity increases the permeate flux by 

increasing the convective heat transfer coefficient and reducing the 

concentration polarization effect. Compared to the feed temperature effect, 

the feed flow rate has less effect on the permeated flux. Its effect is 2.5-fold 

weaker than that of the feed temperature. The linear relation between feed 

flow rate and flux is up to a limit. Some researchers showed that the increase 
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of flux with feed flow rate continues until it reaches a maximum point after 

which it decreases (Alklaibi and Lior, 2005). 

The response of feed flow rate on flux may differ from one configuration to 

another. SGMD has negligible effect on flux but all other configurations 

showed a linear relation between the feed flow rates and the permeate flux.  

The effect of coolant flow rate depends on the MD configuration. For instance, 

its effect is almost negligible in AGMD because the dominant heat transfer 

resistance is in the air gap. In the DCMD and SGMD cases, the increase in 

the permeate flow rate is followed by an increase in the heat transfer 

coefficient at that side, hence an increase in the permeate flux is observed 

(Blanco Gálvez et al., 2009). But when it is compared to the feed temperature 

effect, this effect is not so significant. 

2.6.4 Feed concentration 

The effect of concentration most likely depends on the type of the solute 

present in the process feed water (El-Bourawi et al., 2006). For the case of 

feed containing non-volatile solutes such as seawater, the increase in 

concentration results in a decrease in permeates flux in all MD configurations 

ranging from slight to modest. That is due to the partial vapor pressure 

reduction caused by the salt effect. For the case of feed water containing 

volatile solutes, the permeate flux generally increases with concentration but it 

depends upon the thermodynamic properties of the involved volatile 

compound and their interaction with water. 
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 MD membrane characteristics 2.7

Considerable effort is currently being done to synthesize membranes that are 

more suitable for the MD process. Such membranes should have certain 

characteristics which include: 

- Chemically and physically resistant to feed and distillate solutions 

conditions. 

- Minimal resistance to water vapor mass transfer. 

- Total rejection to liquid and nonvolatile components. 

- Minimal heat loss through conduction. 

The MD membrane is expected to be synthesized from materials that can 

tolerate high salinity feed water at temperatures as high as 100 °C. It also 

should tolerate the distillate stream low temperature condition that could reach 

5°C.  

Even though the second and third properties described above appear to 

contradict each other, both of them can be achieved if a hydrophobic or water 

repellent material is used in the synthesis of the MD membrane. However, an 

optimal point between these two properties is being searched for in order to 

not jeopardize one property for the sake of the other. The relation that links 

the water vapor flux to the membrane specification (porosity, average pore 

size, thickness and tortuosity) can be described as (Lawson and Lloyd, 1997): 

    
   

  
 (  2.14 ) 
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where, N, r, , , and  are the molar flux, the average pore size, porosity, 

thickness and tortuosity factor of the membrane, respectively. The exponent 

‘a’ is a factor whose value is equal to 1 for Knudsen diffusion flow or 2 for the 

Poiseuille flow regime. The relation clearly reveals that the water vapor flux 

across the membrane can be maximized by increasing the membrane 

average pore size and membrane porosity or by reducing membrane 

thickness and tortuosity.  

The average pore size of an MD membrane is considered a very important 

parameter since it determines the operating pressure of the process and the 

mechanism by which the vapor is transferred through the membrane pores. In 

other words, the maximum operating pressure of the MD cannot exceed the 

pore liquid entry pressure (Pentry) which is a function of the pore size 

according to the following equation (Lawson and Lloyd, 1997): 

         
         

    
 (  2.15 ) 

where, B is pore geometry factor, L is the surface tension of the solution, rmax 

is the maximum pore size and  is the contact angle between the solution and 

membrane surface. Comparing Eq. (2.14) to Eq. (2.15) shows that increasing 

membrane pore size increases the molar flux rate and at the same time it 

reduces its ability in rejecting the liquid phase and the nonvolatile components 

dissolved in it. Since both properties are important for the MD process and 

they are inversely related, an optimal pore size should be selected based on 

the type of configuration used. Alklaibi and Lior (2005) in their review 



62 

 

tabulated different MD tests using different membranes and none of them had 

a pore radius greater than 1m. Only a super hydrophobic membrane is 

possibly capable of operating at this pore size without getting wet. Ma at el 

(Ma et al., 2009) fabricated a super hydrophobic glass membrane having a 

contact angle of 160° and a narrow distribution of pore radius centered at 3.4 

m. The distillate rate was about 8.5 kg/m2hr when the membrane was tested 

in an air gap setup using a 5% salt concentration and 63 °C temperature 

gradient. The membrane was considerably thick, about 500 m, with only 

26% of membrane porosity. This brings our discussion to membrane porosity. 

Membrane porosity refers to the percentage of void volume relative to the 

total volume of the membrane. Increasing membrane porosity increases the 

surface area available for evaporation which gives an increase in the water 

vapor flux. Since the thermal conductivity of the gases entrapped in the 

membrane pores is much lower than the thermal conductivity of the 

membrane matrix, increasing membrane porosity can enhance the water 

vapor flux indirectly by lowering the heat loss through conduction as indicated 

in Eq. 2.11. Thus, increasing membrane porosity should be maximized until 

the point after which the physical integrity of the membrane starts to 

deteriorate. 

Membrane tortuosity refers to the mean pore length relative to the membrane 

thickness. Depending on the preparation method, the tortuosity factor can be 

as low as 1 for straight-through pores or as high as 3.9, as was report by 

Ferandez-Pineda et al (2002). Generally, the phase inversion method 
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produces membranes having a high tortuosity factor while electro spinning, 

stretching and sintering techniques are possibly capable of synthesizing 

membranes with straight through pores. 

The optimal membrane thickness for the DCMD configuration is controlled by 

the mass transfer resistance and the thermal conductivity of the membrane. 

As the membrane gets thinner mass transfer resistance becomes lower and 

the thermal conductivity get higher. Thus, an optimal thickness should be 

determined based on these two parameters. For the other configurations, the 

heat transfer through conduction is negligible. Therefore, the thickness of the 

membrane should be decreased to the minimum. The membrane thickness 

becomes more important in the Knudsen flow regime where it is equally 

important as the average pore size. In Knudsen flow regime (Eq. 2.1) the 

thickness and average pore size are raised to the same power while they are 

different in the Poiseuille flow (Eq. 2.2) (El-Bourawi et al., 2006). 

 

 Current MD challenges 2.8

El-Bourawi et al. (2006) in their review highlighted some of the factors that are 

possibly the main causes of delaying MD process scale-up. These factors 

include: 

- The MD flux is still low compared to other separation techniques such 

as RO. 

- MD permeate flux decays over time. 

- There is not enough work on membrane synthesis and model design. 
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- There is high degree of uncertainty in the energy and economic costs 

of the MD process. 

The research work of this thesis generally focuses on addressing the first 

factor of the above challenges. It is directed toward solving the low flux 

problem in the AGMD configuration in specific because AGMD became the 

first choice for pilot testing design (Hanemaaijer et al., 2006; Kullab, 2011; 

Lange et al., 2011; Saffarini et al., 2012; Winter et al., 2011). 

AGMD introduces a thin layer of ambient air (2-10 mm) between the MD 

membrane and the cooling surface as a thermal insulation to minimize the 

heat loss by conduction. However, the non-condensable gases in this thin 

layer have been reported in many AGMD studies to be the main limiting factor 

for the vapor flux (Alkhudhiri et al., 2012; Curcio and Drioli, 2005; M. S. 

Khayet and Matsuura, 2010; Lawson and Lloyd, 1997). The water vapor 

formed at the interface of the hot side of the membrane must diffuse through 

the pores of the membrane and across the air gap before it condenses on the 

cold surface (see Figure 2.3). 

The current MD studies still show that AGMD flux is quite low and large 

membrane area is required to produce large quantity of fresh water. Kheyat 

and Matsuura (2010) summarized the fluxes obtained from the available 

AGMD studies. The highest flux reported in that review was 26.28 kg/m2.hr for 

a tap feed water (conductivity of 297 S/cm) and coolant temperatures of 82 

⁰C and 7 ⁰C, respectively, using a PVDF membrane with 0.8 mm air-gap 

width. However, in such a small gap the liquid distillate is expected to 
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completely fill the module where it expels the non-condensable gases from 

the gap. Furthermore, the majority of the lab-scale tests reported in literature 

are conducted at small membrane sizes and at relatively high feed and 

coolant flow rates. Such conditions are considered very optimistic especially 

when the T between the inlet temperatures of the fluids used in the test are 

relatively large (T=75 ⁰C for the case of the largest AGMD flux reported). 

The flux under these conditions will be large and far from the flux expected 

using a large scale module.  For example, the 7-meter long membrane test 

conducted by Winter et al. (2011) resulted in a T of less than 10 ⁰C across 

the membrane even though the feed water enters the module at 80 ⁰C and 

the coolant at 25 ⁰C. This small driving force reduced the flux to about 1 

kg/m2.hr. 

Jonsson’s et al theoretical work (1985) and Kimura and Nakao’s et al. 

experimental studies (1987) showed that the flux decreases as the air gap 

thickness increases (Figure 2.8 and 2.9, respectively): 
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Figure  2.8 Mass flux as a function of the diffusion path in AGMD, Th=60 ⁰C,  

Tc=20 ⁰C, membrane thickness=0.2 mm (Jonsson et al., 1985) 

 

Figure  2.9 Effect of gap width on vapor flux (Kimura et al., 1987) 

Gostoli et al. (1987) tested a flat sheet air gap module under different air gap 

pressures lower than atmospheric pressure and found that the flux increases 

as the air gap pressure decreases (Figure 2.10). 
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Figure  2.10 Cold wall distillation: water flux vs. Tb at TM = 50 ⁰C (Gostoli et 

al., 1987) 

Similarly, Guijt et al. (2005) removed the non-condensable gases from their 

air gap hollow fiber module and observed that the flux increased by three-fold. 

Furthermore, non-condensable gases shift the transport mechanism of the 

condensation process from being liquid-phase heat transfer controlled to a 

vapor-phase mass transfer controlled (Asano, 2006). When a vapor, 

containing non-condensing gases, condenses on a cold surface the 

concentration of the gas in the immediate vicinity of the surface is greater than 

that in the bulk air-vapor mixture. As a result, the partial pressure, and hence 

temperature, of the vapor near the surface, is reduced. This, in turn, reduces 

the temperature difference across the condensate film, and thereby reduces 

the heat flux, as shown in Figure 2.11.  
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Figure  2.11  Influence of non-condensable gases on interfacial resistance 

(Collier and Thome, 1994) 

For instance, studies on the effect of the non-condensable gases on film 

condensation on a flat plate and in the absence of forced convection (i.e., 

under natural convection conditions), have indicated that a gas mass fraction 

as little as 0.5 % can cause a reduction of about 50% in heat flux (Collier and 

Thome, 1994).  Figure 2.12 clearly shows this effect on the ratio of the heat 

transfer rate in the presence of these gases () to the heat transfer rate when 

these gases are absent (). 
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Figure  2.12  The influence of non-condensable air in steam on heat transfer 

(Collier and Thome, 1994) 

A careful look at Figure 2.12 shows that the improvement in heat transfer 

cannot be seen unless the mass fraction of non-condensable gases is 

reduced to less than 0.005.   

If we exclude the conventional steam condensers studies, we will find that the 

two studies mentioned above (Gostoli et al., 1987; Guijt et al., 2005) are the 

only works reported for the removal of non-condensable gases in the MD 

literature. Therefore, we believe that there is still a knowledge gap in the MD 

literature in this regard and the work of this thesis tries to close part of it. The 

thesis studies the effect of non-condensable gases theoretically and 

experimentally. A one-dimensional mathematical model of the AGMD 

configuration is developed to simulate the basic case where the gap is 
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operated at atmospheric pressure and for the sub-atmospheric case where 

vacuum is being applied to the degree of the feed temperature saturation 

pressure. Experimentally, two different methods of non-condensable gases 

were tested (filling the AGMD gap with porous solid material and liquid water 

and through vacuum). Experimental tests were also conducted to validate the 

developed mathematical model.   
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  CHAPTER 3

AIR GAP MEMBRANE DISTILLATION MATHEMATICAL 

MODELING1 

 Summary 3.1

A one dimensional (1-D) air gap membrane distillation (AGMD) model for flat 

sheet type modules has been developed. This model is based on 

mathematical equations that describe the heat and mass transfer 

mechanisms of a single-stage AGMD process. It can simulate AGMD 

modules in both co-current and counter-current flow regimes. The theoretical 

model was validated using AGMD experimental data obtained under different 

operating conditions and parameters. The predicted water vapor flux was 

compared to the flux measured at five different feed water temperatures, two 

different feed water salinities, three different air gap widths and two MD 

membranes with different average pore sizes. This comparison showed that 

the model flux predictions are strongly correlated with the experimental data, 

with model predictions being within +10% of the experimentally determined 

values. The model was then used to study and analyze the parameters that 

                                            

 

1
 Published as: 

A.S. Alsaadi, N. Ghaffour, J.D. Li, S. Gray, L. Francis, H. Maab, G.L. Amy, Modeling of air-
gap membrane distillation process: A theoretical and experimental study, J Membrane Sci, 
445 (2013) 53-65. 
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have significant effect on scaling-up the AGMD process such as the effect of 

increasing the membrane length, and feed and coolant flow rates. The model 

was also used to analyze the maximum thermal efficiency of the AGMD 

process by tracking changes in water production rate and the heat input to the 

process along the membrane length. This was used to understand the gain in 

both process production and thermal efficiency for different membrane 

surface areas and the resultant increases in process capital and water unit 

cost. 

 

 Introduction 3.2

Membrane Distillation (MD) is a thermally driven separation process that 

utilizes a hydrophobic, micro-porous membrane as a contactor between two 

fluids maintained at different temperatures where the separation is achieved 

by the mass transfer of the vapor phase. At relatively low operating pressures 

the hydrophobicity of the micro-porous membrane prevents the liquid phase 

from wetting the membrane pores and vapor is the only phase to pass 

through the membrane. The difference in fluid temperatures between the two 

sides of the membrane creates a driving force for the vapor to pass from the 

fluid at higher temperature (feed) to the one at lower temperature (coolant). 

MD holds high potential for several applications including water desalination 

(Maab et al., 2013). It is an alternative sustainable technology that can be 

driven by solar, geothermal or waste heat (Kim et al., 2013). One of the main 

advantages of MD is that process performance is not highly affected by high 
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feed salinity, as was proven in bench scale (Curcio and Drioli, 2005) and in 

full scale (Winter et al., 2011) studies. 

Air Gap Membrane Distillation (AGMD) is one of the four common MD 

configurations. It is characterized by the presence of a stagnant air gap 

between the membrane and the condensation surface to reduce the heat loss 

by conduction. Because of the improved thermal efficiency of AGMD 

compared to direct contact membrane distillation (DCMD), it became the first 

choice for pilot testing to address scale-up and long-term operational issues 

(Hanemaaijer et al., 2006; Kullab, 2011; Lange et al., 2011; Saffarini et al., 

2012; Winter et al., 2011). This may be due to the close similarity of the 

AGMD configuration to the matured Multi-Stage Flash (MSF) technology. The 

former technology can be described as an intensification of the latter one. In 

other words, even though the two technologies share many similar features, 

AGMD is reduced in size compared to MSF, because of its higher surface 

area to volume ratio, and can possibly achieve the same level of production 

and thermal efficiency. Furthermore, it holds future potential advantages over 

the conventional thermal-based processes as discussed below: 

- It can be decentralized since it is modular and any low grade heat 

source (solar energy, waste-heat) can be sufficient for its operation. 

- AGMD modules can be made of inexpensive polymeric materials that 

are corrosion resistant. 

- As is the case with most membrane-based separation technologies, 

the MD operation procedure is simple and requires relatively less 

manpower (Ghaffour, 2009). 
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- Low operation and maintenance cost and no chemicals required (Bier 

and Plantikow, 1995). 

Modeling of the AGMD process  has generally taken either of two 

approaches: 0-dimentional modeling (0-D) where the transport of heat and 

mass are averaged over the module, and two-dimensional modeling (2-D) 

where variations in heat and mass transfer conditions along the membrane 

are taken into consideration (i.e., temperature profiles, hydrodynamics). The 

limitations of these approaches are:  

a) 0-D models (Banat and Simandl, 1994, 1998; Chang et al., 2011; 

Cipollina et al., 2012; Gostoli et al., 1987; Izquierdo-Gil et al., 1999; 

Jonsson et al., 1985; Kimura et al., 1987; G. L. Liu et al., 1998): these 

models do not consider the changes of the fluid conditions as they flow 

inside the AGMD module. Averaged fluids properties are used as 

inputs to these models. Such models do not account for changes in 

temperature (and therefore driving force) along the membrane length, 

and process scale-up can only be predicted from experiments using an 

AGMD module of the same dimensions and identical operating 

conditions (i.e., pilot plant trials). Therefore, this approach can neither 

be used for optimization nor can it predict performance from small 

scale laboratory experiments or conditions for which experiments have 

not been conducted. 

b) 2-D models (Alklaibi and Lior, 2005; Bouguecha et al., 2003; 

Chernyshov et al., 2003; Chouikh et al., 2005): these models involve 
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detailed computational fluid dynamic (CFD) simulation of the flow 

parameters and heat transfer across a 2-dimensional membrane 

surface. Such models are computationally intensive and require longer 

time to achieve results, especially for large membrane surface areas. 

Given that the configuration of most AGMD systems are flat sheet 

membranes where the conditions are assumed to be identical across 

the membrane width, the extra complication of 2-D modeling compared 

to 1-dimentional modeling (1-D) appears unnecessary. 

To the authors’ knowledge, there has been only one 1-D model for AGMD 

reported in the literature to date, although 1-D modeling of DCMD has 

become established (Zhang et al., 2012; Zhang et al., 2011a, 2011b). Guijt et 

al. (2005) developed a 1-D model for a single hollow fiber module using the 

Dusty gas model and considered counter-current flow only. In this paper, a 1-

D AGMD model for a flat sheet module is developed for both co-current and 

counter-current flow regimes. The theoretical model predictions are validated 

and compared with experimental results obtained using a locally designed 

and fabricated AGMD module and commercially available PTFE membranes 

of two different pore sizes. 

 

 Mathematical modeling 3.3

3.3.1 Model development 

The 1-D AGMD mathematical model developed was for flat sheet membranes 

typically used in commercial MD pilot units. The model is based on dividing 
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the AGMD module longitudinally into small elements. Within each element, 

different zones exist where significant mass and energy exchange occurs 

along the boundaries of these zones. As depicted in Figure 3.1, the zones, in 

order from left to right, are as follows: 

- The hot fluid channel 

- The polymeric membrane layer 

- The air gap space 

- The condensate film on the cooling plate 

- The cooling plate sheet 

- The cold fluid channel 
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Figure  3.1 A schematic diagram of AGMD longitudinal zones used in 

describing the 1-D model 

In Figure 3.1, it is assumed that flow direction, x, is the same as that of the hot 

feed flow, and each small element is assumed to have a length of dx and a 

constant width W. Moreover, the mathematical model calculations were 

simplified according to the following assumptions: 

1. The system is at steady state conditions. 

2. The hot and cold fluids are assumed to flow in the x direction only.  

3. The pressure inside the air gap is constant (no pressure drop along the 

air gap zone). 

4. The condensation on the cooling plate is film-wise and the thickness of 

the falling film inside the air gap is small in comparison with the width of 

the air gap. 
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5. Within the air gap, there is no bulk velocity of the air-vapor mixture. 

Heat is transferred by conduction while mass is transferred through 

diffusion. 

6. Pure water vapor is only transported through membrane pores. 

7. There is no heat being exchanged with the surroundings. 

A magnification of two consecutive slices to illustrate the exchange of mass 

and heat is shown in Figure 3.2. 

 

Figure  3.2 Magnification of two consecutive slices along an AGMD module 

The mass and energy balances of slice i in the hot fluid channel can be 

described as follows: 
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where mh
i is the change in the hot feed mass flow rate of slice i. mhb

i, Si,  

mhb
i-1 and Si-1 are the hot feed mass flow rates and salt mass fractions exiting 

and entering slice i, respectively, Qh
i is the hot feed heat flux of slice i, cphb

i, 

Thb
i, cphb

i-1 and Thb
i-1 are the specific heat and bulk temperature of the hot feed 

exiting and entering slice i, respectively. 

The boundary layer is assumed to be a fully developed and transfers the 

mass that it receives from the hot fluid channel slice through convection to the 

membrane layer as compensation for the mass lost through evaporation.  

     
    

      (  3.4 ) 

where Jv
i is the mass flux of the water vapor and W is the width of the flat 

sheet module. Heat is also transferred by convection in this slice from the hot 

fluid channel to the membrane layer according to the following equation: 

 

        
 (   

     
 ) (  3.5 ) 
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The heat transfer coefficient Hh
i
 can be calculated from the following 

correlation: 

     
    
  

 (  3.6 ) 

where Nu is Nusselt’s number, kl is the hot fluid thermal conductivity and dh is 

the hydraulic diameter of the hot channel. For a spacer filled channel, 

although the Reynolds number (Re) is generally less than 300, Zhang et al. 

(2012) suggest that model predictions fit experimental data more accurately 

when the streams are assumed to be fully developed turbulent flow for the 

calculation of Nu. Thus, Nu can be calculated from the following correlation 

after correcting for the spacer effect by Ks. 
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Where Pr is Prandtl number, df is the spacer filament diameter, hs is the 

spacer thickness, s is the spacer porosity and  is the angle that spacer 

filaments make when they cross each other. 

The spacer porosity can be calculated as follow: 
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where Vfilament and Vtotal are the volume of the filament and the whole spacer, 

respectively.  

The local Re number in Eq. 3.7 can be computed from: 
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where  V, and  are the density, velocity and viscosity of the hot fluid in 

spacer-filled channel, respectively, and dh is the hydraulic diameter of a 

spacer filled channel. The hydraulic diameter for a single sized filament of 

rhombus mesh spacer can be calculated by (Da Costa et al., 1994): 
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The same calculations are applied for the heat transfer coefficient of the water 

film of the cold channel. Furthermore, at steady state, the change in heat flux 

of the hot feed (Qi
h) and the change in heat flux of the coolant (Qi

c) are equal 

and can be referred to as simply Qi. However, the mass flow rate of the 

coolant is constant but that of the hot feed decreases because it loses water 

vapor through the membrane (permeate) as it flows down the module. The 

following equation can be used to quantify the amount of vapor that passes 

through the membrane pores: 
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 (  3.12 ) 

Where C is the membrane mass transfer coefficient, P’hm is the saturation 

pressure of water at Thm, P’ma is the partial pressure of water vapor at the 

interface between the membrane and the air gap. 

In calculating the mass transfer coefficient, Zhang et al. (2012) concluded 

that, for DCMD, the Knudsen-molecular diffusion is the dominating mass 

transfer mechanism within the pores of the membrane and the vapor flux can 

be calculated as: 

 
kvmvv JJJ
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(  3.13 ) 

where Jmv and Jkv are the vapor fluxes due to molecular diffusion and 

Knudsen diffusion, respectively. In other words, the total membrane 

resistance to water vapor can be written as a combination of two mass 

transfer resistances in series according to the following equation: 

            (  3.14 ) 

where Rmv is the mass transfer resistance exerted by all non-condensable 

gases within the membrane pores on the water vapor molecules, and Rkv is 

the mass transfer resistance due to the momentum loss during the collision of 

water vapor molecule with the internal walls of the membrane pores. When 

there are no non-condensable gases within the membrane pores the 

resistance of Rmv becomes zero and the water vapor mass flux is mainly 
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controlled by Knudsen diffusion mechanism. At high partial pressure of non-

condensable gases within the membrane pores, the mass transfer is mainly 

controlled by a molecular diffusion mechanism. The Knudsen and molecular 

diffusions can be calculated through the following equations (Zhang et al., 

2012): 
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where d, b, , and  are the average diameter of pores, the membrane 

thickness, the tortuosity of the pores and the porosity of the membrane, 

respectively. Mv is the molecular weight of water, R is the universal gas 

constant and y is the mole fraction of water vapor in the membrane pores. 

The mass diffusivity between the air and water vapor is given by (Mills, 2001): 
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where T is the average temperature and P is the total pressure. The mole 

fraction of water vapor is related to vapor pressure Pv as: 
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Combining equations 3.13, and 3.15-3.17 yields: 
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Therefore, 
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The total heat transfer across the membrane can be calculated as: 

 gvmahm hJTT
b

k
Q iiii  )(

 
(  3.20 ) 

where hg is the enthalpy of the water vapor. The average thermal conductivity 

of the membrane is calculated by: 

 mair kkk )1(  
 (  3.21 ) 

where kair and km are the thermal conductivities of the air and the membrane 

material, respectively. In Eq. 3.20, the first term is the sensible heat transfer 

through conduction and the second term is the latent heat transfer of water.  

For a small mole fraction of water vapor within the air gap channel, the mass 

transfer of the water vapor can be approximately determined by (Bird et al., 

2007): 
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where    ̅
  is the molar flux of water vapor and is related to Jv

i
 by the molar 

mass of water vapor, c is the total molar concentration, a is the air gap width, 

DAB
i is the diffusivity coefficient, yma

i is the mole fraction of water vapor at Tma
i 

and yf
i is the mole fraction of water vapor at the interface of the falling film and 

is a function of the saturation pressure of the water at Tf
i. 

The heat transfer within the air gap can be calculated by: 
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where kAB
i is the thermal conductivity of the gas mixture of air and water vapor 

and 
i

gh is the molar enthalpy of water vapor. 

For the falling film, the model of Nusselt film condensation on a vertical plate 

is used (Baehr and Stephan, 1994). The condensate film thickness in that 

model is determined by:  
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where ii dxdm /  is the rate of mass increase of the falling film in slice i and this 

should be equal to the mass transfer of the water vapor Jv
i, l

i is the density of 

water liquid, av
i is the density of the gas mixture, f is the thickness of the 
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falling film, g is the gravity acceleration, and i is the dynamic viscosity of the 

water liquid. 

The heat transfer across the falling film is simply computed from:  
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where kf
i is the thermal conductivity of the water liquid film on the cooling 

plate. The heat transfer across the coolant wall can be calculated as: 
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where kw
i is the thermal conductivity of the cooling plate. For the coolant 

channel (the wall bounding the coolant channel to the right shown in 

Figure 3.1 is assumed to be solid and adiabatic), the energy balance gives: 

           
 (    

    
      

      
   
) (  3.27 ) 

where mc and cpcb are the mass flow rate and specific heat of the coolant. 

Also, the heat transfer in the coolant channel can be calculated as: 
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where Hc
i is the convective heat transfer coefficient of the coolant channel. 
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To correct for changes in the fluid conditions as they flow through the AGMD 

module the correlation equations for the thermal properties presented in 

Table 3.1 were used. 
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Table  3.1 Correlation equations of seawater physical properties 

 

3.3.2 Solution procedure 

The solution to the co-current and counter-current regimes begins by re-

arranging Eq. 3.12 to take the following form: 
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From Eq. 3.22 and Eq. 3.17: 
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Since  = cMv then the mass flux becomes: 
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Using the ideal gas law we get: 
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From Eq. 3.32, we obtain: 
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Combining Eq. 3.29 and Eq. 3.34 gives: 
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where P’hm and P’f are the saturation pressures at the corresponding 

temperatures. 

From Eq. 3.5, 3.20, 3.23 we get: 
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Combining the three equations above, we get: 
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From Eq. 3.25, 3.26, 3.28: 
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Combining the three equations of (3.38) results in: 
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For co-current flow, the calculation starts by estimating Tf
i where the mass flux 

(Jv
i) can be calculated from Eq. 3.35, the mass flux is then used in Eq. 3.24 

and (3.7) to calculate the film thickness of the condensate (f
i) and Qi, 

respectively. At steady state, Qi in Eq. 3.37 and 3.39 are equal. Therefore, 

Eq. 3.39 is used to re-calculate Tf
i. The above steps can be repeated until 

convergence. After the convergence of Tf
i, the feed flow rate and its bulk 

temperature and the temperature of the coolant of the next slice can be 

calculated from 
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In the above equations, i+1 means the position of xi+1. The above procedures 

can be performed from x =0 to x = L (the length of the module). However, for 

counter-current flow, the solution is complicated by not knowing the exit 
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temperature of the coolant fluid at x=0. Thus, the exit temperature of the 

coolant should be estimated first. Since the coolant exit temperature is always 

expected to be between the coolant inlet temperature and the inlet hot feed 

temperature, the average of these temperatures can be used as an initial 

estimate of the coolant exit temperature. The same co-current procedure is 

then used to calculate the inlet temperature of the coolant except that the next 

Eq. 3.40, 3.42 and 3.43 are changed into the following equations: 
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The calculation is terminated when the estimation of the coolant exit 

temperature results in a difference between the calculated coolant inlet 

temperature and the coolant inlet temperature used as an input for the model 

below a pre-specified tolerance (0.001 ⁰C). Figure 3.3 and 3.4 show the 

algorithms used for the solution procedures in both flow regimes. 
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Figure  3.3  Calculation algorithm of the co-current flow model 

 



97 

 

 

Figure  3.4  Calculation algorithm of the counter-current flow model 

 

 Materials and methods 3.4

3.4.1 Experimental setup and membranes 

Two commercially available hydrophobic micro-porous polytetrafluoroethylene 

(PTFE) membranes with different mean flow (average) pore sizes (0.2 µm 

and 0.45 µm) provided by Sterlitech Corporation were tested in the AGMD 

process. The porosity and thickness of both membranes are 80 % and 100 

µm each, respectively. Figure 3.5 shows the Scanning Electron Microscopy 

(SEM) and the contact angle of one of these membranes. The membrane 
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data were used in Eq. 3.18 to calculate the membrane mass transfer 

coefficient. A tortuosity of 1.5 for the pore structure was assumed. 

 

Figure  3.5  Scanning electron microscopy (SEM) of the active layer (left), 

support layer (middle) and contact angle measurement of one of the tested 

commercial membranes that they looked the same expect for their average 

pores size. 

 

A membrane specimen of 5cm x 10cm was tested in an AGMD flat sheet 

module made of polymethyl meth-acrylate (Figure 6b) locally designed and 

fabricated (Francis, 2013). The channel height was 2 mm for both feed and 

permeates sides. In each channel a single sized filament spacer made of 

polypropylene was inserted. The spacer thickness was 0.8 mm with filament 

diameters of 0.4 mm crossing each other at angle of 90⁰. The membrane 

module was mounted vertically in a bench scale set up. The permeate was 

collected from the bottom of the module in a flask placed on an electronic 

Mettler Toledo balance (ML3002E Precision Balance, with readability of 0.01 

g) after it was condensed on a 0.25 mm thick stainless steel sheet. The air 

gap width was varied by using different thicknesses of polymethyl 

methacrylate frames inserted between the membrane and the condensation 

plate (3, 9 and 13 mm; however, it was technically very difficult to build a 
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module with smaller air gap widths). The increase in the permeate weight was 

logged every 60 seconds via data acquisition software (Labview) to a 

computer hard drive. Deionized water and Red Sea water were used as feed 

solutions and filtered through a 5 µm filter to remove large suspended solids, 

while deionized water was used as coolant. Feed and coolant temperatures 

were monitored by in-line Pt100 sensors inserted at the entrance of the 

membrane module, and were used to control the heater and chiller 

temperatures via feedback control to the chiller and heater. A schematic 

diagram of the AGMD experimental unit is shown in Figure 3.6a. 

 

Figure  3.6  a) Schematic of the AGMD experimental setup, b) Flat sheet 

AGMD module 

3.4.2 Experiment procedure 

There are several features of the AGMD process that our mathematical model 

should be able to predict, such as the feed and coolant outlet temperatures, 

mass flux, and outlet feed salinity. However, not all of these features are 
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important from a practical point of view and sometimes a feature can be very 

difficult to measure experimentally. The mass flux of the AGMD, considered 

as a very important feature, should be measured with a high degree of 

accuracy especially in a bench scale study. Therefore, our validation 

procedure was based on comparing the predicted mass flux to the measured 

mass flux. 

Reproducibility tests were initially conducted to determine the experimental 

error associated with flux measurements. A sensitivity analysis using the 

mathematical model was conducted to identify which operating parameters 

are likely to significantly affect the mass flux. A matrix of experimental runs 

was then planned (Table 3.2) to map the operating conditions for the AGMD 

process that would result in detectable variations in flux for the bench scale 

unit. 

Table  3.2 Detailed conditions of the bench scale tests used in validating the 

model 

Run 
No. 

Variable parameter Constant parameters 

1-10 
Feed temperature 

(40-80⁰C) 
(reproducibility test) 

Hot feed: Red Sea water 
Hot feed flow rate: 1.5 LPM 
Coolant fluid: Deionized water 

Coolant inlet temperature: 20⁰C 
Coolant flow rate: 1.5 LPM 
Flow regime: Co-current 
Air gap width: 9 mm 
Pore size: 0.2 µm 

11-15 
Feed temperature 

(40-80⁰C) 

Hot feed: Deionized water 
Hot feed flow rate: 1.5 LPM 
Coolant fluid: Deionized water 

Coolant inlet temperature: 20⁰C 
Coolant flow rate: 1.5 LPM 
Flow regime: Co-current 
Air gap width: 9 mm 
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Run 
No. 

Variable parameter Constant parameters 

Pore size: 0.2 µm 

16-21 
Air gap width (5,9, 

and13mm) 

Hot feed: Red Sea water 
Hot feed flow rate: 1.5 LPM 
Hot feed inlet temperature: 
60,70⁰C 
Coolant fluid: Deionized water 

Coolant inlet temperature: 20⁰C 
Coolant flow rate: 1.5 LPM 
Flow regime: Co-current 
Pore size: 0.2 µm 

22-26 Pore size (0.45μm) 

Hot feed: Red Sea water 
Hot feed flow rate: 1.5 LPM 
Hot feed inlet temperature: 40-

80⁰C 
Coolant fluid: Deionized water 

Coolant inlet temperature: 20⁰C 
Coolant flow rate: 1.5 LPM 
Flow regime: Co-current 
Air gap width: 9 mm 

 

 Result and discussion 3.5

3.5.1 Model validation at different operating parameters 

The first set of experiments was conducted to test the reproducibility and to 

determine the experimental errors. The measured water vapor flux at different 

feed water temperatures was repeatable and the variation in flux was a 

maximum of +0.12 kg/m2·hr (2%) see Figure 3.7. 
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Figure  3.7 Reproducibility test of water vapor flux at different feed water 

temperatures (runs no. 1-10) 

The mathematical model results were then validated against different 

experimental data. Figure 3.8 shows a comparison between the predicted 

mass fluxes and the measured water vapor fluxes for a range of deionized 

feed water temperatures (40oC – 80oC). The model predicted an exponential 

behavior of the AGMD flux as a function of feed water temperature. Such 

behavior is not only supported by our experimental data but also reported in 

published AGMD literature (Banat and Simandl, 1994; Garcia-Payo et al., 

2000; Izquierdo-Gil et al., 1999). However, the validity of the mathematical 

model should not be judged based on predicting the trend of the process but 

also on how closely it predicts the absolute experimental data. Our current 

purpose of developing this model is to utilize it as a tool for further analyzing 

the AGMD process and for scale-up. Such a goal may require relaxing a 



103 

 

criterion toward which we may judge the validity of our module. Nonetheless, 

the prediction of the model was within the range of the experimental error. 
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Figure  3.8  Simulated and measured water vapor fluxes at different deionized 

feed water temperatures (runs no. 11-15) 

To validate the model further we replaced the deionized water (feed) with Red 

Sea water to see how the model predicts the water vapor flux for a seawater 

salinity of 4.2 wt%. The distillate conductivity was measured for these runs to 

check for any pore wetting that may took place and the distillate conductivity 

was always below 20 S. As shown in Figure 3.9, the predicted water vapor 

flux was also within the range of experimental error. 
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Figure  3.9  Predicted and measured water vapor fluxes at different seawater 

feed temperatures (runs 1-5) 

 

The effect of air gap width was also investigated. As shown in Figure 3.10, the 

model predicted a decay in flux as the air gap increased. This result agrees 

with the results reported by Kimra et al. (1987) and Jonsson et al. (1985). 

However, the model prediction for water vapor flux at different air gap widths 

was not as good as were the predictions for variations in feed temperature. 

Analysis of the results showed that the water vapor flux was very sensitive to 

the change of air gap width, especially when it is very small. A reduction in air 

gap width results in higher production capacity and higher errors. These 

errors are more significant when the air gap width is very small. Therefore, 

any small error in measuring the gap width (i.e., by 0.1 mm) will affect the 

water vapor flux significantly. The error of our measurements of the gap width 
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was about + 0.5 mm. Our investigation showed that this was due to the 

deformation of the parafilm tape used in sealing the module. Further 

experimental tests with a modified module are required in the future to better 

evaluate the model prediction at small air gap width. 
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Figure  3.10  Predicted and measured water vapor fluxes as a function of air 

gap width (runs no 16-21) 

 

Finally, the model was validated against experimental data using different 

membrane pore sizes. The model prediction was good enough (±10%), 

although it didn’t predict well the data (15%) at feed temperature of 70 ⁰C for 

the 0.45 m membrane (Figure 3.11). In this region the flux is increasing 

significantly as feed temperature is increased, so variations in the inlet 

temperature will have a larger effect on the measured flux compared to 
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measurements at lower feed temperatures, and the error of 15% appears 

reasonable. 
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Figure  3.11  Predicted and measured water vapor fluxes using different 

membrane pore sizes (runs no 1-5 and 22-26) 

 

3.5.2 AGMD process parameters analysis 

The previous validation tests were reasonably sufficient to provide enough 

confidence in the developed mathematical model. Therefore, the model was 

utilized for analyzing the complex and interrelated AGMD process parameters 

that are considered essential for scaling-up the MD process. The complexity 

of scaling-up a process comes from combining technical and economic 

judgments prior to making any decision. For example, the thermal efficiency, 
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the temperature gradient across and along the membrane, the flow rate, the 

membrane surface area, and the flow regimes all have technical and 

economical dimensions. Some of these parameters are discussed in the next 

section. The discussion will be based on the input data presented in Table 3.3 

to the mathematical model. 

Table  3.3 Input parameters of the mathematical model used in analyzing 

AGMD process 

Fluids Feed Coolant Membrane Air gap (mm) 

Flow rate (LPM) 1-10 1-10 Width (m) 1 9 

Temperature (⁰C) 80 20 Length (m) 1-15  

Salinity (wt%) 4.2 0 Pore size (µm) 0.2  

Flow regime 
Co-current & 

counter-current 
Tortuosity 2  

 

3.5.2.1 Effect of flow regime 

The developed model can simulate both counter-current and co-current flow 

regimes for flat sheet AGMD modules. Figure 3.12 and 3.13 show the 

temperature profile of the hot feed water and the coolant temperatures inside 

the module. It might not be obvious which one would yield the higher water 

vapor flux. The counter-current regime is characterized by constant 

temperature difference along the module (this fact might not be true if the 

coolant flow rate is not equal to the feed flow rate) while the co-current regime 

starts with a large temperature difference across the membrane and 

decreases as the fluids move along the membrane. The effect of the flow 
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regime type on the water vapor flux will be discussed further in the next 

section. 

 

 

Figure  3.12  Simulating temperature profile along the membrane in counter-

current flow regime 

 

 

Figure  3.13  Simulating temperature profile along the membrane in co-current 

flow regime 
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3.5.2.2 Effect of membrane length 

In a flat sheet module, whether a spiral wound or a plate and frame 

configuration, as the membrane length increases, the water vapor flux 

decreases (Figure 3.14). This behavior can be explained by observing the 

change in the temperature difference across the membrane. As the 

membrane length increases, enough time is provided for the fluids to 

exchange mass and heat across the membrane. Therefore, the decrease in 

the hot feed water temperature and the increase in the coolant temperature 

result in a decrease in the temperature difference across the membrane (the 

driving force of mass transfer). Therefore, a gradual decrease in the flux takes 

place.  
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Figure  3.14  Simulating the effect of membrane length on water vapor flux 
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It is also observed that the decrease in the flux is faster in the co-current 

regime than in the counter current one. The effect on the total permeate can 

be calculated by integrating the flux along the membrane length. We found 

that, for a membrane length of 15 meters, the total permeate in a co-current 

regime is less than that of the counter-current regime by about 5%. This 

difference is expected to decrease as the membrane length decreases. 

However, in co-current regime, heat recovery cannot be applied which makes 

the process thermally inefficient. Thus, in the remaining discussion of this 

section, we will consider only the counter-current flow regime. 

The effect of flow rate on water vapor flux is strongly linked to the membrane 

length. For a fixed membrane length and equal feed and coolant flow rates, 

the driving force (temperature difference across the membrane) increases as 

the feed and coolant flow rates were increased together (Figure 3.15). At 

infinite flow rate, the maximum temperature difference across the membrane 

that can be achieved is the difference between feed and coolant inlet 

temperatures: in our case, Tmax = 60⁰C. As the flow rates decrease, there is 

more time for the fluids to exchange heat inside the module, resulting in 

lowering the temperature difference across the membrane. Therefore, 

depending on the residence time of the fluid inside the module the driving 

force will change. If we assume that the cross sectional area of the fluid 

channel is constant along the module which is usually the case, then we can 

relate the effect of flow rate and membrane length (module length) to the 

residence time using the following equations: 
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(  3.47 ) 

From the equation above we observe that increasing the residence time of the 

module can be achieved by either reducing the fluid flow velocity or increasing 

the membrane length. However, in scaling-up the AGMD module we can only 

manipulate these two interlinked parameters when they are within the module 

pressure drop limit. The increase in module pressure drop caused by these 

parameters should not reach the liquid entry pressure (LEP) of the membrane 

used. Thus, the increase in flux shown in Figure 3.15 and the experimental 

results reported by Winter et al. (2011) can be attributed mostly to the 

increase in the temperature difference across the membrane and, to some 

extent, to the decrease in the temperature polarization effect. Decoupling the 

effect of temperature polarization from the effect created by the change in 

residence time through changing the fluid flow rate is quite challenging and 

might not give accurate results. For instance, in order to maintain the same 

residence time while increasing the fluid velocity, the module length should be 

increased according to Eq. 3.47. Such a change in module length will change 

the process parameters in other aspects that lead to invalid comparison. 
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Figure  3.15  Simulating the effect of the flow rate on the temperature 

difference across the membrane (feed and coolant flow rates are maintained 

the same) 

 

It is worth mentioning here that the majority of the laboratory-scale tests 

reported in the literature are conducted with small membrane areas and at 

relatively high fluid velocity. These conditions are considered to be favorable 

for high flux, especially when the T between inlet temperatures of the fluids 

used in the test are relatively large (T = 40-60 ⁰C). The flux at these 

conditions will be large and far from the flux expected using large scale 

modules.  For example, the 7-meter long membrane test conducted by Winter 

et al. (2011) resulted in a T of less than 10 ⁰C even though the feed enters 

the module at 80⁰C and the coolant at 25⁰C. This small driving force resulted 

in a water vapor flux that was slightly higher than 1 kg/m2.hr at a feed flow 

rate of 200 L/hr. The performance of the membrane in an AGMD configuration 
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is not expected to play a major role at lower T conditions, since the water 

vapor flux at these conditions is low and within the range achievable by 

available commercial membranes. For instance, Figure 3.11 shows a slight 

increase in flux as the pore size increases from 0.2 m to 0.45 m at T = 60 

⁰C across the membrane. Additionally the thermal efficiency of AGMD is high 

because of the insulating properties of the air gap, so changes in the thermal 

performance of membranes do not have a significant effect on the thermal 

efficiency of the MD process. But what is the optimal T that an MD module 

should operate at? The answer to this question will be discussed in the next 

section where thermal efficiency and process economics are taken into 

consideration. 

3.5.2.3 AGMD process thermal efficiency 

MD is a thermal process that utilizes phase change to achieve separation. 

Conceptually, the thermal process is not an efficient technique for seawater 

desalination because the energy utilized in the separation is directed toward 

separating water which is the major component in the seawater mixture. 

Water usually represents more than 95% of the seawater mixture and the 

energy required to vaporize it is large (Ghaffour et al., 2013). The same 

concept is also applied in reverse osmosis as well where water (the major 

component) is being pushed across the membrane to separate it from the 

minor components (salts). Therefore, a better separation technique is the one 

that acts on the minor component whether that component is the desired 

product or the contaminant of the mixture being separated. 
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In addition, the streams that leave the phase change separation process carry 

with them a large quantity of heat and if this heat is not recovered (latent heat) 

the process becomes inefficient. These main streams that leave the process 

are the brine and distillate. 

An energy balance of the process shows that the maximum heat recovery is 

achieved when the process brine and distillate temperatures approach the 

feed inlet temperature. This of course requires exchanging the heat of the 

produced water vapor with the process feed and extending the size of the 

separation unit to allow the brine to lose its heat through vaporization until its 

temperature approaches the feed inlet temperature. In practice, the energy 

taken away by the water vapor is recycled back to the process feed stream 

through a condenser to reduce the energy input required to raise the feed 

temperature to the phase change temperature. Moreover, the phase 

separation is conducted at a broad range of temperatures by extending the 

size of the unit to reduce the energy loss through brine discharge. Both of 

these techniques are applied in the conventional thermal desalination 

processes such as multi stage flash (MSF). However, the increase of the unit 

size is limited by an increase in the capital cost of the unit. For example, the 

size of a MSF unit is limited typically to 24 stages (with brine recirculation) and 

the brine temperature exiting the unit is about 10-15 ⁰C higher than the 

process feed temperature (El-Dessouky and Ettouney, 2002; Ghaffour et al., 

2013). This relatively high brine temperature is considered as the major heat 

loss in the MSF unit and must be compensated by an external heat source to 
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maintain continuity of the separation process. AGMD is operated according to 

the same principle (Figure 3.16).  

 

 

Figure  3.16  Typical design of AGMD 

 

In a once-through process like AGMD shown in Figure 3.16, one can apply 

mass and energy balance calculations on the feed stream to get the 

maximum achievable water recovery. This recovery ratio is limited by the 

heated feed and the brine discharge temperatures according to the following 

equations: 

Mass balance: 

            (  3.48 ) 
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Where, mF, mD and mB are the mass flow rates of the feed, distillate and brine 

streams, respectively 

Energy balance: 

                      (  3.49 ) 

where, TF and TB are the temperatures of the heated feed and brine 

discharge, respectively, hg is the average latent heat of vapor and Cp is the 

average specific heat of the feed. 

From Eq. 3.48, we get: 

             (     )       (  3.50 ) 

 

Re-arranging: 

 

  
  

 
(     )

(
  
  
   )

 
(  3.51 ) 

In a process that has a heated feed entering at 80 ⁰C and a brine discharged 

at 30 ⁰C, the water recovery is only 8.5%. Eq. 3.51 can also be used in 

calculating the brine discharge concentration. If we assume no appreciable 

salt is present in the distillate stream then the salt mass balance becomes: 

 SFmF = mBSB (  3.52 ) 
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Where SF and SB are the salt mass fractions in the feed and brine streams, 

respectively. By combining Eq. 3.48, 3.51 and 3.52 we can calculate the brine 

discharge concentration as: 

 

   
  

  
(     )

(
  
  
   )

 

(  3.53 ) 

If the brine stream is partially recycled then the recovery percentage 

increases. Such increase in recovery percentage is not caused by the 

increase in the distillate production rate. It is rather caused by the decrease in 

the feed flow rate since the feed that is entering the process is much lower 

than the stream being circulated in the module hot feed channel (see 

Figure 3.17). Therefore, the recovery percentage of the brine recycled 

process depends on the amount of brine being recycled according to the 

following equation: 

 
  
  

   
  
  

 (  3.54 ) 
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Figure  3.17 Brine recycled AGMD 

The heat input to this process can be calculated using the following equation: 

                (     ) (  3.55 ) 

Where, To is the temperature of the feed after it leaves the heat recovery 

section. From Eq. 3.51 and 3.55 we can calculate the specific heat 

requirement of the thermal process as: 

                           
          

  
 (  3.56 ) 

 

 

                          
    (     )

  (     )

(
  
  
   )

 

(  3.57 ) 
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After simplification, 

                           
     
     

(       ) (  3.58 ) 

(TF -T0) represents the driving force across the AGMD membrane and (     ) 

represents the temperature drop along the AGMD module (feed side). We are 

going to refer to the former as Tcross and the later as Tdrop. Therefore, 

AGMD efficiency increases as Tcross decreases or Tdrop increases. As 

discussed earlier, decreasing the driving force temperature (Tcross) can be 

achieved by increasing the residence time of the fluid inside the module 

through either extending the module length or lowering the fluids flow rates. 

Increasing Tdrop can be mainly achieved by increasing the heated feed 

temperature or lowering the brine discharge temperature. Even though the 

AGMD process can be operated at high temperature similar to MSF using 

steam, we are going to assume that only low grade waste heat or solar 

energy is available. Therefore, we can fix the TF to 80 ⁰C. In this way, our 

mathematical model can show how an increase in module length or reducing 

feed flow rate would reduce Tcross which in turn reduces the specific heat 

requirement of the AGMD process (Figure 3.18). 
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Figure  3.18  Simulating the change in heat required and water vapor flux as a 

function of residence time 

 

From cost point of view, the saving in thermal energy use does not come free 

and appears as an additional investment cost associated with increased 

membrane surface area. This brings us to our question of what is the optimal 

Tcross that one should operate the AGMD module at. A preliminary 

assessment can be made by considering the operational cost of the heat input 

to the process and the capital cost of MD membrane. In undertaking this 

analysis the following assumptions have been made: 

- Energy cost: $0.05  per kwh (typical cost for industry in the Middle 

East) 

- membrane cost: 36 $/m2 (C. Liu and Martin, 2006) ( different 

membrane prices were reported in the literature ranging from 10 to 100 
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$/m2 (Camacho et al., 2013; Lu and Chen, 2011) and since this 

technology is not yet implemented at large scale it is very difficult to 

predict the price of the membrane. However, we chose the price in (C. 

Liu and Martin, 2006) because it falls in the range reported by 

Camacho et al. (2013) for membrane processes.  

- membrane life time: 5 years (typical membrane life in water industry) 

Using the above costing figures along with our modeling prediction results, the 

graph in Figure 3.19 shows an optimal point where the total energy use and 

membrane costs are at the minimum. This value is expected to shift to less 

Tcross as the cost of the membrane becomes lower. As Tcross increases the 

total cost becomes dominated by the energy cost. 
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Figure  3.19  Simulated simple cost analysis of AGMD membrane and its 

energy use cost 

While this cost analysis provides some insight into the economic tradeoffs 

between increased thermal efficiency and capital cost, a more detailed life 

cycle analysis would provide a better understanding of the cost issues 

associated with implementation of AGMD. 

 

 Conclusions 3.6

A co-current and counter-current flow 1-D mathematical model for a flat sheet 

module was developed from the fundamental equations of mass and heat 

transfer. The model calculations were based on dividing the AGMD module 

into different longitudinal zones. Normal to these zones the module was sliced 

into small cells. The governing mass and energy equations were applied to 

these slices and solved by iterative procedures. The model was then validated 
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against several experimental tests at different conditions such as different 

feed water temperatures, feed salinity, membrane pore sizes, and air gap 

widths. The model prediction error was within + 10%. The model was utilized 

in analyzing some of the complex and interrelated AGMD process parameters 

that are considered essential for scaling-up the process. The analysis showed 

that fluid residence time inside AGMD module is very important for scaling-up 

the process since it has direct effect on process flux and its thermal efficiency. 

The flux decreases as the membrane length increases while it increases as 

flow rate increases. Furthermore, the total water vapor flux in a co-current 

regime is always less than that of the counter-current regime. Additionally, the 

thermal efficiency of the process increases as the membrane surface area 

increases which causes the AGMD process to operate at low temperature 

difference across the membrane, leading to lower water vapor flux.  
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  CHAPTER 4

 

MODELING OF SUB-ATMOSPHERIC AIR GAP MEMBRATION 

DISTILLATION PROCESS1
 

 Summary 4.1

The importance of removing non-condensable gases from Air Gap Membrane 

Distillation (AGMD) modules in improving the water vapor flux is highlighted in 

this chapter. A modification to our previously developed AGMD mathematical 

model has been made to include AGMD modules running under sub-

atmospheric pressures. The modified mathematical model was validated 

against experimental data at different operating parameters (three different 

feed temperatures, three different gap widths, two different cooling 

temperatures and two different membranes). The simulated predictions were 

found to be strongly correlated with the experimental data. They also showed 

that removing non-condensable gases from the AGMD gap increased the flux 

by about three-fold when the gap pressure was maintained at the saturation 

pressure of a feed temperature at 80 °C. The importance of staging the sub-

atmospheric AGMD process and how this could give better control over the 

                                            

 

1
 Submitted to Journal of Membrane Science as: 

Ahmad S. Alsaadi, Lijo Francis, Husnul Maab, Gary L. Amy, Noreddine Ghaffour, modeling of 
sub-atmospheric air gap membrane distillation process. 
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gap pressure as the feed temperature decreases are also highlighted in this 

chapter. The effect of staging on the sub-atmospheric AGMD flux and its 

relation to membrane capital cost are briefly discussed. 

 

 Introduction 4.2

Air gap membrane distillation (AGMD) is one of the four common 

configurations that became the first choice for pilot testing (Hanemaaijer et al., 

2006; Kullab, 2011; Lange et al., 2011; Winter et al., 2011). However, this 

configuration still suffers from producing low quantity of distillate per square 

meter of membrane compared to direct contact membrane distillation (DCMD) 

configuration. We have demonstrated in chapter three that heat recovery is 

very essential for enhancing the thermal efficiency of the AGMD process. But, 

this increase in thermal efficiency does not come free and the recovered heat 

always results in lowering the distillate production rate through the reduction 

of the driving force (T) across the membrane. This makes improving the 

AGMD flux at large scale very challenging. One good approach toward 

solving the low flux problem is to study some of the techniques that are 

applied in the conventional thermal-based desalination processes which have 

been proven over many years of operational experience to be very effective in 

enhancing the water vapor flux in order to adapt them for the AGMD process. 

Multi-Stage Flash (MSF) is one of these conventional thermal desalination 

technologies that shares some similarity with the AGMD configuration. In the 

MSF process, non-condensable gases are removed from the distillation 
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chambers through steam ejectors and the seawater feed is de-aerated before 

it enters the distillers. Moreover, the condenser tube bundles inside the 

distillers are separated from the brine pool by more than 2 meters (to avoid 

salt carryover along with the rising vapor) without any adverse effect on the 

flux. The hypothesis of such design is that as long as non-condensable gases 

are removed from distillers, the diffusion mass transfer resistance is negligible 

and the distance between the evaporation and condensation surfaces is not 

important. Even though MSF is operated under small T (5-10 °C) and has a 

gap of more than 2 meters between the evaporation and condensation 

surfaces, the process flux reaches more than 800 kg/m2.hr (Hamed, Al-Sofi, 

et al., 2004; Hamed, Ba-Mardouf, et al., 2004).  

AGMD, in contrast, introduces a thin layer of ambient air (2-10 mm) between 

the MD membrane and the condensation surface as a thermal insulation layer 

to minimize heat loss by conduction. However, the non-condensable gases in 

this thin layer have been reported in several AGMD studies to be the 

dominating mass transfer resistance of the process (Abdullah Alkhudhiri et al., 

2012; Curcio and Drioli, 2005; Khayet and Matsuura, 2011; Lawson and 

Lloyd, 1997). The vapor formed at the interface of the hot side of the 

membrane must diffuse all the way through the pores of the membrane and 

across the air gap before it condenses on the cold surface (Figure 4.1). 
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Figure  4.1 Mass transfer resistance across the air gap in a vertical flat sheet 

module 

According to Fick’s law, “the diffusive mass transfer is inversely proportional 

to the diffusion path”. Jonsson’s et al. theoretical work (1985) and Kimura’s et 

al. experimental study (1987) demonstrated that AGMD water vapor flux 

decreases as the air gap thickness increases.  

In other studies, Gostoli et al. (1987) tested flat sheet membranes in air gap 

modules under different sub-atmospheric pressure and found that the flux 

increases as the absolute pressure of the gap pressure decreases. Similarly, 

Guijt et al. (2005) removed the non-condensable gases from their air gap 

hollow fiber module and observed that the flux increased by three folds. 

Furthermore, the studies of steam condensers have well demonstrated that 

non-condensable gases shift the transport mechanism of the condensation 

process from being liquid-phase heat transfer controlled to a vapor-phase 

mass transfer controlled (Asano, 2007).  
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The presence of the non-condensable gasses not only affects the mass 

transfer but also impairs the heat transfer as well. When a vapor containing 

non-condensing gases condenses on a cold surface, the concentration of the 

gases in the immediate vicinity of the surface becomes greater than that in the 

bulk air-vapor mixture due to the low solubility of these gases in the liquid 

condensate. As a result, the partial pressure, and hence the temperature of 

the vapor near the surface, is reduced. This, in turn, reduces the temperature 

difference across the condensate film, and thereby reduces the heat flux. For 

instance, the studies on the effect of non-condensable gases on film type 

condensation on a flat vertical plate and in the absence of forced convection 

(i.e., under natural convection conditions), have indicated that a gas mass 

fraction as little as 0.5 % can cause a reduction of about 50% in heat flux 

(Collier and Thome, 1994). Therefore, enhanced water vapor transfer can 

only be seen near the saturation pressure of the hot liquid phase which is the 

optimal operating condition of the MSF process. This may lead us to 

hypothesize that in the absence of non-condensable gases, the AGMD flux is 

not any more a function of the gap width.   

In all thermal separation processes, the heat and mass transfer rates are 

always coupled and the rate at which a component is being separated from a 

mixture must be limited by either its heat transfer mechanism or its mass 

transfer mechanism.  At low mass transfer resistance, the thermal separation 

process becomes heat transfer limited and the opposite is true when the heat 

transfer resistance is lower. Thus, the high mass transfer rate makes MSF a 

heat transfer limited process and one can infer this fact from the typical MSF 
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design that allocates more than 60 folds of the evaporation surface area for 

water vapor condensation (Hamed, Al-Sofi, et al., 2004; Hamed, Ba-Mardouf, 

et al., 2004). All the experimental findings mentioned earlier support the idea 

of adapting the removal of non-condensable gases applied in MSF technology 

for AGMD. The adaption of this technique may allow us here to refer to this 

technology as sub-atmospheric AGMD. 

Due to the potential enhancement of the AGMD water vapor flux when it is 

operated at sub-atmospheric pressure and due to the importance of 

conducting a future pilot testing for such a design, this chapter extends the 

capability of our AGMD mathematical model in chapter three to include the 

sub-atmospheric pressure scenario. The model is validated at different feed 

temperatures and at different sub-atmospheric pressures using three different 

gap widths. The effect of the coolant temperature on the water vapor flux is 

also studied and how the sub-atmospheric condition is different from the 

atmospheric one is discussed in this chapter. 

 

 Theory 4.3

In chapter three, it was highlighted that the mass transfer resistance across 

the AGMD membrane can be described as two resistances in series 

according to the following equation: 

            (  4.1 ) 

where Rmv is the mass transfer resistance exerted by all non-condensable 

gases within the membrane pores on the water vapor molecules, and Rkv is 
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the mass transfer resistance due to the momentum loss during the collision of 

water vapor molecules with the internal walls of the membrane pores. In a flux 

form, the above equation can be written as: 

 
kvmvm JJJ

111
  (  4.2 ) 

where Jm is the total flux across the membrane, Jmv and Jkv are the water 

vapor fluxes due to molecular diffusion and Knudsen diffusion, respectively. 

The Knudsen (Jk) and molecular diffusion (Jmv) fluxes are calculated by the 

following equations: 
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where d, b, , and  are the average diameter of pores, the membrane 

thickness, the tortuosity of the pores and the porosity of the membrane, 

respectively. Mv is the molecular weight of water, R is the universal gas 

constant, DAB is the mass diffusivity coefficient between air and water vapor, y 

is the mole fraction of water vapor in the membrane pores, and T is the 

average temperature inside the membrane pores. Phm and Pma are the water 

vapor pressures at the membrane interface of the feed and air gap sides, 

respectively. 
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The mass transfer across the air gap is only controlled by the molecular 

diffusion mechanism and can be combined also with the membrane 

resistance in series according to the following equation:  

 
 

     
 
 

  
 
 

    
 (  4.5 ) 

At high partial pressure of non-condensable gases, which is the typical case 

of an atmospheric AGMD, the mass transfer is mainly controlled by the 

molecular diffusion mechanism and the micro porous membrane structure 

resistance is negligible. Such a fact is supported by our experimental and 

mathematical model findings in chapter five as well as by the work of 

Alkhudhiri et al. (2012) and Kimura et al. (1987) that showed that changing 

the membrane pore size from 0.2 µm to 0.45 µm did not appreciably increase 

the water vapor flux. However, when the gap is completely evacuated from 

the non-condensable gases then the diffusive mass transfer mechanism 

disappears. The controlling resistance should shift somewhere else; either to 

the membrane structure resistance or to one of the heat transfer coefficients 

of the hot feed and coolant fluids. In this case, an accurate measurement of 

the membrane mass transfer coefficient becomes very essential for 

developing an accurate mathematical model. Schofield et al. (1990) 

highlighted that the calculation of the membrane mass transfer coefficient 

from the measurement of the membrane average pore size, porosity and the 

estimation of membrane tortuosity is not accurate enough. Thus, they 

developed semi-experimental procedure to calculate the membrane mass 

transfer coefficient. Mass transfer coefficients of the membranes tested in this 
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work have been measured using two different methods. The first method is 

based on a gas permeability test while the second one is based on a simple 

Vacuum Membrane Distillation (VMD) test. Both methods are described in the 

experimental section. 

 

 Modeling 4.4

The sub-atmospheric AGMD model uses the same approach, assumptions 

and solution procedures used in chapter three except that in this chapter the 

total pressure inside the gap is not anymore assumed to be equal to one 

atmospheric pressure and different sub-atmospheric pressures can be 

entered to the model as a pre-determined parameter. 

 

 Experiments 4.5

4.5.1 Membrane gas permeability test 

Two commercially available hydrophobic micro-porous non-woven supported 

polytetrafluoroethylene (PTFE) membranes (M1 and M2) with an average 

pore size of 0.2 µm were subjected to N2 gas permeability tests. The 

permeability tests were conducted with a commercial porometer device called 

Porolux 1000 (Germany). The sample holder diameter of the porometer is 

18.5 mm and the pressure difference applied across the membranes spanned 

a range of 0 to 1 bar in 100 step-changes in the upstream pressure.  
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4.5.2 VMD membrane permeability test 

Membrane specimens of 5 cm x 10 cm size were tested in a thermally 

insulated VMD flat sheet module made of poly methyl methacrylate, locally 

designed and fabricated. The channel height was 2 mm for both feed and 

permeates sides. The membrane module was mounted vertically in a bench 

scale set up. The permeate vapor was condensed inside a 60 cm long glass 

coil immersed in an ice bath and collected in a sealed tank placed on an 

electronic Mettler Toledo balance (ML3002E Precision Balance, with an 

accuracy of 0.01 g). The permeate weight, pressure and temperature of the 

water vapor that comes out of the VMD module were monitored using inline 

temperature and pressure sensors. The data were logged every 60 seconds 

via data acquisition software (Labview) to a computer hard drive. 2 L/min 

deionized water at 70 °C was used as a feed solution. The temperature of the 

feed was monitored via in-line Pt100 sensors inserted at the entrance of the 

membrane module to provide feedback signal to the heater controller. The 

vacuum is applied through a vacuum pump connected to the top of the 

permeate collection tank. The vacuum pressures at the initial time of all VMD 

runs were always lower than the saturation pressure of the hot feed. After 

reaching the maximum possible vacuum, the VMD setup was isolated to 

prevent any water vapor loss through the vacuum line. The VMD process is 

considered a semi-closed process and the accumulation of the distillate inside 

the tank caused the absolute pressure of the system to increase at a rate of 

about 0.05 kPa/min. 
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4.5.3 Sub-atmospheric AGMD experimental setup 

Membrane specimens of 5 cm x 10 cm size were tested in an AGMD flat 

sheet module made of polymethyl meth-acrylate (Figure 2a) locally designed 

and fabricated (Francis, 2013). The channel height was 2 mm for both feed 

and permeates sides. The membrane module was mounted vertically in a 

bench scale set up. After it is condensed on a 0.25 mm thick stainless steel 

sheet, the permeate is collected from the bottom of the module in well-sealed 

stainless steel tank placed on an electronic balance (Mettler Toledo balance 

ML3002E Precision Balance, with an accuracy of 0.01 g). The air gap width 

was varied by using different thicknesses of polymethyl methacrylate frames 

inserted between the membrane and the condensation plate (5, 11, and 21 

mm). Starting at a pressure below the saturation pressure of the hot feed, the 

absolute pressure inside the air gap was allowed to increase over time at an 

approximate rate of 0.05 kPa per minute. The change in the permeate weight 

was logged every 60 seconds via data acquisition software (Labview) to a 

computer hard drive. Red Seawater was used as feed solutions, while 

deionized water was used as coolant. Feed and coolant temperatures were 

monitored by in-line Pt100 sensors inserted at the entrance of the membrane 

module, and were used to control the heater and chiller temperatures via 

feedback control to the chiller and heater. A schematic diagram of the AGMD 

experimental setup and the sub-atmospheric AGMD module are shown in 

Figure 4.2. 



139 

 

 

Figure  4.2 (a) Flat sheet sub-atmospheric AGMD module,( b) A schematic of 

the sub-atmospheric AGMD experimental setup 

4.5.4 Validation procedure 

The validation procedure was based on comparing the predicted mass flux to 

the measured one. At first, the reproducibility tests were initially conducted to 

determine the experimental error associated with flux measurements. Next, a 

sensitivity analysis using the mathematical model was conducted to identify 

which operating parameters are likely to significantly affect the mass flux. A 

matrix of experimental runs was then set (Table 4.1) to map the operating 

conditions for the sub-atmospheric AGMD process that would result in 

detectable variations in flux for the bench scale unit.  

a b 
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Table  4.1 Detailed conditions of the bench scale tests used in validating the 

model  

 Membrane 
type 

Air gap width 
(mm) 

Feed temp 
( C) 

Coolant temp 
(C) 

Repeatability test M1 11 80 20 

Different membranes M1, M2 11 80 20 

Different air gaps M1 6, 11, 21 60 20 

Different feed temps M1 11 60, 70, 80 20 

Different coolant temps M1 11 80 10, 20 

Other conditions 
All tests have been conducted with Red Sea water as feed 
and deionized water as coolant at equal flow rates of 1.5 

L/min in counter current flow regime 

 

 Result and discussion 4.6

4.6.1 Membrane gas permeability test 

 

Figure  4.3 Gas permeability tests vs ΔP for the two PTFE membranes 
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The porometer reported the nitrogen volumetric flow rates at standard 

conditions. Therefore, the sample holder surface area and the water 

molecular weight were incorporated with the ideal gas law at standard 

conditions to convert the nitrogen volumetric flow rates into water vapor mass 

flux (Figure 4.3) according to following equation:  

   
    
    

 (  4.6 ) 

where P0 and T0 are the pressure and temperature at standard conditions, 

respectively, V is the nitrogen volumetric flow rate, and A is the sample holder 

surface area. 

 

Figure  4.4 Water vapor flux vs ΔP calculated under the gas permeability 

conditions 
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such a difference is the difference at which the gas permeability test and the 

MD process are conducted. To be more specific, the gas density and viscosity 

under the gas permeability test condition are much more important than when 

they are under the MD process conditions. To prove such an explanation, we 

started from the mass transfer mechanism of the gas permeability test which 

is expected to be dominated by the viscous flow regime described by the 

following equation: 

         
   

  
(
     
   

)   (  4.7 ) 

where r is the average pores radius,  is the water vapor viscosity, Pavg is the 

average pressure inside the membrane pores, and P is the pressure drop 

across the membrane. 

Since the gas density can be computed as: 

   
     
  

 (  4.8 ) 

Then viscous flow regime can be rewritten as: 

         
   

  
(
 

 
)    (  4.9 ) 

The above equation shows clearly that the mass flux is a function of the 

density and viscosity of the gas while under the sub-atmospheric AGMD and 

VMD conditions the mass transfer is expected to be dominated by Knudsen 

flow regime as mentioned in section 2. Knudsen flow regime is only a function 

of the driving force across the membrane if we neglect the small effect of the 
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change in temperature inside the membrane pores. Therefore, if we factor out 

the effect of density and viscosity of the gas permeability test through 

normalizing the flux for density and viscosity, then we expect the flux of the 

gas permeability test to be comparable to the MD flux. Now, if we plot the 

normalized flux of each membrane against P, as it is shown in Figure 4.5, 

we will find that the mass transfer coefficients (the slop) obtained for each 

membrane are almost the same as those obtained by the VMD method, as 

discussed in the next section. 

 

 

Figure  4.5 Normalized water vapor flux for density and viscosity vs P (data 

obtained from the gas permeability test) 
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Table 4.2).  

However, both coefficients values are of the same order of magnitude as 

those reported in the MD literature.  

 

4.6.2 VMD membrane permeability test 

The change over time of water vapor flux and the absolute pressure of the 

permeate side of the VMD permeability test are shown in Figures 4.6 and 4.7.  

 

 

Figure  4.6 Water vapor flux and absolute pressure of M1VMD permeability 

test vs time (feed flow rate = 2 L/min, bulk feed temperature = 70 ⁰C) 
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Figure  4.7 water vapor flux and absolute pressure of M2 VMD permeability 

test vs time (feed flow rate = 2 L/min, bulk feed temperature = 70 ⁰C) 

Under the assumption that the temperature of the feed side remains constant 

over time then the variation in the water vapor flux should be caused by the 

variation of the absolute pressure of the VMD permeate side only. 

Mathematically, this can be written as: 

 
   
  

 
   

  
 (  4.10 ) 

where Pv is the permeate absolute pressure and t is the time. 

The linearity of the change of the flux and absolute pressure over time along 

with the general flux equation can be used in calculating the membrane 

permeability according to the following equations: 

       (  4.11 ) 
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 (  4.12 ) 

where C is the mass transfer coefficient. 

Simplifying, the above equations mean that the membrane mass transfer 

coefficient can be calculated by dividing the slope of the water vapor flux vs. 

time over the slope of the absolute pressure vs. time. The calculated mass 

transfer coefficients of the tested membranes are shown in  

Table 4.2. The membrane mass transfer coefficients measured by VMD and 

gas permeability test were very close to each other and both showed that M2 

has higher mass transfer coefficient than M1. In the sub-atmospheric 

modeling we used the averaged mass transfer coefficient of both methods.  

Table  4.2 Membranes mass transfer coefficients as measured by gas and 

VMD permeability methods 

Membrane 

Membrane mass transfer coefficient (kg/m2.hr.Pa) 

Gas permeability test VMD  permeability test 

M1 0.0010 0.0011 

M2 0.0019 0.0020 
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4.6.3 Mathematical model validation 

4.6.3.1 Repeatability test 

 

Figure  4.8 Repeatability test (water vapor flux vs gap absolute pressure) 

The repeatability test shown in Figure 4.8 revealed that the random error of 

our bench scale setup is very small and the water vapor flux results are 

considered reproducible. 

4.6.3.2 Effect of feed temperature 

The model validation started by comparing the flux predicted by the 

mathematical model to the experimentally measured flux at three different 

feed temperatures (60, 70, 80 ⁰C). As shown in Figure 4.9, the model 

prediction almost matches the experimental data without significant errors 

except below the saturation pressure of the hot feed which reached about 

20% at feed temperature of 80 ⁰C. It is worth mentioning here that running the 
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AGMD process under sub-atmospheric pressure enhanced the flux of the 

process by 286% when the sub-atmospheric pressure is at the saturation 

pressure of the bulk feed temperature of 80 °C. 
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Figure  4.9 Simulated and experimental water vapor flux vs gap pressure at 

different feed temperatures and at different gap pressures 

 

286% increase 
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4.6.3.3 Effect of gap width 

 

Figure  4.10 Experimental and simulated water vapor flux vs gap total pressure 

at three different gap widths 

The model prediction of the flux at different gap widths were also compared to 

the measured flux and the results are shown in Figure 4.10. The matching 

between the simulated flux and experimental data was also reasonably good 

and the little deviation can be attributed to errors made in measuring the gap 

widths especially for the small gap. In the same figure, it is interestingly 

enough to see the experimental and simulated data converge at the saturation 

temperature where all non-condensable gases are removed. These data 

support our hypothesis that states AGMD gap width becomes unimportant if 

non-condensable gases are removed. 
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4.6.3.4 Effect of mass transfer coefficient 

The effect of membrane mass transfer coefficient is shown in Figure 4.11. 

 

 

Figure  4.11 Water vapor flux vs absolute pressure of two different membranes 

having different mass transfer coefficients 

The agreement between modeling and experimental data is very good as 

well. As expected, Figure 4.11 shows that the membrane mass transfer 

coefficient becomes important only when all non-condensable gases are 

completely removed from the AGMD gap. Even though M2 has higher mass 

transfer coefficient, the water vapor flux is almost the same as that of M1 

when the system is operated at absolute pressure higher than the saturation 

pressure of the feed temperature.  
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4.6.3.5 Effect of coolant temperature 

The effect of the cooling temperature is shown in Figure 4.12. 

 

 

Figure  4.12 Simulated and experimental tests vs absolute pressure for two 

different coolant temperatures 

The non-appreciable effect of coolant temperature on water vapor flux caused 

the simulated and experimental data to almost fall on the same line. 

Therefore, the developed mathematical model predictions were strongly 

correlated with the experimental data.  

 

 Staging sub-atmospheric AGMD modules 4.7

Our modeling and experimental data presented in Figure 4.8-4.12 showed 

that reducing the gap absolute pressure increases the process flux due to the 
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removal of the mass transfer resistance caused by the non-condensable 

gases. However, the more we reduce the gap pressure below the saturation 

pressure of the feed temperature, the lower the cooling temperature needed 

for condensing the water vapor. Therefore, from a practical point of view the 

gap pressure should be slightly below the saturation pressure of the feed 

temperature to assure the complete removal of non-condensable gases and 

to sustain enough driving force for the water vapor to overcome the 

membrane structure mass transfer resistance. This pressure also should be 

high enough to allow the water vapor to condense on the cooling plate surface 

maintained at temperatures slightly lower than the saturation temperature of 

the water vapor.  

In chapter three, we showed that the feed temperature decreases as the 

membrane length increases due to the heat loss through evaporation. Such 

decrease in temperature creates a practical difficulty in maintaining the gap 

pressure at the saturation pressure of the feed temperature in a single 

module. An engineering solution to this problem is already practiced in 

conventional thermal desalination technology, such as MSF, through staging 

the evaporation and condensation processes. When the feed temperature 

decreases by 3 °C, for example, in the first stage due to evaporation, it flows 

into another distiller (next stage) where the pressure is lowered to match the 

saturation pressure at that feed temperature and so on (for the next stages). 

Figure 4.13 shows that in order to maintain the pressure at the saturation 

pressure of the feed temperature, infinite stages are required. However, since 

this is not practically possible, conventional thermal desalination uses one 
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stage for every 2-3 °C reduction in feed temperature (in MSF brine 

recirculation design 24 stages are typically used). In this way, the highest 

absolute pressure is applied at the first stage while the lowest one is 

maintained at the last stage where feed temperature is the lowest. 

 

Figure  4.13 Maintaining the evaporating medium condition at the vapor 

pressure –temperature equilibrium curve through staging 

Similarly, sustaining high flux of the AGMD can be achieved by staging the 

process modules in series as it is the case in MSF.  

To prove the hypothesis of such a practice, our mathematical model is used to 

simulate different sub-atmospheric AGMD processes made up of different 

modules (stages) along the feed flow. All processes have the same flow rate 

of 100 kg/h that enters at 4.2 wt% salinity and 70 °C (feed in) and exits at 40 

°C (feed out or brine). The coolant enters all processes at the same flow rate 

as the feed and its temperature is maintained at 5 °C lower than the feed 

temperature along the membrane surface area. Every module gap pressure is 
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maintained at the saturation pressure of the feed temperature that enters 

each module (see Figure 4.14 for illustration). Since the overall distillate 

production rate depends only on the temperature difference between the inlet 

and outlet temperatures of the feed, all processes should have the same 

distillate production rate but their average fluxes will be different. Therefore, 

different membrane surface area is required to achieve the same production 

rate for each process. 

 

 

Figure  4.14 Illustration of sub-atmospheric AGMD staging 
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Figure  4.15 Simulating the staging effect of sub-atmospheric AGMD on the 

flux and the required membrane area (producing the same capacity) 

As shown in Figure 4.15, the flux increases as the number of stages 

increases. The higher the number of stages, the better controllability we have 

on the absolute pressure inside the module gap which in its turn leads to 

higher water vapor flux. A three-fold flux increase can be achieved by using 

10 modules (3 °C/stage) instead of one under the same in/out operating 

conditions. As expected, the same figure shows that the increase of the 

average flux reduces the required membrane area. This means that staging 

sub-atmospheric AGMD process is expected to reduce its capital cost. 

However, one should note that reducing the feed temperature drop per stage 

to lower than 3 °C/stage does not appreciably decrease the required 

membrane area. Therefore, the module fabrication cost may exceed the 

savings made through reducing the required membrane surface area. 
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 Conclusions 4.8

Our previously developed AGMD mathematical model has been modified to 

simulate different AGMD modules running under sub-atmospheric pressures. 

The mathematical model prediction has been validated against experimental 

data at different operating parameters and the overall correlation is 

considered to be very good. The simulated and experimental results proved 

that removing non-condensable gases from the AGMD gap increases the flux 

by about three times when the gap pressure is maintained at the saturation 

pressure of  a feed temperature of 80 °C. It also showed that the gap width 

becomes less important at the absence of non-condensable gases. The 

modified mathematical model was also able to prove that staging the AGMD 

process operating under sub-atmospheric pressure is essential for scaling up 

the process and it gives better control over the gap pressure as the feed 

temperature decrease due to evaporation. Consequently, it sustains high 

water vapor flux and lower the capital cost of the sub-atmospheric AGMD 

process by using less membrane area. 
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  CHAPTER 5

 

MATERIAL GAP MEMBRANE DISTILLATION: A NEW DESIGN 

FOR WATER VAPOR FLUX ENHANANCEMENT1 

 

 Summary 5.1

A new module design for membrane distillation, namely material gap 

membrane distillation (MGMD), for seawater desalination has been proposed 

and successfully tested. It has been observed that employing appropriate 

materials between the membrane and the condensation plate in an air gap 

membrane distillation (AGMD) module enhanced the water vapor flux 

significantly. Compared to the AGMD water vapor flux, an increase of up to 

329% was observed by filling the gap with DI water at a feed temperature of 

80 °C. However, insulating materials such as polypropylene and polyurethane 

have no effect on the water vapor flux. The influence of material thickness and 

characteristics has also been investigated in this study. An investigation on an 

AGMD and MGMD performance comparison, carried out using two different 

                                            

 

1
 Published as: 

Lijo Francis, Noreddine Ghaffour, Ahmad S. Alsaadi, Gary L Amy, Material gap membrane 
distillation: a new design for water vapor flux enhancement. Journal of membrane science, 
448 (2013) 240-247. 
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commercial membranes provided by different manufacturers, is also reported 

in this chapter. 

 

 Introduction 5.2

Membrane Distillation (MD) is a thermally driven membrane-based separation 

process, which is considered as one of the emerging desalination 

technologies. Rather than a pressure, concentration or an electrical potential 

gradient, the driving force for the MD process is the partial vapor pressure 

difference between the two sides of a hydrophobic microporous membrane. 

MD yields produced water with high quality, 99.99% salt rejection for Red Sea 

water desalination application (Francis et al., 2013). The MD process 

operates at atmospheric pressure and at low temperatures (30-80 °C) (Maab 

et al., 2012), making it suitable for use of low grade energy sources such as 

waste heat, geothermal or solar energy (Adham et al., 2013; Bouguecha and 

Dhahbi, 2003; Cipollina et al., 2012; Ding et al., 2005). Furthermore MD is a 

compact process and hence uses less space (foot print) and requires less 

maintenance (Kim et al., 2013). 

The major configurations that have been employed in the MD process are 

direct contact membrane distillation (DCMD), air gap membrane distillation 

(AGMD), vacuum membrane distillation (VMD) and sweep gas membrane 

distillation (SGMD) (Mericq et al., 2011; Schofield et al., 1987). In all 

configurations, the hot feed solution is in direct contact with the membrane. In 

DCMD, both hot (feed) and cold (clean water) streams are in direct contact 
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with the membrane. In AGMD, a stagnant air gap is maintained between the 

membrane and a condensation surface on the permeate side. In VMD and 

SGMD, vacuum and a dry inert gas are passed through the permeate side, 

respectively, so that the vapor passing across the membrane from the feed 

side condenses outside the MD module. All of these configurations have been 

investigated in bench scale and found to be applicable to various matrices 

such as separation of non-volatiles like ions, macromolecules, cells, colloids 

(Drioli et al., 1986; Khayet et al., 2006; Lawson and Lloyd, 1996; Sudoh et al., 

1997), the removal of trace volatile organics (Banat and Simandl, 1996, 2000; 

Qureshi et al., 1994; Sarti et al., 1993) concentration of oil-water emulsions, 

acids and juice (Calabro et al., 1994; Gryta and Karakulski, 1999; 

Tomaszewska et al., 1995), biomedical applications (Capuano et al., 2000; 

Sakai et al., 1987), desalination and waste water treatment (Calabro et al., 

1991; Drioli et al., 1999; Maab et al., 2013; Saffarini et al., 2012; Winter et al., 

2011). Most of the bench scale work has been done with DCMD module, but 

recent pilot scale studies focused on AGMD and VMD configurations 

(Hanemaaijer et al., 2006; Kullab, 2011; Zhao et al., 2013). It is important to 

mention that in DCMD, the product is mixed with the coolant, whereas in 

AGMD there is the presence of a stagnant air layer between the membrane 

and the condensation surface so that any water type quality (e.g. seawater) 

can be used as a coolant. The air gap considerably reduces the heat loss by 

conduction as well as the temperature polarization effect. In recent work, 

Cipollina et al. (2012) demonstrated a special design using permeate in the 

gap of an AGMD module (Permeate Gap MD). They found an increase in the 
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water vapor flux from 10.4 kg/m2.h to 12 kg/m2.h, at an air gap of 3 mm and 

ΔT of 60 °C, for AGMD and permeate gap MD configurations, respectively.  

In this chapter, a new module design has been proposed for the MD process, 

called material gap membrane distillation (MGMD), and successfully tested 

using Red Sea water as feed solution. The MGMD consists of filling the gap 

between the membrane and the condensation plate with different materials 

having different characteristics such as poly urethane (sponge), poly 

propylene mesh, sand, and de-ionized water. The effect of these materials on 

the water vapor flux during the MGMD process has been studied and 

compared with AGMD flux under the same operating conditions. The effect of 

material thickness and feed flow rate on water vapor flux have been 

investigated and reported. AGMD/MGMD water vapor flux performance 

comparison has also been carried out using commercially available 

membranes provided by different manufacturers at different feed inlet 

temperatures. 

 

 Theory 5.3

AGMD is characterised by the presence of a stagnant air layer between the 

membrane and the condensation surface. The water vapor molecules in this 

configuration should pass through the membrane pores and cross the 

stagnant air layer before they condense on the cold plate inside the module. 

The air gap considerably reduces the heat loss. However, it introduces a new 

mass transfer resistance that decrease the permeate flux. A detailed 
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investigation on the theoretical modeling and experimental validation of 

AGMD process has been presented in Chapter 3. The modeling of water 

vapor mass transfer through an AGMD membrane and through the air gap as 

well as their combination is shown in Figure 5.1. The model calculations were 

done at different feed inlet temperatures and at different air gap thicknesses 

assuming no temperature polarization is taking place neither near the 

membrane surface nor at the coolant plate surface.  
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Figure  5.1 Modeling combination and individual mass fluxes through an 

AGMD membrane and through an air gap layer at different feed inlet 

temperatures and different air gap widths. The modeling assumes membrane 

characteristics of r=0.2 m, =2, =200m  

0.1

1

10

100

1000

0 20 40 60 80 100 120

W
at

e
r 

va
p

o
r 

fl
u

x 
 

(k
g/

m
2

.h
r)

 

Feed inlet temperature (C ) 

membrane flux air gap flux (9mm) overall AGMD flux

0.1

1

10

100

1000

0 20 40 60 80 100 120

W
at

e
r 

va
p

o
r 

fl
u

x 
(k

g/
m

2
.h

r)
 

Feed inlet temperature (C ) 

membrane flux air gap flux (5mm) Total AGMD flux

0.1

1

10

100

1000

10000

0 20 40 60 80 100 120

W
at

e
r 

va
p

o
r 

fl
u

x 
 

(k
g/

m
2

.h
r)

 

Feed inlet temperature (C ) 

membrane flux air gap flux (1mm) Total AGMD flux

0.1

1

10

100

1000

10000

0 20 40 60 80 100 120

W
at

e
r 

va
p

o
r 

fl
u

x 
 

(k
g/

m
2

.h
r)

 

Feed inlet temperature (C ) 

membrane flux air gap flux (500micron) Total AGMD flux



165 

 

From Figure 5.1 it is clearly shown that the total AGMD flux can be 

approximated by the molecular diffusion equation for air gap thicknesses 

greater than 5mm. On the contrary, the total AGMD flux is best approximated 

by Knudsen diffusion as the molecular diffusion resistance becomes less than 

1 mm (this value varies according the structure properties of the membrane). 

Moreover, one can conclude that the removal of non-condensable gases 

always improves the water flux until it becomes limited by the membrane 

structure resistance.  

Some of the possible methods that can be applied to reduce the molecular 

diffusion resistance are: 

1- Increasing the feed temperature to reach 100°C: As shown in 

Figure 5.1, as feed inlet temperature approaches the saturation 

temperature at 1 atm, the total AGMD flux gets closer to the membrane 

flux regardless of the air gap width. 

2- Total removal of the non-condensable gases from the module: Gostoli 

et al. (1987) tested a flat sheet air gap module under different air gap 

pressures lower than atmospheric pressure and found that the flux 

increases as the air gap pressure decreases. Similarly, Guijt et al. 

(2005) removed the non-condensable gases from their air gap hollow 

fiber module and observed that the flux increased by three-folds. 

3- Reducing the air gap width to less 1 mm: Jonsson’s theoretical work 

(Jonsson et al., 1985) and Kimura’s experimental studies (Kimura et 

al., 1987) showed that the flux decreases as the air gap thickness 

increases.  
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The first two methods are considered as two faces of one coin. The removal 

of the non-condensable gases can be achieved either by modifying the feed 

temperature until it reaches the module pressure or by reducing the module 

pressure until it reaches the saturation pressure of the feed temperature. 

However, elevating the feed temperature up to 100°C is contradicting the 

main goal of developing this technology. On the other hand, the reduction of 

the module pressure until it reaches the saturation pressure of the feed 

temperature presents technical difficulty in maintaining the sub-atmospheric 

pressures within the module.  

The third method is considered the simplest method and can be done in two 

different ways. First, through the conventional way of fixing the cooling plate 

closer to the membrane surface which is technically very challenging for air 

gap widths of less than 3mm; Second, through displacement of the non-

condensable gases with other filling materials. 

MGMD configuration is comparable to DCMD configuration in terms of heat 

transfer mainly due to high heat loss through conduction. Moreover, the 

temperature polarization effect is expected to increase at the permeate side 

for the following reasons: 

1. There is no forced-convective heat transfer at the permeate side as it is 

in DCMD configuration.  

2. There is no heat transfer through vapor mass transfer as it is in the 

AGMD configuration. Hence, all the heat should be transferred by 

conduction through the filling material. 
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However, this configuration still maintains the AGMD configuration 

advantages, mainly, separating the permeate from the cooling medium.  

In all thermal separation process heat and mass transfers are combined. 

Improving one of these transfer mechanisms cannot be done without 

considering the other. Thus, enhancing AGMD flux through the MGMD 

configuration cannot be achieved without studying the heat transfer 

mechanism inside the MGMD module.  

The total heat flux across MGMD membrane can be treated as the heat 

transfer across an AGMD membrane according to the following equation: 

 gvmfmhm hJTT
b

k
Q  )(

 
(  5.1 ) 

where hg is the enthalpy of the water vapor, b is the membrane thickness, Thm 

is the hot feed temperature near the membrane, Tmfm is the temperature at the 

interface of filling material and the membrane. The average thermal 

conductivity (k) of the membrane is calculated by: 

 mair kkk )1(  
 (  5.2 ) 

where kair is the thermal conductivity of the air inside the membrane pores and 

km is the thermal conductivity of the membrane material. In Eq. (1), the first 

term is the sensible heat transfer through conduction and the second term is 

the latent heat transfer of water vapor.  

For solid filling material, the heat transfer is only made through conduction 

according to the following equation: 
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where Tfmw is the temperature at the interface of filling material and the wall of 

the cooling plate, δfm is the thickness of the filling material and  kfmw is the 

thermal conductivity of the water saturated filling material which can be 

calculated from the following equation: 

 )(
air

l
fmdfmw

k

k
kk   (  5.4 ) 

where kfmd is the thermal conductivity of the dry filling material and kl is the 

thermal conductivity of liquid water. 

For liquid filling material, the heat transfer by conduction might be enhanced 

by natural convection caused by the temperature difference at the boundary 

layer of the filling liquid. The extent of natural convection heat transfer 

enhancement is correlated to a dimensionless number referred to as the 

Rayleigh number (Ra) (Çengel et al., 2001): 

    
  (         )   

 

  
   (  5.5 ) 

where, g is acceleration due to gravity, β is the thermal expansion coefficient 

of the fluid, ʋ is the kinematic viscosity of the fluid and Pr is the Prantle’s 

number. The fluid property in this equation is evaluated at the average 

temperature across the fluid: 
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(         )

 
 (  5.6 ) 

For Ra >1,708, the natural convection is initiated because at this value the 

buoyant force overcomes fluid resistance. For Ra > 3x103, turbulent regime is 

expected to develop inside the gap. The contribution of the natural convection 

to heat transfer can be calculated as (Kimura et al., 1987): 

   
     

   
(         ) (  5.7 ) 

where, Nu is Nusselt’s number. For Ra < 1708 where natural convection is 

negligible, Nu=1. For larger Ra, Nu can be calculated using different 

correlation equations reported for vertical enclosures. One of these equations 

applicable to our experimental setup is the following (Çengel et al., 2001): 

 

                    (
 

   
)     

   
 

   
    

           

           

(  5.8 ) 

where, H is the height of the module. At relatively high Reynolds’s number 

inside the feed and coolant flow channels, the convective heat transfer inside 

the coolant and feed channel is expected to be high. The heat transfer 

through the membrane is also high due to the high water vapor enthalpy 
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passing through the membrane pores. The thermal conductivity of metallic 

plates is high, thus, the heat transfer through thin sheet is expect to be high. 

Thus, one may expect that the controlling heat transfer resistance in this 

configuration is that of the filling material especially when the material used 

has poor thermal conductivity. 

The schematic diagram of the bench scale MGMD set up and MGMD 

configuration are shown in Figure 5.3 (a) and (b), respectively. 
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Figure  5.2 Schematic diagram of (A) MGMD bench scale setup and (B) 

MGMD configuration 

 

 Experiment 5.4

5.4.1 Membrane 

Commercially available hydrophobic microporous poly tetrafluoroethylene 

(PTFE) membranes (M1 and M2) with a nominal pore size of 0.2 µm provided 

 

A 

B 
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by different manufacturers were tested in AGMD and MGMD configurations. 

Membranes were characterized for their thickness, pore size and contact 

angle. Their characteristics are given in Table 5.1. A detailed characterization 

of these membranes was reported in previous work (Francis et al., 2013).  

Table  5.1 Membranes characteristics 

Membrane r (µm) First bubble point (µm)  (µm) Water contact angle (°) 

PTFE M1 

PTFE M2 

0.24 

0.26 

0.38 

0.42 

100 

170 

160 

140 

A digital micrometer, DML 3032 from Digital Micrometers LTD, UK, was used 

to determine the thickness of the membranes. Pore size of the membranes 

was measured using a porometer (IB-FT Gm bH Porolux 1000, Germany) by 

the wet-up/dry-up method with an Automated Capillary Flow Porometer 

System software. The water contact angle of the membranes was measured 

using a goniometer (Attension, KSV instruments T 301, Finland). 

5.4.2 Feed water and materials 

Red Sea water collected from the King Abdullah University of Science and 

Technology - seawater reverse osmosis (KAUST-SWRO) plant (Rahmawati et 

al., 2012) and filtered through a 10 µm filter, to remove large suspended 

solids, was used as feed solution, whereas tap water was used as coolant. 

Feed and coolant temperatures were controlled using a heater and chiller, 

respectively. A 10 cm × 5 cm membrane specimen was employed in the MD 

module for AGMD and MGMD processes testing. The materials used to fill the 

space between the membrane and the condensation plate were poly urethane 
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(sponge), poly propylene mesh, sand, and de-ionized (DI) water. A poly 

propylene zigzag spacer was used on the membrane feed side in all 

experiments. This spacer serves not only as a membrane support but also as 

a turbulence promoter.  

The MD bench scale module designed and fabricated in our workshop was 

mounted vertically to assure that all the gap volume is filled with the material 

used in MGMD process. Sand samples were collected from different regions 

of the Red Sea coast and sieved to remove coarse particles. Porosity of the 

sand was determined by calculating the ratio of water to sand performed in a 

jar measurement.  

5.4.3 Experimental unit and measurements 

The flow channel dimensions of both feed and coolant sides were (100 mm × 

50 mm × 2 mm) each. Temperature, pressure, conductivity and flow rates of 

the feed solution and coolant were monitored using appropriate sensors and 

connected to a data acquisition system equipped with Lab View software. A 

conductivity meter (Oakton Eutech Instruments, Malaysia) was used to 

determine the salt concentrations of both permeate and feed solutions. 

Conductivity of the feed solution was kept constant throughout the experiment 

by slowly adding distilled water into the system to compensate the evaporated 

water (MD product). Permeate was collected from the bottom side of the 

module during the AGMD process whereas it was collected from the top side 

of the module during the MGMD process. MD product was further analyzed 

using ICP-MS (Inductively Coupled Plasma-Mass Spectroscopy) for each 
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experiment. Results showed that MD membranes were a total barrier for ions 

achieving more than 99.99% of salt removal (conductivity reduced from 

61,400 µs/cm to 8.5 µs/cm), which excludes the assumption of pore wetting. 

An AGMD and MGMD performance comparison using M1 and M2 

membranes at different air/material gap widths and at different feed solution 

temperatures was carried out and reported.  

 

 Result and discussion 5.5

Figure 5.3 and 5.4 show the water vapor flux versus feed inlet temperature 

obtained by AGMD, sand gap MD, DI water gap MD (WGMD), sponge 

(polyurethane) gap MD (PUGMD), and polypropylene mesh gap MD 

(PPGMD) configurations at 9 mm and 13 mm gap widths. Coolant 

temperature and feed/coolant flow rates were kept constant at 20 °C and 1.5 

L/min (LPM) (equivalent to a cross-flow velocity of 0.25 m/s), respectively. 

Conductivity of the permeate was measured to be less than 15 µS/cm in all 

experiments. 
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Figure  5.3 Water vapor flux profile versus feed inlet temperature during 

AGMD and MGMD processes at 9 mm gap width, using M1 membrane 
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Figure  5.4 Water vapor flux profile versus feed inlet temperature during 

AGMD and MGMD processes at 13 mm gap width, using M1 membrane 

Variation in the water vapor flux was observed by employing different 

materials between the microporous hydrophobic membrane and the 

condensation plate. During the AGMD process the heat and mass transfer 

resistance come mostly from the air gap. Moreover the surface area of 

condensation is limited to the area of the condensation plate. By employing 

porous materials in the MGMD process the air gap is reduced significantly. 

While employing insulating materials such as sponge and poly propylene in 

the air gap, the heat transfer hindrance during the MGMD process dominates 

over the reduction in the air gap and the water vapor flux was found to be 

lesser than that in the AGMD process. The use of DI water and sand in the air 

gap enhances the heat transfer due to the reduction in the air gap width.  
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Figure 5.5 shows the water vapor flux profile observed during AGMD, WGMD 

and sand gap MD configurations at 9 mm and 13 mm gap widths using M1 

membrane. 

 

Figure  5.5 Water vapor flux profile versus feed inlet temperature during 

AGMD, WGMD and sand GMD processes at 9 mm and 13 mm gap widths, 

using M1 membrane 

During AGMD and sand gap MD a flux increase of about 25% was observed 

at a feed inlet temperature of 80 °C by reducing the gap width from 13 mm to 

9 mm, but the effect is negligible at lower feed inlet temperatures. The highest 

water vapor flux for all experiments was obtained in WGMD. Water fills all the 

gap volume making this process similar to the DCMD configuration but the 

coolant here is not mixed with the permeate as it is flowing on the other side 

of the condensation plate, which enables using any water quality as coolant. 
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However, in WGMD the gap width seems to have insignificant effect on the 

flux at any feed inlet temperature. 

Figure 5.6 shows the increase in the percentage of flux enhancement for 

WGMD and sand gap MD with different air gap widths and for different feed 

inlet temperatures, compared to AGMD performance, using M1 membrane. 

 

 

Figure  5.6 Percentage of water vapor flux enhancement during WGMD and 

sand gap MD processes compared to AGMD process using M1 membrane 

The percentage flux enhancement was found to be reduced while increasing 

the feed inlet temperature from 40 °C to 80 °C. For the WGMD configuration 

at 13 mm gap width, 911% increase in water vapor flux, when compared to 

the AGMD process, was observed at a feed inlet temperature of 40 °C, 

whereas it reaches about 329% at 80 °C. The same trend was observed in 

the sand gap MD process. The heat developed in the materials at higher 
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temperatures decreases the mass transfer during the MGMD process, a 

possible reason for the reduction in the percentage flux enhancement. 

Figure 5.6 also reveals that the increase in the water gap helps to improve the 

flux compared to the AGMD process. The increase in the water gap width 

from 9 mm to 13 mm increases the percentage flux from 449% to 911% at 40 

°C, and from 240 % to 329% at 80 °C. At higher gap widths, the heat transfer 

by natural convection is enhanced, which results in flux enhancement. When 

using sand as material between the membrane and the condensation plate, 

the effective air gap has been reduced depending upon the characteristics of 

the sand. The air trapped between the voids will be saturated by the 

condensate and both the properties of the permeate and sand together 

contribute to the heat and mass transfer during the MGMD process. The heat 

transfer capacity of the water dominates the sand and results in greater 

increase of water vapor flux in WGMD than in sand gap MD. Moreover, at 

higher gap widths as explained in Eqs. 5.5-5.8, the heat transfer is again 

enhanced by natural convection since the Ra number is calculated to be 

greater than 1,708 which results in the increased mass transfer. In Cipollina et 

al. study (2012), the permeate gap used is probably not large enough to make 

the natural convection take place in the permeate channel.  

Figure 5.7 shows the AGMD, sand gap MD and WGMD performance 

comparison between M1 and M2 membranes at 13 mm gap width and at 

different feed inlet temperatures.  
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Figure  5.7 Water vapor flux profile comparison between M1 and M2 

membranes during AGMD, sand gap MD and WGMD processes at 13 mm 

gap width 

During the WGMD process, the M2 membrane yields a water vapor flux of 

11.2 kg/m2.h at feed and coolant inlet temperatures of 80 °C and 20 °C, 

respectively; whereas the M1 membrane yields a water vapor flux of 20.45 

kg/m2.h under the same operating conditions. The active layer of both 

membranes is made of the same material and has a comparable mean flow 

pore size and first bubble point, yet the M1 membrane shows approximately a 

two-fold increase in the water vapor flux at any feed inlet temperature; this 

suggests that other membrane properties such as tortuosity, porosity, 

thickness and support material could play an important role in the mass and 

heat transfer during the MD process. The high flux obtained by the M1 

membrane is attributed to its lower thickness and higher contact angle 

compared to the M2 membrane (Table 5.1). The thickness of the membrane 
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used in this study 100 µm is much thinner than that used in the PGMD 

investigation (240 µm) (Cipollina et al., 2012), which could explain the 

significant variation in the permeate flux. 

Figure 5.8 (a) and (b) show the effect of flow rate on water vapor flux during 

the AGMD process at different feed inlet temperatures for M1 and M2 

membranes, respectively. Both membranes showed similar trends with a 

slight increase in the flux by increasing the feed flow rate from 0.5 LPM to 1.5 

LPM (equivalent to cross-flow velocities of 0.08 m/s and 0.25 m/s, 

respectively). The increase of feed flow rate leads to an increase of cross-flow 

velocity (shear stress) in the vicinity of the membrane surface which reduces 

the temperature polarization effect; hence increases the flux. However, the 

increase is not significant due to the decrease of the residence time at higher 

cross-flow velocities (Alsaadi et al., 2013). 
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Figure  5.8 Effect of flow rate on water vapor flux during the AGMD process at 

different feed inlet temperatures for (a) M1 and (b) M2 membrane 

The effect of feed flow rate on water vapor flux during sand gap MD, WGMD 

and AGMD, using M1 membrane is shown in Figure 5.9. Coolant flow rate 

and temperature were kept constant at 1.5 LPM (0.25 m/s) and 20 °C, 

respectively, and the gap width was fixed at 13 mm. 
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Figure  5.9 Effect of feed flow rate on water vapor flux during sand gap MD, 

WGMD, and AGMD at feed inlet temperatures of 80 °C, 60 °C and at 80 °C, 

respectively, using M1 membrane 

By increasing the feed flow rate from 0.5 LPM to 1.5 LPM, it was found that an 

increase in the flux by approximately 15 % was observed (from 7.3 kg/m2.h to 

8.5 kg/m2.h and from 8.2 kg/m2.h to 9.5 kg/m2.h at feed inlet temperatures of 

80 °C and 60 °C, respectively) during the sand gap MD process. Temperature 

polarization is one of the possible phenomena responsible for the water vapor 

flux decline during the MD process. An increase in the feed flow rate 

decreases the thickness of the stagnant fluid film near the membrane surface 

and decreases the temperature polarization effect. Cheng et al., (2011) found 

an increase in flux of about 20% while increasing the feed flow rate from 4 

LPM to 8 LPM. In order to increase the residence time of the feed solution 

and reduce the energy requirement, a maximum flow rate of 1.5 LPM was 

used in our study. 
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The majority of experimental data reported in the literature were obtained with 

a relatively high flow rates and large ΔT. These optimistic conditions are not 

feasible while scaling-up the MD system (Francis et al., 2013). Thermal 

efficiency of the MD process is very low at large T, because a large heat 

input is required to maintain the same temperature difference due to low heat 

recovery. The water vapor flux at these conditions will be large and far from 

the flux expected while using large scale modules. To mimic the large scale 

conditions, we have conducted different sets of experiments at low T across 

the membrane with different increments i.e. from high feed inlet temperature 

and high coolant inlet temperature (e.g. Th= 70 °C and Tc= 60 °C) to low feed 

inlet temperature and low coolant temperature (e.g. Th= 40 °C and Tc= 30 °C), 

because, at these conditions, the heat recovery is maximized at the expense 

of lowering the permeate flux.  
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Figure  5.10 AGMD, sand gap MD and WGMD performances at different ΔT 

and at feed/coolant flow rates of 1.5 LPM, using M1 membrane 
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Figure 5.10 shows the AGMD, sand gap MD and WGMD performances using 

the M1 membrane at different ΔT and at constant coolant/feed solution flow 

rates of 1.5 LPM and a gap width of 13 mm. Although the experiments were 

conducted at constant ΔT, a decrease in the water vapor flux was observed 

with a decrease in the feed inlet temperature. At 50 °C and at ΔT of 10 °C, a 

water vapor flux of 1 kg/m2.h was observed during the WGMD process, and 

under the same operating conditions, AGMD and sand gap MD processes 

gave a water vapor flux of 0.4 and 0.67 kg/m2.h, respectively. An increase of 

100% and 200% in the water vapor flux was observed while operating the 

WGMD process by increasing ΔT from 10 °C to 15 °C and to 20 °C, 

respectively. A significant increase in the water vapor flux was also observed 

during the WGMD process at constant ΔT in comparison with AGMD and 

sand gap MD processes under the same operating conditions, as shown in 

Figure 5.10. 

The zigzag spacers used at the feed membrane side can reduce the 

thickness of the stagnant thermal boundary layer near the membrane surface 

and improve the heat transfer coefficient by reducing the temperature 

polarization, eventually maximizing the flux (Camacho et al., 2013). 

The effect of sand porosity on water vapor flux under the same operating 

conditions was also investigated (Figure 5.11). Sand samples with four 

different porosities ranging from 27% to 47%, were tested, using M1 

membrane. An increase of porosity results in an increase of water vapor flux. 
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Figure  5.11 Effect of sand porosity on water vapor flux, coolant/feed 

temperature = 20 °C/80 °C, coolant/feed flow rates = 1.5 LPM, gap width = 13 

mm 

A water vapor flux of 7.92 kg/m2.h was obtained while using 27 % porous 

sand whereas the flux was increased to 9.2 kg/m2.h while using 47 % porous 

sand in the gap between the membrane and the condensation plate. That 

means a 15 % increase in the flux was observed by increasing the porosity by 

20%. An increase in porosity allows more water vapor to occupy the voids and 

a synergic effect of sand and water vapor in the air gap at steady state helps 

in increasing the rate of vapor condensation and mass transfer, which in turns 

increases the water vapor flux.  

 

 Conclusions 5.6

A new MD module design, called MGMD, has been proposed for seawater 
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and polypropylene mesh were used as materials to fill the gap between the 

0

2

4

6

8

10

20 25 30 35 40 45 50

W
a
te

r 
v
a
p

o
r 

fl
u

x
 (

k
g

/m
2
.h

r)
 

porosity (%) 



188 

 

membrane and the condensation plate of an AGMD module. A maximum 

increase of 911% in the water vapor flux was observed during the WGMD 

process when compared to the AGMD at a feed temperature of 80 °C. Natural 

convection plays an important role in the heat and mass transfer phenomena 

at higher gap widths during the WGMD process. A water vapor flux of 4.77 

kg/m2.h with 99.99% salt rejection was obtained during the AGMD process, 

whereas a 329% increase in the flux was observed (20.45 kg/m2.h) in the 

MGMD process by using water in the gap at a feed and coolant inlet 

temperatures of 80 °C and 20 °C, respectively. A 15% increase in the water 

vapor flux was observed for a three-fold increase in the feed flow rate during 

the WGMD and sand gap MD processes. Water vapor flux was also found to 

be higher by increasing the porosity of the sand used in the gap. It is 

necessary to do the experiments at low T across the membrane to mimic 

large scale module conditions, because at these conditions the heat recovery 

is maximized at the expense of lowering the water vapor flux. 
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  CHAPTER 6

 

EXPERIMENTAL AND THEORETICAL ANALYSES OF 

TEMPERATURE POLARIZATION EFFECT IN VACUUM 

MEMBRANE DISTILLATION1 

 Summary 6.1

This paper discusses the effect of temperature polarization in Vacuum 

Membrane Distillation (VMD). The main motivation for using VMD in this work 

is that this module configuration is much simpler and more suitable for this 

kind of investigation than the other MD configurations such as Direct Contact 

Membrane Distillation (DCMD). The coupling between heat and mass transfer 

mechanisms at the feed-membrane interface is presented from a theoretical 

point of view. In addition, a new simple graphical method and a mathematical 

model for determining VMD flux are presented. The two methods used in 

evaluating the extent of temperature polarization effect on water vapor flux 

(flux sensitivity factors and Temperature Polarization Coefficient (TPC)) are 

also analyzed and compared. The effect of integrating a heat recovery system 

                                            

 

1
 Submitted to Water Research as: 

Ahmad S. Alsaadi, Lijo Francis, Gary L. Amy, Noreddine Ghaffour, Experimental and 
theoretical analyses of temperature polarization effect in vacuum membrane distillation. 
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in a large scale module on the TPC coefficient has also been studied and 

presented in this Chapter. 

 

 Introduction 6.2

One of the major drawbacks associated with all membrane separation 

processes is a physical phenomenon that takes place near the membrane 

surface referred to as polarization. This phenomenon is observed in the thin 

layer of liquid near the membrane interface once it under goes changes in 

mass and heat transfer. It is considered as one of the main limiting 

parameters of the membrane processes permeate and a major contributor to 

fouling/scaling formation on membranes surfaces. Depending on the applied 

driving force of the membrane system, the polarization phenomenon can be 

either temperature polarization or concentration polarization, as shown in 

Figure 6.1.  
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Figure  6.1 The two types of polarization phenomenon in membrane processes 

Concentration polarization takes place in both isothermal processes (e.g., 

reverse osmosis (RO) and forward osmosis (FO)) and in non-isothermal 

processes (e.g., membrane distillation (MD)). The polarization effect of this 

type is experienced as a form of concentration gradient once a membrane 

starts to segregate a fluid mixture into permeate and retentate.  

Temperature polarization develops only in non-isothermal processes such as 

MD and results in a reduction of the driving force of the permeate flux when a 

thermal gradient is formed near the membrane surface. Since its proposed 

definition for the first time by Schofield et al. in 1987, temperature polarization 

is considered as one of the main issues raised against MD development 

because it reduces the permeate flux significantly (Camacho et al., 2013). 
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But since both types of polarization occur in MD process, it is needed to 

discuss which type of these two phenomena has the most significant effect on 

the water vapor flux. 

At first it is important to differentiate between the effect of “feed concentration” 

and the effect of “concentration polarization” on the flux. Addition of solute into 

pure water always alters its liquid-vapor equilibrium state and results in a 

reduction of its water vapor pressure which in turn reduces the MD flux. On 

the other hand, the concentration polarization effect represents only the 

fractional reduction in MD flux that is caused by the increase in feed 

concentration near the membrane surface. For instance, Fane et al. (1987) 

conducted a parametric analysis of the effect of feed concentration on MD flux 

and found that for a near saturation concentration of NaCl solution, the MD 

flux was about 40% less than that of pure water. For similar feed solution 

concentration, Calabro and Drioli (1997) found that concentration polarization 

reduced the MD flux by 4% only. The effect of concentration polarization is 

expected to be even lower for diluted solutions. Martinez-Diez and Vazquez-

Gonzalez (1999) reported that a concentration polarization of 4% will reduce 

the feed water vapor pressure by 0.2% only. In the same study, they 

concluded that the largest reduction of the flux is caused by temperature 

polarization and, to some lower degree, by the reduction of water vapor due to 

the concentration of the feed and to a negligible effect by concentration 

polarization.  

The exponential behavior of the water vapor pressure with temperature may 

explain the reason behind the large effect of temperature polarization on MD 
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flux. Therefore, this investigation will be focused on temperature polarization 

only. 

As mentioned above, the first temperature polarization studies have been 

conducted by Schofield et al. (1987) who laid the theoretical foundations of 

this phenomenon. In another paper, the same authors emphasized the 

importance of improving the MD module design through applying de-aeration 

and enhancing the heat transfer coefficient, and they highlighted that the MD 

flux is not controlled by the membrane structure resistance. On the other 

hand, Bandini et al. (1992) analyzed the mass transfer resistance and the 

external heat transfer resistance of Vacuum Membrane Distillation (VMD) and 

found them to be equally important.  

Another major work in the MD literature towards understanding the 

temperature polarization phenomenon was conducted by Martinez-Diez and 

Vazquez-Gonzalez (1999, 1998a, 1998b); Rodriguez-Maroto and Martinez 

(2005), and Martinez and Rodriguez-Maroto (2007) who built on Schofield et 

al. (1987) work. They studied the temperature polarization effect in direct 

contact membrane distillation (DCMD) configuration, evaluated the relative 

effect of temperature and concentration polarizations on MD flux, introduced a 

new method for calculating the membrane thermal conductivity through 

DCMD thermal efficiency, and compared the effect of MD membrane 

resistance on the fluid film heat transfer resistance.  

The last five years of MD literature showed a major shift in studying 

temperature polarization phenomenon. Researchers has taken advantage of 

the availability of powerful computers along with advanced Computational 
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Fluid Dynamic (CFD) modeling packages and started to simulate the behavior 

of the fluid thin film near the membrane surface (Shakaib et al., 2013; Al-

Sharif et al., 2013; Yu et al., 2012; Yang et al., 2012; Shakaib et al., 2012; 

Yang et al., 2012; Cipolina et al., 2011; Xu et al., 2009; Cipolina et al., 2009). 

The central focus of these simulation studies has been to investigate the 

turbulence promoter’s effect on the fluid temperature, velocity and pressure 

profiles near the membrane surface to see how these promoters could 

enhance the water vapor flux. 

Conclusions drawn from these CFD studies are more or less qualitative while 

quantitative studies require experimental data to support theoretical findings. 

For the DCMD configuration, different experimental methods had been tried to 

measure the feed temperature at the membrane interface. For example, Sakai 

et al. (1998) utilized the linear relationship found between the reciprocal of the 

stirring rate with the effective mass transfer resistance at constant P to 

calculate the permeability of the membrane at zero temperature polarization. 

They achieved this by extrapolating the linear curve to infinite stirring rate 

where the intercept with the y-axis represent the membrane mass transfer 

resistance at zero temperature polarization condition. However, the 

calculation of the temperature polarization effect by this method is based on 

the assumption that the membrane mass transfer resistance remains constant 

at different feed and permeate conditions which is not the case for the DCMD 

process. The membrane mass transfer in DCMD is a combination of Knudsen 

and molecular diffusion mechanisms and the change in fluid conditions 

changes the partial pressure of non-condensable gases inside the membrane 
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pores which in turn changes the molecular diffusion resistance and the overall 

mass transfer resistance of the membrane. In a recent study, Ali et al. (2013) 

designed a new DCMD cell that has 16 temperature sensors to measure the 

feed and permeate bulk temperatures as well as temperatures near the 

membrane surface. However, the physical presence of these sensors near 

the membrane is expected to induce local turbulence around them which 

cause the sensors to transmit higher temperature values than the actual ones. 

Thus, we believe that the DCMD configuration is not the best method to study 

the effect of temperature polarization because the probing of the fluid 

temperature at the membrane interface is very challenging in this 

configuration and it is subjected to high experimental errors. Alternatively, in 

this study VMD configuration is proposed to investigate temperature 

polarization. Unlike DCMD, the temperature polarization in VMD takes place 

at one side of the membrane only. Such a simple configuration helps in 

analyzing the temperature polarization phenomenon theoretically once the 

permeability of the membrane and the convective heat transfer coefficients 

are known.  

The number of studies conducted on the VMD configuration represented 16.7 

% only of the MD literature by the end of 2010 (Khayet and Matsuura, 2011). 

For the past two years the VMD studies percentage were found to be even 

lower. Additionally, the VMD literature showed that the majority of the studies 

are mainly focused on testing VMD for new applications such as the removal 

of Volatile Organic Compounds (VOC) from aqueous solution (Couffin et al., 

1998; Jin et al., 2007; Wu et al., 2006; Wu et al., 2005; Urtiaga et al., 2001; 
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Urtiaga et al., 2000; Tang et al., 2000; Banat and Simandl, 1996; Sarti et al., 

1993), fermentation (Qureshi et al., 1994; Hoffmann et al., 1987), desalination 

(Shao et al., 2013; Hasanoglu et al., 2012; Mericq et al., 2011; Mericq et al., 

2010; Pangarkar et al., 2010; Mericq et al., 2009; Xu et al., 2006) and juice 

concentration in food industry (Zhao et al., 2011; Bagger-Jorgensen et al., 

2011; Diban et al., 2009; Zhao et al., 2008; Bagger-Jorgensen et al., 2004; 

Wu et al., 1989). 

Very few studies have tried to analyze and understand the temperature 

polarization phenomenon in VMD (wang et al., 2012; Banat et al., 2003; 

Bandini et al., 1992). The objective of this paper is focused on closing the 

knowledge gap of this issue. It discusses the heat and mass transfer 

resistances in the VMD process and gives detailed interpretation on how heat 

and mass transfer rates in VMD are coupled. It also describes a simple 

mathematical model for the VMD process that is used along with VMD 

experimental data to evaluate the heat and mass transfer coefficients of the 

process. Furthermore, a comparison between two methods used in this study 

in evaluating the temperature polarization effect on VMD flux is discussed as 

well. 

 

 Theory 6.3

Heat and mass transfer rates in a VMD process are coupled; which means 

that a change in one of these two rates will induce a change in the other. This 
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coupling is discussed right after discussing the VMD heat and mass transport, 

separately. 

6.3.1 Mass transfer 

Mass transfer resistances in a VMD process are categorized into three types 

(Fig. 6.2): 

 

Figure  6.2 Diffusive mass transfer resistance in (A) the liquid phase, (B) the 

gas phase, and (C) frictional mass transfer resistance through the membrane 

pores in VMD process 

A. Diffusive mass transfer resistance in the liquid phase: This type of 

resistance is caused by the concentration polarization of a relatively 

non-volatile component in a mixture near the membrane surface. The 

non-volatile components will accumulate at the entrance of the 
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membrane pores and block the way of the relatively volatile 

components and prevent them from reaching the membrane interface. 

This resistance will force the volatile components to diffuse among the 

non-volatile components in order to reach the membrane interface. 

Bandini and Sarti (1999) found that this mass transfer resistance is 

only important for the separation of the volatile organic compounds 

(VOCs) that are present in small concentration in an aqueous mixture. 

For the water vapor flux in pure water or a dilute salt solution, they 

reported that this type of resistance is not significant. Therefore, this 

mass transfer resistance will be neglected here because the 

experimental part of this work uses deionized water as feed solution. 

B. Diffusive mass transfer resistance in the gas phase: At atmospheric 

pressure and before applying vacuum to the VMD process, membrane 

pores will be pre-occupied by non-condensable gases e.g., N2 and 

O2.These gases remain in the membrane pores and obstruct the way 

of the water vapor molecules and reduce their momentum towards the 

condensation side. Once low vacuum pressure is applied (lower than 

the saturation pressure of the feed temperature at the membrane 

interface), the partial pressure of these non-condensable gases 

becomes very small compared to the water vapor molecules inside the 

membrane pores. In such a case, the molecular diffusion mechanism is 

not playing a significant role and its resistance to the mass transfer 

inside the membrane pores is negligible as well. 
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C. Frictional mass transfer resistance through the membrane porous 

structure: This resistance is considered as the main mass transfer 

resistance of water vapor flux in the VMD process. Water vapor 

molecules that leave the liquid surface at the membrane interface 

encounter frictional mass transfer resistances inside the pore structure. 

The dominating type of mass transfer mechanism depends on the size 

of the pores available for the vapor molecules. The Knudsen’s flow 

regime is expected to be dominating when the pore size is smaller than 

the mean free molecular path. In this regime, the vapor molecules 

collide several times with the polymeric molecules that make up the 

wall of the membrane pore (the frequency of collisions depends on the 

thickness of the membrane) before they reach the other side of the 

membrane. The water vapor mass flux of Knudsen flow (Jk) can be 

calculated by the following equation: 

         
  

  
(
 

     
)

   

(     )   (  6.1 ) 

where Pi and Pv are the water vapor pressure at the feed-membrane interface 

and at the vacuum side of the membrane, respectively; r   and  are the 

average pore size, porosity, tortuosity and thickness of the membrane, 

respectively; and M, R and Tavg are the molecular weight of water, universal 

gas constant and the average absolute temperature inside the membrane 

pores, respectively. 
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On the other hand, if the pore size of the membrane is greater than the mean 

free path, then the vapor transport is best described by Poiseuille’s flow 

regime. The viscous forces among the water vapor molecules become much 

more important than their interaction   with the walls of the membrane pores. 

In this regime, the mass flux of the water vapor (Jp) is calculated by the 

following equation: 

         
   

  
(
     

      
) (     ) (  6.2 ) 

where  and Pavg are the viscosity of the water vapor and its average vapor 

pressure, respectively. 

The question that we raise here is which one of these two mechanisms should 

be used to evaluate the water vapor mass flux through a VMD membrane? 

Lawson and Lloyd (1996) applied both regimes in their modeling to the VMD 

and calculated the importance of Poiseuille’s flow regime relative to Knudsen 

flow as: 

      
     

   
 (  6.3 ) 

where ’ and  are the gas viscosity and mean molecular speed of the water 

molecule, respectively. 

Zhang et al. (2013) also used both regimes in their modeling to the VMD 

process because they expected the process to operate in the transition region 

where both flow regimes will be important.  
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In another VMD modeling study, Lovineh et al. (2013) neglected the 

Poiseuille’s flow contribution and assumed Knudsen flow to be the dominating 

mass transfer mechanism. The linearity of Knudsen’s flow equation along with 

the linear relationship confirmed experimentally (Lovineh et al. (2013); Wang 

et al., 2012; Bandini et al., 1992) between the water vapor mass flux and the 

partial pressure difference, supported by Lovineh et al. (2013) modeling 

assumption. 

6.3.2 Heat transfer 

The surfaces at which evaporation and condensation take place are the most 

likely parts of the VMD system that cause its water vapor flux to be heat 

transfer limited. The large latent heat of the water vapor and the no-slip 

condition (zero viscous fluid velocity at the boundary of a solid surface) make 

it very difficult for the hydrodynamic conditions represented by h to meet the 

heat transported by evaporation and condensation. This heat transfer 

limitation appears in a temperature polarization form near these surfaces. The 

large latent heat of the water vapor is a natural physical property and nothing 

can be done toward reducing its effect on the heat transfer limitation. 

However, the no-slip condition effect can be mitigated by introducing 

turbulence promoters near these surfaces (Camacho et al., 2013).  

Since the no-slip condition exists at the condensation and evaporation 

surfaces of the VMD process, the convective heat equation can be used to 

calculate the heat transferred through these surfaces: 
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    (     ) (  6.4 ) 

where h is the convective heat transfer coefficient of the feed, and Tb and Ti 

are temperatures of the bulk and at the membrane interface of the feed, 

respectively. The heat transfer coefficient is a function of Reynolds number 

and some physical properties of the fluid. The method used in calculating the 

heat transfer coefficient has been reported in our previous work (Alsaadi et 

al., 2013).  

Energy is also transferred through thermal conduction. However, all 

researchers agreed on the validity of neglecting the contribution of this 

mechanism to the heat transfer in VMD.  

Depending on the temperature of the feed at the membrane interface, energy 

is also transferred through the latent heat of water vapor according to the 

following equation: 

       (  6.5 ) 

where J is the water vapor flux and gv is the saturated water vapor enthalpy. 

6.3.3 Heat and mass transfer coupling 

At steady state, the total energy balance of the VMD process is written as: 

    (     )        (     )   (  6.6 ) 

where Cm is the membrane mass permeability coefficient. 
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If we try to follow a logical train of thought along with some already known 

facts about heat and mass transfer as a mean to describe how a steady state 

in a VMD process could be reached, then we could narrate it as follow: 

Assuming that the VMD membrane pores are initially not under any partial 

pressure gradient then at the moment a hot feed comes into contact with the 

membrane surface, its temperature there (Ti) will be equal to its bulk 

temperature (Tb). Ti is also expected to remain the same as long as there is 

no heat loss through the membrane surface neither by evaporation nor by 

heat conduction. Once vacuum pressure is applied to the other side of the 

membrane, water vapor molecules will be transported through the membrane 

pores towards the permeate side. This initial water vapor transfer rate 

depends on both the partial pressure difference made by the vacuum and on 

the mass transfer coefficient of the membrane to the water vapor (Cm). The 

first molecules that leave the feed surface at the membrane interface will 

disturb the temperature homogeneity of the feed.  Ti will start to decrease 

creating a temperature gradient that causes additional heat to be driven from 

the bulk feed to the membrane interface. The effectiveness of the heat driving 

force depends on the hydrodynamics inside the feed channel and the physical 

properties of the feed which are all represented by the convective heat 

transfer coefficient (h). If we assume that the applied vacuum pressure at the 

permeate side remains constant, then the decrease of Ti will also lower the 

partial pressure difference that drives the water vapor molecules through the 

membrane pores. Ti will continue to decrease until it reaches an equilibrium 

value that makes the temperature gradient at the feed side high enough to 
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drive heat from the bulk fluid equivalent to that lost by water evaporation. Ti 

equilibrium temperature will be somewhere between Tb and the saturation 

temperature of the vacuum pressure at the permeate side. Ti approaches Tb 

when h approaches infinity. In this case, the VMD flux becomes limited by Cm. 

Ti also approaches the saturation temperature of the vacuum pressure as h 

approaches zero which makes the process heat transfer limited. The former 

case is only achieved when the fluid starts boiling and the vapor is being 

generated from within the bulk fluid. The latter case can be observed in a 

VMD process that operates in a batch mode where the walls of the feed 

container are well insulated and no heat is being supplied to the fluid at the 

membrane interface. Figure 6.3 illustrates how Ti at equilibrium affects the flux 

of a VMD process operating at constant Pv and constant Tb. Pv is assumed to 

be equal to the saturation pressure of pure water at 20⁰C while Tb is assumed 

to be at 80°C. For illustration purpose, the membrane permeability is also 

assumed to be equal to 0.0011 kg m-2hr-1. Pa (Francis et al., 2014).  The 

straight line in the graph denotes the water vapor mass flux as a function of 

P (J = Cm P) while the second curve represents the value of P across the 

membrane pores at different equilibrium temperatures of Ti (P = Pv-Pi , 

where Pi is the vapor pressure at Ti).  
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Figure  6.3 A graphical method for calculation of water vapor flux at different Ti 

Assuming that the heat transfer coefficient is very large (approaches infinity) 

then Ti will reach equilibrium at 80⁰C where from the blue curve P across the 

membrane will be about 45 kPa. At this value of P the straight line curve 

gives us a water vapor flux of about 50 kg/m2.hr. When the heat transfer 

coefficient is very small then Ti it will equilibrate at the lower end of the blue 

curve where the flux of water vapor will stop once Ti reaches 20⁰C (the 

saturation temperature of the vacuum pressure applied). If Ti equilibrates at 

60⁰C then the water vapor flux will be about 20 kg/m2.hr.  

6.3.4 Flux sensitivity analysis 

For the last case let’s assume that we decide to improve the flux without 

changing the feed bulk temperature or increasing the vacuum pressure at the 

permeate side. One may suggest replacing the membrane with another one 
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that has higher mass transfer permeability. Another way may suggest 

increasing the heat transfer coefficient. Both of these actions are valid but 

which one of them is more effective in increasing the flux than the other. 

Bandini et al. (1992) tried to answer this question by studying the sensitivity of 

the VMD flux to the changes in Cm and h. In that study they introduced two 

new dimensionless sensitivity factors: 

    

  
 
   
  

 (  6.7 ) 

 

   

  
 
  
 

 (  6.8 ) 

where m is the normalized sensitivity factor of the change in flux to the 

change in membrane mass transfer coefficient while h is the normalized 

sensitivity factor of the change in flux to the change in heat transfer 

coefficient. m is equal to one if any normalized change in Cm introduces 

similar change in the normalized flux. m will be equal to zero if a change in 

Cm induces zero change in the normalized flux. The same thing can be said 

for the h factor. Based on equation 6.7, the Bandini et al. (1992) sensitivity 

analysis concluded that the two factors can be written as follow (Bandini et al., 

1992): 

    
 

    
 (  6.9 ) 
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         (  6.10 ) 

    
    
 

   
   

 (  6.11 ) 

The m equation above shows that the sensitivity of the flux to Cm increases 

as R1 value approaches zero. The opposite is true for h. From Eq. (6.11) one 

can see that R1 increases as Ti increases because dpi/dTi increases as Ti 

increases according to Claus-Clapeyron equation (Schofield et al., 1987): 

 
  

  
     

       

     
      (  6.12 ) 

The value of dPi/dTi spans a range of 144 - 1920 Pa/K for Ti temperature 

range of 80-20°C. Additionally, R1 is a function of Cmgv/h which is the ratio of 

heat transfer rate by evaporation to the heat transfer rate by convection. In 

their evaluation to dpi/dTi of Eq. (6.11), Bandini et al. (1992) assumed that Ti 

is equal Tb which we would expect introduces appreciable error to their 

analysis. A more accurate evaluation to dpi/dTi should be achieved if it was 

evaluated after solving the mathematical equations of the VMD model. 

Similar flux sensitivity analysis for Tb and Pv has been conducted by Banat 

and Simandl, (1996) where they introduced another two new normalized 

sensitivity factors: 

     
  
  

 (  6.13 ) 
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 (  6.14 ) 

      
  
  

 (  6.15 ) 

    
  
  
   (  6.16 ) 

 

Since 0 ≤ R2 ≤1 and -1 ≤ R3 ≤ 0 then one can conclude that the sensitivity of 

the flux to the changes in Tb and Pv are always greater than that of h and Cm, 

respectively. 

6.3.5 Temperature Polarization Coefficient (TPC) 

Temperature polarization coefficient (TPC) was defined by Schofield et al 

(1987) for a DCMD configuration as the ratio of T at the membrane interface 

to the T of the bulk temperatures according to the following equation:  

     
       
       

 (  6.17 ) 

where Tif and Tip are the temperatures of the feed and permeate fluids at the 

membrane interface, respectively, and Tbf and Tbp are the bulk temperatures 

of the feed and permeate, respectively.  

This definition has been introduced to quantify the limitation created by the 

convective heat transfer coefficient on the DCMD flux. When TPC approaches 
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a value of one, it signifies that the convective heat transfer coefficients are 

high and the bulk temperatures can be used in calculating the water vapor flux 

without significant error. As TPC approaches a value of zero, it tells us that 

the water vapor flux is limited by the heat transfer coefficients and the 

temperature at the membrane interface must be considered. A thorough 

search in the DCMD literature showed that no other definition than this has 

been reported for TPC of DCMD. On the contrary, three different TPC 

definitions for the VMD configuration have been used by different authors. 

Some authors (Mericq et al., 2011; Al-Asheh et al., 2006; Banat et al., 2005; 

Li and Sirkar; 2004) defined the TPC of the VMD according to the following 

equation:  

     
  
  

 (  6.18 ) 

It seems that this definition was taken by analogy from the concentration 

polarization coefficient definition. Since the analogy between TPC and the 

concentration polarization coefficient is not perfect, we found this definition to 

be unsuitable. The TPC value in this definition approaches zero only when Ti 

approaches zero which is not necessarily the case. In fact, TPC approaches 

zero when Ti approaches the saturation temperature of the permeate 

pressure (Tv) whether the value of Tv is zero or any other temperature. Thus, 

this definition does not represent all possible cases of the VMD process. 

Bandini et al. (1992) defined the TPC of the VMD process as: 
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 (  6.19 ) 

In this definition, TPC approaches a value of zero when the heat transfer 

coefficient is high and approaches a value of one when the heat transfer 

coefficient is low. The value of this definition is the opposite of the TPC value 

in DCMD. It is most likely that Bandini et al. (1992) defined the TPC of the 

VMD in such a way to make it consistent with the sensitivity factors that they 

introduced for the VMD process. We believe that standardizing the TPC value 

among all MD configurations is very important and is expected to eliminate 

any possible future confusion in the MD literature. Therefore, we suggest 

setting the value of the TPC defined for the DCMD configuration as the 

standard value for the other configurations. This means that TPC value 

approaches one when the heat transfer coefficient is high and it approaches 

zero when the heat transfer coefficient is low.  

Some authors (Lovineh et al., 2013; Khayet and Matsuura, 2004) modified the 

Bandini et al. (1992) definition and made its value agree with that of the TPC 

of the DCMD: 

     
     
     

 (  6.20 ) 

They reached this new definition by simply subtracting the Bandini et al. 

(1992) TPC equation from a value of 1: 
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 (  6.21 ) 

It is worth mentioning that the definition of Eq. (6.20) is not valid as the value 

of Tv approaches the value of Ti because as Tv approaches Ti then the value 

of Tv will also approach Tb which means that both the values of the numerator 

and denominator will approach zero (undefined case). 

6.3.6 VMD mathematical modeling 

Developing a mathematical model for the heat and mass transport in VMD is 

relatively much simpler than those of the DCMD and AGMD configurations. 

With equation 6.6 and an iteration loop for Ti we were able to develop a VMD 

mathematical model according to the following algorithm (Fig. 6.4): 

 

Figure  6.4 VMD model algorithm 
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This model was validated experimentally (see experiment section) and then it 

was used in analyzing the TPC and sensitivity factors for different operating 

conditions scenarios. A detailed comparison between these two has been 

conducted as well. 

 

 Experimental 6.4

A poly tetra fluoro ethylene (PTFE) flat sheet membrane provided by 

Sterlitech Corporation, USA, with a nominal pore size of 0.2 µm was used in 

this study. Membrane samples were characterized for their morphology using 

Scanning Electron Microscopy (SEM), thickness, water contact angle, pore 

size, pore size distribution and porosity. A detailed membrane 

characterization procedure was described in previous works (Francis et al., 

2014a; Francis et al., 2014b). The membrane characteristics and MD process 

performance for different configurations using real Red Seawater as feed 

solution showed that the used membrane could serve as one of the promising 

membranes among other commercially available and locally fabricated MD 

membranes (Francis et al., 2014; Alsaadi et al., 2013; Maab et al., 2013; 

Francis et al., 2013; Li and Sirkar, 2004;) at the same operating conditions. 

Membrane specimens of 5 cm x 10 cm have been tested in a thermally 

insulated VMD flat sheet module made of poly methyl methacrylate, locally 

designed and fabricated. The channel height was 2 mm for both feed and 

permeates sides. The membrane module was mounted vertically in a bench 

scale set up. Water vapor (permeate) was condensed inside a 60 cm long 
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glass coil immersed in an ice bath and collected in a sealed tank placed on an 

electronic Mettler Toledo balance (ML3002E Precision Balance, with 

readability of 0.01 g). The permeate weight, pressure and temperature of the 

water vapor that comes out from the VMD module were monitored using in-

line temperature and pressure sensors. The data were logged every 60 

seconds via data acquisition software (Labview) to a computer hard drive. 

Deionized water at different flow rates (1 and 2 L/min) were used as a feed at 

three different temperatures (60, 70, 80°C). The temperature of the feed was 

monitored via in-line Pt100 sensors inserted at the entrance of the membrane 

module to provide feedback signal to the heater controller. The vacuum is 

applied through a vacuum pump connected to the top of the permeate 

collection tank. The vacuum pressures at the initial time of all VMD runs were 

always lower than the saturation pressure of the hot feed. After reaching the 

maximum possible vacuum, the VMD setup was isolated to prevent any water 

vapor loss through the vacuum line.  Even though the system was well 

isolated, the absolute pressure of the system was observed to increase slowly 

over time. The VMD process is considered as a semi-closed process and the 

accumulation of the water condensate inside the tank and maybe small air 

leaks are two possible causes for the increase of the absolute pressure of the 

system. A schematic diagram and a VMD experimental setup are shown in 

Figure 6.5. 
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Figure  6.5 A schematic diagram (left) and photo (right) of the VMD 

experimental setup 

 

 Results and discussion 6.5

6.5.1 Calculating the heat and mass transfer coefficients 

In the VMD mathematical model described in Section 6.3, the membrane 

mass transfer coefficient and the convective heat transfer coefficient are used 

as input parameters. However, calculating the values of these two coefficients 

from correlation equations reported in the literature gives, most of the time, 

unsatisfactory results which in turns affects the accuracy of the mathematical 

model. Therefore, we proposed to have these two coefficients as adjustable 

(fitting) parameters for tuning the mathematical model under one experimental 

run. The obtained coefficients have been then treated as constants and tested 

again under two more different experimental conditions to see how accurately 
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the mathematical model predicts the results of the second and third 

experimental runs from the result of the first one. At first, the water vapor flux 

at different absolute permeate pressures (Pv) for a constant feed temperature 

of 80 °C was measured. The data generated from this run showed a linear 

trend between the water vapor flux and the permeate pressure Pv (Fig. 6.6).  

 

Figure  6.6 Water vapor flux vs. absolute permeate pressure (Tb= 80 °C, flow 

rate = 2 L/min) 

The small noise in the flux was caused by the semi-batch transfer mode of the 

condensate to the tank placed on the balance. In order to match the 

experimental data, the mathematical model required the membrane mass 

transfer coefficient to be 0.0035 kg/m2.hr.Pa and the convective heat transfer 

coefficient to be 2.2 kW/m2.C. Since these two coefficients are expected to 

remain constant, they were used in the model to predict the experimentally 

measured flux at different Pv of feed temperatures of 70 °C and 60 °C. Figure 
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6.7 shows the experimental and predicted water vapor flux at these 

conditions.  

 

Figure  6.7 Experimental and simulated water vapor flux vs. absolute permeate 

pressure at two different feed bulk temperatures, flow rate = 2 L/min) 

The agreement between the mathematical model results and the experimental 

data was excellent, which gave us confidence in our mathematical model 

prediction. This model was used to compute and analyze the TPC and the flux 

sensitivity factors introduced by Bandini et al. (1992).  

6.5.2 Temperature polarization coefficient and flux sensitivity 

factors 

6.5.2.1 Temperature polarization coefficient (TPC) 

The developed mathematical model is considered as a useful tool for studying 

and analyzing the temperature polarization effect on VMD. Furthermore, it can 
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give insight to what should be done to enhance the process flux under 

different scenarios of operating conditions and parameters. Figure 6.8 for 

instance represents one scenario of TPC behavior at different permeate 

pressures and constant feed temperature. It is clearly shown that the TPC 

decreases nonlinearly as the absolute pressure of Pv increases. Such a result 

was not expected because we were expecting that as Pv increases the flux 

decreases which in turns makes managing the heat supply from the bulk feed 

to the membrane interface through h much easier. However, what is shown in 

Figure 8 is the opposite (TPC decreases as Pv increases).  

 

Figure  6.8 TPC as a function of Pv at feed temperature of 60 °C and flow rate 

of 2 L/min 

In order to explain this initially unexpected behavior we need to re-evaluate 

the TPC definition presented in Eq. (6.20). By dividing the denominator and 

numerator by Tv, we get: 

0

0.1

0.2

0.3

0.4

0.5

0.6

15 20 25 30 35 40 45 50

T
P

C
 

 Pv (kPa abs) 



222 

 

     

  
  
  

  
  
  

 (  6.22 ) 

Increasing Pv will cause Ti and Tv to increase while Tb remains constant as 

per the described scenario condition. Even though Ti increases as Pv 

increases, its values are always smaller or equal to Tb (Tb ≥ Ti). This means 

that any increase in Tv always causes more reduction in the numerator value 

than that of the denominator with an overall decrease in TPC. Such a 

phenomenon would not be easily recognized without the aid of the developed 

mathematical model. 

Another scenario is the behavior of TPC at constant Pv and variant feed 

temperatures (Fig. 6.9).  
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Figure  6.9 Simulated TPC as a function of Tb at permeate absolute pressure 

of 2 kPa and feed flow rate of 2 L/min 

The modeling of this scenario was conducted at low absolute pressure (2kPa) 

in order to allow us to study TPC at lower feed temperatures. This relation is 

obvious and is expected because the increase of flux as a function of feed 

bulk temperature makes it difficult for h to supply the heat to the membrane 

interface without increasing the driving force of T which in turn reduces TPC. 

Unlike the relation of TPC with Pv, the TPC decreases linearly with Tb, as 

shown in Figure 6.9. 

6.5.2.2 Sensitivity factor of the flux to the heat transfer coefficient 

The definition of the sensitivity factor h is exactly the opposite of TPC. In 

other words, as h increases, h decreases to show less dependence on the 

heat transfer coefficient while TPC increases to show that there is no 

limitation created by the heat transfer coefficient. Such a conceptual 

difference in meaning in these two definitions prevents us from making a good 

0

0.1

0.2

0.3

0.4

0.5

0.6

0.7

0.8

0.9

1

0 20 40 60 80 100

T
P

C
  

Tb (°C) 



224 

 

comparison between them in the next section. Therefore, h was redefined to 

make its meaning similar to that of the TPC value. A careful look at Eqs. (6.7-

6.11) would reveal that we can achieve our goal by simply replacing h with m 

and vice versa in that equation. In this way h has a value of one when the 

heat transfer is not limiting the process and a value of zero when the process 

is heat transfer limited. In order to distinguish this new definition from that of 

Bandini et al. (1992), we are going to refer it as h*.  

As is shown in Figure 6.10, the sensitivity factor h* decreases as Pv 

increases. This implies the importance of improving h, increasing as Pv 

increases. This relation is in good agreement with the TPC analysis. 

 

Figure  6.10 Simulated h
* as a function of Pv at feed temperature of 60 °C and 

flow rate of 2 L/min 

The h* scenario at constant Pv and variable Tb is presented in Figure 6.11. 

As Tb increases, h* decreases, which again agrees with the TPC trend. 
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Figure  6.11 Simulated h
* as a function of Tb at permeate absolute pressure of 

2 kPa and feed flow rate of 2 L/min 

6.5.2.3 Comparison between TPC and the sensitivity factor of flux to 

heat transfer coefficient 

It was showed in the last section that both h* and TPC gave similar 

indications of the effect of temperature polarization at different operating 

conditions scenarios. But here we would like to analyze how their values differ 

from each other and which one of them is expected to give a more accurate 

indication about temperature polarization than the other. Figures 6.12 and 

6.13 show a comparison between TPC and h* under two different operating 

condition scenarios. 
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Figure  6.12 Simulated comparison between TPC and h* (Tb = 80 °C ) 

 

Figure  6.13 Simulated comparison between TPC and h* (Pv = 2 kPa) 

In both graphs h* is always lower or equal to the TPC value. The difference 

at constant Tb and variable Pv is as high as 6% at 15 kPa while the difference 

reached 20% in the second scenario at Tb of 80 °C. 
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6.5.2.4 Temperature polarization and process scale-up 

In previous works (Francis et al., 2014; Alsaadi et al., 2013) we highlighted 

that all thermal separation processes are thermally inefficient unless the 

thermal energy utilized in the phase change is recycled back to the process 

through a heat recovery system. So, if a heat recovery system is integrated 

into a VMD process (Fig. 6.14) then the latter will have a similar design to that 

of the AGMD configuration except that the vapor condensation will take place 

outside the membrane module and the process will be operating under 

vacuum instead of atmospheric pressure. 

 

 

Figure  6.14 Process flow diagram of a heat recovery system integrated to a 

VMD process 

Therefore, it is expected that the compact VMD module design that allows 

running the process under vacuum pressure will be one of the most attractive 
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potential designs for scaling up the MD technology. Such a design will be 

discussed in more detail in another paper. But here, the discussion will be 

limited to how the integration of a heat recovery system would change the 

temperature polarization effect on VMD water vapor flux.  

As shown in Figure 6.14, the feed water is used as coolant medium for the 

water vapor condenser where it recovers the latent heat from the vapor. The 

increase of the feed temperature during its flow through the condenser 

reduces the water vapor condensation rate and causes the non-condensed 

vapor to exit the process through the vacuum system. To rectify such a 

problem, the absolute pressure inside the VMD module and the condenser 

must be increased to a point where the pressure is higher than the saturation 

pressure of the feed water temperature that passes through the condenser 

tubes and lower than the saturation pressure of Ti to sustain some water 

vapor generation. If the same operational procedure used in the conventional 

thermal separation processes such as Multi-Stage Flash (MSF), for example, 

is applied then the absolute pressure inside the stage is set at the saturation 

pressure of the evaporating surface temperature. Inside the condenser, the 

MSF feed water temperature is usually lower than the evaporation surface 

temperature by 5-7 °C. This temperature difference is low enough to 

condense the vapor. However, such pressure cannot be applied for the VMD 

process because in the MSF there is no mass transfer resistance between the 

evaporation and condensation surfaces except for the small one caused by 

the demister pad at the top of the distiller while the VMD process has 

considerable mass transfer resistance caused by the membrane pores 
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structure. The membrane mass transfer resistance necessitates setting the 

absolute pressure of the permeate side of the VMD module and its condenser 

at a pressure corresponding to a saturation temperature that is somewhere 

between Ti and the temperature of the feed that passes through the 

condenser. Such a pressure will assure continual generation of water vapor 

and cause that vapor to condense inside the condenser. In brief, integrating a 

heat recovery system to a VMD module enhances the thermal efficiency of 

the process but necessitates operating the VMD under Pv pressure close to 

the saturation pressure of Ti and our objective is to study how such conditions 

affect the TPC value. 

 

Figure  6.15 The effect of (Ti-Tsat) on TPC as a function of feed bulk 

temperature 

As it is shown in Figure 6.15, the TPC value is as low as 0.39 at Tb of 80 °C. 

These conditions correspond to 3.5 °C temperature difference between Ti and 

the saturation temperature of Pv (Tsat). The graph also shows the TPC values 
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at different Tb temperatures for two more temperature differences (5 and 7° 

C). In most of the bench scale experiments, the VMD is run at low Pv and high 

Tb. These conditions correspond to high temperature difference between Ti 

and Tsat which gives relatively higher TPC values than those (large modules) 

at conditions where the heat recovery is integrated to the VMD process. The 

dotted curve in Figure 6.15 shows that TPC is much higher at the bench scale 

test conditions than at the conditions where heat recovery system is 

integrated to the process. The reason for the low TPC values with heat 

recovery system is the combined effect that we discussed in Figures 6.8 and 

6.9.  

 

 Conclusions 6.6

The work reported in this paper focused on studying the temperature 

polarization effect on water vapor flux in VMD. The outcomes of this study can 

be summarized as follow: 

- The VMD configuration was found to be much simpler and more 

suitable for the study of temperature polarization than the DCMD 

configuration. 

- The development of a VMD mathematical model is relatively simpler 

than that of the other MD configurations and accurate prediction was 

achieved when the heat transfer coefficient and membrane mass 

transfer coefficient were used as adjustable parameters for validation 

with the experimental data.  
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- The flux sensitivity factor to membrane mass transfer resistance and 

TPC were found to decrease as Tb increases. 

- The sensitivity factor of the flux to membrane mass transfer resistance 

and TPC were found to decrease as the absolute pressure of the 

permeate side increases. 

- The integration of a heat recovery system into a VMD module 

necessitates operating the module and its condenser at absolute 

pressure slightly below the saturation pressure of the feed temperature 

at the membrane interface. Under these conditions, the effect of 

temperature polarization was expected to be worse than the bench 

scale conditions where the absolute pressure at the permeate side is 

much lower than the saturation pressure of the feed temperature at the 

membrane interface. 

 Nomenclature 6.7

    Cm : membrane mass transfer coefficient (kg.m-2
.s-1.Pa-1) 

 gv : saturated water vapor enthalpy (kJ.kg-1) 

 h : convective heat transfer coefficient (kJ.m-2
.s-1

.C-1) 

 J : water vapor flux (kg.m-2
.s-1) 

 Jk : Knudsen diffusion flux (kg.m-2.s-1) 

 Jp : Poiseuille’s flow regime flux (kg.m-2.s-1) 

 M : molecular weight of water (kg.mole-1) 

 Pi : water vapor pressure at the feed-membrane interface (Pa) 
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 Pv : water vapor pressure at the permeate side (Pa) 

 Pavg : average water vapor pressure (Pa) 

 DP : water vapor pressure difference across the membrane (Pa) 

 Q : heat flux (kJ.m-2.s-1) 

 r : average membrane pore diameter (m) 

 R : universal gas constant (8.314 m3.Pa.K-1.mole-1) 

 R1 : defined by Eq. (6.11) 

 R2 : defined by Eq. (6.15) 

 R3 : defined by Eq. (6.16) 

 Tavg : average absolute temperature inside membrane pores (K) 

 Tb : feed bulk temperature in VMD (⁰C) 

 Tbf : feed bulk temperature in DCMD (⁰C) 

 Tbp : permeate bulk temperature in DCMD (⁰C) 

 Ti : feed temperature at the membrane interface in VMD (⁰C) 

 Tif : feed temperature at the membrane interface in DCMD (⁰C) 

 Tip : permeate temperature at the membrane interface in DCMD (⁰C) 

 TPC : Temperature Polarization Coefficient 

  : membrane thickness (m) 

  : membrane porosity 

  : water vapor viscosity (Pa.s) 
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  : water vapor viscosity (Pa.s) 

 ’ : gas viscosity (Pa.s) 

  : mean molecular speed of the water molecule (m.s-1) 

  : Poiseuille’s flow regime contribution ratio relative Knudsen flow. 

  : membrane tortuosity 

 h : flux sensitivity to the convective heat transfer coefficient factor 

 m : flux sensitivity to the membrane mass transfer coefficient factor 

 pv : flux sensitivity to permeate vacuum pressure factor 

 Tb : flux sensitivity to feed bulk temperature factor 
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  CHAPTER 7

PERFORMANCE EVALUATION OF DIFFERENT MEMBRANE 

DISTILLATION CONFIGURATIONS1 

 Summary 7.1

In this chapter, water vapor flux comparison of five different membrane 

distillation (MD) configurations, namely Direct Contact Membrane Distillation 

(DCMD), Air Gap Membrane Distillation (AGMD), Water Gap Membrane 

Distillation (WGMD), Sub-Atmospheric AGMD, and Vacuum Membrane 

Distillation (VMD) is reported. All experiments have been conducted under the 

same conditions, including feed seawater concentration, membrane, and 

operating conditions. The reasons behind the differences in performance of 

the different configurations are discussed in detail. Thermal efficiency 

comparison of larger scale MD modules having heat recovery systems is also 

assessed. 

 

                                            

 

1
 Submitted to Desalination as: 

Ahmad S. Alsaadi, Lijo Francis, Gary L. Amy, Noreddine Ghaffour, Performance evaluation of 
different membrane distillation configurations. 
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 Introduction 7.2

Life on earth is sustained by both the energy received from the sun and the 

water available in useful form for all livings. The sun provides the earth with 

approximately 1022 Joules every day (Kalogirou, 2013) that is considered 

abundant, long lasting, green, and well distributed on earth. Similarly, a quick 

glance at the world map reveals that the water quantity on earth is also 

abundant and covers about 70% of its surface. However, 97.4% of this 

quantity is available as salty water that is only suitable for aquatic life. The 

fresh water represents 2.5% of the globe quantity out of which more than 68% 

exists in the forms of glaciers and icecaps and 30.1% as ground water while 

water in lakes, rivers, the atmosphere represents 1.2% only (SOPAC). This 

small quantity of fresh water along with being non-equally distributed on the 

earth’s surface makes water scarcity an international concern. Therefore, 

desalination rose as a more controllable and reliable complementary practice 

to the natural water cycle in its redistribution to the freshwater for places that 

desperately need fresh water, such as the middle east region. Desalination 

utilizes different forms of energies to separate water from its salt impurities. 

The world dependence on seawater desalination is continuously growing 

which is not a problem because seawater desalination is considered as a 

reliable drought-proof practice. However, once we know that the current 

mature desalination technologies are almost completely dependent on non-

sustainable energy resources such as oil and gas then we are facing a global 

crisis once the demand for fresh water cannot be met by the available 

conventional energy resources. In that time, the technology that uses 
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renewable energy or waste heat to drive desalination will save the world from 

such crisis. In dry regions like those of the Gulf Cooperation Council (GCC) 

states, including Saudi Arabia, the situation is the worst since the demand for 

water is almost completely met by thermal distillation plants using fossil fuel 

as their main energy driver (Noreddine Ghaffour et al., 2013). Considerable 

effort is currently being done towards developing new sustainable desalination 

technologies as an alternative solution to the current conventional 

desalination processes. The new technologies are expected to be driven by 

solar, geothermal or low-grade waste heat energy and to be more friendly to 

the environment. Some of the new technologies that show good potential 

towards such goals include; Forward Osmosis (FO), Adsorption Desalination 

(AD), Membrane Distillation (MD) which are under development at the Water 

Desalination and Reuse Center (WDRC) at King Abdullah University of 

Science and Technology (KAUST) (N. Ghaffour et al., 2014). MD is one of the 

technologies that has emerged as an attractive alternative desalination 

process. It is a thermally driven separation process that utilizes a 

hydrophobic, micro-porous membrane as a contactor between two fluids 

maintained at different temperatures where the separation is achieved by the 

mass transfer of the vapor phase. At relatively low operating pressure, the 

capillary forces of the hydrophobic micro-porous membrane prevent the 

hydrophilic liquid phase from wetting the membrane pores while the water 

vapor is the only phase to pass through. MD combines the advantages of both 

thermal and membrane-based technologies in being simple to operate, not 

highly affected by feed salinity, requires less stringent pretreatment, modular, 
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compact and made of non-expensive polymeric materials that are non-

amenable to corrosion. Researchers have found that MD can desalt different 

feed concentrations (Adham et al., 2013; Alkhudhiri et al., 2012; Basha, 

2011). However, it still runs at low flux especially in large scale modules 

where the driving force across the membrane becomes relatively small 

(Francis et al., 2014; Winter et al., 2011). Different module configurations 

have been tested to enhance the MD flux which include: 

1. Direct contact membrane distillation (DCMD) 

2. Air gap membrane distillation (AGMD) 

3. Sweeping gas membrane distillation (SGMD) 

4. Vacuum membrane distillation (VMD) 

In Chapters 4 and 5, modified configurations have been proposed aiming to 

remove the non-condensable gases from the air gap and the new modules 

were tested for seawater desalination. The new configurations, summarized 

below, showed a significant enhancement to the water vapor flux. 

5. Material Gap Membrane Distillation (MGMD) (see Chapter 5). Materials 

used in MGMD include water gap MD (WGMD), sand gap MD, sponge 

(polyurethane) gap MD, and polypropylene mesh gap MD. 

6. Sub-Atmospheric AGMD (see Chapter 4). 

In the WGMD, all non-condensable gases filling the AGMD module gap are 

displaced by distilled water while in the sub-atmospheric AGMD vacuum is 

applied to evacuate the non-condensable gases from the air gap. 
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Research results of all the above configurations are scattered in the MD 

literature and few comparison works have been reported (Alklaibi and Lior, 

2007; Cerneaux et al., 2009; Chen et al., 2011; Ding et al., 2006; Summers et 

al., 2012). Ding et al. (2006) compared the mass transfer coefficient and 

selectivity of DCMD, VMD and SGMD for the removal of ammonia from water. 

Alklaibi and Lior (2007) used their two-dimensional mathematical model to 

compare the flux and the effect of operating parameters on the performance 

of DCMD and AGMD configurations. Experimental flux and operating 

parameters effect comparison of DCMD, VMD and SGMD was also 

conducted by Chen et al. (2011) on shell and tube capillary membrane 

module. The thermal efficiencies of single stage AGMD, DCMD and VMD 

were compared by Summers et al. (2012) using three different mathematical 

models taken from MD literature. In this chapter, we are reporting a 

comprehensive flux and thermal efficiency comparison of all MD 

configurations except SGMD. The experimental tests have been conducted 

under the same conditions, including feed seawater concentration, 

membrane, and operating conditions. The reasons behind the differences in 

performance of the different configurations are discussed in detail as well. 

 

 Experiments 7.3

7.3.1 Membrane 

A commercially available hydrophobic micro-porous poly tetrafluoroethylene 

(PTFE) membrane with a nominal pore size of 0.2 μm provided by Sterlitech 
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was used in all MD configurations. The membrane thickness was 

characterized by a digital micrometer, (DML 3032 from Digital Micrometers, 

LTD, UK). The average membrane pore size was measured using a 

porometer (IB-FT Gm bH Porolux 1000, Germany) by the wet-up/dry-up 

method with an Automated Capillary Flow Porometer System software. Water 

contact angle of the membrane was measured using a goniometer (Attension, 

KSV instruments T 301, Finland). The membrane characteristics are 

summarized in Table 7.1.  

 

Table  7.1 Membrane characteristics 

Mean pore size (µm) 0.26 

First bubble point (µm) 0.42 

Thickness (µm) 170±3 

Water contact angle (o) 140±3 

Liquid entry pressure (PSI) 15 

Porosity (%) 73±4 

Mass transfer coefficient (kg/h.Pa.m2) 0.0019 

 

7.3.2 Feed and coolant streams 

Red Sea water collected from the King Abdullah University of Science and 

Technology - seawater reverse osmosis (KAUST-SWRO) plant (Rahmawati et 

al., 2012) and filtered through a 10 μm filter, to remove large suspended 

solids, was used as feed solution, whereas de-ionized water was used as 

coolant. Feed and coolant temperatures were monitored by in-line Pt100 
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sensors inserted at the entrance of the membrane module, and were used to 

control the heater and chiller temperatures via feedback control to the chiller 

and heater. The feed and coolant flow rates were kept constant at 1.5 L/min in 

flow channels of (100 mm × 50 mm × 2 mm) for each. Schematic diagrams of 

all experimental units tested are shown in Figure 7.1.  

7.3.3 Modules  

Flat sheet membrane modules made of polymethyl methyl acrylate with an 

active surface area of 50 cm2 (100 mm x 50 mm) were designed and 

fabricated at WDRC-KAUST (Figure 7.1A). The module gap width for the 

AGMD, WGMD and sub-atmospheric AGMD tests was 11 mm made by 

inserting a polymethyl methacrylate frame between the membrane and the 

condensation plate. The membrane module was mounted vertically in all 

bench scale set ups. 
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Figure  7.1 Experimental set-up of different MD configurations, A) MD module, 

B) DCMD, C)VMD, D) AGMD, E) MGMD, F) sub-atmospheric AGMD. 
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7.3.4 Permeate collection 

Permeate was collected from the module in a tank placed on an electronic 

Mettler Toledo balance (ML3002E Precision Balance, with an accuracy of 

0.01 g). The increase in the permeate weight was logged every 60 seconds 

via data acquisition software (Labview) to a computer hard drive. For the case 

of DCMD, where the permeate is mixed with the coolant stream, the overflow 

technique was used (Figure 7.1B). In the VMD experiment, the water vapor 

permeate is condensed in a glass coil inside an ice-bath that is connected to a 

sealed tank placed on a balance at varied absolute pressure (Figure 7.1C). 

The curve made by plotting flux vs. absolute pressure was then extrapolated 

to calculate the flux at absolute pressure equivalent to the saturation pressure 

of the coolant temperature (2.5 kPa at 20 °C). In the AGMD test run, the water 

vapor is condensed on a 0.25 mm thick stainless steel sheet inside the 

module gap. The formed permeate is transferred by gravity from the bottom of 

the module to the collection tank (Figure 7.1D). Deionized water was used to 

fill the gap in the WGMD configuration and the permeate was collected from 

the top of the module to assure that water fills the gap completely (Figure 

7.1E). The permeate collection in the sub-atmospheric AGMD module is 

similar to the AGMD method except that the collection tank is maintained at 

vacuum pressure equal to the saturation pressure of the feed temperature 

(see Figure 7.1F). To assure that no pore wetting occurred during 

experiments, the conductivity of the permeate was continuously monitored. A 

complete rejection of about 99.99% of salt was achieved in all experiments. 
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 Results and discussion 7.4

7.4.1 Water vapor flux comparison 

The experimentally measured water vapor fluxes of the different MD 

configurations versus the inlet feed temperature are presented in Figure 7.2. 

 

Figure  7.2 Comparison of water vapor flux at different feed inlet temperature 

for different MD configurations 

 The highest water vapor flux was achieved by the VMD process (67 kg/h.m2) 

while that of AGMD was the lowest (5.95 kg/h.m2). Unlike the other 

configurations, the slow molecular diffusion mechanism in AGMD controls the 

water vapor flux. Therefore, the increase in the driving force caused by 

increasing the feed temperature is not reflected as an appreciable increase in 

the flux of AGMD. Removing non-condensable gases from the AGMD gap 

improved its flux by 237% and 286% in WGMD and sub-atmospheric AGMD, 

respectively, at feed temperature of 80 °C (see WGMD and sub-Atmospheric 
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AGMD curves). By allowing liquid water to fill the AGMD module gap, all non-

condensable gases were displaced. On the other hand, applying vacuum to 

the module gap did similar function. Therefore, both methods prevented the 

molecular diffusion mechanism from controlling the water vapor flux, which 

explains the observed increase in flux.  

The MD process is a heat and mass transfer coupled process and eliminating 

the molecular diffusion mechanism from the AGMD module should shift the 

controlling mechanism into either another mass transfer resistance 

(membrane pore structure resistance) or to a heat transfer resistance. The 

liquid water that fills the AGMD gap is almost stagnant and the heat transfer 

mechanism is mainly achieved through conduction and natural convection. 

Since both of these heat transfer mechanisms are much slower than the 

forced convective heat transfer mechanism at the feed/membrane interface, 

we expect the water vapor flux in the WGMD to be controlled by the heat 

transfer resistance of the stagnant liquid water filling the gap. The slow heat 

transfer in the liquid gap appears as temperature polarization effect near the 

membrane surface due to the unmatched rates between the heat transfer 

through vapor enthalpy and heat transfer by conduction. The vacuum method 

showed better flux than filling the gap with water because the heat transfer by 

conduction is removed and replaced with latent heat of condensation at the 

cooling plate surface. Applying the vacuum technique release the vapor mass 

transfer from being controlled by molecular diffusion as in the AGMD process 

and from being controlled by heat transfer through conduction as it is in the 

WGMD process. Therefore, the water vapor mass transfer controlling 
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mechanism is expected to shift to the membrane pore structure resistance or 

to the convective heat transfer resistances at the feed side which is the most 

probable controlling mechanisms in the DCMD configuration.  

A legitimate question could be raised about, why sub-atmospheric AGMD flux 

is then much lower than that of VMD and DCMD as long as the membrane, 

feed and coolant conditions are the same? The answer to this question is that 

the sub-atmospheric AGMD was not operated at low absolute pressure as 

was the case with the VMD process. The sub-atmospheric AGMD process 

was operated near the saturation pressure of the feed temperature while the 

VMD process was operated at the saturation pressure of the coolant 

temperature (20 °C). The flux of sub-atmospheric AGMD is expected to be 

similar to that of VMD if we operate them at the same absolute pressure. 

However, we could not operate the sub-atmospheric AGMD at the same 

pressure of VMD because the coolant temperature would not be low enough 

to condense the generated water vapor which we did not intend to change, 

while in the VMD experiment, an ice bath was used to assure a complete 

condensation of the water vapor.  

Regarding the DCMD process, we found its flux to be lower than the flux of 

VMD by 8% which agrees with results reported by other researchers [18, (Fan 

and Peng, 2012; Koo et al., 2013). The most likely reason for this difference is 

the large heat loss by conduction present in DCMD compared to VMD. In 

other words, part of the DCMD mass transfer driving force is being wasted 

through heat conduction which resulted in lower flux. However, from the trend 
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of the curves presented in Figure 7.2, we expect the DCMD flux to reach the 

same level as that of VMD at higher feed inlet temperatures (above 80 oC).  

Another observation from Figure 7.2 is that all flux curves are expected to be 

very close to each other when the feed temperature decreases towards the 

coolant temperature. This means that the differences in flux among all MD 

configurations almost disappear when the process is operated at small T 

across the membrane. One valid reason for operating the MD process at 

small T is to maximize the thermal efficiency of the process, especially for 

large scale modules, discussed in the next section.  

7.4.2  Thermal efficiency comparison (under large scale module 

operating conditions) 

There are two types of thermal efficiency definitions reported in the literature. 

One is referred to as the Gain Output Ratio (GOR). It is defined as the ratio of 

the heat required to generate a unit mass of water vapor product (Qv) to the 

total heat required by the process to produce the same unit of water vapor 

mass (Qtotal) (Summers et al., 2012). Mathematically it is written as: 

     
  
      

 (  7.1 ) 

In simple words, a process with a low GOR value means that it has a low 

thermal efficiency while a high GOR value means the process is thermally 

efficient. For example, the non-efficient Single Stage Flash (SSF) has a GOR 

value of less than one while the relatively efficient 24-stage Multi-Stage Flash 

(MSF) process has a GOR value of about 10 (El-Dessouky and Ettouney, 
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2002). All thermal separation processes have almost the same Qv but they 

differ in their Qtotal. The value of Qtotal depends on whether a process has a 

heat recovery system or does not. If a process does not have a heat recovery 

system then its Qtotal > Qv which makes GOR < 1. The scenario is even worse 

when there is another heat transfer mechanism accompanying the 

evaporation process such as the conductive heat transfer mechanism as is 

present in DCMD and WGMD configurations. Qtotal then becomes (Schofield 

et al., 1990): 

where Qc is the non-useful heat transferred by conduction. The GOR values 

of such processes are always less than one. Unlike the case in DCMD and 

WGMD, the vacuum applied in sub-atmospheric AGMD and VMD and the 

non-conductive air gap layer in AGMD reduce the heat transfer by conduction 

to the point that it can be neglected. Therefore, DCMD and WGMD 

configurations have lower GOR values than the other MD configurations if a 

heat recovery system is not used.  

A heat recovery system has been put into practice to enhance the thermal 

efficiency of separation processes. It is an engineering technique used to 

restore the energy within the process. It significantly minimizes the heat loss 

from the process and makes Qtotal in Eq. (7.1) reaches a value less than Qv. 

the increase of GOR value depends on how much heat is being recycled back 

to the process. Therefore, conducting a valid thermal efficiency comparison 

              (  7.2 ) 
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among the five MD configurations should be made at large scale perspective 

where a heat recovery system is integrated to each process. 

The second type of thermal efficiency is referred to as the specific energy 

consumption. It is defined as the heat required by the process to produce one 

unit mass of distillate (product). The equation that describes such definition 

can be written as: 

     
          

                        
 (  7.3 ) 

The smaller the specific energy consumption the more efficient the process is. 

We are going to use this measure in our comparison of the thermal efficiency 

of the different MD configurations. Additionally, we are going to simplify the 

comparison discussion by classifying the flow diagrams of the five different 

configurations into two typical MD configurations.  

- 1- Brine recycled DCMD configuration, depicted in Figure 7.3: the heat 

recovery is achieved through an external heat exchanger designed with 

5-8 oC approach temperature to transfer the heat between the hot 

permeate and the cold feed. For instance, if the permeate outlet 

temperature reaches 75 oC and the feed exits the module at 30 oC then 

the feed will leave the heat recovery at temperature 10 oC lower than 

its initial temperature. This drop in feed temperature should be supplied 

by an external heat source to operate the module at constant ΔT of 5 

oC across the membrane. 
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Figure  7.3 Typical brine recycled DCMD design (large scale module) 

 

- 2- Brine recycled AGMD, WGMD and Sub-atmospheric AGMD, shown 

in Figure 7.4: unlike DCMD, these configuration use a single loop for 

recovering the heat instead of two. The latent heat of the vapor 

(product) in this figure is used to heat feed water, which is in its turn 

used as a coolant. Of course, an external heat source is still needed as 

in DCMD to increase the feed temperature to the top brine temperature 

(80 ⁰C in Figure 7.4), but in this configuration the heat input is much 

lower (approx., 5 °C compared to 10 °C in DCMD).  
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Figure  7.4 Typical brine recycled AGMD, WGMD and sub-atmospheric AGMD 

design (large scale module) 

 

Figure  7.5 Typical brine recycled VMD design (large scale module) 
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On the other hand, another typical design for VMD design with brine recycle is 

shown in Figure 7.5. A comparison between Figure 7.4 and Figure 7.5 shows 

that the sub-atmospheric AGMD configuration is the same as the VMD 

configuration when it is integrated with a heat recovery system. Yet, the 

former is in a more compact form than the later. Therefore, our thermal 

comparison will focus on the configurations presented in Figures 3 and 4 only. 

It should also be noted that the VMD and sub-atmospheric AGMD must be 

staged by using separate modules in series (not shown in Figure 4 for 

simplicity ) in order to control the vacuum pressure as the feed temperature 

decreases (see Chapter 6). 

 As shown in Figure 7.3 and 7.4, the maximum heat recovery is achieved 

when the temperature drop between the module inlet and outlet is the 

maximum which causes the driving force across the membrane to decrease. 

This means that increasing the thermal efficiency is always achieved at the 

expense of lowering the flux as well as increasing the capital cost (Schofield 

et al., 1990). However, one might argue that the specific energy consumption 

should decrease when the module is operated at higher ΔT across the 

membrane because the production rate will be higher. As a matter of fact, this 

is not a valid argument because higher ΔT does not mean higher production 

rate. It only means that flux will be higher and less membrane surface area is 

required. The production rate mainly depends on the difference between feed 

inlet and outlet temperatures. For the same feed flow rate and the same 

temperature drop along the membrane, the production rate should be the 

same but the membrane surface area required might be different. The 
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configuration that has higher flux achieves production rate with smaller 

membrane surface area than the one having lower flux. Thus, operating the 

module at higher T across the membrane means that the heat loss through 

the brine discharge will be higher and the production rate will be lower due to 

the low temperature drop along the membrane. In such case, the specific 

energy always goes up as ΔT across the membrane increases. 

Mathematically, Figure 7.4 shows that the minimum heat input to the DCMD 

configuration depends on TMD across the membrane and TEX (Figure 7.3) 

across the heat exchanger because the process uses two separate loops. 

Therefore, the heat input to the process is calculated as: 

                 (         ) (  7.4 ) 

where MF and Cp are the mass flow rate and the specific heat of the feed, 

respectively. Since the configuration presented in Figure 7.4 uses only one 

loop, the heat input to the process is calculated as: 

                 (    ) (  7.5 ) 

Such a difference in configurations makes AGMD, WGMD, VMD and sub-

atmospheric AGMD requires less heat input than the DCMD process. If we 

neglect the capital cost factor in our discussion here, then the process 

production (MD) does not depend on the flux across the membrane, but only 

on T drop between the feed inlet and outlet along the module according to 

following equation: 
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(     )  

(
  
  
   )

 (  7.6 ) 

where gv is the average latent heat of the water vapor and TF and TB are the 

feed inlet and outlet temperatures, respectively. In other words, DCMD and 

the other configurations will have the same production rate if their feed inlet 

flow rates and their inlet and outlet temperatures are the same. Additionally, 

we showed in the previous section that the difference in flux of all MD 

configurations shrinks when the process is operated at small T across the 

membrane. Therefore, according to Eq. (7.3), the overall thermal efficiency of 

the DCMD process is always lower than the thermal efficiency of the other 

configurations if all processes were designed to produce the same amount of 

distillate and were operated under the same conditions because the heat 

input required by DCMD is always higher than that required for the other 

configurations. 

It might be worth mentioning here that the heat recovery systems in VMD and 

sub-atmospheric AGMD are expected to require less heat transfer surface 

area than those of the other configurations. In VMD and sub-atmospheric 

AGMD the heat transfer is achieved through phase change (condensation) 

while in the WGMD configuration the heat transfer is made through 

conduction and natural convection. The heat transfer in the recovery system 

of DCMD is higher than that of WGMD because it uses forced convection heat 

transfer mechanism but it is still lower than that of the phase change 

mechanism. Even though phase change heat transfer mechanism is used in 

AGMD, the presence of non-condensable gases reduces the effective heat 
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transfer area considerably as is well known from the studies of the effect of 

non-condensable gases on steam condensers (Collier and Thome, 1994). 

 

 Conclusions 7.5

The fluxes of five different MD configurations were compared to each other. 

The highest water vapor flux of 67 kg/h.m2 was achieved by the VMP process 

while that of AGMD was the lowest (5.95 kg/h.m2). Removing non-

condensable gases from the AGMD improved the flux through filling its gap 

with liquid water or through applying vacuum. The sub-atmospheric AGMD 

flux is slightly higher than the WGMD. The low conductive heat transfer in 

WGMD is expected to be the controlling mechanism of the water vapor flux 

while the flux of the sub-atmospheric AGMD is expected to be similar to the 

VMD flux once their vacuum pressures are the same. The differences 

between all configuration fluxes get smaller when they operate at small (T) 

at lower feed inlet temperature. Due to the presence of two flow loops in the 

DCMD configuration, its thermal efficiency is expected to be always lower 

than the other configurations. Additionally, the heat transfer by conduction 

present in DCMD and WGMD configurations reduces their GOR values 

compared to the other configurations.  
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  CHAPTER 8

 

CONCLUSIONS AND RECOMMENDATIONS 

 

 Conclusions 8.1

A co-current and counter-current flow 1-D mathematical model for a flat sheet 

AGMD module was developed from the fundamental equations of mass and 

heat transfer. The model calculations were based on dividing the AGMD 

module into different longitudinal zones. Normal to these zones the module 

was sliced into small cells. The governing mass and energy equations were 

applied to these slices and solved by iterative procedures. The model was 

then validated against several experimental tests under different conditions 

such as different feed water temperatures, feed salinity, membrane pore 

sizes, and air gap widths. The model prediction error was within + 10%. The 

model was utilized in analyzing some of the complex and interrelated AGMD 

process parameters that are considered essential for scaling-up the process. 

The analysis showed that fluid residence time inside the AGMD module is 

very important for scaling-up the process since it has direct effect on process 

flux and its thermal efficiency. Additionally, the flux was found to decrease as 

the membrane length increases while it increases as feed flow rate increases. 

Regarding the effect of flow regime, the total water vapor flux in a co-current 

is always less than that of the counter-current. The thermal efficiency of the 
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process was found to increase as the membrane surface area increases 

which causes the AGMD process to operate at low temperature difference 

across the membrane, leading to lower water vapor flux. 

The developed AGMD mathematical model has been modified to simulate 

different AGMD modules running under sub-atmospheric pressures. The 

mathematical model predictions have been validated against experimental 

data under different operating parameters and the overall correlation is 

considered very good. The simulated and experimental results proved that 

removing non-condensable gases from the AGMD gap increases the flux by 

286% when the gap pressure is maintained at the saturation pressure of a 

feed temperature at 80 °C. It also showed that the gap width becomes less 

important at the absence of non-condensable gases. The modified 

mathematical model was also able to prove that staging the AGMD process 

operating under sub-atmospheric pressure is essential for scaling up the 

process, providing better control over the gap pressure as the feed 

temperature decrease due to evaporation. Consequently, it can sustain higher 

water vapor flux and lower the capital cost of the sub-atmospheric AGMD 

process by using less membrane area. 

A new MD module design, named Material Gap MD (MGMD), has been 

proposed for seawater desalination and has been successfully tested. Sand, 

DI water, sponge (polyurethane) and polypropylene mesh were used as 

materials to fill the gap between the membrane and the condensation plate of 

an AGMD module. A maximum increase of 911% in the water vapor flux was 

observed during the WGMD process when compared to the AGMD at feed 
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temperature of 40°C. Natural convection plays an important role in the heat 

and mass transfer phenomena at higher gap widths during the WGMD 

process. A water vapor flux of 4.77 kg/m2.h with 99.99% salt rejection was 

obtained during the AGMD process, whereas a 329% increase in the flux was 

observed (20.45 kg/m2.h) in the MGMD process by using water in a 13 mm 

gap at feed and coolant inlet temperatures of 80 °C and 20 °C, respectively. A 

15% increase in the water vapor flux was observed for a three-fold increase in 

the feed flow rate during the WGMD and sand gap MD processes. Water 

vapor flux was also found to increase when higher sand porosity was used in 

the gap. It is necessary to do the experiments at low T across the membrane 

to mimic large scale module conditions, because at these conditions the heat 

recovery is maximized at the expense of lowering the water vapor flux. 

The work reported in Chapter six focused on studying the temperature 

polarization effect on water vapor flux in VMD. The outcome of this study can 

be summarized as follow: 

 The VMD configuration was found to be much simpler and more 

suitable for the study of temperature polarization than in the DCMD 

configuration. 

 The development of a VMD mathematical model is relatively simpler 

than that of the other configurations and accurate prediction was 

achieved when the heat transfer coefficient and membrane mass 

transfer coefficient were used as adjustable parameters for validation 

with the experimental data.  
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 The flux sensitivity factor to membrane mass transfer resistance and 

temperature polarization coefficient (TPC) were found to decrease as 

the feed bulk temperature increases. 

 The sensitivity factor of the flux to membrane mass transfer resistance 

and TPC were found to decrease as the absolute pressure of the 

permeate side increases. 

 The integration of heat recovery system to VMD module necessitates 

operating the module and its condenser at absolute pressure slightly 

below the saturation pressure of the feed temperature at the 

membrane interface. Additionally, at these conditions the effect of 

temperature polarization was theoretically found to be worse than at 

the bench scale conditions where the absolute pressure at the 

permeate side is much lower than the saturation pressure of the feed 

temperature at the membrane interface.  

In Chapter 7, the fluxes of five different MD configurations were compared to 

each other. The highest water vapor flux of 67 kg/h.m2 was achieved by the 

VMD process while that of AGMD was the lowest (5.95 kg/h.m2). Removing 

non-condensable gases from the AGMD improved the flux through filling its 

gap with liquid water or through applying vacuum. The sub-atmospheric 

AGMD flux is slightly higher than that of WGMD. The low conductive heat 

transfer in WGMD is expected to be the controlling mechanism of the water 

vapor flux while the flux of the sub-atmospheric AGMD is expected to be 

similar to the VMD flux once their vacuum pressures are the same. The 

differences between all configuration fluxes become smaller when they 
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operate at small (T) and at lower feed inlet temperature. Due to the presence 

of two flow loops in the DCMD configuration, its thermal efficiency is expected 

to be always lower than the other configurations. Additionally, the heat 

transfer by conduction present in DCMD and WGMD configurations reduces 

their GOR values compared to the other configurations. 

 

 Recommendations for future work 8.2

The large effect of a small amount of non-condensable gases on large 

condensers implies that the isolation of the bench scale setup from non-

condensable gases will be very challenging and any tiny amount of non-

condensable gases will have a significant effect on the bench scale modules 

compared to large scale modules. In other words, sub-atmospheric AGMD 

experiments are preferably conducted on large scale modules rather than on 

small modules to clearly see the effective of process feed de-aeration on 

water vapor flux.  

In a typical MSF design, the specific heat transfer area of the condensers is 

usually more than 260 m2 per kg/s of distillate (Hamed, 2004). Therefore, an 

MSF designer allocates about one square meter for every 13 kg/hr of the 

vapor generated in the distiller. The MD literature has not revealed any study 

that reports the effect of AGMD condensation area on the flux. In most of 

AGMD studies, investigators used different modules such as spiral wound and 

frame and plate that provide a 1:1 ratio of membrane to the condensation 

surface area. This ratio is not expected to be significant in the presence of 
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non-condensable gases because the vapor will be mass transfer limited by 

diffusion through the air gap layer. However, this ratio is expected to be a very 

important parameter for the sub-atmospheric AGMD module design. After the 

removal of non-condensable gases, the vapor flux in sub-atmospheric AGMD 

might be limited by the thin film condensate that forms on the condenser 

surface. A quick MSF condenser sizing calculations revealed that the sub-

atmospheric AGMD module that uses a 1:1 ratio of membrane to 

condensation surface is expected to be limited by the cooling surface area at 

vapor flux of 13 kg/m2.hr. Therefore, future experimental work to investigate 

such a hypothesis is highly recommended using different condenser surface 

areas. 

Hollow fiber modules are more compact and might be easier to fabricate than 

flat sheet modules. Therefore, it might be useful to develop a mathematical 

model that is similar to the one reported in this thesis for hollow fiber modules 

and integrate the model to one of the well-known process simulation platforms 

such as AspenPlus. 
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